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Preface

Hydrogen and synthesis gas (syngas) are indispensable in chemical, oil, and energy
industries. They are important building blocks and serve as feedstocks for the pro-
duction of chemicals such as ammonia and methanol. Hydrogen is used in petroleum
refineries to produce clean transportation fuels, and its consumption is expected to
increase dramatically in the near future as refiners need to process increasingly
heavier and sour crudes. In the energy field, the developments made recently in
IGCC (Integrated Gasification Combined Cycle) and fuel cell technologies have
generated a need to convert the conventional fuels such as coal or natural gas
to either pure hydrogen or syngas for efficient power generation in the future. In
addition, the dwindling supply of crude oil and rising demand for clean transporta-
tion fuels in recent years led to intensive research and development worldwide for
alternative sources of fuels through various conversion technologies, including gas-
to-liquid (GTL), coal-to-liquid (CTL) and biomass-to-liquid (BTL), which involve
both hydrogen and syngas as key components.

The purpose of this multi-authored book is to provide a comprehensive source
of knowledge on the recent advances in science and technology for the production
and purification of hydrogen and syngas. The book comprises chapters on advances
in catalysis, chemistry and process for steam reforming and catalytic partial oxida-
tion of gaseous and liquid fuels, and gasification of solid fuels for efficient produc-
tion of hydrogen and syngas and their separation and purification methods, including
water-gas-shift, pressure swing adsorption, membrane separations, and desulfuriza-
tion technologies. Furthermore, the book covers the integration of hydrogen and
syngas production with future energy systems, as well as advances in coal-to-liquids
and syngas-to-liquids (Fischer-Tropch) processes. All the chapters have been con-
tributed by active and leading researchers in the field from industry, academia, and
national laboratories. We hope that this book will be useful to both newcomers and
experienced professionals, and will facilitate further research and advances in the
science and technology for hydrogen and syngas production and utilization toward
clean and sustainable energy in the future.

We sincerely thank all the authors who spent their precious time in preparing
various chapters for this book. We would like to express our sincere gratitude to our
family members and colleagues for their constant support and patience while we
completed the task of preparing and editing this book. We are also grateful to all

xiii



xiv  Preface

the staff members at John Wiley & Sons for their great and sincere efforts in editing
and publishing this book.

KEe Liu
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CHUNSHAN SONG
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Pennsylvania State University
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Chapter 1

Introduction to Hydrogen and
Syngas Production and
Purification Technologies

CHUNSHAN SONG

Clean Fuels and Catalysis Program, EMS Energy Institute, and Department of Energy
and Mineral Engineering, Pennsylvania State University

1.1 IMPORTANCE OF HYDROGEN AND
SYNGAS PRODUCTION

Clean energy and alternative energy have become major areas of research worldwide
for sustainable energy development. Among the important research and development
areas are hydrogen and synthesis gas (syngas) production and purification as well
as fuel processing for fuel cells. Research and technology development on hydrogen
and syngas production and purification and on fuel processing for fuel cells have
great potential in addressing three major challenges in energy area: (a) to supply
more clean fuels to meet the increasing demands for liquid and gaseous fuels and
electricity, (b) to increase the efficiency of energy utilization for fuels and electricity
production, and (c) to eliminate the pollutants and decouple the link between energy
utilization and greenhouse gas emissions in end-use systems.'

The above three challenges can be highlighted by reviewing the current status
of energy supply and demand and energy efficiency. Figure 1.1 shows the energy
supply and demand (in quadrillion BTU) in the U.S. in 2007.? The existing energy
system in the U.S. and in the world today is largely based on combustion of fossil
fuels—petroleum, natural gas, and coal—in stationary systems and transportation
vehicles. It is clear from Figure 1.1 that petroleum, natural gas, and coal are the
three largest sources of primary energy consumption in the U.S. Renewable energies

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
Copyright © 2010 American Institute of Chemical Engineers
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4 Chapterl IntroductiontoHydrogenand SyngasProductionand Purification Technologies

are important but are small parts (6.69%) of the U.S. energy flow, although they
have potential to grow.

Figure 1.2 illustrates the energy input and the output of electricity (in quadrillion
BTU) from electric power plants in the U.S. in 2007.2 As is well known, electricity
is the most convenient form of energy in industry and in daily life. The electric
power plants are the largest consumers of coal. Great progress has been made in the
electric power industry with respect to pollution control and generation technology
with certain improvements in energy efficiency.

What is also very important but not apparent from the energy supply—demand
shown in Figure 1.1 is the following: The energy input into electric power plants
represents 41.4% of the total primary energy consumption in the U.S., but the elec-
trical energy generated represents only 35.5% of the energy input, as can be seen
from Figure 1.2. The majority of the energy input into the electric power plants,
over 64%, is lost and wasted as conversion loss in the process. The same trend of
conversion loss is also applicable for the fuels used in transportation, which repre-
sents 28.6% of the total primary energy consumption. Over 70% of the energy
contained in the fuels used in transportation vehicles is wasted as conversion loss.
This energy waste is largely due to the thermodynamic limitations of heat engine
operations dictated by the maximum efficiency of the Carnot cycle.

Therefore, the current energy utilization systems are not sustainable in multiple
aspects, and one aspect is their wastefulness. Fundamentally, all fossil hydrocarbon
resources are nonrenewable and precious gifts from nature, and thus it is important
to develop more effective and efficient ways to utilize these energy resources for
sustainable development. The new processes and new energy systems should be
much more energy efficient, and also environmentally benign. Hydrogen and syngas
production technology development represent major efforts toward more efficient,
responsible, comprehensive, and environmentally benign use of the valuable fossil
hydrocarbon resources, toward sustainable development.

Hydrogen (H,) and syngas (mixture of H, and carbon monoxide, CO) pro-
duction technologies can utilize energy more efficiently, supply ultraclean fuels,
eliminate pollutant emissions at end-use systems, and significantly cut emissions of
greenhouse gases, particularly carbon dioxide, CO,. For example, syngas production
can contribute to more efficient electrical power generation through advanced energy
systems, such as coal-based Integrated Gasification Combined Cycle (IGCC), as
well as syngas-based, high-temperature fuel cells such as solid oxide fuel cells
(SOFCs)* and molten carbonate fuel cells (MCFCs). Syngas from various solid
and gaseous fuels can be used for synthesizing ultraclean transport fuels such as
liquid hydrocarbon fuels, methanol, dimethyl ether, and ethanol for transportation
vehicles.

1.2 PRINCIPLES OF SYNGAS AND
HYDROGEN PRODUCTION

With gaseous and liquid hydrocarbons and alcohols as well as carbohydrate feed-
stock, there are many process options for syngas and hydrogen production. They are
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steam reforming, partial oxidation, and autothermal reforming or oxidative steam
reforming. With solid feedstock such as coal, petroleum coke, or biomass, there are
various gasification processes that involve endothermic steam gasification and exo-
thermic oxidation reaction to provide the heat in sifu to sustain the reaction process.

The following equations represent the possible reactions in different processing
steps involving four representative fuels: natural gas (CH,) and liquefied propane
gas (LPQG) for stationary applications, liquid hydrocarbon fuels (C,,H,) and methanol
(MeOH) and other alcohols for mobile applications, and coal gasification for large-
scale industrial applications for syngas and hydrogen production. Most reactions
(Egs. 1.1-1.14 and 1.19-1.21) require (or can be promoted by) specific catalysts and
process conditions. Some reactions (Eqs. 1.15-1.18 and 1.22) are undesirable but
may occur under certain conditions.

e Steam reforming

C,H,+mH,0=m CO+(m+n/2)H, (1.2)
CH;0H+H,0 =CO, +3H, (1.3)
e Partial oxidation
CH,+ 0, =CO+2H, (1.4)
C,H,+m/20,=mCO+n/2H, (1.5)
CH;0OH+1/2 O, =CO, +2H, (1.6)
CH;0H =CO+2H, (.7
* Autothermal reforming or oxidative steam reforming
CH, +1/2H,0+1/20, =CO+5/2 H, (1.8)
C,H, +m/2 H,O0+m/4 O, =m CO+(m/2+n/2)H, (1.9)
 Gasification of carbon (coal, coke)
C+H,0=CO+H, (1.11)
C+0, =CO0O, (1.12)
C+0.50, =CO (1.13)
C+CO, =2CO (1.14)
* Carbon formation
CH, =C+2H, (1.15)
CmHn =X C+Cm7an72x +Xx H2 (116)
2CO0=C+CO, (1.17)
CO+H, =C+H,0 (1.18)
* Water-gas shift

CO, +H, = CO+H,O (reverse water-gas shift [RWGS]) (1.20)
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¢ Selective CO oxidation

CO+0, =CO, (1.21)
H, +0, = H,0 (1.22)

Reforming or gasification produces syngas whose H,/CO ratio depends on the
feedstock and process conditions such as feed steam/carbon ratio and reaction tem-
perature and pressure. Water-gas shift reaction can further increase the H,/CO ratio
of syngas produced from coal to the desired range for conversion to liquid fuels.
This reaction is also an important step for hydrogen production in commercial
hydrogen plants, ammonia plants, and methanol plants that use natural gas or coal
as feedstock.

1.3 OPTIONS FOR HYDROGEN AND
SYNGAS PRODUCTION

Both nonrenewable and renewable energy sources are important for hydrogen and
syngas production. As an energy carrier, H, (and syngas) can be produced from
catalytic processing of various hydrocarbon fuels, alcohol fuels, and biofuels such
as oxygenates. H, can also be produced directly from water, the most abundant
source of hydrogen atom, by electrolysis, thermochemical cycles (using nuclear
heat), or photocatalytic splitting, although this process is in the early stage of labora-
tory research.

As shown in Table 1.1, by energy and atomic hydrogen sources, hydrogen (and
syngas in most cases) can be produced from coal (gasification, carbonization),
natural gas, and light hydrocarbons such as propane gas (steam reforming, partial
oxidation, autothermal reforming, plasma reforming), petroleum fractions (dehydro-
cyclization and aromatization, oxidative steam reforming, pyrolytic decomposition),
biomass (gasification, steam reforming, biologic conversion), and water (electroly-
sis, photocatalytic conversion, chemical and catalytic conversion). The relative com-
petitiveness of different options depends on the economics of the given processes,
which in turn depend on many factors such as the efficiency of the catalysis, the
scale of production, H, purity, and costs of the feed and the processing steps, as well
as the supply of energy sources available.

Among the active ongoing energy research and development areas are H, and
syngas production from hydrocarbon resources including fossil fuels, biomass, and
carbohydrates. In many H, production processes, syngas production and conversion
are intermediate steps for enhancing H, yield where CO in the syngas is further
reacted with water (H,O) by water-gas shift reaction to form H, and CO,.

Current commercial processes for syngas and H, production largely depends on
fossil fuels both as the source of hydrogen and as the source of energy for the pro-
duction processing.* Fossil fuels are nonrenewable energy resources, but they
provide a more economical path to hydrogen production in the near term (next 5-20
years) and perhaps they will continue to play an important role in the midterm
(20-50 years from now). Alternative processes need to be developed that do not
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Options of Hydrogen (and Syngas) Production Processing regarding Atomic

Hydrogen Source, Energy Source for Molecular Hydrogen Production, and Chemical
Reaction Processes

Hydrogen Source

Energy Source

Reaction Processes

1.

Fossil hydrocarbons
Natural gas®
Petroleum”

Coal*

Tar sands, oil shale

1. Primary
Fossil energy®
Biomass
Organic waste
Nuclear energy

1. Commercialized process

Steam reforming’
Autothermal reforming®
Partial oxidation*

e

Catalytic dehydrogenation

Natural gas hydrate Solar energy Gasification’
Carbonization’
2. Biomass Photovoltaic Electrolysis
3. Water (H,0) Hydropower . Emerging approaches
4. Organic/animal waste Wind, wave, geothermal Membrane reactors
5. Synthetic fuels 2. Secondary Plasma reforming
MeOH, FTS liquid, etc.
6. Specialty areas Electricity Photocatalytic
Organic compound H,, MeOH, etc. Solar thermal chemical
Solar thermal catalytic
Metal hydride, chemical 3. Special cases Biologic
complex hydride
Ammonia, hydrazine Metal bonding energy Thermochemical cycling
Hydrogen sulfide Chemical bonding energy Electrocatalytic
7. Others 4. Others 3. Others

*Currently used hydrogen sources for hydrogen production.
"Currently used in chemical processing that produces H, as a by-product or main product.
“Currently used as main energy source.

“Currently used for syngas production in conjunction with catalytic water-gas shift reaction for H,
production.

°As a part of industrial naphtha reforming over Pt-based catalyst that produces aromatics.
‘Electrolysis is currently used in a much smaller scale compared with steam reforming.

depend on fossil hydrocarbon resources for either the hydrogen source or the energy
source, and such alternative processes need to be economical, environmentally
friendly, and competitive. H, separation is also a major issue as H, coexists with
other gaseous products from most industrial processes, such as CO, from chemical
reforming or gasification processes. Pressure swing adsorption (PSA) is used in
current industrial practice. Several types of membranes are being developed that
would enable more efficient gas separation. Overall, in order for hydrogen energy
to penetrate widely into transportation and stationary applications, the costs of H,
production and separation need to be reduced significantly from the current technol-
ogy, for example, by a factor of 2.
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1.4 HYDROGEN ENERGY AND FUEL CELLS

The main drivers for hydrogen energy and fuel cells development are listed in Table
1.2. Hydrogen production has multiple application areas in chemical industry, food
industry, and fuel cell systems. Due to the major advantages in efficiency and in
environmental benefits, hydrogen energy in conjunction with fuel cells has attracted
considerable attention in the global research community. H, production is a major
issue in hydrogen energy development. Unlike the primary energy sources such as
petroleum, coal, and natural gas, hydrogen energy is a form that must be produced
first from the chemical transformation of other substances. Development of science
and technology for hydrogen production is also important in the future for more
efficient chemical processing and for producing ultraclean fuels.

The development of H,-based and syngas-based energy systems require multi-
faceted studies on hydrogen sources, hydrogen production, hydrogen separation,
hydrogen storage, H, utilization and fuel cells, H, sensor, and safety aspects, as well

Table 1.2. Drivers for Hydrogen Energy and Fuel Cell System Development

Category

Drivers

Remarks

Basic reaction

Technical

Sustainability

Political and
regional
Economical

Specific applications

H, + 1/2 O, = H,0

AH = -241.8kJ/mol (Gw, LHV)

AH = -285.8kJ/mol (Lw, HHV)

Efficiency—major improvement
potential with fuel cells

Environmental advantage—no
emissions of pollutants and CO,

Bridge between nonrenewable
(fossil) and renewable
(biomass) energy utilization

Sustainable in terms of hydrogen
atom sources

Energy security and diversity

Dependence on import of oils

New business opportunities

Niche application/market
development

Potential role and domain for
new players

Portable power sources

Quiet power sources

Remote power sources

Space explorations

Military applications

LHYV refers to the reaction
with H,O as vapor

Overcome the
thermodynamic limitations
of combustion systems

Hydrogen atom from H,O

Wide range of resources can
be used

Gas producers and other
industrial and small
business organizations

On-site or on-board fuel
cells for stationary, mobile,
and portable systems
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as infrastructure and technical standardization. The production and utilization of
hydrogen energy is also associated with various energy resources, fuel cells, CO,
emissions, and safety and infrastructure issues. Hydrogen energy and fuel cell devel-
opment are closely related to the mitigation of CO, emissions. Fuel cells using
hydrogen allow much more efficient electricity generation; thus, they can decrease
CO, emission per unit amount of primary energy consumed or per kilowatt-hour of
electrical energy generated.

1.5 FUEL PROCESSING FOR FUEL CELLS

Hydrogen and syngas production process concepts can be applied to fuel processing
for fuel cells, as outlined in Figure 1.3.° In general, all the fuel cells operate without
combusting fuel and with few moving parts, and thus they are very attractive from
both energy and environmental standpoints. A fuel cell is two to three times more
efficient than an internal combustion (IC) engine in converting fuel to electricity.®
On the basis of the electrolyte employed, there are five types of fuel cells. They
differ in the composition of the electrolytes and in operating temperature ranges and
are in different stages of development. They are alkaline fuel cells (AFCs), phos-
phoric acid fuel cells (PAFCs), proton exchange membrane fuel cells (PEMFCs),
MCEFCs, and SOFCs. In all types, there are separate reactions at the anode and the
cathode, and charged ions move through the electrolyte, while electrons move round
an external circuit. Another common feature is that the electrodes must be porous,

; ficati Gas cleaning
Liquid fuels Desulfurization

— | IR | »| sorc [)2C
N gas, LPG Desulfurization >
g - A | | 800-1000°C
i v vy v vy
i Syngas prod _| Reforming MCFC DC
: H,/CO ~2 ' toH,+CO 650-700°C ||
SR, ATRl
' | | . PAFC DC
) Water—gas shift _| !
F|scher—'_rropsch MeOH/pME H, + CO, + CO ,l <2% CCg [
synthesis and synthesis and 180-220°C
separation separation HTS, LTS l
CO PrOx to PEMFC DC
| Hp + CO, <10 ppm CO | |
MeOH 70-90°C
Fuel preparation Fuel processing Fuel cell DC

Figure 1.3. Fuel processing of gaseous, liquid, and solid fuels for syngas and hydrogen production
for different fuel cells (modified after Song®).
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because the gases must be in contact with the electrode and the electrolyte at the
same time.

A simplified way to illustrate the efficiency of energy conversion devices is to
examine the theoretical maximum efficiency.” The efficiency limit for heat engines
such as steam and gas turbines is defined by the Carnot cycle as maximum effi-
ciency = (T — T»)/T,, where T is the maximum temperature of fluid in a heat engine
and 7, is the temperature at which heated fluid is released. All the temperatures are
in kelvin (K = 273 + degrees Celsius), and therefore, the lower temperature 7, value
is never small (usually >290K). For a steam turbine operating at 400 °C, with the
water exhausted through a condenser at 50°C, the Carnot efficiency limit is
(673 — 323)/673 = 0.52 = 52%. (The steam is usually generated by boiler based on
fossil fuel combustion, and so the heat transfer efficiency is also an issue in overall
conversion.) For fuel cells, the situation is very different. Fuel cell operation is a
chemical process, such as hydrogen oxidation to produce water (H, + 1/20, = H,0),
and thus involves the changes in enthalpy or heat (AH) and changes in Gibbs free
energy (AG). It is the change in Gibbs free energy of formation that is converted to
electrical energy.” The maximum efficiency for fuel cell can be directly calculated
as maximum fuel cell efficiency = AG/(—AH). The AH value for the reaction is dif-
ferent depending on whether the product water is in vapor or in liquid state. If the
water is in liquid state, then (—AH) is higher due to release of heat of condensation.
The higher value is called higher heating value (HHV), and the lower value is called
lower heating value (LHV). If this information is not given, then it is likely that the
LHV has been used because this will give a higher efficiency value.’

Hydrogen, syngas or reformate (hydrogen-rich syngas from fuel reforming), and
methanol are the primary fuels available for current fuel cells. Reformate can be
used as a fuel for high-temperature fuel cells such as SOFC and MCFC, for which
the solid or liquid or gaseous fuels need to be reformed.>®’ Hydrogen is the real fuel
for low-temperature fuel cells such as PEMFC and PAFC, which can be obtained
by fuel reformulation on-site for stationary applications or on-board for automotive
applications. When natural gas or other hydrocarbon fuel is used in a PAFC system,
the reformate must be processed by water-gas shift reaction. A PAFC can tolerate
about 1%—2% CO."° When used in a PEMFC, the product gas from the water-gas
shift must be further processed to reduce CO to <10ppm.

1.6 SULFUR REMOVAL

Sulfur is contained in most hydrocarbon resources including petroleum, natural gas,
and coal. Desulfurization of fuels, either before or after reforming or gasification, is
important for syngas and hydrogen production and for most fuel cell applications
that use conventional gaseous, liquid, or solid fuels.>"' Sulfur in the fuel can poison
the fuel processing catalysts such as reforming and water-gas shift catalysts. Fur-
thermore, even trace amounts of sulfur in the feed can poison the anode catalysts in
fuel cells. Therefore, sulfur must be reduced to below 1ppm for most fuel cells,
preferably below 60 ppb.



1.8 Scope of the Book 11

1.7 CO, CAPTURE AND SEPARATION

CO, capture and separation have also become an important global issue in the past
decade, not only for H, and syngas purification, but also for the greenhouse gas
control. When syngas is used for making liquid fuels, CO, may be recovered and
added to the feed gas for reforming to adjust the H,/CO ratio. A new process concept
called tri-reforming has been proposed'? and established for using CO, in reforming
for producing industrially useful syngas with desired H,/CO ratios for the Fischer—
Tropsch synthesis and methanol synthesis. CO, utilization and recycling as fuels and
chemicals are also important long-term research subjects. Many recent publications
have discussed the CO, issues including new ways to capture CO, by solid
sorbents. ">

1.8 SCOPE OF THE BOOK

To facilitate the advances in science and technology development for hydrogen and
syngas production and purification as well as fuel processing for fuel cells, this book
was developed based on the contributions from many active and leading researchers
in industry, academia, and national laboratory. Following Chapter 1 as an introduc-
tion and overview, Chapters 2-5 deal with the production of syngas and subsequent
syngas conversion to hydrogen. In Chapter 2, catalytic steam reforming technologies
are reviewed by Velu Subramani of BP, Pradeepkumar Sharma of RTI, and Lingzhi
Zhang and Ke Liu of GE Global Research. This is followed by the discussion on
catalytic partial oxidation and autothermal reforming in Chapter 3 by Ke Liu and
Gregg Deluga of GE Global Research, and Lanny Schmidt of the University of
Minnesota. These two chapters collectively cover the production technologies using
gaseous and liquid feedstocks. In Chapter 4, coal gasification is reviewed as a solid-
feed-based hydrogen and syngas production approach by Ke Liu and Zhe Cui of GE
Global Research and Thomas H. Fletcher of Brigham Young University. Coal gas-
ification technology development is also an area of research and development pro-
grams of the U.S. Department of Energy.'>'® It should be mentioned that the basic
processing approach of coal gasification is also applicable in general to the gasifica-
tion of petroleum coke and biomass. Since the hydrocarbon resources including
gaseous, liquid, and solid fuels all contain sulfur, which is environmentally harmful
and poisonous to process catalysts, Chapter 5 is devoted to a review of desulfuriza-
tion technologies for various sulfur removal options from liquid and gaseous fuels
by Chunshan Song and Xiaoliang Ma of Pennsylvania State University. The step in
the hydrogen production process following reforming or gasification and desulfur-
ization is the water-gas shift, which is covered in Chapter 6 by Alex Platon and
Yong Wang of Pacific Northwest National Laboratory.

Chapters 7-10 cover the syngas purification and separation. When reforming
and water-gas shift are applied to PEMFC systems, trace amounts of CO in the
gas that poisons anode catalyst must be removed. This is achieved by preferential
CO oxidation, which is covered in Chapter 7 by Marco J. Castaldi of Columbia
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University. Membrane development is a promising approach for efficient gas separa-
tion in various applications. Chapter 8 provides an overview on hydrogen membrane
separation and application in fuel processing by David Edlund of IdaTech. In
Chapter 9, CO,-selective membrane development is reviewed by Jin Huang, Jian
Zou, and W.S. Winston Ho of Ohio State University. The CO, membrane application
for fuel processing is also discussed. For the commercial hydrogen production tech-
nologies, PSA is an important technology, for which the state of the art is reviewed
by Shivaji Sircar of Lehigh University and Timothy C. Golden of Air Products and
Chemicals.

For practical applications, integrated production technologies are highly desired
and often provide more efficient and also flexible processing options in response to
demands. Chapter 11 focuses on the integration of H,/syngas production technol-
ogies with future energy systems, which is discussed by Wei Wei, Parag Kulkarni,
and Ke Liu of GE Global Research.

One of the most important applications of syngas is the synthesis of liquid
fuels and chemicals. It is well known that syngas with different H,/CO ratios can
be used for the Fischer—Tropsch synthesis of liquid hydrocarbon fuels for the syn-
thesis of methanol and dimethyl ether, as well as ethanol and higher alcohols.
Chapter 12 provides an overview of coal and syngas to liquid technologies, which
is authored by Ke Liu, Zhe Cui, Wei Chen, and Lingzhi Zhang of GE Global
Research. The indirect coal-to-liquids (CTL) technology via syngas conversion has
its root in Germany as reflected by the well-known Fischer-Tropsch synthesis,
which can also be applied to natural gas-to-liquids (GTL) and biomass-to-liquids
(BTL) development.

We hope this book will provide the balanced overview of science and technol-
ogy development that will facilitate the advances of hydrogen and syngas production
for clean energy and sustainable energy development.
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2.1 INTRODUCTION

Hydrogen (H,) has a long tradition as an energy carrier as well as an important
feedstock in chemical industries and in refineries. It has a very high energy density.
As shown in Table 2.1, 1kg of H, contains the same amount of energy as 2.6kg
of natural gas/methane (CH,) or 3.1kg of gasoline. This makes H, an ideal fuel
in applications where weight rather than volume is an important factor, such as pro-
viding lift for balloons or zeppelins and recently as a fuel for spacecraft.

The use of Hy-rich gas, known as “town gas,” produced from coal and contain-
ing about 50% H, with the rest mostly CH, and carbon dioxide (CO,), for lighting
and heating began in early 1800s and continued until mid-1900s." Town gas was
celebrated as a wonder, bringing light and heat to the civilized world. Later, the
discovery of oil and natural gas reserves slowly displaced the supply of town gas.
The use of H, as a feedstock for the production of ammonia and fertilizer began in
1911. Today, ammonia synthesis has become one of the major uses of H,.

The worldwide H, production at present has been estimated to be about
12 trillion standard cubic feet (SCF)/year, including about 1.7trillion SCF/year of
merchant H,.> Most of this H, is consumed for the synthesis of ammonia and
methanol. A significant portion is also used in refineries for upgrading crude oils by

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
Copyright © 2010 American Institute of Chemical Engineers
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Table 2.1. Energy Density and Hydrogen to Carbon Ratio of Various Hydrocarbon and
Alcohol Fuels

Fuel Major Chemical Energy Density H/C Ratio
Compound (MJ/kg)
Hydrogen H, 142.0 -
Natural gas CH, 55.5 4
Biogas-I* CH,, CO, 28-45 2-3.2
Biogas-II" CH,, H,, CO,, CO 4-14 0.7-2.0
LPG C—C, 50.0 2.5-2.7
Methanol CH;0H 22.5 4
Ethanol C,H;OH 29.7 3
Gasoline C,—C,, 45.8 1.6-2.1
Jet fuel Up to Cys 46.3 1.6-2.0
Diesel Co—Cyy 453 1.8-2.3

‘Biogas from anaerobic digester.
"Biogas from gasifier.

processes such as hydrocracking and hydrotreating to produce gasoline and diesel.
Pure H, streams have also been used in a number of hydrogenation reactions, includ-
ing hydrogenation of edible oils, aromatics, hydrocarbons, aldehydes, and ketones
for the production of vitamins, cosmetics, semiconductor circuits, soaps, lubricants,
margarine, and peanut butter.

There is a growing worldwide demand for H, in refineries because of the need
to process heavier and dirtier feedstocks, combined with the desire to produce much
cleaner transportation fuels that are almost free from sulfur to meet the stringent
environmental regulations imposed in several countries.** Processing of heavier and
higher-sulfur crude oils will require a greater H, stream. In addition, the evolving
interest in using H, as a future energy carrier, especially in the automotive sector,
will result in a large demand for H, in the future.

H, can be produced from a variety of feedstocks, including fossil fuels such as
natural gas, oil, and coal and renewable sources such as biomass and water with
energy input from sunlight, wind, hydropower, and nuclear energy. H, production
from fossil fuels and biomass involves conversion technologies such as reforming
(hydrocarbons, oils and alcohols), gasification, and pyrolysis (biomass/coal), while
other conversion technologies such as electrolysis and photolysis are used when the
source of H, is water (Fig. 2.1). The former processes produce syngas, which is a
mixture of H, and CO with a H,/CO ratio dictated by the type of fuel source and
the conversion technology used. The syngas obtained is subjected to several down-
stream processes, which produce pure H,. The discussion in this chapter will focus
on reforming of fossil fuels and biofuels for the production of syngas, which does
not involve downstream gas cleanup and conditioning.

Reforming occurs when a hydrocarbon or alcohol fuel and steam and/or oxygen
is passed through a catalyst bed under optimum operating conditions. Depending
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CO, capture/sequestration/
utilization

On-board/
on-site

N reforming
- Thermochemical |
Geothermal cycles J

.| Electrolysis

Figure 2.1. Technological options for the production of hydrogen from various carbon-containing
feedstocks. IGCC, Integrated Gasification Combined Cycle.

I Natural gas 1 Naphtha

Steam &
reforming |
2-step |
reforming
Autothermal I —
reforming :
Partial [ |
oxidation —
0.0 1.0 2.0 3.0 4.0 5.0
H,/CO ratio

Figure 2.2. Possible Hy/CO ratios obtained from various syngas production processes. Adapted
from Rostrup-Nielsen et al.'

upon whether steam or oxygen or a mixture of steam and oxygen is used, the reform-
ing technology is termed ‘“steam reforming,” “partial oxidation,” and “autothermal
reforming (ATR),” respectively. Reforming of natural gas with CO,, also known as
“dry reforming,” has also been reported in recent years.”'® Among the reforming
technologies, steam reforming is the preferred process for hydrogen and syngas
today because it offers relatively a higher H,/CO ratio (close to 3) since a part of
hydrogen comes from water. The H,/CO ratio can be varied over a wide range as
shown in Figure 2.2, as the reforming reactions are coupled with the shift reaction
at the downstream. '
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Catalytic steam reforming (CSR) involves the extraction of H, molecules from
a hydrocarbon or alcohol fuel and water over a base metal or noble metal-supported
catalysts. CSR is widely employed to produce H,-rich gas from various gaseous and
liquid hydrocarbon fuels. Steam reforming of hydrocarbon fuels, especially steam
reforming of natural gas containing methane, is a well-developed technology and
practiced commercially for large-scale H, production.’* *¥'° Research in this area is
still being pursued actively to further improve process efficiency. Knowledge gained
from natural gas reforming is applied to the reforming of higher hydrocarbons,
alcohols, and biofuels for the manufacture of H, or syngas depending on the end
use. The chemistry, thermodynamics, catalysts, kinetics, reactions mechanisms, and
technology developments in the CSR of various hydrocarbon and alcohol fuels for
H, or syngas production are discussed in detail in the following sections.

2.2 STEAM REFORMING OF LIGHT HYDROCARBONS
2.2.1 Steam Reforming of Natural Gas

2.2.1.1 Chemistry

Natural gas is an odorless and colorless naturally occurring mixture of hydrocarbon
and nonhydrocarbon gases found in porous geologic formations beneath the earth’s
surface, often in association with petroleum or coal. The principal constituent is
methane (CH,) and its composition is regionally dependent. Table 2.2 summarizes
the composition of natural gas by region.®

Methane reacts with steam in the presence of a supported nickel catalyst to
produce a mixture of CO and H,, also known as synthesis gas or syngas as repre-
sented by Equation 2.1. This reaction is also referred to as steam methane reforming
(SMR) and is a widely practiced technology for industrial production of H,. However,
the SMR is not really just one reaction as indicated in Equation 2.1 but involves
contributions from several different catalyzed reactions such as water-gas shift

Table 2.2. Composition of Natural Gas by Region®

Region Methane Ethane Propane H,S CO,
U.S./California 88.7 7.0 1.9 - 0.6
Canada/Alberta 91.0 2.0 0.9 - -
Venezuela 82.0 10.0 3.7 - 0.2
New Zealand 44.2 11.6 (C,—Cs) - - 442
Iraq 55.7 21.9 6.5 7.3 3.0
Libya 62.0 144 11.0 - 1.1
U.K./Hewett 92.6 3.6 0.9 -

U.R.S.S./Urengoy 85.3 5.8 53 - 0.4
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(WGS), reverse water-gas shift (RWGS), CO disproportionation (Boudouard reac-
tion), and methane decomposition reactions as described in Equations 2.2-2.5:

CH,(g)+H,0(g) = 3H,(g)+CO(g)  AH% =+205.9kI/mol, (2.1)

CO(g)+H,0(g) = CO,(g)+H,(g) AH3s = —41kJ/mol, (2.2)
2C0O(g) = CO,(g)+C AHSs =—-172.4 kJ/mol, (2.3)
CH,(g) » C+2H,(g) AH3y =+74.6 kI/mol, 2.4
C+H,0(g) > CO+H,(g) AH%s =+131.3 kJ/mol, (2.5)
CO(g)+0.50,(g) = CO,(g) AHS%ys = =283 kJ/mol, (2.6)

CO(g)+3H,(g) > CH,(g)+H,0(g)  AH% =-205.9kJ/mol. (2.7

The steps involved in the SMR process for the production of pure H, can be
divided into (a) feed pretreatment, (b) steam reforming, (c) CO shift conversion, and
(d) hydrogen purification. For natural gas, the only pretreatment required is desul-
furization, which usually consists of a hydrogenator for the conversion of sulfur-
containing species into H,S followed by a zinc oxide bed for H,S scrubbing. After
desulfurization, the natural gas is fed into a reformer reactor, where it reacts with
steam to produce H,, CO, and CO, through reactions represented by Equations
2.1-2.5. The reformer is comprised of several reactor tubes filled with reforming
catalysts and kept in a furnace that provides heat necessary for the endothermic
reaction and operated in the temperature range between 500 and 900 °C and pressure
above 20atm.>*%'° Since the reaction produces an increase in the net number of
product molecules, additional compression of the product would be necessary if the
reaction were run at <20 atm. Although the stoichiometry for Equation 2.1 suggests
that only 1 mol of H,O is required for 1 mol of CH,, the reaction in practice is being
performed using high steam-to-carbon (S/C) ratio, typically in the range 2.5-3 in
order to reduce the risk of carbon deposition on the catalyst surface. The gas exiting
the reformer is cooled to about 350 °C and then subjected to the WGS reaction in a
high-temperature shift (HTS) converter. The current process for the industrial pro-
duction of pure H, (over 99.99%) employs pressure swing adsorption (PSA) for the
purification of H, after the shift reaction. The PSA off-gas, which contains CO, CO,
unreacted CH,, and unrecovered H, is used to fuel the reformer.

Alternative technologies to the PSA process for H, purification include, after
the HTS reaction, a low-temperature shift (LTS) reaction followed by CO, scrubbing
(e.g., monoethanolamine or hot potash)." The LTS reaction can increase the H, yield
slightly. However, the product stream, after the HTS, needs to be cooled to about
220 °C. Preferential oxidation (Prox) and/or methanation reaction as shown in Equa-
tions 2.6 and 2.7, respectively, removes the traces of CO and CO,. The product H,
has a purity of over 97%.

2.2.1.2 Thermodynamics

As shown in Equation 2.1, the SMR reaction results in gas volume expansion and
is strongly endothermic (AHS5g = +205.9 kJ/mol). Therefore, the reaction is thermo-
dynamically favorable under low pressure and high temperatures. The changes in
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enthalpy (AH) and Gibbs free energy (AG) during the reaction can be calculated,
along with the corresponding equilibrium constants (shown in Table 2.3). The ther-
modynamic data presented in the table provides knowledge in identifying operation
conditions and feasibility. The reaction requires certain temperatures to achieve suf-
ficient activity. Figure 2.3 shows the variation of AG as a function of temperature
in the form of an Ellingham-type diagram for three representative reactions during
the SMR process: SMR, methane decomposition, and carbon gasification. AG
declines as temperature increases for all three reactions, again reflecting the endo-
thermic nature of those reactions. It can be seen that methane decomposition (line
a), which leads to coke deposition, occurs at relatively low temperature, around
500°C. However, the SMR and carbon gasification reactions require fairly high
temperatures (>700 °C) to move forward. This makes heat transfer a critical reactor
design component. It also puts stringent thermal requirement for materials used for
reactor and pipeline manufacture.

The equilibrium methane conversions with increasing temperature calculated at
different S/C ratios and pressure between 1 and 20 bar are shown in Figure 2.4. The
methane conversion increases with higher S/C ratios (S/C varies from 1 to 5) and
decreases with increasing pressures (1-20 bar pressures were studied). A complete

Table 2.3. Thermodynamic Data for the Steam Methane Reforming (SMR) Reaction

Temperature (°C) AH° (kJ/mol) AG° (kJ/mol) Log K
25 205.885 141.932 —24.868
75 208.156 131.025 —-19.66

125 210.269 119.801 -15.718
175 212.225 108.32 -12.626
225 214.026 96.629 -10.133
275 215.675 84.764 -8.078
325 217.179 72.755 -6.354
375 218.541 60.626 —4.886
425 219.769 48.397 -3.621
475 220.867 36.085 -2.52

525 221.841 23.703 —1.551
575 222.698 11.264 —-0.694
625 223.442 -1.222 0.071
675 224.077 -13.747 0.757
725 224.608 -26.303 1.377
775 225.037 —38.883 1.938
825 225.369 —51.481 2.449
875 225.608 -64.092 2.916
925 225.76 -76.711 3.345
975 225.831 —-89.335 3.739

1000 225.838 -95.648 3.925
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Figure 2.3. Variation of AG as a function of temperature in the form of an Ellingham-type diagram
for the SMR process.

conversion of methane could be achieved around 700°C at 1bar pressure and the
S/C ratio of above 2.5, while a temperature of above 900 °C would be required to
achieve the complete methane conversion at 20bar pressure. It has been reported
that all currently available steam reforming catalysts promote carbon formation to
different extents. Presence of excess stream can suppress carbon deposition and
avoid plant shutdown caused by catalyst deactivation. Therefore, although stoichio-
metrically only S/C = 1 is needed for the SMR reaction, a 3.0 to 3.5 ratio is com-
monly used in practical applications.'? In modern H, plants, driven by economic and
efficiency considerations, reactor and process designs are improved to reduce the
steam consumption, with a typical ratio of S/C = 2.5."

Equilibrium H, and CO compositions can also be derived thermodynamically.
Depending on the ultimate application for the gas product, H,/CO ratio can be further
tailored by integrating with secondary reactor stage (e.g., WGS) or by optimizing
catalysts or operating conditions.

2.2.1.3 Catalyst

Natural gas steam reforming has been widely practiced in the industry, and a large
body of catalyst development research can be found in literature. This section is not
meant to be a comprehensive literature review on steam reforming catalysis, but
outlining major research aspects in steam reforming catalyst development. Contribu-
tions from the following authors on steam reforming literature reviews are highly
acknowledged: Trimm,"* Bartholomew,'* Rostrup-Nielsen,"> Twigg,'* Trimm,'® and
Sehested."”

In industrial practice, steam reforming of natural gas has been performed at high
temperatures over Ni-based catalysts. Ni has been the favored active metal because
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Figure 2.4. Equilibrium methane conversions at different temperatures, steam/carbon ratios, and
pressures obtained by thermodynamic calculations.

of its sufficient activity and low cost. Ni is typically supported on alumina, a refrac-
tory and highly stable material. These catalysts are shaped into an optimal form,
often in the shape of multichannel wheels in order to have a better heat and mass
transfer and to minimize the pressure drop under the industrial operating conditions.
The catalyst performs in excess of 5 years (>50,000h) of continuous operation.
Potential suppliers of steam reforming catalyst include Haldor Topsoe, Johnson
Matthey, Siid-Chemie, and BASF.® The Ni-based catalysts suffer from catalyst
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deactivation by coke formation and sintering of metallic Ni active phase. Research
has been undergoing to address these issues employing different approaches, includ-
ing catalyst preparation, promoter incorporation, and support materials.

Conventional Ni—Al,O; catalysts are prepared by wet-impregnating Ni onto the
AlLOj; support. This method has poor control of metal distribution on the support
and yields weak binding between metal and the support. As indicated from literature,
weakly attached Ni particles tend to aggregate and form large particles, which cata-
lyze coke formation reactions.'® " Catalyst preparation was examined to strengthen
the interaction between Ni particles and the support or enhance metal dispersion on
the support, aiming to achieve higher stability during steam reforming. As revealed
from Fonseca and Assaf’s work,” in comparison with traditional impregnation
technique, catalysts synthesized using hydrotalcite precursors displayed high
methane reforming activity and long-term stability. Use of hydrotalcite precursors
produces homogeneous dispersion of anions during catalyst synthesis. Ni can be
uniformly dispersed in the final calcined catalyst structure. Zhang et al. examined
one pot sol-gel technique for Ni—Al,05 preparation.”? Compared with conventional
impregnation, sol-gel technique yields catalysts with highly dispersed Ni particles
on the surface and a strong metal-support interaction. This suppresses the carbon
filament formation and filament growth, thereby increasing catalyst stability. Zhang
et al. studied synthesized nanocomposite Ni-based catalysts using a novel sol-gel
method and obtained highly active and extremely stable reforming catalysts.”* By
dipping presynthesized Mg—Al mixed oxides into Ni nitrate solution, Takehira et al.
obtained eggshell-type loaded Ni catalysts.* These catalysts showed high and stable
reforming activity owing to highly dispersed and stable Ni metal particles concen-
trated in the catalyst surface layer. Catalysts based on hexa-aluminate-type oxides
were prepared to uniformly disperse active species (Ni or other active metals) in the
lattice.”® A new concept in catalyst preparation is to combine catalyst and CO,
sorbent into one material for steam reforming. As described by Satrio et al.,”® small
spherical pellets were prepared in the form of a layered structure, with a CO, sorbent
core enclosed by a porous protective shell made of alumina-supported Ni catalysts.
This material offers in situ CO, removal and hydrocarbon reforming, thereby achiev-
ing 95% H, yield.

Trace amount of promoters was reported to markedly suppress coke formation
during steam reforming. Presence of promoters can modify Ni ensemble size on the
surface and inhibit coke deposition.'® Alkali metals such as K and alkaline earth
metals such as Mg and Ca are frequently used to improve catalyst stability. This
was attributed to higher reactivity of carbon formed on the surface and neutralization
of acidic sites of the support materials (acidic support catalyzes hydrocarbon crack-
ing and polymerization reactions).">” A small amount of molybdenum or tungsten
(0.5wt% MoO; or WO;) into Ni catalysts was demonstrated by Borowiecki et al.
to increase the coking resistance without loss in catalytic activity.”®*" Lanthanides
(La, Ce, Gd, Sm) emerge as promising promoters for Ni-supported catalysts.*'~*
Noble metals including Rh, Pt, and Pd were examined by Nurunnabi et al. and
promoted reforming activity and stability.”** Studies on bimetallic Ni-based cata-
lysts showed high stability for hydrocarbon reforming. Formulations examined
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include Ni—Co, Ni-Mo, Ni-Re, and Ni—-Cu.*****° Exposure of Ni catalysts to very
low concentration of sulfur was found beneficial for coke resistance. It is a debating
topic whether this is due to ensemble size control or interference with carbon dis-
solution during whisker formation process as indicated by Trimm.'

The typical Al,O; support for steam reforming catalysts is acidic and favors
hydrocarbon cracking and polymerization. In addition to using promoters to
modify Al,O; support properties, researchers are seeking for alternative supports.
Matsumura and Nakamori compared ZrO, with Al,O; as support for Ni catalysts.
Ni—ZrO, exhibited better performance than Ni—Al,O; catalysts, particularly at low
reaction temperatures, which was attributed to more hydroxyls groups formed on
the ZrO, surface.* Compared with Al,O;, MgO support promotes surface carbon
gasification, which markedly suppresses coke deposition. Ni-MgO solid solution
catalysts demonstrated stable performance over long-term operation.*** The solid
solution creates a strong ionic environment at the metal particle—support interface
and effectively minimizes Ni particle clustering and carbon formation. CeQ, is a
popular support for reforming catalysts because its high oxygen storage capacity
prevents coke formation reaction.**** Similarly, the lattice oxygen in perovskites
materials facilitates the oxidation of CH, fragments adsorbed on metallic nickel
and reduces coking. Urasaki et al. compared the decoking abilities of a series of
perovskite-supported Ni catalyst including LaAlOs;, LaFeO;, SrTiOs;, BaTiO;, and
La,4BaysCoy,Fe50;.5 and high activity and stability were measured in LaAlO; and
SrTiO; catalytic systems.*® New formulations have been developed. Ross reported
some promising results over Mo and W carbides for natural gas dry reforming with
CO,."

Another major type of steam reforming catalysts is based on noble metals. The
serious coking problem with Ni is caused by the formation, diffusion, and dissolution
of carbon in the metal.'® However, carbon does not dissolve in noble metals, yielding
much less coking in those systems. Ru, Rh, Pd, Ir, and Pt were examined for their
reforming performance. Ru and Rh displayed high reforming activities and low
carbon formation rates.*® However, the cost and availability of noble metals limit
their application.

2.2.1.4 Kinetics

There is a vast amount of literature studies on the kinetics of SMR. A variety of
kinetics models or rate expressions have been reported. There are no general agree-
ments on the rate equations. Discrepancies exist and some may even contradict.
Kinetic parameters are largely influenced by catalysts and operation conditions.
Neglecting diffusion and heat transfer limitations may yield misleading results. An
overview of steam reforming kinetics has been provided in Twigg’s catalysis hand-
book published in 1989."* The table of selected kinetic equations for hydrocarbon
reforming from the book has been included here, which is still of high value now.
A few of representative kinetic studies in recent years are discussed in this
section. Gokon et al.* discussed different kinetics models employed for methane
reforming studies, including the Langmuir-Hinshelwood (LH), basic (BA),
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Eley—Rideal (ER), and stepwise (SW) mechanisms. The LH model was tested by
Mark et al. in the CO, reforming of methane.” It assumed that both reactant species
of CH, and CO, are adsorbed onto the catalyst active sites separately. Adsorbed
reactants then associatively react on the active sites and lead to H, and CO product
formation. The basic model is established on the basis that the reactant species of
CH, and CO, follow the first-order behavior. In the ER mechanism, one of the two
reactants (either CH, or CO,) is adsorbed onto the catalyst surface in adsorption
equilibrium. The adsorbed species then react with the other reactant from the gas
phase, and H, and CO are formed subsequently.”’ The SW mechanism assumes that
CH, dissociatively adsorbed (active carbon and hydrogen species) on the catalytic
surface. The active carbon reacts with CO, in the gas phase and produces two
equivalents of CO.

Rostrup-Nielsen et al.'” and Trimm and Onsan™ described the kinetics of the
SMR reaction based on LH rate expressions reported by Xu and Froment.>® These
studies have considered that H,, CO, and CO, are produced in the SMR reaction
through methane steam reforming and WGS reactions. Also, CO, is formed not only
through the WGS reaction, but also by the steam reforming reaction with a higher
S/C ratio. The rate expressions for stoichiometric methane steam reforming to
syngas, WGS, and methane steam reforming with an excess of steam to produce H,
and CO, are given in Equations 2.8-2.10, respectively,

k- Pey, - B,
CH,+H,0=3H,+CO; 5 =——+—22(1-f), (2.8)
Pz
ky-Peo - P,
CO+H,0=H,+CO,; n=—"2"T0(1_p), 2.9)
PHQ.Z
_k3'PCH4'Pl-?zO

PI_Z;'ZS . ZZ

where
Z =1+ KycoPco + KeixPriz + KoscraPens + Komoo(Przo/ P,
B = reaction quotient (Qr)/Kp,
K, = adsorption constant, and

Kp = equilibrium constant.

The rate constants (k;, k,, and k;) for these three reactions and the adsorption
constants (K,) for CH,, H,O, CO, and H, determined experimentally by two different
research groups are compared in Table 2.4."

Wei and Iglesia®’ recently reported isotopic and kinetic studies for the SMR
and CO, reforming of methane over Ni- and noble metal-based catalysts. They
considered the sequence of elementary steps involved in the steam reforming and
CO, reforming of methane as well as methane decomposition and WGS reactions
as shown in Figure 2.5. Accordingly, CH, decomposes to chemisorbed carbon (C*)
via sequential elementary H-abstraction steps, which becomes faster as H atoms are
sequentially abstracted from the CH, reactant. This cascade process leads to a low
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Table 2.4. Kinetic Constants for the Steam Methane Reforming and Water-Gas Shift
Reactions'**

Parameter Data by Xu and Froment Data by Avetnisov et al.
ki 4.23 x 10" exp(—240.1/RT) 1.97 X 10" exp(—248.9/RT)
ks 2.00 X 10° exp(~67.1/RT) 2.43 x 10° exp(=54.7/RT)
ks 1.02 X 10" exp(—243.9/RT) 3.99 x 10" exp(—278.5/RT)
Koo 8.23 x 107° exp(70.65/RT) 3.35 x 10~ exp(65.5/RT)
Ko 6.12 X 107 exp(82.90/RT) 2.06 x 10~ exp(58.5/RT)
Kicns 6.65 X 107" exp(38.28/RT) 6.74 x 107 exp(34.1/RT)
Koo 1.77 X 10° exp(—88.68/RT) 9.48 x 10* exp(~74.9/RT)

ki, k,, and k5 are rate constants of Equations 2.8-2.10, respectively.

Ki,cos Koy Kascnas and Koo are adsorption constants for CO, H,, CH,, and H,O, respectively.
Catalyst used was Ni/MgALO, with an Ni metal surface area of 3m?¥g. Activation energies and heats
of adsorption (values in the parentheses) are in kilojoule per mole.

CO

Reversible step
CH,

ks || ks COs

Irreversible step Quasi-equilibrated step

Figure 2.5. Sequence of elementary steps involved in the CH, reforming and water-gas shift
reactions over Ni-based catalysts. Adapted from Wei and Iglesia.**

CHx* coverage and to C* as the most abundant carbon-containing reactive interme-
diate. Chemisorbed carbon is then removed by steam or CO, as a coreactant. These
elementary steps are consistent also with kinetic and isotopic measurements on other
noble metal-based catalysts such as Pt and Ir studied by them. When exposed metal
atoms are the abundant surface species, only the rate constant for the activation of
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Table 2.5. Kinetic Parameters for the Steam Methane Reforming over Ni-, Pt-, and
Ir-Based Supported Catalysts™’

Catalyst Turnover Rate Rate Constant Activation Energy Preexponential
(s™ (s/kPa) (kJ/mol) Factor (s/kPa)
Ni/MgO 4.0 0.2 105 3.8 x 10°
Pt/ZrO, 13.1 0.66 75 2.0 x 10?
1t/Zx0O, 12.4 0.62 87 9.9 x 10*

Reaction conditions: temperature: 600 °C; CH, partial pressure: 20kPa; H,O partial pressure: 25 kPa.

the first C-H bond in CH, appears in the rate expression, and the reaction rates
become first order in CH, and independent on the concentration of the coreactant,
steam, or CO,. The rate equation is shown in Equation 2.11,

1; = kPeya, (2.11)

where r; is the rate of the forward reaction for the SMR, k is the rate constant, and
Pcpy s the partial pressure of CH,. The kinetic parameters such as turnover rate, rate
constant, activation energy, and the preexponential factor for the SMR over sup-
ported Ni, Pt, and Ir catalysts determined under the same experimental conditions
are gathered in Table 2.5 Additional kinetic equations for the steam reforming
of methane and other higher hydrocarbons reported in the literature are gathered in
Table 2.6.

2.2.1.5 Mechanism

Methane is a stable and highly symmetrical molecule. The bond energy, which is
essentially the average enthalpy change in a gas-phase reaction to break all similar
bonds, of C—H bond in methane is 416 kJ/mol. The activation of the rigid C-H bond
by dissociative adsorption of methane is the most critical and the rate-determining
step (RDS) in the SMR reaction, and this occurs with different rates over Ni- and
noble metal-based supported catalysts.'®*>* The activated methane molecule then
undergoes surface reaction with adsorbed oxygen atom obtained from the dissocia-
tion of H,O as described in Equations 2.12-2.20,'*%%

CH, +2* — CH;*+H* (RDS), (2.12)
CH;*+* <> CH,* + H*, (2.13)
CH,*+* ¢> CH*+ H*, (2.14)
CH*+ * ¢ C*+ H*, (2.15)
H,O+2* <> OH*+H*, (2.16)
OH*+ * ¢ O*+ H*, (2.17)
C*+0* <> CO*+%*, (2.18)
CO* > CO+*, (2.19)

DH*+ 2% ¢ H, + 2%, (2.20)
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Figure 2.6. Potential energy diagram for the steam methane reforming over Ni(111) and Ni(211)
surfaces based on the density functional theory (DFT) study. Adapted from Rostrup-Nielsen et al.'

where the asterisks (*) denotes the adsorption sites on the catalyst surface. Wei and
Iglesia®~" also considered the involvement of similar elementary steps in SMR and
CO, reforming of methane over Ni- and noble metal-based catalysts and showed the
elementary reactions schematically as shown in Figure 2.5 and described above in
the kinetics section.

Rostrup-Nielsen and coworkers, based on the density functional theory (DFT)
calculations for the SMR over Ni(111) and Ni(211) surfaces, showed the energies
of intermediate species formed on the surface and activation barrier separating the
intermediates along the reaction path (Fig. 2.6).'%%® The data indicate that the C or
CH species are the most stable intermediates on these surfaces. For the reverse reac-
tion, methanation, the dissociation of CO has a large activation barrier on the perfect
Ni(111) surface but is favored on the stepped Ni(211) surface. Hence, the steps on
the Ni(111) surface are predicted to be the sites where CO dissociates. The reaction
energy, (the final point in the figure) 292kJ/mol calculated from this DFT study,
corresponds to a reaction enthalpy of 230kJ/mol, and this is in good agreement with
the experimental value of 206 kJ/mol.

2.2.1.6 Modeling and Simulation

Process modeling and simulation significantly improves the efficiency of system
design and development and economic analysis, which is important for the success
of SMR industry operation. The behavior of the process can be simulated with
diverse mathematical models. Many parameters have been factored into the model-
ing process, including reactor type, mass and heat transfer, operation conditions
(temperature, pressure, feed composition), kinetic modeling, and flow distribution
pattern. Knowledge derived from these studies provides understanding of the
complex process and facilitates developmental work. This section introduces exam-
ples of process modeling and simulation work available in the literature, most of
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which were performed in SMR reactors combined with H, removal or CO,
sorption.

Lee et al.”” simulated a hybrid reaction system of SMR and in situ noncatalytic
removal of CO, by the carbonation of CaO to CaCOj; in a moving bed reactor where
reforming catalyst and CaO-based CO, acceptor in pellets move concurrently with
gaseous reactants. Effects of parameters like feed rates of CaO and CH,, and the
reactor bed temperature on steady-state behavior of the hybrid reaction have been
determined. In another paper, these researchers simulated the transient behavior of
SMR coupled with simultaneous CO, removal by carbonation of CaO pellets in a
packed bed reactor for hydrogen production.®® A mathematical model was developed
to describe both the SMR reaction and the CaO carbonation-enhanced SMR reaction
at nonisothermal, nonadiabatic, and nonisobaric operating conditions. It has been
successfully validated with reaction experiments. Apparent carbonation kinetics of
the CaO pellet prepared has been determined using thermogravimetric analysis
(TGA) carbonation experiments at various temperatures and has been incorporated
into the model. Effects of major operating parameters (bed temperature, pressure,
steam to methane feed ratio, and flow rate) on the transient behavior of the CaO
carbonation-enhanced SMR have been investigated using the model. Therefore, the
optimum operation conditions can be identified to achieve desired CO, uptake capa-
city, to lower CO concentration in the product, and to maximize H, yields.

Ochoa-Ferndndez et al.®! studied the kinetics of CO, sorption on a solid adsor-
bent, namely lithium zirconate, in an oscillating microbalance. The solid sorbent
has been prepared by a novel route resulting in a high capacity, good stability, and
much improved sorption rates, making it suitable for its application in sorption
enhanced hydrogen production by SMR. A kinetic equation for the sorption as a
function of CO, partial pressure and temperature has been developed. The hydro-
gen production by sorption-enhanced reaction process has been simulated by a
dynamic one-dimensional pseudo-homogeneous model of a fixed-bed reactor,
where a hydrotalcite-derived Ni catalyst has been used as steam reforming cata-
lysts. Simulation results show that hydrogen purer than 95% with a concentration
of carbon monoxide lower than 0.2mol % can be produced in a single step.

Cao et al.*> mathematically described and experimentally demonstrated the
microstructured catalysts used for SMR reaction in microchannel reactors. Porous
metal substrates (FeCrAlY) were used to form engineered catalysts with Rh. Two
types of structures were evaluated in the microchannel reactors and simulated with
the developed heterogeneous reactor model. The modeling technique described in
the paper provides a convenient way to evaluate variables in designing more efficient
catalysts for SMR. Yu et al.** performed a simulation study to investigate the per-
formance of a porous ceramic membrane reactor for hydrogen production through
SMR. The results show that the methane conversions much higher than the corre-
sponding equilibrium values can be achieved in the membrane reactor due to the
selective removal of products from the reaction zone. The comparison of isothermal
and nonisothermal model predictions was made. It was found that the isothermal
assumption overestimates the reactor performance and the deviation of calculation
results between the two models is subject to the operating conditions. The effects

1.59
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of various process parameters such as the reaction temperature, the reaction side
pressure, the feed flow rate, and the steam to methane molar feed ratio, as well as
the sweep gas flow rate and the operation modes, on the behavior of membrane
reactor were analyzed and discussed.

Rakib and Alhumaizi® mathematically studied a bubbling fluidized bed mem-
brane reactor for SMR reaction, with the permselective Pd membranes removing
hydrogen from the reaction system to enhance the methane conversion. Oxygen fed
into the reaction system can decrease the endothermicity of the overall reaction by
the combustion of methane, thereby reducing the need of external firing. Operation
at low feed steam:carbon ratios is also possible with the steam required for the
reforming reaction being provided as a product from the combustion reactions,
although problems related to coking also need to be addressed at very low ones.
Because of the high endothermicity and fast kinetics of the steam reforming reac-
tions, to provide heat effectively to the reaction, an in situ heat generation by com-
bustion is employed. As an alternative, a higher feed temperature can be used as
well. However, since higher oxygen:methane ratios also tend to consume more of
the methane itself, this cannot be increased much, and an optimum value exists with
respect to the favorable production of pure hydrogen from the reactor permeate side.

Wang and Rodrigues® reported the fundamental analysis of the sorption-
enhanced steam methane reforming (SE-SMR) process in which the simultaneous
removal of carbon dioxide by hydrotalcite-based chemisorbent is coupled. A two-
section reactor model has been developed to describe the SE-SMR reactor, decou-
pling the complexity in process analysis. The model defines two subsequent sections
in the reactor: an equilibrium conversion section (upstream) and an adsorption
reforming section (downstream). The material balance relationship in the equilib-
rium conversion section is directly determined by thermodynamic equilibrium cal-
culation, providing an equilibrated atmosphere to the next section. The adsorption
reforming section is described using an isothermal multicomponent dynamic model
into which the SMR reactions and the high-temperature CO, adsorption are embed-
ded. The multiple requirements (including H, purity, H, productivity, CH, conver-
sion enhancement, and carbon oxide concentrations) are taken into account
simultaneously so as to analyze and define feasible operation window for producing
high-purity hydrogen with ppm-level CO impurity. The performances of the reactors
with different dimensions (laboratory scale and pilot scale) are explored, highlight-
ing the importance of operation parameter control to the process feasibility.

Posada and Manousiouthakis® discussed the heat and power integration studies
for a conventional methane reforming based hydrogen production plant with the
purpose of finding minimum hot/cold/electric utility cost. Hot methane and steam
were fed into the SMR reformer, where the reversible reactions (r,), (r,), and (r3)
were the main global reactions taking place. Heat and power integration results in
utility profit due to electricity production in excess of process needs. Heat integration
alone resulted in a 36% reduction in utility costs. Operation at the minimum hot/
cold or hot/cold/electric utility cost did not require hot utility with a consequent
reduction of carbon dioxide emissions of 6.5%.
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Takeuchi et al.”” reported a membrane reactor as a reaction system that provides
higher productivity and lower separation cost in chemical reaction processes. In this
paper, packed bed catalytic membrane reactor with palladium membrane for SMR
reaction has been discussed. The numerical model consists of a full set of partial
differential equations derived from conservation of mass, momentum, heat, and
chemical species, respectively, with chemical kinetics and appropriate boundary
conditions for the problem. The solution of this system was obtained by computa-
tional fluid dynamics (CFD). To perform CFD calculations, a commercial solver
FLUENT™ has been used, and the selective permeation through the membrane has
been modeled by user-defined functions. The CFD simulation results exhibited the
flow distribution in the reactor by inserting a membrane protection tube, in addition
to the temperature and concentration distribution in the axial and radial directions
in the reactor, as reported in the membrane reactor numerical simulation. On the
basis of the simulation results, effects of the flow distribution, concentration polar-
ization, and mass transfer in the packed bed have been evaluated to design a mem-
brane reactor system.

Zanfir and Gavriilidis®® presented a theoretical study of the influence of flow
arrangement on the thermal behavior of a catalytic plate reactor (CPR) for SMR
reaction using methane catalytic combustion as heat source. A two-dimensional
model is presented. CPR performance and the thermal behavior is strongly affected
by overall and local balance between heat generated on the exothermic side and heat
consumed on the endothermic one, which in turn is influenced by flow arrangement.
Simulations for co-current and countercurrent flow were carried out for similar inlet
conditions and catalyst loadings. It was found that the reactor is better balanced
thermally for concurrent operation. For countercurrent arrangement, higher conver-
sions and better utilization of the overall heat generated in the exothermic process
are achieved at the expense of pronounced temperature extremes. Thus, reforming
conversion for countercurrent operation is 62.8% compared with 52% for concurrent
operation, while maximum transverse temperature difference for concurrent opera-
tion is only 16.5K compared with 310K for countercurrent operation. This increases
the chances of the reactor runaway and of homogeneous combustion being initiated.
Utilization of a nonuniform catalyst distribution can overcome the heat imbalance
by inducing favorable reactant depletion along the reactor during countercurrent
flow.

Gallucci et al.” investigated the SMR reaction from a modeling viewpoint,
considering the effect of different parameters on methane conversion. For
example, considering the influence of the lumen pressure on methane conversion
at constant temperature, it has been found that increasing this parameter increases
the equilibrium methane conversion for the membrane reactor, while it decreases
for the traditional one. Moreover, in a realistic membrane reactor (i.e., consider-
ing a simulation performed using kinetic expressions), the behavior of methane
conversion versus lumen pressure at various temperatures shows a minimum
value, depending on the membrane thickness, on the reactor length, and on the
temperature.
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2.2.1.7 Reactor Design and Development

The SMR reaction results in the production of H, and CO, and is a strongly endo-
thermic reaction and favored at high temperatures. Heat transfer is critical to ensure
fast kinetics as the reaction moves forward. To enhance SMR reaction, the following
approaches can be employed:

 Integration of SMR reaction and products (H, or CO,) separation steps to
shift the equilibrium and enhance the reaction rate in the forward direction.
This also lowers the reforming temperature to achieve the same conversion
level.

e Novel reactor design with improved mass and heat transfer. Efficient heat
transfer facilitates reaction kinetics and decreases energy consumption. As
such, reactor size and cost can be significantly reduced.

» Alternative heating sources to increase system efficiency. This may lead to
additional benefit of reducing CO, emissions.

A look into the recent advances taking place in the equipment and reactor
designs reveals that much emphasis has been laid on preparing and experimenting
with the membrane reactors and CO, sorption-enhanced reactors. There are exten-
sive studies on Pd-based membrane for selective separation of H,. Cost of Pd has
been proven to be insignificant among the total cost considering typical membrane
thickness of 5-10 4.”° With H, permeable membrane reactor configuration, ultrapure
H, can be obtained and high-pressure CO, can be readily sequestrated or for other
application. As reported by Patil et al.,”" permselective Pd metallic membranes for
H, removal (500-600°C operating temperature) was integrated inside a fluidized
bed reactor along with selective O, addition through dense perovskite membranes
(900-1000 °C operating temperature). CH, conversion over 95% could be obtained.
Ultrapure H, (no more than 10ppm CO) can be generated from light hydrocarbons
such as CH,, which meets the requirement for feeding proton exchange membrane
fuel cells (PEMFCs). Instead of fitting a ceramic substrate to a thin Pd-based layer
that lacks mechanical stability, Tong and coworkers performed a series of studies
on controlled deposition of Pd or Pd alloy (Pd-Ag, Pd—Ce) composite membranes
onto porous stainless steel (PSS) tubes for SMR.”>” The deposited membrane
exhibited stable homogeneous structure and provided high hydrogen permeable flux
and complete selectivity of H, versus argon or helium. Under typical operation
temperature (~500°C) and pressure (100-300kPa), a methane conversion of over
97% was measured. Pd-based membrane supported on PSS was also reported by
Ayturk et al.” Long-term stability at high temperature with high methane conversion
(>95%) has been achieved.

Research on other types of materials for H, separation has been motivated by
relatively high cost of Pd and possible membrane degradation by acidic gases and
carbon as summarized in Tsuru et al.”® These authors examined microporous silica
membranes together with an Ni catalyst layer for SMR reaction. However, this type
of membrane allows the permeation of hydrogen as well as other gases in reactants
and products, which markedly reduces hydrogen selectivity and limits methane
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conversion (up to 0.8 under their testing conditions). Improvement in methane con-
version and H, selectivity was reported in Nomura et al.,”” who synthesized a catalyst
composite silica membrane using a counter diffusion chemical vapor deposition
method and observed higher H, selectivity (H»/N, permeance ratio over 1000).

There are many studies available in literature on CO, sorption-enhanced SMR.
Pure CO, from the reaction is suitable for sequestration or other use.”® Primary
efforts were in the development of CO, sorbent materials and improvement of mul-
ticycle stability. Johnsen et al.” studied dolomite as a CO, sorbent in a bubbling
fluidized bed reactor. The operating temperature and pressure are 600 °C and 1 atm,
respectively. By cycling between CO, absorption and regeneration to reduce pre-
breakthrough and subsequent conversion decline, an H, concentration of >98% could
be obtained. Dolomite was found to be a better sorbent than limestone. Ca(OH), or
CaO0Si0, is another major type of adsorbent that is effective for CO, separation.
They displayed superior performance during hydrocarbon gasification compared
with other metal oxides including MgO, SnO, and Fe,05.** Wu et al.®' characterized
the production of hydrogen with a sorption-enhanced steam methane reaction process
using Ca(OH), as the CO, adsorbent. Ninety-four percent H, concentration can be
reached, which is nearly 96% of the theoretical equilibrium limit, much higher than
the equilibrium concentration of 67.5% without CO, sorption under the same condi-
tions of 500°C, 0.2MPa pressure, and a steam-to-methane ratio of 6. In addition,
the residual mole fraction of CO, was less than 0.001. Li,ZrO; synthetic sorbents
are also reported in literature with better multicycle stability, but the costs are
prohibitive.””?

Kusakabe et al.** proposed selective CO oxidation membrane concept to facili-
tate SMR reaction. Yttria-stabilized zirconia (YSZ) membrane was deposited on the
surface of a porous alumina support tube by sol-gel procedure. This again was
impregnated with Pt and Rh aqueous solution to produce a Pt- or Rh-loaded YSZ
membrane. With addition of O, in the feed, oxidation of CO can bring CO concen-
tration to the level appropriate for PEMFC (<30 ppm).

A substantial amount of work on new reactor design has been undergoing to
enhance mass and heat transfer efficiency and SMR kinetics as a result. Xiu et al.*
applied the subsection-controlling strategy to design adsorptive SMR reactor. The
whole process was divided into four steps within one bed, with adsorbent/catalyst
packing ratio and wall temperature separately regulated in each subsection. By
maintaining a pressure swing sorption-enhanced SMR cyclic process, a product
stream with H, purity over 85% purity, CO concentration below 30ppm, and CO,
concentration below 300 ppm can be reached.

Roychoudhury et al.* reported the use of microlith catalytic reactors (patented
by Precision Combustion, Inc. (PCI)) for ATR, WGS, or Prox. The microlith sub-
strates are composed of a series of ultrashort channel length, low thermal mass, cata-
Iytically coated metal meshes with very small channel diameters. This design allows
fast heat and mass transfer, reduces the reactor size, and improves the overall perfor-
mance. ATR test showed high resistance to coking, especially at low steam/C ratios.

Chikazawa et al.***” evaluated the feasibility of small sodium-cooled reactor as
a diversified power source in terms of economical and safety potential and reviewed
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the application of this type of reactor for hydrogen generation from natural gas
reforming. This type of reactor demonstrates high thermal efficiency and availability,
yields a compact reactor design, and simplifies the cooling system. Glockler et al.®
and Kolios et al.* reported the multifunctional reactor concept. This design is capable
of integrating exothermic and endothermic reactions in microstructured devices and
employing recuperative heat exchange between the process streams. This offers
efficient heat recovery. Hoglen and Valentine® applied Coriolis meters in SMR
technology. Accurate control of S/C ratios provides high operation efficiency.

Velocys, which is a spinout company from Battelle Memorial Institute, has
developed microchannel process technology for large-scale chemical processing.
Hydrogen can be produced from the compact microchannel unit at high heat and
mass transfer rates. As discussed by Tonkovich et al..”! a microchannel methane
steam reforming reactor integrates catalytic partial oxidation of methane prior to
catalytic combustion with low excess air (25%) to generate the required energy for
endothermic methane steam reforming in adjacent channels. This design improves
process intensification and results in significant capital and operating cost savings
for commercial applications. Galvita and Sundmacher® proposed a periodically
operated two-layer (reduction and reoxidation) reactor design concept for steam
reforming of methane. In the reduction phase, methane is converted at “layer 1” into
CO and H, using partial oxidation. The products are fed to “layer 2”” where CO, and
H,O0 are produced. In the reoxidation phase, the reactor is fed with pure steam, which
reoxidizes the catalytic materials and is itself converted into CO-free H, gas. This
process generates high-quality H, and eliminates additional H, purification units at
a reduced cost.

SMR reactor design can also be approached by employing other energy sources.
Nozaki et al.”*** reported improvement of SMR performance (much higher methane
conversion) by combination of catalysts and barrier discharges. Use of barrier dis-
charge greatly reduces energy cost and increases energy efficiency. Solar steam
reforming has been examined by Moller et al.”” Using the solar reformer technology,
up to 40% fuel savings can be expected compared with a conventional plant. CO,
emission reduction is another benefit. Another clean energy source is nuclear power.
Fukushima and Ogawa® presented a conceptual design of low-temperature hydrogen
production and high-efficiency nuclear reactor technology.

2.2.2 Steam Reforming of C,-C, Hydrocarbons

While natural gas reforming is the primary process for the industrial production of H,,
the reforming of other gaseous hydrocarbons such as ethane, propane, and n-butane
have been explored for the production of H, for fuel cells.”*”” The reforming of
propane and n-butane received particular attention in recent years, because they are
the primary constituents of liquefied petroleum gas (LPG), which is available com-
mercially and can be easily transported and stored on-site. LPG could be an attractive
fuel for solid oxide fuel cells (SOFCs) and PEMFCs for mobile applications.”® '*' The
chemistry, thermodynamics, catalysts, kinetics, and reaction mechanism involved in
the reforming of C,—C, hydrocarbons are briefly discussed in this section.
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2.2.2.1 Chemistry and Thermodynamics

Steam reforming reaction of ethane, propane, and n-butane are represented by Equa-
tions 2.21-2.23, while the thermodynamic data for these reactions are summarized
in Tables 2.7-2.9, respectively:

C,H,(g)+2H,0(g) — SH, (g)+2CO(g); AHS = +374.3 kJ/mol, (2.21)
C;Hg(g)+3H,0(g) — 7TH, (2)+ 3CO(g); AHS = +497.7 kJ/mol,  (2.22)
n-C4H,o(g)+4H,0(g) — 9H, (g) + 4CO(g); AH% = +651.3kI/mol.  (2.23)

These are endothermic reactions and the endothermicity increases with increas-
ing carbon number of the hydrocarbon. These reactions are generally carried out in
a wide temperature range between 300 and 900°C over a nickel-based or noble
metal-based supported catalyst. Under the reaction operating conditions, other reac-
tions such as cracking into carbon and hydrogen (Egs. 2.24-2.26) followed by
carbon gasification, cracking into methane (Eq. 2.27) followed by steam reforming
of methane can also occur. Methane formation can also occur by methanation of
carbon oxide and H, (Eq. 2.28) formed in the cracking reactions. Similar to the SMR
process, the steam reforming of higher hydrocarbons in practice is also performed

Table 2.7. Thermodynamic Data for the Steam Reforming of Ethane:
CoHg(g) + 2H,0(g) — 5Ha(g) + 2CO(g)

Temperature (°C) AH° (kJ/mol) AG° (kJ/mol) Log K
25 374.3 215.6 —37.782
75 351.3 193.2 -28.995

125 354.8 170.3 —22.344
175 358.1 146.9 -17.126
225 361.0 123.2 -12.92

275 363.7 99.2 —9.454
325 366.0 75.0 —6.548
375 368.1 50.6 —4.075
425 370.0 26.0 —1.944
475 371.6 1.3 -0.09

525 373.1 -23.5 1.539
575 374.3 —48.4 2.98

625 375.4 -73.3 4.266
675 376.3 -98.4 5.419
725 377.1 -1234 6.458
775 377.7 —148.5 7.401
825 378.2 -173.6 8.258
875 378.5 -198.7 9.042
925 378.7 -2239 9.761
975 378.8 —249.0 10.422

1000 378.8 -261.6 10.734
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Table 2.8. Thermodynamic Data for the Steam Reforming of Propane:

C;Hs(g) + 3H,0(g) — 7TH,(g) + 3CO(g)

Temperature (°C) AH° (kJ/mol) AG° (kJ/mol) Log K
25 497.701 297.577 -52.139
75 503.172 263.571 —39.548

125 508.015 228.822 -30.022
175 512.331 193.495 —22.555
225 516.185 157.711 -16.539
275 519.624 121.56 —11.585
325 522.685 85.112 —7.433
375 525.398 48.422 -3.903
425 527.787 11.535 —0.863
475 529.875 —25.513 1.781
525 531.681 -62.69 4.103
575 533.224 -99.973 6.158
625 534.518 -137.34 7.988
675 535.572 -174.772 9.629
725 536.398 —212.254 11.109
775 537.008 —249.772 12.448
825 537.413 —287.314 13.668
875 537.623 —324.871 14.781
925 537.652 -362.432 15.802
975 537.517 -399.991 16.741
1000 537.392 —418.768 17.183

at higher S/C ratios, typically between 1 and 3, in order to reduce the risk of carbon
deposition. While higher operating pressures are preferred for industrial applica-
tions, the reactions are generally operated at atmospheric pressure for fuel cell
applications. The syngas produced can be fed directly into SOFC. HTS and LTS
and/or Prox reactions are also needed in the downstream of the steam reformer to
remove CO from the reformed gas for PEMFC applications:

C'gHg (g) e 4H2 (g)+ 3C, AHzogg = +1038 kJ/mOl,
n'C4H10 (g) 4 9H2 (g) + 4C; AH;gg = +126.2 kJ/mOl 5

C.H,, +xH,0 — yH, +(n—1)CO+ CH,,
CO + 3H2 4 CH4 + Hzo, AHzogg = —206 kJ/mOl

2.2.2.2 Catalysts and Kinetics

(2.24)
(2.25)
(2.26)
(2.27)
(2.28)

The Ni-based catalysts known for the steam reforming of natural gas are also active
for the steam reforming of C,—C, hydrocarbons. However, carbon deposition and
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Table 2.9. Thermodynamic Data for the Steam Reforming of n-Butane:
CHio(g) + 4H,0(g) — 9Ha(g) + 4CO(g)

Temperature (°C) AH® (kJ/mol) AG® (kJ/mol) Log K
25 651.286 382.595 -67.035
75 658.042 336.987 -50.564

125 664.086 290.456 -38.109
175 669.497 243.202 —28.349
225 674.33 195.375 —20.488
275 678.629 147.089 -14.018
325 682.432 98.432 —-8.596
375 685.771 49.476 —3.988
425 688.675 0.278 —-0.021
475 691.173 —49.113 3.429
525 693.292 -98.659 6.457
575 695.058 —148.327 9.136
625 696.488 —198.089 11.521
675 697.6 —247.922 13.659
725 698.411 —297.805 15.586
775 698.939 —347.722 17.33
825 699.203 —397.659 18.917
875 699.219 —447.601 20.365
925 699.009 —497.54 21.693
975 698.598 —547.465 22913
1000 698.326 —572.421 23.487

subsequent catalyst deactivation are the major issues. The industrial methane steam
reforming catalysts are suitably modified to reduce the carbon deposition for the
reforming of higher hydrocarbons. Approaches used to minimize the carbon forma-
tion in Ni-based catalysts include addition of alkali promoters such as K,O, MgO,
Ca0, and SrO, to the catalyst formulation. Ni supported on alkali metal oxides such
as MgO, CaO, MgO-Al,0;, and CaO-AlL,O; mixed oxides have also been
reported.'®***!2 The compositions of some of the commercial catalysts known for
steam reforming of light hydrocarbons and LPG are included in Table 2.10.'” Noble
metal-supported catalysts are less susceptible for carbon formation compared with
Ni-based catalysts. Consequently, the steam reforming of methane, ethane, propane,
and butane over Pt, Pd, and Rh, supported on Al,Os, SiO,, MgO-Al,0Os, CeO,, ZrO,,
and so on, has been reported.’*”"'* Alloy formation by the addition of a small
amount of noble metals such as Au to the Ni-based catalysts has also been reported
to suppress the carbon formation.’®!® Consequently, various bimetallic and multi-
metallic catalysts containing noble metals and Ni supported on above-mentioned
oxides are known.?>"'%-11¢ A few catalyst formulations reported in recent years are
summarized in Table 2.11.
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Takenaka and coworkers''? reported that silica-coated Ni catalysts prepared by
a water-in-oil microemulsion method are more active in the steaming reforming of
propane compared with a Ni catalyst just supported on silica without coating. Trans-
mission electron microscope (TEM) analysis of the former catalyst prereduced in
H, at 700°C showed small Ni particles with diameters of about 5nm located at
the center of about 50-nm-diameter SiO, particles. On the other hand, in Ni/SiO,
catalyst, the Ni particles of 5-20nm in diameter are attached to the outer surface of
the silica support (Fig. 2.7). Also, the silica-coated Ni catalysts are more active than
that supported on MgO or ALLO;. They also observed a lower amount of carbon
deposition on silica-coated Ni catalyst compared with other catalysts. X-ray absorp-
tion studies revealed the existence of a strong metal-support interaction in the silica-
coated Ni catalyst, and this interaction prevents the sintering of Ni metal particles
during propane steam reforming. Zhang et al.”* reported that the Ni/Al,O; catalyst
prepared by sol-gel method is more stable during steam reforming of propane com-
pared with that prepared by conventional impregnation method.

Wang and Gorte''” measured the rates of steam reforming of n-butane on 1wt %
Pd supported on CeO,, SiO,, or Al,0;. Among them, the Pd/CeO, catalyst exhibited
a stable reaction rate. Also, the catalyst produced a higher CO,/CO ratio in the
reformed product stream. The higher activity of CeO,-supported catalyst has been
attributed to the existence of a dual-function mechanism, in which CeO, can be
oxidized by H,O and then supply oxygen to the Pd metal. The participation of CeO,
in WGS reaction reduces the amount of CO in the product stream thereby increasing

Ni particles

SiO, particles

Figure 2.7. TEM images of (a) Ni/SiO, catalyst prepared by impregnation and (b) SiO,-coated Ni
catalyst prepared by water-in-oil microemulsion methods. Adapted from Takenaka et al.'?



2.2 Steam Reforming of Light Hydrocarbons 43
the CO,/CO ratio. Laosiripojana and Assabumrungrat'® reported the participation
of CeO, lattice oxygen in the steam reforming of hydrocarbons. A high surface
area CeO, with a Brunauer Emmett and Teller (BET) surface area of about 100 m%/g
showed a better catalytic performance than that of a low BET surface area CeO,
with 55m?%g and conventional Ni/Al,O5 catalyst.

Graf et al.'® performed a comparative study of steam reforming of methane,
ethane and ethylene on Pt, Rh, and Pd supported on YSZ. They observed that the
reactivity and product distribution depends on the type of noble metal loaded. Over
Rh/YSZ catalyst, the reactivity decreased in the order C,Hg > C,H, > CH,. On the
other hand, over Pt/YSZ, methane reacted much faster than the C, hydrocarbons and
the order of reactivity is CH, > C,H, > C,H (Fig. 2.8). The higher reactivity of Rh
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Figure 2.8. Conversion of methane, ethane, and ethylene in steam reforming reaction over
(a) Rh/YSZ and (b) Pt/YSZ. Adapted from Graf et al.'®
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has been attributed to a higher binding strength of Rh toward carbon atoms compared
with that of Pt. In other words, Rh has a higher tendency to break the C—C bond of
adsorbed hydrocarbon than Pt metal, and hence, the Rh/YSZ catalyst exhibits a
higher reactivity in the steam reforming of C,Hg than Pt/YSZ catalyst.

Avci and coworkers'”” observed an improved n-butane conversion and higher
H,/CH, ratio in the steam reforming of n-butane over a 15wt % Ni/J-Al,O; catalyst
promoted with 0.2wt% of Pt compared with the Pt-free catalyst. Around 400 °C,
the Pt-promoted Ni/d-Al,O; catalyst exhibited close to 100% n-butane conversion,
while the Pt-free catalyst showed only about 67% conversion. The higher catalytic
activity of the bimetallic catalyst has been attributed to the existence of a synergistic
interaction between Pt and Ni metals. An empirical power-function expression
describing the rate of n-butane conversion has been used to determine the kinetic
parameters. The reaction orders estimated are 1.20 and —0.18 with respect to n-
butane and steam, respectively. The activation energy for the reaction was found to
be around 81kJ/mol. These kinetic parameters are in close agreement with those
reported over Ni/MgO, Ni/Al,Os, and Ni/SiO, catalysts in the steam reforming of
C,—C, hydrocarbons as summarized in Table 2.12.5%!%7

2.2.2.3 Mechanism

The mechanism of steam reforming of higher hydrocarbons over Ni-based catalysts
has been reported to involve adsorption of the hydrocarbon on the catalyst surface
followed by the formation of C, species by the successive o-cleavage of the C—C
bonds. Similar to that proposed for the SMR reaction (Egs. 2.12-2.20), the adsorbed
C, species are then dehydrogenated stepwise into adsorbed carbon atoms, which
may dissolve in the Ni crystal. When the concentration of carbon is above saturation,
a carbon whisker will nucleate. These reactions compete with the reaction of C,

Table 2.12. Kinetic Parameters for the Steam Reforming of Gaseous Light Hydrocarbons
over Various Supported Catalysts™'”’

Hydrocarbon Catalyst Temperature  Pressure  Order with Respect to  Activation
Range (°C) (MPa) Hydrocarbon  Steam (llil}l/(:f)}l,)
CH, Ni/MgO 350400 0.1 0.96 -0.17 60
C,Hg Ni/MgO 450-550 0.1 0.60 —0.40 76
C,Hg Ni/MgO 300-350 0.1 0.95 —0.46 81
C;H; Ni/o-ALO; 500-640 0.1 0.75 +0.60 67
C;H; Ni/MgO 300-350 0.1 0.93 —0.53 45
C,Hy, Ni/y-ALOs 425-475 3.0 0.00 1.00 54
C,Hy, Ni/SiO, 400450 0.1 0.00 1.00 -
C,Ho Pt-Ni/ 330-395 0.1 1.20 —0.18 81

6—A1203
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species with adsorbed oxygen atoms to gaseous products. The concentration of
adsorbed oxygen depends on the steam adsorption on the catalyst. The steps involved
in the simplified mechanism for the steam reforming of higher hydrocarbons are
given below in Equations 2.29-2.37,'

C,H,, +*2 = *2C,H,, (2.29)
*2C,H, +* = *CH, +*2C, —1H,, (2.30)
*2C,H, — n*C, (2.31)
*CH, — *C, (2.32)
*C <> [C, Ni]|bulk — whisker carbon, (2.33)
H,O+* < *O+H,, (2.34)
*CH, +*0 — gas, (2.35)
*C+*0 — gas, (2.36)
H, +2* <> 2*H, (2.37)

where the asterisks (*) denotes the adsorption sites on the catalyst surface.

The mechanism for the steam reforming and dry reforming of propane, over
Ni and noble metal-based supported catalysts, has been recently studied and a
reaction sequence similar to the one described in Equations 2.38-2.46 has been
proposed.**"">11811 Unlike SMR reaction, wherein the activation of the C—H bond
of CH, is the critical and RDS (Eq. 2.12), both C—C bond rupture in propane
(Eq. 2.40) and oxidation of adsorbed CH, species (Eq. 2.43) have been proposed
to be the RDSs in the reforming of propane. Based on the kinetic isotopic effect
and isotopic tracer studies, Jensen et al.''® suggested that the C—C bond rupture
(Eq. 2.40) is the RDS, because they observed the presence of C; species as the main
hydrocarbon species on the catalyst surface. The adsorbed CH, species reacts with
adsorbed oxygen species generated either from H,O in the steam reforming reaction
or from CO, in the dry reforming reaction. The formation of adsorbed oxygen
species from H,O could be similar to that shown in Equations 2.16 and 2.17. The
adsorbed CH, species may also undergo hydrogenolysis reaction to produce CH, as
shown in Equation 2.44. Graf et al.'® also reported the formation of CH, primarily
via hydrogenolysis rather than methanation reaction in the steam reforming of ethane
over Rh supported on YSZ catalyst. Similar elementary reaction steps have also been
proposed for the steam reforming of ethane:*

C;Hg(g)+2* > C3H,*+ H*, (2.38)
CiH *+ * <> C3Hg* + H*, (2.39)
CH,*+(9-n)* - 3CH,*+ (7-n)H* (RDS), (2.40)
H,0+2*% <> O*+ 2H* (in steam reforming reaction), (2.41)
CO,(g)+2*% <> O*+ CO* (in dry reforming reaction), (2.42)
CH,*+ O*+ n* <> CO*+ nH*+ *, (2.43)
CH,*+ (4—n)H* < CH,(g)+(5—n)* (hydrogenolysis), (2.44)
CO* < CO(g)+*, (2.45)

2H* <> H, (g)+2*. (2.46)
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2.3 STEAM REFORMING OF LIQUID
HYDROCARBONS

Steam reforming of liquid hydrocarbons such as naphtha was introduced to the
chemical industry during the 1960s, and the process served as a major source of H,
for ammonia synthesis as well as for petroleum refining.'* Indeed, higher hydrocar-
bons became the preferred feedstock for the reforming process when natural gas was
not available. Many refineries benefit from feedstock flexibility, taking advantage
of the surplus of various hydrocarbon streams they produce. Recently, steam reform-
ing of liquid hydrocarbons, especially gasoline, diesel, and jet fuel, has been con-
sidered as a potential process for near-term H, production for fuel cells because of
their readily existing infrastructure and availability.*”'**'?"'?> Moreover, diesel and
jet fuel are the preferred logistic fuels to produce H,-rich gas for portable fuel cells
for military applications. Consequently, a significant progress in catalyst develop-
ment and reactor design has been made in recent years. The chemistry involved,
thermodynamics, type of catalysts, and process development in the steam reforming
of these liquid hydrocarbon fuels are discussed in this section.

2.3.1 Chemistry

Typical compositions of gasoline, diesel, and jet fuel are summarized in Table
2.13'*12* while their energy densities and the H/C ratios are included in Table 2.1.
Steam reforming of these liquid hydrocarbons can be expressed by a general equa-
tion as shown in Equation 2.47:

C,H,, +nH,0 — ((m+2n)/2)H, + nCO. (2.47)

However, since these transportation fuels are complex mixtures containing a
wide range of hydrocarbons, aromatics, and olefins, simple hydrocarbons such as
isooctane (Cg hydrocarbon), dodecane (C,, hydrocarbon), and hexadecane (Ci
hydrocarbon) have been used as representative surrogate fuels for gasoline, jet fuel,
and diesel, respectively, in order to better understand the chemistry involved and

Table 2.13. Typical Compositions of Gasoline, Diesel, and Jet Fuel Available in the

U. S . 123,124
Component Composition (vol %)

Gasoline (Regular Unleaded) Diesel(#2) JP-8 Jet Fuel
Paraffins 10.2 55.0 71.0
Isoparaftfins 37.6 - -
Aromatics 38.7 24.0 19.0
Naphthalenes 6.0 12.0 6.2

Olefins 7.1 5.0 35
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thermodynamics of the reforming process better. Steam reforming reactions of these
surrogate fuels are represented by Equations 2.48-2.50, respectively. The use of
other liquid hydrocarbons, including /-heptane, n-decane, and n-tetradecane, as well
as surrogates containing a mixture of a range of hydrocarbons and aromatics, is also
known; >

Iso-CsHys (2) + 8H,0(g) — 17H, () + 8CO(g); AHS = +1273 kJ/mol, (2.48)
CiHas(g) +12H,0(g) — 25H, (g) +12CO(g); AH% = +1866.2 kJ/mol,  (2.49)
CieHy (g) +16H,0(g) — 33H, (2)+ 16CO(g); AHSs =+2473.9kJ/mol.  (2.50)

These reactions are highly endothermic and occur at relatively higher tempera-
tures, between 700 and 1000 °C over a nickel-based or noble metal-based supported
catalyst. Under the reaction operating conditions, other reactions such as cracking
into carbon and hydrogen followed by carbon gasification as mentioned in the SMR
process, cracking into lower hydrocarbons such as methane, ethane, and ethylene,
followed by steam reforming of these cracked hydrocarbons, and WGS reaction (Eq.
2.2) to convert CO into CO, and additional H, could also occur. The overall reac-
tions for the steam reforming of these liquid fuels after combining the WGS reaction
(equimolar concentration of CO and H,O) are given in Equations 2.51-2.53, respec-
tively. Similar to the SMR process, the steam reforming of higher hydrocarbons in
practice is also performed at higher S/C ratios, typically between 1 and 5, in order
to reduce the risk of carbon deposition.'*"** While higher operating pressures are
preferred for industrial applications, the reactions are generally operated at atmo-
spheric pressure for fuel cell applications. HTS and LTS and/or Prox reactions are
used in the downstream of the steam reformer to remove CO from the reformed gas
and to produce H,-rich gas suitable for fuel cells:

Iso-CsHyg () + 16H,0(g) — 25H, (g) +8CO, (g); AHSs = +944.1kJ/mol,  (2.51)
CioHog(2)+24H,0(g) — 37H, (2)+ 12C0, (g); AHS = +1372.6 kI/mol,  (2.52)
Ci6Hy, (g) +32H,0(g) — 49H, (g)+ 16CO, (g); AHS = +1816 kI/mol. (2.53)

Because gasoline, jet fuel, and diesel are complex hydrocarbon mixtures,
reforming of these liquid hydrocarbon fuels is relatively more complicated than
natural gas reforming. The catalyst used should be capable of breaking several C—C
bonds, in addition to activating the C—H bonds. A prereformer may thus be used for
cracking the long-chain hydrocarbons into mainly C; products, which then can be
reformed in the main reformer. The presence of fuel additives also affects the
reforming reaction.'* Furthermore, since these fuels have a significant amount of
sulfur compounds, a desulfurization step is also required to reduce the sulfur content
to below tolerable level, usually below 1 ppmw, before reforming. Desulfurization
of these transportation fuels is discussed separately in this book.

2.3.2 Thermodynamics

The thermodynamic parameters AH, AG, and equilibrium constant (Keqm) for
the steam reforming of isooctane, dodecane, and hexadecane are given in
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Table 2.14. Thermodynamic Data for the Steam Reforming of Isooctane:
Iso-CsHi5(g) + 8H,O(g) — 17H,(g) + 8CO(g)

Temperature (°C) AH° (kJ/mol) AG° (kJ/mol) Log K
25 1273.176 714.351 -125.162
75 1285.783 619.609 -92.971

125 1296.784 523.163 —68.641
175 1306.358 425.42 —49.589
225 1314.648 326.676 —34.257
275 1321.769 227.156 —21.648
325 1327.803 127.035 —11.095
375 1332.879 26.449 -2.132
425 1337.096 —74.496 5.574
475 1340.533 —-175.716 12.269
525 1343.253 —277.142 18.139
575 1345.311 -378.718 23.326
625 1346.74 —-480.397 27.941
675 1347.566 —582.14 32.073
725 1347.812 —683.91 35.793
775 1347.501 —785.679 39.158
825 1346.655 —887.421 42.215
875 1345.29 -989.112 45.003
925 1343.431 —1090.733 47.556
975 1341.109 —1192.267 49.9
1000 1339.785 —1242.996 51.002

Tables 2.14-2.16, respectively. The AG® values for these reactions become negative
above 425 °C, implying that the reaction is thermodynamically favorable above this
temperature. However, cracking of these liquid hydrocarbons into CH, and carbon
formation shown in Equations 2.54-2.58 are highly facile reactions with negative
AG® values. Also, the AG° value becomes more negative with increasing carbon
number of the fuel, indicating that carbon deposition becomes serious at low reac-
tion temperature and with increasing carbon number of the liquid hydrocarbon
fue1:133.134

* Isooctane cracking

Iso-CsHy5(g) — 4CH,(g) + Ha (g) +4C(s)
AH%s =—75.5 kJ/mol (2.54)
AG3s =—219 kJ/mol

Iso-CgH;5(g) — 9H, (g) +8C(s)
AH%ys = +222.9 kJ/mol (2.55)
AGSs =—16.9 kJ/mol
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Table 2.15. Thermodynamic Data for the Steam Reforming of Dodecane:
Ci2Hag(g) + 12H,0(g) — 25H,(g) + 12CO(g)

Temperature (°C) AH® (kJ/mol) AG® (kJ/mol) Log K
25 1866.238 1046.116 —-183.29
75 1885.608 907.034 —136.098

125 1904.646 765.187 —100.396
175 1923.502 620.954 —72.382
225 1942.268 474.618 —49.771
275 1961.001 326.398 -31.106
325 1979.739 176.466 -15.412
375 1998.507 24.966 -2.012
425 2017.325 —127.986 9.577
475 2036.207 —282.289 19.711
525 2055.161 —437.856 28.658
575 2074.196 -594.615 36.623
625 2093.296 —752.498 43.767
675 2112.441 -911.447 50.217
725 2131.615 —-1071.406 56.073
775 2150.801 —1232.327 61.418
825 2169.986 —1394.163 66.32
875 2189.15 —-1556.872 70.835
925 2208.287 -1720.416 75.01
975 2227.404 —1884.758 78.883
1000 2236.958 —-1967.219 80.718

* Dodecane cracking

C,Hy(g) = 6CH,(g)+H,(g)+6C(s)
AH%s = —156.8 kJ/mol (2.56)
AG3y =-353.9 kJ/mol

Ci;Hy (g) —> 13H,(g) +12C(s)
AHSss = +290.8 kJ/mol (2.57)
AG3ys =-50.8 kJ/mol

* Hexadecane cracking
Equation 2.26:

CioHas (2) > 8CH, (g)+ H, (2) +8C(s)

AH3ys =—223.5 kJ/mol

AGSys = —488.4 kJ/mol
Ci¢Hs,(g) = 17H, (g) +16C(s)

AHzogg = +3733 k]/mol
AGzogg =-81.2 kJ/mOl

(2.58)
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Table 2.16. Thermodynamic Data for the Steam Reforming of Hexadecane:
CisHaa(g) + 16H,0(g) — 33Ha(g) + 16CO(g)

Temperature (°C) AH° (kJ/mol) AG° (kJ/mol) Log K
25 2473.894 1378.25 —241.484
75 2497.996 1192.548 —178.939

125 2519.125 1003.582 —-131.674

175 2537.691 812.114 —94.665

225 2553.981 618.695 —64.88

275 2568.211 423.74 —40.383

325 2580.561 227.57 —19.875

375 2591.186 30.437 —2.453

425 2600.224 —-167.456 12.53

475 2607.805 -365.945 25.552

525 2614.049 -564.896 36.973

575 2619.074 -764.201 47.068

625 2622.964 —963.769 56.056

675 2625.799 -1163.525 64.105

725 2627.659 —1363.404 71.355

775 2628.625 —1563.355 77.916

825 2628.783 —1763.332 83.882

875 2628.209 —-1963.3 89.327

925 2626.996 —2163.228 94.316

975 2625.258 —2363.095 98.903

The effect of temperature on equilibrium compositions in the steam reforming
of hexadecane is shown in Figure 2.9 as an example. At a given S/C ratio of 2.5,
the H, yield generally increases with increasing temperature, but the RWGS reaction
dominates at elevated temperatures, above 775 °C, which decreases the H, yield with
further increasing temperature. Under this high S/C ratio, while the carbon formation
disappears above around 250 °C, the formation of methane continues until around
700°C. These data suggest that the ideal temperature range for steam reforming of
hexadecane should be between 700 and 800 °C at the S/C ratio of 2.5.

The effect of S/C ratio on equilibrium compositions in the steam reforming of
hexadecane at 800 °C is shown in Figure 2.10. The reaction is thermodynamically
favorable without any carbon formation at an S/C ratio above 1.1. Although the H,
yield increases with increasing S/C beyond 1.1, the reaction at higher S/C ratios will
negatively impact the overall efficiency of the process because of the higher heat
input required for the system. Therefore, an S/C ratio between 2 and 3 is typically
used for the steam reforming of liquid hydrocarbons.

Since the steam reforming reaction proceeds with increasing number of moles,
the reaction is favored at low pressure. Increasing reaction pressure decreases the



2.3 Steam Reforming of Liquid Hydrocarbons 51

80

H,

S/IC=25
1 atm

Equilibrium composition
(mol % on the dry basis)

_——

T

400 500 600 700 800 900 1000

Temperature (°C)

Figure 2.9. Effect of temperature on equilibrium compositions in steam reforming of n-hexadecane;
S/C = 2.5, 1 atm pressure.
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Figure 2.10. Effect of S/C ratio on equilibrium compositions in steam reforming of n-hexadecane
at 800°C and 1 atm pressure.

H, yield as shown in Figure 2.11. Also, the yields of CO and CO, decline while that
of methane increases due to the methanation reaction at higher pressures. Although
thermodynamics dictates the use of low pressure, industrial steam reforming reac-
tions are generally carried out at elevated pressures (15-35atm) because much
of the H, produced is supplied to methanol and ammonia synthesis plants where
higher pressures facilitate a better heat recovery and result in compression energy
SaVingS.lO’103'120
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Figure 2.11. Effect of pressure on equilibrium compositions in steam reforming of n-hexadecane at
800°C; S/C ratio = 2.5.

2.3.3 Catalyst

The type of catalysts used for the steam reforming of liquid hydrocarbons can be
broadly classified into at least three major categories: (a) Ni-based base metal cata-
lysts, (b) noble metal-based catalysts, and (c) metal carbides. The Ni-based and noble
metal catalysts are usually dispersed on various supports including y-alumina, o-
alumina, magnesium aluminate, calcium aluminate spinels, and pervoskites, as well
as oxide ion-conducting substrate such as CeO, and ZrO,. The catalysts known for
steam reforming of liquid hydrocarbons were reviewed recently by Cheekatamarla
and Finnerty”” and Shekhawat et al.'” The performance of some of the most recently
reported catalysts are summarized in Table 2.17'%'%571*! and briefly discussed in this
section.

The Ni-based supported catalysts known for the steam reforming of natural gas
and other gaseous hydrocarbons should be active for the steam reforming of gaso-
line, jet fuel, and diesel as well. However, as discussed above in the thermodynamics
section, carbon formation is a serious issue in the reforming of liquid hydrocarbons.
Thus, efforts on designing new catalysts for the reforming of these liquid fuels are
focused on avoiding carbon formation. One approach to minimize the carbon forma-
tion in Ni-based catalysts is to use alkali promoters such as K,O, MgO, CaO, and
SrO. In some cases, a small amount of SiO, was also used to prevent the evaporation
of alkali oxides such as K,O. The compositions of commercial Ni-based catalysts
known for the reforming of naphtha are included in Table 2.10.

InnovaTech, Inc. of the U.S. has recently reported proprietary Inniva Tech
Catalyst (ITC) catalyst series for the steam reforming of various hydrocarbons,
including natural gas, gasoline, and diesel at atmospheric pressure.'*® The detailed
information on catalyst compositions is not available. It appears that the catalyst
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consisted of a noble metal-based bimetallic compound supported on high surface
area Al,O; treated with an oxide having oxygen ion-conducting properties, probably
Ce0, or ZrO,. A 300-h continuous test has shown that the catalyst has a very stable
performance for steam reforming of isooctane at 800 °C with an S/C ratio of 3.6.
The same catalyst was also tested in the steam reforming of hexadecane for 73h as
well as natural gas for over 150h continuously, without deactivation or carbon
deposition. The catalyst has been reported to be tolerant to sulfur up to about
100 ppmw present in gasoline.

Melo and Morlanés recently reported mixed oxide catalysts containing Ni, Mg,
and Al obtained by thermal decomposition of hydrotalcite or layered double hydrox-
ide material for the steam reforming of a mixture of n-heptane and n-hexane as a
surrogate for naphtha.'” They studied the effect of catalyst synthesis parameters
such as method of introduction of active species, calcinations, and reduction tem-
peratures on the catalytic performance. Murata et al.'* reported the steam reforming
of isooctane and methylcyclohexane (MCH) over FeMg/Al,O; and Ni/ZrO, cata-
lysts. They observed that the rate of H, production over Ni/ZrO, catalyst was seven
times higher than that over FeMg/Al,O; catalyst. Furthermore, the stability of Ni/
ZrO, catalyst was improved by the addition of Sr. During the 100-h time-on-stream
experiments, the rate of H, production dropped only by 10wt% over NiSt/ZrO,
catalyst compared with a 50% drop in H, production rate observed over Sr-free Ni/
ZrO, catalyst. The improved stability of the catalyst has been attributed to the forma-
tion of mixed oxide phase containing Ni, Sr, and Zr.

Flytzani-Stephanopoulos and Voeck'*® reported honeycomb monolithic sup-
ports as promising for steam reforming catalysts, improving radial heat transfer in
the reactor and hence to achieve a uniform reactor temperature zone, which could
minimize the carbon formation on the catalyst bed associated with hot spots. Addi-
tionally, monolith can provide faster response during transients in fuel cell applica-
tions due to their better heat transfer properties. They performed the steam reforming
of n-hexane over conventional Ni-based supported catalysts and two monolithic
supported catalysts, a ceramic monolith of Ni impregnated on y~alumina washcoated
cordierite, and a metal monolith of Ni supported on y-alumina washcoated Kanthal
(Fe—Cr—Al alloy). A hybrid monolith comprised of metal monolith at the top and
ceramic monolith at the bottom provided higher H, yields and n-hexane conversions
compared with the conventional pellets at an S/C ratio of 2.5, temperature of 927 °C,
and space velocity of 4000h™.

Noble metals and hybrid of noble metal- and base metal-supported catalysts
have also been developed in order to minimize the carbon formation and sulfur toler-
ance in the steam reforming of liquid hydrocarbons. Idemitsu Co., Ltd. in Japan has
reported Ru-based naphtha reforming catalyst (ISR-7G) for the steam reforming of
kerosene,'** whose chemical composition is more or less similar to that of JP-8 jet
fuel as described in Table 2.13. The catalyst exhibited stable activity over 12,000h
with 100% kerosene conversion and stable outlet gas composition. The catalyst was
expected to meet the target lifetime of about 40,000 h, which corresponds to 10 years
on the presupposition that the fuel cell would be operated in daytime only.

Wang and Gorte'* measured the differential rates of steam reforming of
methane, ethane, n-butane, n-hexane, 2-4-dimethylhexane, n-octane, cyclohexane,
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benzene, and toluene over 1 wt % Pt or Pd supported on CeO, and AL,O;. They have
reported that the Pd/CeO, or Pt/CeO, is much more active in the steam reforming
of hydrocarbon fuels than that supported on Al,O;. Their finding indicated that the
primary role of CeO, is to dissociate water and transfer the oxygen produced by that
reaction to the supported metal. This transfer of oxygen from CeO, to the metal
also helps to maintain a carbon-free catalyst surface thereby retaining the catalytic
activity for a longer period of time. Fourier transform infrared (FTIR) spectroscopic
results showed that CeO, was covered by a carbonate layer under steam reforming
conditions, and this could limit the rate at which CeO, can be reoxidized. Since
Ce0,—Zr0O, mixed oxides are more reducible than pure CeO,, the carbonate forma-
tion could be suppressed over these mixed oxides. Consequently, higher reforming
rates could be achieved over Pt or Pd supported on CeO,—ZrO, mixed oxides. The
authors also reported that in a series of alkanes from methane to n-hexane, the rate
of formation of CO and CO, increased with increasing carbon numbers (Fig. 2.12).
For molecules larger than Cy, there is a tendency to form cyclohexane, which further
reacts with benzene. Also, aromatics are less susceptible to reforming than
n-hexane.

Suzuki et al."* carried out a long-term stability of a highly dispersed Ru/CeO,—
Al,O; catalyst containing 2 wt % Ru, 20wt % CeO,, and balance alumina in the steam
reforming of desulfurized kerosene (C,,H»,) containing below 0.1ppm sulfur at
800°C and an S/C ratio of 3.5. They observed a stable activity with 97%—-99% kero-
sene conversion with about 70% H, in the product stream over 8000 h of continuous
operation. They also observed that the presence of CeO, in the catalyst formulation
acts as a promoter to improve the sulfur tolerance. The kerosene conversion dropped
to about 85% in 25h onstream when the kerosene containing about 50 ppm sulfur
was used. On the other hand, the conversion dropped to about 60% during the same
period of time (25h) when Ru-based catalyst without CeO, was used. The same
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Figure 2.12. Arrhenius plots for the steam reforming of methane, ethane, n-butane, n-hexane, and
benzene over Pd/CeO, catalyst. Water partial pressure is 100 torr. Adapted from Wang and Gorte.'*
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group also evaluated the La,O; supported Ru, Rh, and Ir catalysts in the steam
reforming of kerosene in the temperature range between 500 and 800 °C. At 600 °C
and an S/C ratio of 3, Rh- and Ru-supported catalysts produced higher hydrocarbon
conversions of about 95% and H, yield of close to 100% compared with Ir-supported
catalyst, which showed only about 60% conversion and 80% H, yield under the
same operating conditions.

Murata et al."** compared the performance of various bimetallic catalysts con-
taining a noble metal and a base metal for the steam reforming of n-octane and MCH
with noble metal-based monometallic catalysts and FeMg/Al,O; catalyst. They noted
that the FeMg/Al,O; catalyst produced a higher rate of H, formation compared with
noble metal-based supported catalysts. The highest H, production rate has been
observed over RhFe/Al,O; bimetallic catalyst (Fig. 2.13). Kim et al."* also observed
that loading of about 0.3wt% Rh on NiMgAl mixed oxide catalysts derived from
hydrotalcite precursors improved the catalytic activity in the steam reforming of
n-hexadecane. Added Rh acts as a promoter, reduces the carbon formation on the
catalyst surface, and prevents Ni metal from sintering.

Strohm et al.'¥’ reported that a bimetallic catalyst containing 2wt% Rh and
10wt % Ni supported on CeO,—AlLO; is an excellent catalyst for the low temperature
steam reforming of a real jet fuel containing about 22 ppmw sulfur. The catalyst
exhibited a stable activity with a jet fuel conversion close to 100% during the first
45 h onstream, after which it decreased slightly but exhibited around 95% conversion
even after 72 h of onstream (Fig. 2.14). It has been proposed that the added Ni closely
interacts with Rh metal and protects Rh from sulfur poisoning through two possible
mechanisms: (a) when Ni reacts preferentially with sulfur, the Rh can remain active
for steam reforming and (b) when some Rh atoms remain unreactive toward sulfur,
such sulfur atoms can be transferred from Rh to those Ni atoms that are present in
close vicinity to Rh. In other words, S in RhSx may be transferred to the Ni metal
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g 0.0120 m FeMg/Al,O4
c ) PtCe/AlLO
£ 00100 ®° ® RhUSY360 PCI/ALO,
% 0.0080 RECI3/AI203 RN/ALLO, Rh/:ISZBQO
Y u N
T 0-0060 RhPYALO M
5 .
o 0.00401 Pa/ALO,m  CHSIO: m Re/ALO,
& 0.0020 FeCe/Al,O4
|
0.0000 , , : : : : :

85 87 89 91 93 95 97 99
Isooctane conversion (%)

Figure 2.13. Correlation between conversion and rate of H, formation in steam reforming of
isooctane over various monometallic- and bimetallic-supported catalysts. Adapted from Murata et al.'*
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Figure 2.14. Performance of 2wt % Rh-10wt % Ni-supported CeO,~Al,O; catalyst in the
steam reforming of a pre-desulfurized jet fuel containing about 22 ppmw sulfur. Adapted from

Strohm et al.'¥’

through sulfur spillover with or without the aid of gas-phase H,. In either case, a
close interaction between the added Ni and Rh is necessary.

The authors also studied the effect of Ni loading and sulfur concentration in the
fuel on the performance of a Rh/CeO,—Al,O; catalyst using a surrogate of jet fuel
called NORPAR-13, an industrial solvent obtained from ExxonMobile comprising
only normal paraffins with an average carbon number of 13 and containing about
4 ppmw sulfur and spiked with 3-methylbenzothiophene to achieve different levels
of sulfur. The results revealed that an effective interaction between Ni and Rh could
be achieved by coimpregnating Ni and Rh on CeO,—ALO; support rather than
impregnating Rh on pre-Ni-impregnated CeO,—Al,03 catalyst (Fig. 2.15)."*7 Also,
the data show that an optimum Ni loading is around 10wt % to achieve a relatively
stable activity. The monometallic Rh/CeO,—Al,O; catalyst deactivates rapidly by S
poisoning. It has also been reported that the catalytic activity rapidly decreased when
the amount of sulfur in the fuel flown over the catalyst reaches the level correspond-
ing to an Sg, : Rhy, atomic ratio of 0.28:0.30. Ni surface saturation of sulfur was
found to occur at an Sy : Nig,s atomic ratio of 0.59:0.60, and this corresponds to an
Stuer : Rhgys atomic ratio of 1:1 for the catalyst 2% Rh—10% Ni/CeO,—Al,O; with over
95% fuel conversion.

Metal carbides have attracted much interest in recent years as promising cata-
lysts in the steam reforming of hydrocarbons and WGS reaction as these materials
are more tolerant toward carbon deposition and sulfur poisoning.'**"'** Bulk molyb-
denum carbide (Mo,C) has been employed as catalysts in the steam reforming and
oxidative steam reforming of gasoline and diesel for hydrogen production.” Since
these catalysts are carbon tolerant, fuel prereforming is not required. Also, the steam
reforming reactions could be conducted with a much lower S/C ratio of around 1
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Figure 2.15. Effect of Ni loading on catalytic performance of 2% Rh/CeO,~Al,O; catalysts in the
steam reforming of NORPAR-13 surrogate jet fuel. Adapted from Strohm et al.'"¥’ See color insert.

compared with that employed on the Ni-based supported catalysts, which require an
S/C ratio of at least 3. A few recent reports on the steam reforming of liquid hydro-
carbons on Mo,C catalysts are included in Table 2.17.'3%140

Flores and Ha'* recently reported that the catalytic activity of Mo,C is initiated
by thermal decomposition of the carbide phase and propagated by the carburization
of the dioxide phase with isooctane as shown below in Equations 2.59 and 2.60:

Mo,C+5H,0 < 2MoO, + CO + 5H,, (2.59)
2Mo0O, +0.51CgH 5 <> 2Mo0,C+4.59H, +2.16CO+0.92C0O,.  (2.60)

Thus, the reforming process becomes stable as long as these reactions are con-
tinuously taking place. The onset temperature of the reforming process around
750 °C has been directly related to the temperature at which Mo,C is able to produce
Mo metal.

2.3.4 Kinetics

Since the liquid hydrocarbons are complex mixtures of hundreds of components,
and each one could undergo several different reactions under the reforming condi-
tions, the determination of a detailed reaction model for reforming them is very
complicated. For example, in addition to the reactions associated with reforming,
other reactions such as WGS, cracking followed by carbon formation, methanation,
hydrocracking, dehydrocyclization, dehydrogenation, ring opening, hydrogenation,
and so on may take place. For simplification, the experimental rate data for such
complex reactions are fit into power law or even first-order rate expressions. Unfor-
tunately, these rate expressions tend to be limited to a specific catalyst, fuel composi-
tion, and operating conditions. It would be desirable to develop predictive models
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to account for variations in these parameters. However, only limited information
is available on the kinetics of liquid hydrocarbon reforming for H, production.
Literature is limited mostly to kinetic studies of steam reforming of single paraffinic
components.

For the steam reforming of higher hydrocarbons, Rostrup-Nielsen and
Tottrup postulated a Langmuir-Hinshelwood—Houghen—Watson (LHHW) kinetic
model."*!>"'52 They assumed that the hydrocarbon chemisorbs on a duel catalytic
site, followed by successive a-scission of the C—C bond. The resulting C, species
react with adsorbed steam to form H, and CO. The rate expressions were generated
by fitting the data for steam reforming of n-heptane (C;H;¢) on an Ni/MgO catalyst
at 500 °C. The overall rate expression is given in Equation 2.61:

o 240exp (-8150/T) pC;H,¢
[1+25.2pC;H,6(pH, / pH,0)+0.08 (pH,0/ pH, )

2.61)

This rate expression was reduced to a power law-type model shown in
Equation 2.62,

r=koe 0 pey PrroPiiss (2.62)

wherein 7 is the rate of the reaction in kmol/m*(Ni)/h and the partial pressures p are
in megapascal units. A very low reaction order with respect to C;Hs suggests a
strong adsorption of the hydrocarbon on the catalyst surface. A retarding effect of
aromatics and higher hydrocarbons on the reaction rate has been observed. Due to
the presence of 7-electrons, aromatics can strongly adsorb onto the catalyst surface
and can cause the reaction order to approach zero. The reaction order with respect
to steam was very sensitive to temperature and was found to decrease from —0.6 at
450°C to —0.2 at 550°C. The steam-surface interactions weaken with increasing
temperature, and hence, the reaction order with respect to steam approaches zero
due to weak adsorption at high temperatures.

Praharso et al.'* also developed an LH type of kinetic model for the steam
reforming of isooctane over a Ni-based catalyst. In their model, they assumed that
both the hydrocarbon and steam are dissociatively chemisorbed on two different
dual sites on the catalyst surface. The bimolecular surface reaction between dissoci-
ated adsorbed species was proposed as the RDS. The generalized rate expression
they proposed is given in Equation 2.63,

ern \ Pisooctane PH,0

o , (2.63)
(1 + \/Kisooctane})isooctane )(1 + \/KHZOPHZO )

where Kigoocane and Kipo are the adsorption constants for isooctane and steam, respec-
tively. The power law rate expression based on the regression of the rate data over
a temperature range of 310-350°C is given in Equation 2.64:

r= k() e<75300/T) pi()sgoctancpl(-)éo- (264)

As noted above, the very low reaction order with respect to isooctane suggests
a strong adsorption of the hydrocarbon on the catalyst surface.
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Shi et al."* recently studied the steam reforming of isooctane in a monolithic
type reactor simulated by a three-dimensional CFD model. They considered global
reactions to represent steam reforming of isooctane, which include steam reforming
of isooctane to syngas as expressed in Equation 2.48, WGS reaction as shown in
Equation 2.2, and the net reaction by combining these two reactions to produce H,
and CO, as shown in Equation 2.51:

Isooctane to syngas (Eq. 2.48): Iso-CsH 5(g) + 8H,O(g) — 17H,(g) + 8CO(g),
WGS (Eq. 2.2): CO(g) + H,O(g) = CO,(g) + Hi(g),

Isooctane to H, and CO, (Eq. 2.51):
Iso-CgHi5(g) + 16H,0(g) — 25H,(g) + 8CO,(g).

The rate expressions for these three reactions are given in Equations 2.65-2.67,
respectively:

ky (PC8HIS B Pliz Feo /PHzoKel )

r (isooctane to syngas) =

o
(kmol CxHq reacted /m? /s), (2.65)
1 (WGS) =k, (Peo — PHZPCOZ/PHZOkeZ)
(kmol CO reacted/m? /s), (2.66)
ks (Peging — P, Peo, / Pa oK.
» (isooctane to H, and CO,) = — (P ”20 3C02/ ioKe)
Pio
(kmol C4H4 reacted/m?/s). (2.67)

They have calculated the equilibrium constants for these reactions by fitting the
preexponential factors and activation energy for each reaction shown in Table 2.18
in Arrhenius equation (Eq. 2.68). The variation of equilibrium constant with tem-
perature for these reactions is given in Equations 2.69-2.71, respectively:

k; = Aexp(—Ei/RT), (2.68)

K (isooctane to syngas) = 8.10x 10°(T')** exp(—202.3 kJ/mol/RT)(bar?), (2.69)

K (WGS)=9.01x10"°(T)"** exp(—43.6 kJ/mol /RT), (2.70)
K (isooctane to H, and CO,) = 4.93x10°(T)*® exp(~166.38 kJ/mol/RT)(bar?).

(2.71)

Table 2.18. Activation Energy and Preexponential Factor for the Steam Reforming of
Isooctane Used in the Simulation

Reaction Preexponential Factor (A) Activation Energy
(kJ/mol)

Iso-CgHys + 8H, — 17H, + 8CO 1.4 x 10" (kmol/m?*/s/bar’*) 240.1

CO + H,0 —» CO, + H, 25 (kmol/m?/s/bar) 67.1

Iso-CgH,s + 16H,O — 25H, + 8CO, 1.0 x 10" (kmol/m*/s/bar®7) 243.9
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Goud et al.'"*! studied the kinetics of deactivation of Pd/ZrO, catalyst in the
steam reforming of n-hexadecane. A first-order kinetic model, with first-order deac-
tivation rate, was used to obtain the best fit values for the reaction rate constant and
the deactivation rate constant as a function of S/C ratio, temperature, and sulfur
loading. They noticed that the reaction rate was enhanced by an increase in temp-
eratures and S/C ratios, but decreased by the presence of sulfur. The catalyst deac-
tivation was more rapid in the presence of sulfur, at low S/C ratios and at lower
temperatures.

The kinetics of partial oxidation, ATR, and dry reforming of liquid hydrocar-
bons have also been reported recently.'!** Pacheco et al.'>> developed and validated
a pseudo-homogeneous mathematical model for the ATR of isooctane and the
subsequent WGS reaction, based on the reaction kinetics and intraparticle mass
transfer resistance. They regressed the kinetic expressions from the literature for
partial oxidation and steam reforming reactions to determine the kinetics parameters
for the ATR of isooctane on Pt/ceria catalyst. The rate expressions used in the
reformer modeling and the parameters of these rate expressions are given in Tables
2.19 and 2.20, respectively.

Although the kinetics of reforming of pure paraffins may be satisfactorily rep-
resented by LHHW-type models, such models are difficult to apply for real fuels,
such as diesel or gasoline. For such complex systems, it may be more practical to
use pseudo-homogeneous kinetics. For example, hydrocarbon fuel components can
be lumped in groups with similar properties and kinetic behaviors; for example,
paraffins are also grouped into lumped reactions. However, the levels of simplifica-
tion must be carefully evaluated to make them consistent with the final aim of the
kinetic model.

2.3.5 Mechanism

The mechanism of steam reforming of higher hydrocarbons discussed in Section
2.2.2.3 is also valid for the steam reforming of liquid hydrocarbons as well. As noted,
the mechanism involves adsorption of the hydrocarbon on the catalyst surface fol-
lowed by the formation of C, species by the successive o-cleavage of the C—C bonds.
The steps involved in the steam reforming of higher hydrocarbons are also given in
Equations 2.29-2.37."%

2.3.6 Prereforming

Since liquid hydrocarbons consist of a complex mixture of heavier hydrocarbons,
aromatics, and olefins, they undergo severe carbon deposition and catalyst deactiva-
tion during reforming. The aromatics present in the fuel could hinder the overall
reforming rate by occupying the catalytic sites for a longer time due to 7-complexation
between the d-electrons of the metal and 7m-electrons of the aromatics. One way to
minimize the carbon deposition is to prereform the liquid hydrocarbons to produce
lighter gaseous mixture containing primarily CH,, H,, CO, CO,, and some C,-C,
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Table 2.20. Regression of Kinetic Parameters for the Rate Equations Given in
Table 2.19'%

Parameter Preexponential Factor (A) Activation Energy (kJ/mol)

k, (mol/gcat s bar?) 2.58 x 10® 166.0

k, (mol bar"¥/gcat s) 2.61 x 10° 240.1

ks (mol/gcat s bar?) 2.78 x 107 23.7

k4 (mol bar®¥/gcat s) 1.52 x 107 243.9

Ko (dimensionless) 1.57 x 10* 88.7 (heat of adsorption of water)

hydrocarbons and then reform the lighter gas mixture in the main reformer. This
prereforming process is typically carried out in lower temperatures between 400 and
550°C in an adiabatic fixed-bed reactor; that is, there is no external heat supply
during the reaction, upstream of the main reformer. The major reactions occurring
in the prereformer include an endothermic irreversible steam reforming reaction that
breaks the heavier hydrocarbons and aromatics into CH,, H,, and CO (Eq. 2.72),
followed by exothermic and equilibrium-driven exothermic methanation (Eq. 2.28)
and WGS reaction (Eq. 2.2), with the overall reaction being close to thermally
neutral:

CnHm+H,0 — H, + CO+CH, +CyHn. 2.72)

The major advantages of incorporating an adiabatic prereforming step in reform-
ing of high hydrocarbons include the following:

e The probability of carbon formation on the catalyst surface is significantly
decreased since no higher hydrocarbons are present in the feed.

* The main reformer can be operated at lower S/C ratios without any catalyst

deactivation due to coking. This can significantly reduce the energy necessary
for steam generation.

e The prereformer allows for greater feed temperatures to the main reformer,
thereby reducing the size of the latter.

* It provides feedstock flexibility because the prereformer can crack the heavier
hydrocarbons into lighter gaseous products to feed into the main reformer.

* The Ni-based catalyst typically used in the prereforming process can act as a
sulfur trap to remove traces of sulfur in the feed. This can improve the lifetime
of the catalyst in the main reformer and also the WGS catalyst used in the
downstream.

* Help using a cheaper catalyst in the main reformer.
* Because of all the above benefits, it could lower the capital investments.
A wide variety of fuels such as diesel, jet fuel, and NATO F-76 have been

reformed using adiabatic prereformers.'™ Since the prereforming process is gener-
ally carried out at low temperatures, the catalyst must be highly active. Industries
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Figure 2.16. Temperature profile for the adiabatic prereforming of jet fuel and diesel over Topsoe
RKNGR catalyst. Adapted from Rostrup-Nielsen et al.'

use the Ni-based catalysts typically for steam reforming of hydrocarbons for prere-
forming as well. Haldor Topsoe reported the use of the natural gas steam reforming
catalyst R-67-GR and the naphtha steam reforming catalyst RKNGR for the prere-
forming of diesel and jet fuel.'"” Over RKNGR catalyst, the deactivation rate when
using diesel was almost twice as that when using jet fuel because of a combined
gum formation and sulfur poisoning, while the deactivation when using jet fuel has
been related only to sulfur poisoning (Fig. 2.16). Christensen’s studies also reported
a similar observation on the prereforming of jet fuel and diesel over high surface
area Ni catalyst supported on MgO.'*

Noble metal-based supported catalysts have also been explored for the prere-
forming reactions. Suzuki and coworkers have reported the prereforming of kerosene
and LPG using Ru supported on Al,Os, La,0s, and CeO,~ALO;.">'5” Among them,
the CeO,-containing supports have been demonstrated to be superior than unmodi-
fied Al,O; support since they can further enhance catalyst activity and reduce carbon
formation.

Zheng et al.”® recently compared the catalytic performance of a commercial
Ni-based catalyst and a homemade Rh/CeO,—Al,O; containing about 2wt % Rh in
the prereforming of a surrogate jet fuel containing 80 wt % dodecane and 20wt %
aromatics. During 11h of onstream experiments on Ni-based catalyst, they observed
a drop in dodecane conversion from about 60% to about 15% within 3 h. They also
observed a gradual increase in system pressure due to carbon deposition on the cata-
lyst surface. On the other hand, the Rh/CeO,-Al,O; catalyst exhibited a sustained
activity of close to 100% conversion over a period of 20h and then started dropping
slowly to about 90% after about 70h of onstream. They have also noted distinctly

1]58
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different product distributions between these two different catalyst systems with
more H, over the Ni-based catalyst than over Rh-based catalyst. Based on these
observations, it has been concluded that the Ni-based catalyst catalyzes not only the
steam reforming reaction in the prereformer, but also cracking of dodecane or aro-
matics, which leads to carbon deposition and more hydrogen in the product.

2.4 STEAM REFORMING OF ALCOHOLS

Methanol and ethanol have been considered as promising fuels for generating H,,
especially for on-board fuel cell applications due to their easy availability, ability to
transport, and reaction simplicity.’>'?"'3-1% For example, both alcohols have high
H,-to-carbon ratio (H/C) of 4 and 3, respectively (Table 2.1). They could be syn-
thesized from renewable sources such as biomass and thus the ability to close the
carbon cycle.'*"'® Unlike hydrocarbon fuels, methanol and ethanol are free from
sulfur, and this avoids additional sulfur removal step in the fuel processing. In addi-
tion, methanol can be reformed at a lower temperature, around 300 °C, and this
makes the fuel processing relatively simple and less complicated. Furthermore,
unlike natural gas, which produces primarily syngas, reforming of methanol and
ethanol can in principle produce a mixture of H, and CO,, and this would also sim-
plify the downstream CO cleanup for fuel cells such as PEMFCs where CO is a
poison.

As discussed above in the reforming of hydrocarbon fuels, H, can be produced
from alcohol fuels by at least three major catalytic processes, namely steam reform-
ing, partial oxidation and ATR or oxidative steam reforming. The chemistry, ther-
modynamics, and recent developments in catalysis of methanol and ethanol reforming
with steam for H, production will be discussed in this section.

2.4.1 Steam Reforming of Methanol (SRM)

2.4.1.1 Chemistry

Hydrogen can be produced from methanol by decomposition, steam reforming,
partial oxidation, and oxidative steam reforming as shown in Equations 2.73-2.76,
respectively. Among them, the SRM is a well-developed process and known for the
past 20-30 years. The reaction is generally performed using over Cu-based catalysts
such as Cu—Zn0O-Al,0; methanol synthesis catalyst or noble metal-based supported
catalysts in the temperature range between 200 and 300 °C at atmospheric pressure.
An S/C ratio between 1 and 2 is typically used. Higher S/C ratio could favor the
WGS, which can reduce CO concentration in the product stream and can also help
in suppressing the carbon formation on the catalyst surface. The SRM process is
highly efficient as H, is coming from both methanol and water (Eq. 2.76). Yields
are typically high, with H, concentrations of 70%—75% in the product stream.
However, the reaction is highly endothermic and requires external heat supply. This
can be avoided by adding a stoichiometric amount of oxygen to the steam reforming
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process. In the presence of oxygen, the process combines the endothermic steam
reforming with exothermic partial oxidation reactions, thereby making the overall
process thermally neutral. Due to the flexibility to operate at a wide range of operat-
ing conditions, spanning from endothermic to exothermic by simply varying the ratio
of oxygen/steam (O/S) as shown in Equation 2.77, the reaction has been referred to
as oxidative steam reforming of methanol (OSRM).'*1¢*1-1% The process can
therefore be easily adapted to the requirements of the system at any given point of
operation. The low operating temperature and pressure and high H, production rate
are the unique features of the OSRM process, and consequently, this hydrogen
generation technique has recently gained an increased interest for use in mobile
applications.

1. Decomposition of methanol

CH;O0H(g) — 2H,(g)+CO(g);

(2.73)
2. SRM
CH;0H (g) + H,0(g) — 3H,(g) + CO,(g); (2.74)
AHSy; = +49.3 kJ/mol )
3. Partial oxidation of methanol
CH;OH(g)+0.50,(g) — 2H,(g)+ CO,(g); 2.75)
AH S =—192.5 kJ/mol ’
4. OSRM
e Using lower heating values (LHVs)
CH;0OH(g)+0.8H,0(g)+0.10,(g) — 2.8H,(g)+ CO,(g); 2.76)

AHS = +1.0 kJ/mol
 Using higher heating values (HHVs)
CH;0H (¢)+(1-20)H,0(£)+80,(g) —» (3—-20)H,(g)+CO,(g) (2.77)
If 6 =0.23, AH3s =—0.5 kJ/mol.

2.4.1.2 Thermodynamics

The thermodynamic parameters AH, AG, and the equilibrium constant (K) for SRM
and OSRM reactions are given in Tables 2.21 and 2.22, respectively. The AG®
values for these reactions are negative at all temperatures, implying that both steam
reforming and oxidative steam reforming reactions are thermodynamically favorable
even at room temperature. While the SRM reaction is endothermic, requiring exter-
nal heat supply, the OSRM reaction can be made thermally neutral or slightly
endothermic or slightly exothermic by adjusting the O/S ratio. The data shown in
Table 2.23 obtained by using HHVs of methanol and water indicate that under



Table 2.21. Thermodynamic Data for the Steam Reforming of Methanol:

CH;0OH(g) + H,0(g) — 3Hx(g) + COx(g)

Temperature (°C) AH® (kJ/mol) AG®° (kJ/mol) Log K
25 49.321 —3.484 0.61
50 50.471 -7.959 1.287
75 51.593 -12.522 1.879

100 52.683 —17.164 2.403

125 53.74 -21.879 2.871

150 54.763 —26.658 3.291

175 55.752 —31.498 3.672

200 56.707 -36.391 4.018

225 57.628 -41.334 4.335

250 58.516 —46.323 4.626

275 59.37 —51.353 4.894

300 60.191 -56.421 5.142

325 60.981 -61.525 5.373

350 61.739 —66.661 5.588

375 62.467 -71.827 5.789

400 63.166 —77.02 5.977

425 63.835 -82.239 6.154

450 64.477 —87.481 6.319

475 65.091 -92.745 6.476

500 65.679 -98.029 6.623

Table 2.22. Thermodynamic Data Using Lower Heating Values for the Oxidative Steam

Reforming of Methanol: CH;OH(g) + 0.8H,0(g) + 0.10,(g) — 2.8H,(g) + CO4(g)

Temperature (°C) AH® (kJ/mol) AG®° (kJ/mol) Log K
25 0.956 —49.2 8.62
50 2.056 —53.451 8.641
75 3.128 -57.786 8.671

100 4.17 -62.197 8.707

125 5.179 -66.676 8.748

150 6.155 -71.218 8.792

175 7.097 -75.817 8.838

200 8.006 —80.468 8.884

225 8.881 —85.165 8.931

250 9.723 -89.906 8.978

275 10.532 -94.686 9.024

300 11.309 -99.502 9.069

325 12.055 -104.352 9.114

350 12.77 —109.232 9.157

375 13.455 -114.14 9.199

400 14.111 —119.074 9.241

425 14.739 —124.032 9.281

450 15.339 —129.012 9.32

475 15.913 -134.013 9.357

500 16.461 —139.032 9.394
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Table 2.23. Thermodynamic Data Using Higher Heating Values for the Oxidative Steam
Reforming of Methanol: CH;OH(I) + 0.54H,0(1) + 0.230,(g) — 2.54H,(g) + CO,(g)

Temperature (°C) AH® (kJ/mol) AG°® (kJ/mol) Log K
25 -0.46 —100.055 17.531
50 —0.942 —108.387 17.521
75 -1.56 -116.677 17.507

100 -2.354 —124.917 17.488

125 -3.366 —133.097 17.463

150 —4.64 —141.205 17.432

175 -6.222 —149.229 17.395

200 —-8.158 —157.155 17.351

225 —10.498 —164.969 17.3

250 -13.293 —172.654 17.24

275 —-16.603 —180.194 17.173

300 -20.49 —187.57 17.096

325 -25.059 —194.763 17.009

350 -30.344 —201.749 16.913

375 -36.249 -208.51 16.805

400 -42.815 -215.032 16.687

425 -50.084 -221.297 16.559

450 —58.096 —227.288 16.419

475 —66.895 —232.989 16.268

500 -76.522 —238.383 16.107

adiabatic operating conditions, a higher O/S ratio would be required to make the
overall process thermally neutral. The effect of temperature on equilibrium composi-
tions in SRM and OSRM are shown in Figure 2.17. Higher temperatures favor the
formation of large amount of CO probably due to the RWGS reaction.

2.4.1.3 Catalysts

The catalysts used for the SRM can be broadly classified into (a) Cu-based catalysts
and (b) noble metal-based catalysts.’**"-'¢>1¢+1% Since the methanol reforming reac-
tion is the reverse of the methanol synthesis reaction from syngas, the commercial
Cu/ZnO-Al,0; methanol synthesis and WGS catalysts are active for the methanol
reforming reaction as well. Because metallic copper is the active site in these reac-
tions, a good catalyst formulation should contain highly dispersed Cu metal particles.
The ZnO in the catalyst formulation is to act as a textural support in segregating Cu,
which is highly susceptible for sintering. Al,O; serves as a high surface area support
for Cu. It helps in improving Cu metal dispersion and decreases the susceptibility
of copper sintering. The performance of the Cu/ZnO-ALO; catalysts in methanol
reforming could be further improved by improving the CuO reducibility and Cu
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Figure 2.17. Effect of temperature on equilibrium compositions in steam reforming and oxidative
steam reforming of methanol for H, production.

metal dispersions that could be achieved by changing the way the catalysts are
synthesized and also by modifying the chemical compositions. As an example, Velu
et al.'“'7717® showed that Cu/ZnO-Al,O; catalysts prepared via hydrotalcite (also
known as layered double hydroxide or anionic clay) precursors by coprecipitation
is highly active in methanol reforming reactions. Later, Murcia-Mascarés et al.'”
also reported the use of Cu/ZnO-Al,O; mixed oxide catalysts derived from
hydrotalcite precursors prepared by urea hydrolysis for the OSRM. Shishido et al.'”
prepared similar Cu/ZnO-Al,O; catalysts by homogeneous precipitation method by
urea hydrolysis. The high activity of the catalyst in SRM has been attributed to
improvements in Cu metal dispersions with high accessibility to methanol and
steam.

Substitution of AL,O; in the Cu/ZnO-Al,O; formulation by an oxide ion-
conducting material such as ZrO,, CeO,, La,0;, and Y,0; has been found to improve
the catalytic performance in SRM and OSRM reactions.'**!”"-"*1% Table 2.24 sum-
marizes the compositions of CuZnAlZr oxide (Cu/ZnO-Al,05) catalysts with various
Cu:Zn:Al:Zr ratios synthesized by coprecipitation via hydrotalcite-like precursors.
The results indicate that the Cu metal surface area and dispersion increased when
Al in the Cu/ZnO-Al,O; formulation (CuZnAl-4) is either partially (CuZnAlZr-6)
or completely replaced by Zr (CuZnZr-7). Substitution of Al by Zr also improves
the CuO reducibility as can be seen in Figure 2.18. The improved CuO reducibility,
Cu metal surface area, and dispersion achieved by substituting Al by Zr in the
Cu/ZnO-Al,0; formulation also improves the catalytic performance (improved
methanol conversion and hydrogen production rate and a lower CO selectivity) in
OSRM for H, production as illustrated in Figure 2.19. X-ray absorption near edge
structure (XANES) and extended X-ray absorption fine structure (EXAFS) studies
have shown the formation of a Cu—Zr bond (Fig. 2.20)."*” Such CuO-ZrO, interac-
tion has been found to improve the CuO reducibility, which in turn improved the
catalytic performance of ZrO,-containing catalysts. Time-on-stream experimental
results, however, indicated that the catalyst CuZnAlZr-6 containing both Al and Zr
is much more stable compared with the CuZnZr-7 without Al, which undergoes slow
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Table 2.24. Physicochemical Properties of CuZnAl(Zr) Oxide Catalysts Tested in the

Oxidative Steam Reforming of Methanol'”’

Catalyst Metal Composition (wt %)* BET Characteristics of
SurfaceArea Metallic Copper”
(m?/g)
Cu Zn Al Zr SA (m%g) t(mm) D (%)
CuZnAl-1 353 441 206 0.0 56 24.9 14.5 10.8
CuZnAl-2 36.7 480 153 0.0 71 32.0 11.8 13.4
CuZnAl-3 393 489 11.8 0.0 84 34.0 11.9 13.3
CuZnAl-4 37.6  50.7 11.7 0.0 108 344 11.2 14.1
CuZnAl-5 379 53.0 9.1 0.0 54 37.3 10.4 15.1
CuZnAlZr-6 359 447 5.1 143 65 41.0 9.0 17.5
CuZnZr-7 323 405 0.0 272 59 43.8 7.6 20.8

“Determined by X-ray fluorescence spectroscopy.

"Determined by CO chemisorption on reduced catalysts.

SA, surface area; t, crystallite size; D, dispersion.

H,/Cu®*
(mol/mol)

CuzZnAl-4 0.93

CuZnAlZr-6

Detector response (arb. units)

CuzZnZr-7 0.98

I I I I
0 100 200 300 400

Temperature (°C)

Figure 2.18. Temperature-programmed reduction profiles of CuZnAlZr oxide catalysts for

oxidative steam reforming of methanol. Note that a gradual shift in peak maximum toward lower

temperatures, when Al is substituted by Zr, indicates an improvement in CuO reducibility upon Al
substitution by Zr in the Cu/ZnO-Al,O5 formulation. Adapted from Velu et al.'”’
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deactivation. Breen and Ross' and Navarro et al.'® also observed similar results.
The added Al stabilizes the zirconia in its amorphous phase under the experimental
conditions.

Agrell et al.'"® observed a higher turnover frequency (TOF) for the SRM and
OSRM for H, production over Cu/ZnO catalysts promoted by ZrO, compared with
the catalysts without ZrO, promotion (Fig. 2.21). Matter et al. reported that the Cu/
ZnO catalyst promoted by ZrO, could be used in the SRM without even prereduc-
tion, while the Al,Os;-promoted catalyst requires prereduction to achieve an optimal
activity.'®® The ability to use the unreduced Cu-based catalysts in methanol reform-
ing can avoid the issue of phyrophorisity. Oguchi et al.'®? reported that the addition
of ZrO, in Cu/CeO, catalyst improves the catalytic performance and stability for the
SRM for H, production. The best weight ratio of CuO/CeO,/ZrO, was found to be
8:1:1. According to these authors, the added ZrO, improves the reducibility of CuO
to form Cu,O and the existence of such synergistic interaction improves the catalytic
performance of these catalysts. Clancy et al." recently reported that the catalytic
activity and stability of Cu/ZrO, catalyst in the SRM can be further improved by
doping 20mol % of Y,0;. A threefold increase in Cu metal surface area has been
observed by Y,O; doping. Although the Cu-based catalysts are highly active in
methanol reforming reactions, they are phyrophoric and susceptible for thermal
sintering leading to catalyst deactivation during onstream operation.

Pd/ZnO catalysts have also been reported recently as an alternative to Cu-based
catalysts for the reforming of methanol for H, production because they have been
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Figure 2.21. Turnover frequencies (TOFs) for the steam reforming of methanol over Cu/ZnO
catalysts promoted by ZrO, and/or Al,O;. Note that the catalyst promoted by ZrO, exhibits the highest
TOF. Adapted from Agrell et al.'
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considered to be less susceptible for thermal sintering.'¢*!701711731907193 Ty aqq
et al."*' and Takezawa and Iwasa'’ first reported that Pd supported on ZnO and
prereduced above 300 °C has exceptionally high activity and selectivity to H, and
CO,. Spectroscopic studies have shown the formation of PdZn alloy phase under
reduction conditions over 300 °C in these catalysts and the formation of such an alloy
phase is critical for the selectivity of the methanol reforming reaction to produce H,
and CO,. Studies on other group VIII metals such as Co, Ni, Ru, Ir, and Pt on various
supports such as ZnO, InO,, and Ga,0; have indicated that only Pd and Pt can form
alloy on these supports and that the PdZnO catalyst system is the most active and
selective for methanol reforming for H, production than the PtZnO system.'*>'*

The catalyst preparation method, Pd loading, and the type of support have
major impact on the physicochemical properties and activity of these
catalysts, 7163 17017LITS198208 The P7ZnO catalysts are generally prepared by impreg-
nation of Pd salts on ZnO. The use of highly acidic Pd nitrate aqueous precursors
alters the porosity and crystalline structure. This can be avoided by using organic
precursors such as Pd acetate. The Pd loading in these catalyst systems is over
5wt %. Increased methanol conversion and decreased CO selectivity is generally
observed with increasing Pd loading. This is due to the formation of PdZn alloy
phase, which is prevalent at higher Pd loading. Liu et al."’*!""'"* compared the cata-
Iytic performance of PdZnO catalysts prepared by impregnation and coprecipitation.
They prepared PdZnO catalysts with Pd loadings between 1 and 45wt % by these
two methods and found that coprecipitation method offers better catalytic perfor-
mance when the Pd loading exceeds 5wt %. The sizes of both ZnO and PdZn alloy
crystallite size affects the catalytic performance.

Karim et al.' reported the effect of crystallite size and alloy formation on
catalytic performance of PdZnO system containing about 15wt % Pd prepared by
coprecipitation method. They observed a lower selectivity for CO, in SRM when
small crystallites were formed (1.5nm). These small particles were thought to be
metallic Pd that was eventually alloyed with Zn upon increasing reduction tempera-
ture, resulting in increased selectivity for CO,. They also reported that larger PdZn
particles did not adversely affect the catalytic activity. Dagle et al.'** also recently
reported that while the smaller PdZn crystallite size produce more CO, the large-
sized PdZn crystallites dramatically suppress CO selectivity still exhibiting high
activity for methanol steam reforming.

Conant et al.'”® recently reported that the activity of PdZn catalyst could
be significantly improved by supporting them on alumina. They showed that the
Pd/ZnO/Al,0; catalysts have a better long-term stability compared with a commer-
cial Cu—ZnO-ALO; catalyst, and that the former catalysts are stable under redox
cycling. They also observed that reduction at higher temperatures (>420°C) leads
to Zn loss from the alloy nanoparticle surface resulting in a reduced catalytic activ-
ity. Lenarda et al."”! prepared PdZn/Al,O; catalyst by depositing Pd acetate on an
organized mesoporous alumina, followed by prereduction at room temperature with
a zinc borohydrate solution. By this procedure, it is possible to obtain intimately
interacting Pd—Zn species that easily generates the 1:1 Pd/Zn alloy when reduced at
500°C. Chen et al.'"” reported the use of a wall-coated, highly active PdZn/CuZnAl
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mixed catalyst for the OSRM in a microchannel reactor. High H, yields in the OSRM
reaction was also observed in a microchannel reactor by Lyubovsky and Roychoud-
hury et al.”® Suwa et al.”* reported the performance of various supported Pd/ZnO-
based catalysts. Although much more stable than Cu-based catalysts, deactivation
of PdZn catalysts was reported. The deactivation could be reduced by supporting
PdZn on a carbon support.

Researchers at the Pacific Northwest National Laboratory have explored the
Pd/ZnO catalysts extensively and developed microchannel reactors for the reforming
of methanol for H, production for portable fuel cell applications. Their research
works have been published in recent reviews. 165192

Although the PdZnO catalysts are more stable compared with CuZn-based cata-
lysts in methanol reforming reactions, the requirement of a high Pd loading (over
5wt %) and the high cost of noble metals may prohibit their use in large-scale mobile
applications. Cu-based catalysts with robust formulations such as those containing
Zr0O,, Ce0,, La,0s, and Y,0; that could improve the thermal stability of Cu-based
catalysts may be potential catalyst candidates for large-scale applications. Loading
a small amount of Pd (up to 1 wt %) on Cu-based catalysts can also reduce its pyro-
phoricity and improve thermal stability during onstream operation in SRM and
OSRM reactions. The CuPd bimetallic catalysts are more stable than the Cu-based
catalysts in oxygen-assisted WGS reaction.””

2.4.1.4 Kinetics and Mechanism

Two different reaction pathways for the SRM over Cu-based catalysts have been
suggested in the literature. One is methanol decomposition followed by WGS reac-
tion to form H, and CO, (pathway I), and the other is methanol dehydrogenation
to formaldehydeyde/methylformate to formic acid followed by decomposition to H,
and CO, (pathway II). These two reaction pathways are shown schematically in
Figure 2.22. Since CO is the primary reaction product in pathway I, the CO concen-
trations in the product should be at least equal to or greater than the concentration
of WGS equilibrium. However, experimental studies showed that the concentration
of CO was much less than the equilibrium values. Spectroscopic and kinetic studies
have shown that the reaction between methanol and water occurs directly to produce
CO, and H,, and consequently, the methyl formate reaction route (pathway II) has
been suggested. Diffuse reflectance infrared Fourier transform (DRIFT) spectro-
scopic study of Frank et al.'®® recently showed that the catalyst surface is dominated
by methoxy and formate species. Based on the observed results, they concluded that
the dehydrogenation of methoxy groups in methanol is the RDS in SRM over various
Cu-based catalysts.

The SRM reaction over Pd/ZnO catalysts also follows pathway II, producing
formaldehyde and formate species followed by decomposition into H, and CO..
This is especially true when Pd is alloyed with Zn. On the other hand, the
formaldehyde species first formed from methanol by dehydrogenation undergoes
decomposition to produce CO and H, when Pd is present in metallic state. This
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Figure 2.22. Proposed reaction pathways for the steam reforming of methanol over Cu-based and

Pd/ZnO-based catalysts. (a) Methanol decomposition followed by water-gas shift reaction. (b)
Methanol dehydrogenation to formaldehyde/methylformate route.

difference in selectivity of Pd metal and PdZn alloy has been attributed to the dif-
ference in reactivity of the formaldehyde intermediate formed over these catalyst
surfaces. Spectroscopic studies have shown that the structure of aldehyde species
adsorbed on Cu surface is greatly different from that on group VIII metals such as
Pd.'® On Cu surface, the aldehyde species are adsorbed preferentially in an 1'(O)
structure (the oxygen in the carbonyl, C=0, is bonded to the Cu surface, retaining
its double bond structure). On the other hand, the aldehyde species on group VIII
metals are adsorbed as an 17°(CO) structure (the carbon looses its double bond and
adsorbs to the metal surface as does the oxygen). Thus, on Cu surfaces, the alde-
hyde species preserve its molecular identity and hence undergo reaction with water
to produce formate species, which upon decomposition produces H, and CO,,
whereas on group VIII metals, the bonds are ruptured to produce CO and H,.
Hence, the Pd/ZnO catalysts mimic the performance of Cu-based catalysts when
Pd and Zn are alloyed.

The rate of the SRM over a commercial Cu/ZnO/Al,O; catalyst depends on the
partial pressures of methanol and hydrogen. This indicates that the partial pressure
terms of other components in the reaction mixture may not appear in the rate expres-
sion and that the adsorption of components other than methanol and hydrogen is
insignificant. Based on these observations, and Langmuir adsorption isotherm, Frank
et al."®® showed the surface-adsorbed species involved in the SRM as illustrated in
Figure 2.23. Accordingly, two kinds of active sites, namely S, and Sg, exist on the
catalyst surface. Adsorption of the methoxy species occurs on S, while hydrogen
occurs on Sg. Dehydrogenation of the adsorbed methoxy species to the adsorbed
oxymethylene species is the RDS. The microkinetic rate equation for the SRM reac-
tion is given Equation 2.78,

_ (kMDHCSTACsTBK*CHso(A))(PCHsoH /PI(E)
(Methoxy + hydroxy + formate + carbon dioxide)(1+ Ky, pii3)’

(2.78)

MDH
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where the terms, methoxy, hydroxy, formate, and carbon dioxide are given as
follows:

e methoxy =1+ K*cus0(a) (Pcmom)/l’gg) s
* hydroxy = K*oua) (Pr20o /P?{g) ,
o formate = K*uco0(a)Pco2Piia » and

e carbon dioxide = KCOZ(A)pCOZ-

Ky is the rate constant and Cq, and Cgy, are the total concentrations of the type
A and type B adsorption sites, respectively.

Equation 2.78 predicts that the rate of SRM reaction can be determined mainly
by the partial pressure of methanol. For water, the rate shows a weak reverse depen-
dence. The adsorption of carbon dioxide is competitive to that of methanol, water,
and the oxygenate intermediates and thereby inhibiting the overall reaction. The
apparent activation energy calculated based on these kinetic studies for various Cu-
based catalysts are in the range between 70 and 90kJ/mol. The rate expressions and
activation energies for the SRM reaction over a few Cu-based catalysts reported in
the recent literature are summarized in Table 2.25.'8%210-213

Recently, Patel and Pant have developed a kinetic model for the OSRM reaction
over Cu/ZnO/Ce0,/Al,0O; catalysts using the LH approach.?'* Their kinetic model
for the OSRM reaction incorporates methanol partial oxidation, SRM, and RWGS
reactions. Similar to that discussed above for the SRM reaction, they also considered
the involvement of two different kinds of active sites on the catalyst surface: one
for the adsorption of species containing carbon and oxygen and the other for the
adsorption of hydrogen. The kinetic model based on the formation of formate species
from oxymethylene as the RDS for methanol partial oxidation, dissociation of formic
acid as the RDS for methanol reforming reaction, and the formation of adsorbed CO
and surface hydroxyls from formate as an RDS of RWGS reaction has shown a good
fit between experimental and predicted data.

2.4.2 Steam Reforming of Ethanol (SRE)

2.4.2.1 Chemistry

Similar to the methanol reforming methods discussed in Section 2.4.1, hydrogen can
also be produced from ethanol by steam reforming (Eq. 2.79), partial oxidation (Eq.
2.80), and oxidative steam reforming or ATR (Egs. 2.81 and 2.82). Among them,
the SRE has been studied extensively.

1. SRE
CH,;CH,0H(g)+3H,0(g) — 6H,(g)+2CO,(g) 2.79)
AH%s = +173.3 kJ/mol
2. Partial oxidation of ethanol (POE)
CH;CH,0H(g)+1.50,(g) — 3H,(g)+2CO0O,(g) (2.80)

AH% = —552 kJ/mol
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3. Oxidative steam reforming of ethanol (OSRE)
e Using LHVs

CH,CH,OH (g) +2.28H,0(g) +0.360, (2) — 5.28H, () + 2CO, (g) (2.81)
AH;gg = 0 kJ/mOl

» Using HHVs

CH,CH,OH (1) +1.78H,0 (1) + 0.610, (g) — 4.78H, (2) + 2CO, (g)  (2.82)
AHZOQS = 0.0 kJ/mOl

The SRE process involves the reaction between ethanol and water over a
metal catalyst capable of breaking the C—C bond in ethanol to produce a mixture
of H, and CO,. The reaction is highly endothermic with a standard enthalpy,
AH3%s =+173.3 kJ/mol of ethanol and occurs at relatively higher temperatures,
typically between 300 and 800 °C. This reaction is considered as a combination of
SRE to syngas (Eq. 2.83) followed by WGS (Eq. 2.2). Although a steam-to-ethanol
(H,O/EtOH) molar ratio of 3 is stoichiometrically required (see Eq. 2.79), higher
H,O/EtOH molar ratios, even up to 20, have been used because the actual bioethanol
or the crude ethanol (fermentation broth) contains about 12vol % of ethanol and
about 86vol % of water (H,O/EtOH molar ratio about 18) together with traces of
impurities such as lactic acid and glycerol.'®” Thus, the use of high H,O/EtOH ratios
has been considered advantageous, as it can minimize the cost of ethanol distillation.
Also, the excess of water can contribute to WGS reaction to shift the CO formed by
the steam reforming reaction and/or by ethanol decomposition (Eq. 2.84) into CO,
and an additional mole of H,. Although a high H,O/EtOH molar ratio is advanta-
geous, the use of higher H,O/EtOH molar ratio in the SRE reaction will be limited
by the energy cost of the system. A higher H,O/EtOH molar ratio represents a higher
energy cost because of the extra steam to be generated. Adding a small amount of
oxygen (or air) in the steam reforming reaction can initiate the exothermic POE, and
as a consequence, the overall reaction will either be thermally neutral, endothermic,
or exothermic, depending on the amount of oxygen added in the reaction (Egs. 2.81
and 2.82).

CH;CH,0H(g)+H,0(g) — 4H,(g)+2CO(g)

AH 5 = +255.5 kJ/mol (283)
Equation 2.2:
CO(g)+H,0(g) > CO,(g)+H.(g)
* Decomposition of ethanol (DCE)
CH,CH,0H(g) — H,(g)+CO(g)+ CH,(g) (2.84)

AH;gg = +497 kJ/mOl
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2.4.2.2 Thermodynamics

The variation of free energy AG° values with respect to temperature for the
SRE and accompanying reactions are shown in Figure 2.24. The values for the SRE
reactions to produce syngas (line 1) and H, and CO, (line 6) become more negative
above 200°C, implying that these reactions are thermodynamically favorable with
increasing temperature. However, several other competing reactions of ethanol,
namely DCE to CH,, CO, and H,, (Eq. 2.84), dehydrogenation to acetaldehyde
(Eq. 2.85), and dehydration to ethylene (Eq. 2.86) shown in lines 5, 3, and 4, respec-
tively, in Figure 2.24 can also occur in parallel at lower temperatures, below 350 °C.
DCE to CH,, CO, and H, is a highly facile reaction and can occur even at room
temperature (line 5).

CH;CH,0H (g) — H,(g)+ CH;CHO(g)

AH%ys =+68.4 kJ/mol
CH;CH,0H (g) —» CH,CH, (g)+H,0(g)

AHS = +45.4 kJ/mol

(2.85)

(2.86)

The free energy changes for the reforming of acetaldehyde, ethylene, and CH,,
which could be formed as intermediates during the SRE reactions as discussed
above, are shown in Figure 2.25. As can be seen, the decomposition of acetaldehyde
to CH, and CO (line 2; Eq. 2.87 is favorable at room temperature, while a tempera-
ture of above 250°C is required for the steam reforming of acetaldehyde (lines 3
and 5; Egs. 2.88 and 2.89) and steam reforming of ethylene (line 4; Eq. 2.90). On

100
01
§—100j
2 ]
g i
3 —200j 1.
1 2.C =H, + CO,
] 3.C,Hs0H = CH,CHO + H,
—8007 4.C,H;OH = C,H, + H,0
1 5. C,HsOH =H, + CH, + CO
1 6. C,HsOH + 3H,0 = 6H, + 2CO,
_400 rrrYrrrrTrrTrTTTTTTTTTT YT T T T T T T T T T T T T T T T T T T

100 200 300 400 500 600 700 800 900 1000
Temperature (°C)
Figure 2.24. Free energy changes in the steam reforming, decomposition, dehydrogenation, and
dehydration of ethanol. The data for water-gas shift reaction are also included. Adapted from Velu and
Song.'"’
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150

11. CH, + H,0 =3H,+C

12. CHyCHO =CH, + CO
~35013. CH,CHO + H,0 = 3H, + 2CO

14.C,H, +2H,0  =4H, +2CO

450 18- CHsCHO + 3H,0 = 5H, + 2CO,
100 200 300 400 500 600 700 800 900 1000

Temperature (°C)

Figure 2.25. Free energy changes in the steam reforming of acetaldehyde, ethylene, and methane.
167

Adapted from Velu and Song.

the other hand, the SMR reaction (line 1) requires a high temperature, above
650°C as discussed in Section 2.2. The WGS reaction to shift the CO formed in
these reactions into CO, is favorable only at low temperatures, below 500 °C (AG®
at 500°C = —10.4kJ/mol) and will go to completion around 150°C (AG° at
150°C = -23.5kJ/mol). Above this temperature, the equilibrium will work against
it and a significant amount of CO will remain unconverted.

CH;CHO(g) — CH,4(g)+CO(g)
AH%ys = —18.8 kJ/mol (2.87)
AGSs = —54.5 kJ /mol
CH;CHO(g)+H,0(g) = 3H,(g)+2CO(g)
AHS = +187.1 kJ/mol (2.88)
AG3ys = +87.5 kJ/mol
CH;CHO(g)+3H,0(g) — SH,(g) +2CO,(g)
AHS%s = +104.8 kJ/mol (2.89)
AG3ys =+30.3 kJ/mol
CH,CH,(g)+H,0(g) — 4H,(g)+2CO(g)
AH % =+210.2 kJ/mol (2.90)
AG% = +114.5 kI/mol

Thus, the thermodynamic analysis suggests that the SRE into H, and CO, is
thermodynamically favorable above 200°C. A mixture of H,, CO,, CO, and CH,
will be produced at lower temperatures, below 400°C. The CH, formed will be
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80

_CH, Steam reforming of ethanol
N~
70 - N i

60-; \

50-; \

H,O/EtOH = 3
P =1 atm

40 1
30 1

20

10 1

Equilibrium composition on dry basis (mol %)

0]
100 200 300 400 500 600 700 800 900 1000
Temperature (°C)
Figure 2.26. Thermodynamic equilibrium compositions on dry basis for the steam reforming of
ethanol. All species are in gas phase. Initial concentrations of CO, CH,, and CH;CHO are taken as

zero in the calculation. Adapted from Velu and Song.'®’

subsequently reformed into syngas at higher temperatures, above 650°C. The ther-
modynamics become much more favorable under oxidative reforming conditions.
The equilibrium compositions (on the dry basis) of the SRE reaction calculated
using H,O/EtOH molar ratio of 3 at 1 atm pressure is shown in Figure 2.26. Calcula-
tions were performed assuming only EtOH(g) and H,O(g) as reactants and H(g)
and CO,(g) as products. The initial concentrations of other possible products, namely
CO, CH,, and CH;CHO in gas phase were taken as zero, but they were allowed to
form in the equilibrium calculations. The results indicate that the SRE reaction can
produce H,, CO, CO,, and CH, as favorable products with CH, being predominant
at lower temperatures, because of the decomposition reaction, and H, at higher
temperatures. CH, is an undesirable by-product because it reduces the H, yield
dramatically. As predicted from the change in free energy, a maximum H, yield of
about 70% could be obtained above 650°C because at this temperature, the CH,
formed initially by the decomposition of ethanol and/or acetaldehyde can be sub-
sequently steam reformed to produce syngas (Fig. 2.25). Thus, the exit composition
of SRE at higher temperature should be close to that of the SMR reaction. It should
be noted that, high temperature also favors the formation of a large amount of
CO of over 20mol %, while the yield of CO, decreases to about 10mol % as the
equilibrium limits the WGS reaction at high temperatures. However, the presence
of even traces of CO is a poison to PEMFCs, and consequently, the high temperature
steam reforming process would require multistage downstream CO cleanup
processes consisting of WGS, Prox, methanation reactions and/or membrane/PSA,
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and so on. Thus, a highly selective catalyst that can reform ethanol directly into H,
and CO, at relatively lower temperatures needs to be identified.

Thermodynamic equilibrium calculations for the SRE reaction have also been
performed at different H,O/EtOH ratios and different pressures.'*2'3*'® The analy-
ses indicate that the formation of undesirable by-products such as CH, and CO could
be minimized by performing the reaction with higher H,O/EtOH ratios and under
low pressure, preferably at 1atm. The increase in the total pressure leads to a
decrease in the H, and CO, yields while the equilibrium composition of CH,
increases. Thus, it is desirable to perform the reaction at atmospheric pressure,
although high pressure reforming has the advantage of easy integration of the
reformer with H, separation using membranes.”

Recently, Comas et al.*'® performed the thermodynamic analysis of the SRE
reaction in the presence of CaO as a CO, sorbent. The equilibrium calculations
indicate that the presence of CaO in the ethanol steam reforming reactor enhances
the H, yield while reducing the CO concentrations in the outlet of the reformer.
Furthermore, the temperature range at which maximum H, yield could be obtained
also shifts from above 700 °C for the conventional steam reforming reaction without
CaO to below 700°C, typically around 500 °C in the presence of CaO. It appears
that the presence of CaO along with ethanol reforming catalyst shift the WGS equi-
librium in the forward direction and converts more CO into CO, that will be simul-
taneously removed by CaO by adsorption.

Figure 2.27 depicts the equilibrium compositions for the OSRE reaction calcu-
lated for H,O/EtOH and O,/EtOH stoichiometries shown in Equation 2.81. A

707 CH, Oxidative steam reforming of ethanol H,
2 TT~<
S . N
~§.6O: \
§ 50_3 \ 0,/EtOH = 0.36
o ] \ H,O/EtOH = 2.28
- ] \ P=1atm
© ]
S 40 \
S 1 _CO, \
= E TT~o
% 30 N CO .
o ] N PP
g ] \‘\ -
© 20 e
= ] \ L«
S ] NS
é_ 10'_ "'\ \\\\\_
i ] R AN
O-""I""I""-I:""I""I"'}""I""I""

100 200 300 400 500 600 700 800 900 1000
Temperature (°C)

Figure 2.27. Thermodynamic equilibrium compositions on dry basis for the oxidative steam
reforming of ethanol. All species are in gas phase. Initial concentrations of CO, CH,, and CH;CHO are
taken as zero in the calculation. Adapted from Velu and Song.'®’
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maximum yield of H, could be attained in the OSRE reaction above 600 °C because
CH,, if formed as an intermediate by ethanol decomposition, could be completely
converted into syngas above this temperature.'®’ The participation of RWGS reaction
at high temperature leads to an increase in CO composition above 400°C with a
concomitant decrease in the composition of CO,. Thus, at higher operating tem-
peratures of above 600 °C, the system would produce mainly syngas rather than a
mixture of H, and CO,. A comparison of equilibrium compositions of SRE and
OSRE reactions indicates that the maximum yield of H, (about 65%) is slightly less
in OSRE compared with what could be obtained in the SRE (about 70%) due to the
participation of steam in the overall reaction. Thus, thermodynamic analyses suggest
that when a mixture of ethanol, steam, and O, with an appropriate H,O/EtOH and
O,/EtOH ratios is passed through a catalyst bed in the temperature range between
200 and 900 °C, OSRE reaction occur to produce H, and CO/CO, as major products
with maximum H, yield above 600°C, if CH, is formed as an intermediate. A
catalyst that has a high selectivity (fast kinetics) for ethanol reforming and poor
selectivity (slow kinetics) for ethanol decomposition to CH, could produce H, and
CO, in the OSRE reaction at relatively lower temperatures.

2.4.2.3 Catalysts

Compared with methanol, the simplest homologue in the alcohol series, ethanol has
an additional carbon with a C—C bond energy of about 330kJ/mol, making it more
complicated to reform into H, and carbon oxides, because the reaction involves C—C
bond rupture in addition to the cleavage of C—H bonds. Furthermore, as discussed
above, several competing reactions, namely ethanol decomposition to CH,, dehy-
drogenation to acetaldehyde, and dehydration to ethylene are also thermodynami-
cally favorable to produce several undesirable by-products. An ideal catalyst should
therefore favor only ethanol reforming to produce H, and carbon oxides rather than
ethanol decomposition and/or dehydration reactions.

A wide variety of catalysts containing base metals, such as Cu, Ni, and Co, or
noble metals, such as Rh, Pt, Ru, Pd, and Ir, have been investigated in the SRE. The
type of catalysts used, reaction operating conditions employed, and the main results
obtained are summarized in Tables 2.26 and 2.27.2°?% A closer look at the literature
reveals that among the catalysts explored, those containing Rh, Ni, or Co exhibit
better performance, and these are the most extensively studied catalytic systems.
Both Rh and Ni metals have been reported to be capable of breaking C—C and C-H
bonds in ethanol. Addition of a second metal that has hydrogenation activity could
help in recombining the atomic H to form a molecular H,. Thus, a series of bimetallic
catalysts such as RhPt, RhPd, and RhRu supported on CeO,/ZrO, have been found
to be more active than respective monometallic catalysts,?*>2%

The nature of support also plays a critical role in catalytic performance. Acidic
supports such as Al,O; favors the dehydration of ethanol to produce ethylene, which
leads to carbon deposition on the catalyst surface.?***%**% The carbon deposition
can be minimized over basic supports such as MgO.?>*!258239 However, these
supports also favor condensation of alcohols to higher oxygenates.”® Interestingly,
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94 Chapter 2 Catalytic Steam Reforming Technology

redox supports such as CeO,, ZrO,, and CeO,—ZrO, mixed oxides have been found
to be highly favorable for ethanol reforming and WGS reactions to produce high
yields Of H2.240,242,252,255,256,259,260

Some of these catalysts are capable of catalyzing SRE reaction at lower
temperatures, below 450°C, to directly produce H, and CO, with only traces of
undesirable by-products such as CO, CH,, and acetaldehyde. A few selected cata-
lysts for the low-temperature SRE are listed in Table 2.28. As can be seen, cobalt
metal supported on ZnO or Rh supported on ZrO, or CeO,~ZrO, mixed oxides is
highly favorable for SRE reaction to produce H, and CO, at low temperatures.
Among them, Co/ZnO catalyst prepared using cobalt carbonyl complex as a precur-
sor of cobalt exhibits high H, and CO, yields at very low temperature, around 350 °C.
Such a catalytic process is highly attractive because it produces CO-free H, suitable
for PEMFCs.

Table 2.28. Selected Best Performing Catalysts for the Low-Temperature Steam
Reforming of Ethanol (SRE) Reaction®

Catalyst Temperature H,/EtOH Exit Composition (Dry Reference
(°C) Converted® Basis, %)°

H, CO CO, CH,

Co/ZnO 350 2.5 73.4 - 25 1.6  Llorca et al.*®
Co/ZnO* 450 - 71.3 - 20.2 0.8  Freni et al.**°
Co/ZnO* 400 - 70.3 - 19.8 0.2 Batista et al.>*
Co/Si0,° 400 - 70.0 <1 20.0 8.0  Frusteri et al.>*
Rb/ZrO, 450 - 71.1 2.1 203 ND Aupretre et al.”*
Rh/CeO, 450 43 NA 2.8 16.0 6.3  Zhang et al.”*
—7Zr0O,
Rh/CeO, 450 - 71.7 2.1 202 6.0 Galvita et al.>®
-7Zr0O,
Cu/CeO,’ 320 - ~63 - 16.2" - Duan and
Senkan®"!
Ni/AlL,O4# 400 - 70.5 6.0 122 11.3  Morgenstern
and
Fornango®*

“Detailed experimental conditions are described in Table 2.26.
PRatio of number of moles of H, formed per mole of ethanol converted.

“Approximate exit compositions close to 100% ethanol conversion as the data are extracted from
respective figures.

“Traces of ethylene (below 2%) was also observed.

°Ethanol conversion over 70%.

Acetaldehyde and acetone were also observed with a selectivity of 27.7% and 37.5%, respectively.
¢Ethanol conversion about 85%.

"Selectivity defined based on carbon balance.

NA, not available; ND, not determined.
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Table 2.29 lists a few selected catalysts for the SRE reaction in the middle
temperature range, between 450 and 600°C, and high temperature range, above
600 °C. Under these conditions, the listed catalysts produce relatively large amounts
of CO, which is a poison to the PEMFCs. These catalytic processes would therefore
require a multistage CO cleanup process in the downstream in order to produce pure
H, suitable for fuel cells.

Figure 2.28 compares the exit compositions of H, and CO obtained in the SRE
over a few selected low-temperature and high-temperature reforming catalysts with
that of the equilibrium compositions. While the exit composition of H, from high-
temperature reforming catalysts is close to that of the equilibrium, the composition
of H, obtained from low-temperature reforming catalysts is significantly higher
than that of the equilibrium composition, probably because SRE reaction over these

Table 2.29. Selected Best Performing Catalysts for the Middle- and High-Temperature
Steam Reforming of Ethanol (SRE) Reaction®

Catalyst Temperature H,/EtOH Exit Composition Reference
(°C) Converted® (Dry Basis, %)

H, CO CO, CH,

Ir/CeO, 500 - 60 4.0 170 16.0  Aupretre
et al.®*
Co/CeO, 500 - 65 25 210 9.0 Aupretre
et al. >
Ni/CeO, 500 - 65 20 230 6.0  Aupretre
et al.®*
Rh/MgO/ 700 4.68 70.2 134 13.6 2.7  Wanat et al.>*
NiO/Al,O4
Co/Zr0O, 700 - 70 10.0 23.0 2.0 Vargas et al.”*
Rh—Ce-— 900 4.7 75 125 125 <5 Diagne et al.™
monolith
Ni/ALO, 500 - 57 9.0 27 7.0 Comas et al.>"’
Rh/AlL,O; 800 - 71.7 6.0 18 1.5 Breen et al.”*
Ni/MgO 650 5.3 - 7.5 170 <1.0  Srinivas et al.*"!
Ni/CeO,— 550 - 69 37 213 6.0  Fatsikostas
710, et al.>?
Rh/ALO4 700 - 70 18 9.0 <5.0 Diagne et al.”
Ni/La,0; 800 - 72 17 6.0 <5.0 Fatsikostas
et al.>®

“Detailed experimental conditions are described in Table 2.27.
PRatio of number of moles of H, formed per mole of ethanol converted.

“Approximate exit compositions close to 100% ethanol conversion as the data are extracted from
respective figures. The formation of acetaldehyde and ethylene is not reported.

“Traces of acetone was also observed.
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Figure 2.28. H, and CO selectivities in the steam reforming of ethanol over a few selected
catalysts. Data reported at complete ethanol conversion and obtained using H,O/EtOH = 3 and
P = latm are compared with that of equilibrium (Eqm.) data calculated by including CH, (solid lines)
and excluding CH, (broken lines) in the calculation. Catalysts: (a) Co(CO)/ZnO, (b) Co/SiO,,
(c) Ni/Y,0s3, (d) Ni/ALO3, (e) Ni/CeO,, (f) Co/CeO,, (g) 6% Ni-3% Cu/ZrO,, and (h) Rh/CeO,~ZrO,.
Adapted from Velu and Song.'’

catalysts does not involve CH, as an intermediate. The equilibrium compositions are
therefore recalculated excluding CH, in the calculation, and this shows a maximum
H, of over 70% at low temperatures, above 250 °C itself. Interestingly, the exit H,
concentration obtained from low-temperature reforming catalysts is close to the
equilibrium composition of H, calculated by excluding CH, in the calculation, thus
supporting the assumption that the SRE reaction over low-temperature reforming
catalysts proceeds without involving CH, as an intermediate, and the exit H, con-
centration does not depend on the CH, composition.

Since Ni-based catalysts have been successfully employed in the SMR process,
the use of similar Ni-based catalysts in the SRE reaction has been explored exten-
sively and found that Ni supported on Y,0s, La,0;, CeO,, ZrO,, and CeO,~ZrO,
exhibit better performance. Fatsikostas et al.**® observed a stable activity for over
100h of onstream operation over La,Os-supported Ni catalyst. The enhanced stabil-
ity of the catalyst has been attributed to the formation of a thin over layer of lanthana
on top of the Ni particles under the reaction conditions.

The type of catalysts used and reaction operating conditions employed in the
oxidative stream reforming (OSR) and ATR of ethanol for H, production are sum-
marized in Table 2.30.'7*%-?"® In principle, the catalysts that are active in the steam
reforming and POE should also be active in the OSR reactions. As can be seen from
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100 Chapter 2 Catalytic Steam Reforming Technology

Table 2.30, a wide range of catalysts such as Pd/ZnO, noble metals supported on
Al,O3, or ceramic monolith/foams with or without additives such as CeO, or La,0s5,
as well as bimetallic catalysts such as Ni—Cu, Ni—Co, and Ni-Rh, supported on
Zn0-Al,03, ALLO;, and CeO, have been employed in the OSRE.

The catalysts for low-temperature and high-temperature reforming of ethanol
under OSR/autothermal conditions are listed in Tables 2.31 and 2.32, respectively.
In the absence of added O,, each mole of ethanol converted should produce 6 mol
of H, and 2mol of CO,, which corresponds to an exit H, composition of 75%.
Depending upon the O,/EtOH ratio used in the OSRE reaction, the composition of
H, will vary between 50% for O./EtOH ratio of 1.5 and H,O/EtOH ratio of 0, and
75% for O,/EtOH ratio of 0 and H,O/EtOH ratio of 3.

The H, yield for the low-temperature reforming catalysts such as Pd/ZnO and
NiRh/CeO, shown in Table 2.31 is close to that of the equilibrium composition
determined by excluding CH, in the calculation rather than that derived by including
CH, in the calculation (see Fig. 2.29), suggesting that the OSRE reaction over these
catalysts proceeds without involving CH, as an intermediate.?’?* The observed CO
concentration of <1% over these catalysts is well below the equilibrium composition.
This could be due to slightly different H,O/EtOH and O,/EtOH ratios used in testing
these catalytic systems (see Table 2.31) than those used in determining the equilib-
rium compositions. The formation of Pd—Zn alloy in the Pd/ZnO catalyst has been
reported to be more selective toward ethanol reforming via acetaldehyde intermedi-
ate rather than ethanol decomposition to produce CH, as an intermediate, thus favor-
ing the OSR reaction at relatively lower temperatures to directly produce H, and
CO, with only traces of CO and CH,.**’ The exit H, composition of high-temperature
reforming catalysts listed in Table 2.32 is close to that of equilibrium compositions,
except for Rh supported on CeO,-modified ceramic foam, which exhibit lower H,

Table 2.31. Selected Best Performing Catalysts for the Low-Temperature Oxidative Steam
Reforming (OSR) of Ethanol
Catalyst Temperature  H,/EtOH Exit Composition (Dry Basis, %)" Reference
(°C) Converted®
H, CO CO, CH,; Acetaldehyde

Pd/ZnO¢ 450 - 61 <1 220 3.1 1.1 Fierro et al.””°
NiRh/ 450 - 52 50 277 150 0.3 Liguras et al.”!

CeO, and Fierro

et al.””

Ni—Co/ 300 3.0 ~50 20.6 259 356 17.9 Shamsi et al.*®!

ZnO-

AlLO4

“Moles of H, produced per mole of ethanol converted.

® Approximate exit compositions close to 100% ethanol conversion as the data are extracted from respective

figures.
“Traces of ethylene was also detected.
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Figure 2.29. H, and CO selectivities in the oxidative steam reforming/autothermal reforming of
ethanol over selected catalysts. Data reported at complete conversion of ethanol and obtained using
0,/EtOH = 0.36, H,O/EtOH = 2.28, and P = 1 atm and calculated by including CH, (solid lines) and
excluding CH, (broken lines) in the calculations. Catalysts: (a) Pd/ZnO, (b) NiRh/CeO,, (c) Ru/Al,Os,
(d) Rh/AL O, (¢) Rh—CeO,—Al,O; foam, (f) Rh—CeO,—-Al,0; foam, (g) NiCu/Al,O;, and (h) Rh/ALO;.
Adapted from Velu and Song.'"” Eqm., equilibrium.

yield. This could be due to poor WGS reaction under the operating conditions of
high temperature and millisecond contact times. The H, yield increased with increas-
ing contact time or coupling the WGS reaction in the downstream at lower tempera-
ture over a Pt-based catalyst along with this autothermal reaction. '’

2.4.2.4 Kinetics

Although the SRE reaction has been studied over various noble metal- and Ni-based
catalysts, kinetic studies have been reported only for a few Ni-based catalysts. For
Ni/AL,Os, Ni/Y,0s, and Ni/La,O;, Sun et al.>*® observed that the reaction was first
order with respect to ethanol and employed the following rate equation,

r = k[ethanol |[H,0]", (2.91)

where k is the rate constant and 7 is the order of the reaction with respect to the
partial pressure of water. On the other hand, for the similar Ni/AL,O; catalyst,
Therdthianwong et al.””® observed that the order of the ethanol steam reforming at
400 °C and atmospheric pressure was 2.52 with respect to ethanol and 7 with respect
to steam, and proposed the following rate expression:
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—Tgon = 17.8 ( PELOH)ZSZ ( PH20)7- (2.92)

Akande,”™ in the reforming of crude ethanol containing H,O/EtOH ratio of
about 18, employed a power law model and expressed the rate equation as shown
in Equation 2.93,

—ry = koe FRTCE, (2.93)

where r, is the rate of crude ethanol conversion, k is the collision frequency, E is
the energy of activation, R is the gas constant, and 7 is the absolute temperature in
kelvin. C, is the crude ethanol concentration, and the order of reaction n with respect
to ethanol was determined to be 0.43. Using the ER-type kinetic model, Aboundheir
et al.”?° modified the above rate equation as

koe EIRT(N, — NENS /KpN3)
(1+K\N,)

—rp = , (2.94)
where N,, Np, N¢, and Ny, are molar flow rates (kmol/s) of species such as ethanol,
water, CO,, and H,, respectively, Kp is the equilibrium constant, and K, is the
adsorption constant. The authors also determined these parameters for a hypothetical
industrial crude ethanol reformer and compared with that of the lab-scale crude
ethanol reformer.

The type of catalyst, the rate constant for ethanol conversion, and energy of
activation over various Ni-based catalysts are summarized in Table 2.33. The activa-
tion energy for ethanol steam reforming reaction over similar Ni-based supported
catalysts varied between 2 and 17kJ/mol. A very high activation energy of 149kJ/
mol reported by Morgenstern and Fornango® could be the activation energy for the
DCE to CH,, CO, and H, rather than ethanol reforming into H,-rich syngas.

Table 2.33. Kinetic Data of the Steam Reforming of Ethanol over Various Supported
Ni Catalysts

Catalyst Temperature Rate Constant Order Energy of Reference
(°O) W.LL. Activation
Ethanol (E = kJ/mol)

Ni/Al,O4 400 77.8 kmol/kg,,/s/atm’> 2.52 NA 279

Ni/Y,03 250-350 2.95 x 107 m*/kg../s 1 7.04 Sun et al.?®

Ni/AL O, 250-350 2.32 x 10 m*/kg../s 1 16.88 Sun et al.*®

Ni/La,05 250-350 19.1 X 107 m¥/kg../s 1 1.87 Sun et al.**

Ni/ALOs 320-520 NA 0.43 4.41 280

Cu-plated 250-300 NA 1 149° Bergamaschi
Raney nickel et al.”’

“Could be the activation energy for the decomposition of ethanol to CH,, CO, and H, rather than ethanol
reforming into H,-rich syngas.
NA, not available.
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2.4.2.5 Reaction Pathway

Experimental results on the SRE reaction over a wide range of catalysts produced
both acetaldehyde and CH, as intermediates. Depending on the type of catalyst used
and reaction operating conditions employed, the selectivity to these intermediates
varied. Diagne et al.”* observed a selectivity about 75% toward acetaldehyde at
300°C over Ni/La,O; catalyst, and this selectivity was found to decrease with an
increase in temperature with a value close to zero at around 550 °C. However, CH,
selectivity peaked to about 20% at around 600 °C. On the other hand, Cavallaro
et al.”*! observed more CH, than acetaldehyde over 5% Rh/AlL,O; catalyst at
650°C. It appears in general that the primary reactions in the SRE are dehydrogena-
tion (Eq. 2.85) and decomposition (Eq. 2.84) to produce acetaldehyde and CH,,
respectively. Dehydration to ethylene (Eq. 2.86) could also occur over Al,Os-
supported catalysts. The extent of these reactions and selectivity of acetaldehyde,
CH,, and ethylene depend on the nature of catalysts and reaction operating condi-
tions employed. These intermediates could subsequently undergo steam reforming
to produce H, and CO followed by WGS reaction to convert CO into CO, and
additional H,. Taking all these elementary reactions into account, the overall reaction
of ethanol steam reforming can be schematically represented as shown in Figure
2.30.

According to this scheme (Fig. 2.30), a catalyst with high selectivity toward
ethanol dehydrogenation to acetaldehyde followed by the steam reforming of acet-
aldehyde (SRE pathway-1) could produce high yields of H, and CO, at lower tem-
peratures compared with ethanol decomposition to a mixture of CO and CH, followed
by steam reforming (SRE pathway-2) or ethanol dehydration to ethylene followed
by steam reforming (SRE pathway-3). Spectroscopic studies revealed that most of
the low-temperature reforming catalysts listed in Table 2.28, especially those con-

H,O
CH,CHO ————» H,+CO
%
SO
Pathway-2 H H.O
CHCH,OH |, CO+CH, —2~ , H,+CO 2~ , H,+CO,
_ H2 \ «—
Coke
© o)
&
H,O N

Figure 2.30. Proposed reaction pathway for the steam reforming of ethanol. Adapted from Velu
167

and Song.
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taining Co, Rh, and Cu, supported on ZnO, CeO,, ZrO,, or CeO,—ZrO, mixed oxides,
proceed through the formation of acetaldehyde, which subsequently undergo steam
reforming and WGS reaction to produce H, and CO, with only small amounts of
CO at relatively lower temperatures. The exit composition of SRE reaction in this
pathway could be expected to be close to that of the steam reforming of acetaldehyde
(Egs. 2.88 and 2.89). In some cases, the formation of other oxygenates such as
acetone has also been observed,?$#3!1234-236:233.262 hrohably by a network of reactions
involving aldol-type condensation of acetaldehyde and oxidation of intermediate
aldehyde followed by decarboxylation and dehyderogenation.

On the other hand, catalysts that are more selective toward ethanol decomposi-
tion to CH, would require higher temperatures to subsequently reform CH, into
syngas.?*#*23339 Tt appears that the high-temperature reforming catalysts listed in
Table 2.29 proceed through the formation of CH, as an intermediate, thereby requir-
ing a higher reaction temperature in order to completely reform CH, into syngas.
Since, WGS reaction is limited by equilibrium at higher temperatures (see Fig. 2.24),
the SRE reaction performed at higher temperatures produce large amounts of CO in
the exit gas (see Table 2.29 and Fig. 2.28).

The reaction pathway involved in the OSR of ethanol is a little different from
that of the SRE reaction and includes steps involved in the partial oxidation. Velu
et al.””® and Kugai et al.*® performed a systematic study over Ni—-Cu/ZnO-Al,O;
and Ni—Rh/CeO, catalysts, respectively. As reported for the POE,'" the reaction in
the OSR was found to proceed through acetaldehyde intermediate formed by the
oxidative dehydrogenation of ethanol (Eq. 2.95).7%2%%"8 Acetaldehyde could further
undergo an oxidative steam reforming (Eq. 2.96) to produce H, and CO,. As
described above, the OSR of acetaldehyde is thermodynamically a highly favorable
reaction with a large negative free energy change.'®” In fact, a comparison of experi-
mental results on the steam reforming and OSR of acetaldehyde over NiRh/CeO,
catalyst revealed that the later reaction is much more efficient, with acetaldehyde
conversion close to 100%, producing H, and CO, selectively (see Table 2.34).%® On
the other hand, very low conversion of acetaldehyde (below 10%) has been observed
in the steam reforming of acetaldehyde without added O,. Thus, the overall reaction

Table 2.34. Steam Reforming and Oxidative Steam Reforming of Acetaldehyde over
Ni-Rh/CeO, Catalyst**®

Reaction CH;CHO Product Distribution (mol %)
Conversion
(mol %) H, CO CO, CH, EtOH Acetone
Steam reforming 10.6 52.0 20.7 12.6 9.5 1.8 3.4
Oxidative steam 94.6 52.0 3.3 35.0 9.6 0.0 0.1
reforming

Reaction conditions: temperature = 350°C; GHSV = 24,379h™'; H,0/CH;CHO = 4 in steam reforming,
while in oxidative steam reforming, H,O/CH;CHO = 4 and O,/CH;CHO = 0.4.
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H,0/0,
CH,CHO ————— H>+CO

O T CO+CH,

High-temp.
athwa
% p y \O“’
o8
H,O/0,

CO+CH, - | H,+CO

Figure 2.31. Proposed reaction pathway for the oxidative steam reforming of ethanol. Adapted

from Velu and Song.'’

pathway for the OSR of ethanol shown in Figure 2.31 could be similar to those
proposed for steam reforming and partial oxidation reactions, except that the inter-
mediates acetaldehyde and CH, could undergo OSR/ATR rather than steam reform-
ing/partial oxidation to produce H, and CO,. Furthermore, catalysts such as Pd/ZnO
and NiRh/CeO, would proceed through acetaldehyde as an intermediate to produce
H, and CO, directly in a low-temperature pathway rather than ethanol decomposition
to CH,, which would follow a high-temperature pathway.”¢”>®

CH;CH,0H(g)+0.50,(g) - CH;CHO(g)+H,0(g)
AH%ys =—153.0 kJ/mol
CH;CHO(g)+H,0(g)+0,(g) — 3H,(g)+2CO,(g)
AH%ys =-379.0 kJ/mol

(2.95)

(2.96)

2.5 CARBON FORMATION AND CATALYST
DEACTIVATION

One of the most critical issues in developing catalytic reformers, especially for the
reforming of hydrocarbon fuels, is the risk of carbon deposition on the catalyst
surface and consequent catalyst deactivation. Carbon formation can occur in several
regions of the steam reformer where hot fuel gas is present. Natural gas for example
will decompose when heated in the absence of air or steam at temperatures above
650°C via pyrolysis reaction as shown in Equation 2.4.

Similar pyrolysis reaction can also occur during reforming of higher hydro-
carbons. In fact, higher hydrocarbons tend to decompose more easily than methane
and therefore the risk of carbon formation is even higher with vaporized liquid
petroleum fuels than with natural gas. Another source of carbon formation is from
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the disproportionation of carbon monoxide, also known as Boudouard reaction
shown in Equation 2.3. These reactions are catalyzed by metals such as nickel, and
therefore, there is a high risk of occurring on steam reforming catalysts that contain
nickel and nickel-containing stainless steel used for fabrication of the reactor.

Carbon formation on steam reforming catalysts has been the subject of intense
study over the years and is relatively well understood.”®%13-1654-57281 Carbon formed
via pyrolysis and Boudouard reaction adopts different forms such as amorphous
carbon and filamental carbon. The nature of the carbons formed can be identified
by scanning or TEM or temperature-programmed oxidation (TPO) methods. The
filamental carbon is the most damaging form of carbon, and it grows while attached
to the nickel crystallites within the catalyst. Such carbon formation can be very fast.
If the steam flow to the reformer reactor is shut down for some reason, the conse-
quences can be disastrous; carbon formation occurs within seconds, leading to
permanent breakdown and fouling of the catalyst and plugging of the reactor.

There are several ways to reduce the risk of carbon formation in steam reform-
ing reactions. Some of the approaches include:

* use of excess steam than stoichometrically required,

* use of a catalyst with smaller crystal sizes,

* addition of promoters to the Ni-based catalysts,

e use of noble metals instead of Ni or other base metals,

* alloying of Ni with other base metal or noble metal,

* passivation of some of the Ni surfaces that favors carbon formation by sulfur,
* use of a prereformer, and

* conducting reaction under oxidative conditions or oxidative steam
reforming.

For instance, the thermodynamic minimum S/C ratio required for the reforming
of diesel, jet fuel, gasoline, and methane are shown in Figure 2.32. In the steam
reforming of methane, an S/C ratio of 2.5 to 3.0 has been used although only 1.0 is
stoichiometrically required. Even higher S/C ratio of about 5 is used in the reforming
of higher hydrocarbons such as gasoline, diesel, or jet fuel. The added steam pro-
motes the shift reaction, thereby reducing the partial pressure of carbon monoxide
in the fuel gas stream. The excess steam also leads to carbon gasification reaction
(Eq. 2.5).

The conventional nickel-based catalysts could be modified by adding oxide
promoters such as potassium, lanthanam, cerium, and molybdenum in the catalyst
formulations. It is believed that the added promoters improve the dispersion of nickel
metal on the catalyst surface, thereby reducing the chance of carbon accumulation.
Noble metals such as Pd, Pt, Ru, and Ir have been found to be more carbon tolerant
as the solubility of carbon is less in these metals.>*>" However, they are more expen-
sive than nickel-based catalyst, and as a consequence, they are less attractive for
large-scale commercial applications. Alloying of nickel with other base metals such
as Cu, Co, or noble metals such as Au, Pt, and Re has also been found to decrease
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Figure 2.33. TGA data showing the effect of alloying of nickel with gold on the amount of carbon
deposited on the catalyst surface during steam reforming of n-butane.'’

the rate of carbon formation. As an example, Figure 2.33 shows that the carbon
formation during steam reforming of n-butane can be dramatically suppressed by
alloying of Ni with 1.85wt % of Au. The nickel and gold do not mix in the bulk but
may form stable ally-like structures in the outermost layer. As a result, it was pos-
sible to control the surface coverage and to eliminate carbon formation.

As has been discussed in Section 2.3.6, the use of an adiabatic prereformer also
helps in alleviating the risk of carbon formation in the steam reforming of higher
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hydrocarbons. The prereforming is carried out before the main reforming at rela-
tively low temperature, between 350 and 550 °C over nickel-based catalyst or the
catalyst similarly used in the main reformer. The reformer operates adiabatically;
that is, heat is neither supplied to it nor removed from it.

Carbon formation and catalyst deactivation have also been observed in the SRE.
Approaches similar to those discussed above for the steam reforming of hydrocar-
bons are also employed to suppress the carbon formation in ethanol reforming as
well.'"

2.6 RECENT DEVELOPMENTS IN
REFORMING TECHNOLOGIES

The CSR technology using conventional packed-bed reactors has been highly suc-
cessful in the large-scale production of hydrogen. In order to employ this technology
for small-scale portable and mobile applications, where compactness, easy start-up
of the fuel processor, and good temperature control are critical, new reactor designs
such as microreactors, plate reformers, and membrane reactors have been developed
in recent years.'®*'®® The recent developments in reactor design for the SMR reaction
has been discussed in Section 2.2.1.7. In this section, the reactor designs developed
for the reforming of other hydrocarbon and alcohol fuels are briefly discussed.

2.6.1 Microreactor Reformer

Microreactors have channel gaps in the order of microscale, typically <1000 um or
mesoscale (1000 um to a few centimeters). Microreactors are much more suitable
for the distributed production of hydrogen compared with conventional systems as
they offer numerous advantages. High heat and mass transfer rates, for example,
enable reactions to be performed under more aggressive conditions that favor overall
kinetics or space time yields. These high rates are due to high surface-to-volume
ratios and short transfer distances in the reactors. For reactions operating in mass
transfer-limited regimes, microreaction devices could be considerably smaller than
their conventional counterparts at the same throughput. These small reactors are
being designed to provide hydrogen for varied power requirements (subwatt power
to hundreds of watts), primarily using methanol as a fuel.

Researchers at Pacific Northwest National Laboratory, Battelle, in the U.S. are
recently developing a methanol reformer to provide subwatt to over 100W power
from methanol fuel using microreactor technology (Fig. 2.34).'® The fuel processors
consist of fuel vaporizer, preheater, steam reforming reactant, and recuperators. The
reactors were assembled using a combination of welding, brazing, and diffusion
bonding techniques. The reactor was operated with methanol-water mixture at a gas
hourly space velocity (GHSV) of 36,000h™ continuously over 1000h without any
significant activity loss over a nonpyrophoric CO, selective methanol reforming
catalyst such as Pd/ZnO. The water-to-methanol ratio in the mixture varied between
3.0:1 and 1.2:1 without any significant difference in catalyst lifetime or CO, selectiv-
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Figure 2.34. A 50- to 100-W integrated fuel processor design developed by the Pacific Northwest

National Laboratory.'®®

ity. Recently, the catalyst for the downstream CO cleanup has also been included in
the above design, thereby improving the efficiency of the fuel processing system.

2.6.2 Plate Reformer

Plate reformers are also under development as a compact heat exchange reformer
for the steam reforming of methane.'*' In a plate reformer, a stack of alternate com-
bustion and reforming chambers are separated by plates. The chambers are filled
with suitable catalysts to promote the combustion and reforming reactions, respec-
tively. These reactions take place in more intimate contact on either side of the heat
exchanging plate, allowing higher heat transfer rates. The heat released from the
combustion reaction is used to drive the reforming reaction. The largest promise
appears to be shown by designs utilizing thin catalyst layers coated on compact heat
exchangers. Potential heat transfer rates of more than 20kW/m?” of heat exchange
surface have been demonstrated in the laboratory tests. Such reactors are potentially
capable of achieving a power density of up to 13kWe/I when running on natural
gas. This kind of reactor is currently being developed by Advantica and BG Tech-
nology Ltd. in U.K. and Pacific Northwest National Laboratory in the U.S.

2.6.3 Nembrane Reformer

Hydrogen is able to permeate selectively through palladium or palladium alloy
membranes. This has led to the demonstration of membrane reformers in the labora-
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tory. In these reformers, H, is selectively removed from the reformer as it is pro-
duced. This simultaneous removal of H, increases the methane conversion at lower
temperatures due to shifting of thermodynamic equilibrium. The H, produced in this
method is pure, thereby avoiding downstream CO cleanup to use in the PEMFCs.

Table 2.35. Some of the Organizations Worldwide Involved in Developing Fuel Processors
for H, Production for Fuel Cells®

Organization Focus Fuel = Focus Stack  Unit Size Application Product
Type (kW) Status
Ansaldo Fuel NG, diesel, MCFC 200 Stationary Commercial
Cells landfill gas
Aspen Products,  Diesel SOFC 5-10 Transportation ~ Prototype
Inc.
Ballard Power NG, PEMFC 1.0 Stationary Commercial
methanol
Clean Fuel NG, LPG, PEMFC 1-10 Transportation  Prototype
Generation, propane
LLC
FuelCell Energy NG, MCEC 1.5-300  Stationary Commercial
anaerobic
digester
gas
General Electric NG SOFC - Transportation  Development
HydrogenSource NG, PEMFC - Stationary/ Commercial
methanol, transportation
anaerobic
digester
gas
IdaTech Methanol, PEMFC Stationary Commercial
diesel,
biodiesel
Innovatek Gasoline, 1-50 Transportation ~ Prototype
diesel
Membrane NG Steam - Transportation ~ Commercial
Reactor reforming
Technologies hydrogen
generator
Osaka Gas NG PEMFC 1,500 Stationary Commercial
Company
Plug Power NG, liquid PEMFC 5 Stationary Commercial
propane
Haldor Topsoe NG PAFC - On-site H, Near
commercial

NG, natural gas; MCFC, molten carbonate fuel cell; PAFC, phosphoric acid fuel cell.
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2.6.4 Plasma Reforming (PR)

PR technology is being developed as an alternative to the conventional steam reform-
ing technology for H, production. The PR technology utilizes the enhanced reactivity
of chemical species in the excited states that are present in plasmas. Plasma can be
generated by a variety of methods including electric arc, pulsed microwave, and induc-
tion methods. A wide variety of fuels such as alcohols, diesel, biomass wastes, and
natural gas could be processed by using PR technology. A key factor that affects the
attractiveness of PR is the requirement of electric power in order to generate the plasma.

High-temperature PR has been investigated in a variety of modes including
steam reforming, partial oxidation, and pyrolysis. Massachusetts Institute of Tech-
nology (MIT) in the U.S. has been working on the PR technology.”' Some of the
organizations worldwide involved in developing fuel processors using steam reform-
ing and other reforming technologies to produce H, for various fuel cell stacks are
summarized in Table 2.35.

2.7 SUMMARY

Hydrogen and syngas can be produced from various gaseous and liquid hydrocarbon fuels as
well as alcohol fuels by CSR, partial oxidation, and ATR or oxidative steam reforming
methods. Among them, the steam reforming method has been studied extensively. It is a
mature technology and being employed for large-scale production of H, from natural gas.
This technology has been extended to produce H, on a small scale from hydrocarbon and
alcohol fuels, using fuel cells for stationary and transportation applications. Steam reforming
of higher hydrocarbon fuels poses several challenges, including carbon deposition and catalyst
deactivation. The chemistry, thermodynamics, catalysts used, kinetics, reaction pathways, and
process developments for the steam reforming of various gaseous and liquid hydrocarbon
fuels, as well as alcohol fuels such as methanol and ethanol, have been analyzed and discussed
in this chapter. Significant progress has been made in recent years, in catalyst development
and reactor design, to improve the efficiency of these processes.
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3.1 INTRODUCTION

The production of hydrogen for use as a clean fuel source is not a new technology.
Felice Fontana discovered in 1780 that “blue water gas” could be produced by
passing steam over red-hot coal; the name “blue water gas” was coined due to the
flame color obtained when burning the gas, which was a mixture of carbon monoxide
and hydrogen.' In 1812, the streets of London were illuminated by “town gas”
obtained from coal. However, the process at that time suffered from incomplete
conversion of coal. In the middle of the 19th century, a cyclic process was intro-
duced, with higher conversion achieved.” In 1850, Sir William Siemens developed
the water-gas process in which hot coke was exposed to alternating blasts of air and
steam for the production of CO and H,:

C+H,0 - CO+H,, AH? =+130 kJ/mol. 3.1

The puff of air allowed some of the coke to combust:
C+%Oz — CO,, AH? =-343 kJ/mol. (3.2)

The alternating blasts of steam and air maintained the bed temperature at
~1000°C. Thus when steam was added, thermodynamic equilibrium favored the
production of CO and H,, not CO,. Although natural gas has been widely used in
most of Europe and America with the discovery of reliable supplies and construction

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
Copyright © 2010 American Institute of Chemical Engineers
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of infrastructure during the post-World War II, town gas derived from gasification
remains as a heating or cooking source and is still popular in parts of China.

In recent years, H, and CO have become important starting materials for the
chemical industry. The mixture has come to be known as synthesis gas, or syngas.
Currently, production of syngas is dominated by steam reforming:*

CH, +H,0 — CO+3H,, AH? = +206 kJ/mol. (3.3)

This highly endothermic process is typically catalyzed by a nickel-based sup-
ported catalyst placed in a large furnace. A clear and complete discussion of the
steam reforming process can be found in Twigg* and in Chapter 2 of this book. The
largest use of hydrogen in the world today is for the synthesis of ammonia for use
as fertilizer; however, many believe the future of energy is a return to the “days of
old,” production of hydrogen for use as a fuel source for fuel cells, gas turbines, and
SO on.

Due to the increasing demand of transportation fuel and growing environmental
concerns, hydrogen used for fuel upgrading via hydrogenation is becoming more
and more crucial as crude oil gets heavier and dirtier. In fact, if one can produce H,
cost-effectively, the U.S. oil imports can be reduced by one-third today.’ The reason
is simple: since clean transportation fuels (e.g., gasoline or diesel) have an approxi-
mate stoichiometry of CH,, but crude oil is CH_, 4; additional H, is needed to upgrade
the bottom barrel to clean transportation fuel. Furthermore, stricter environmental
regulations require fuels to undergo hydrogen desulfurization (HDS), hydrogen
denitrogenation (HDN), and hydrogen demetallization (HDM), processes that would
all require additional hydrogen input. Natural gas (mainly CH,) has the highest
H/C ratio among all available molecules. Therefore, it is straightforward that natural
gas is used to produce hydrogen to enable refineries to squeeze more fuels from
crude oil.

An alternative to the use of hydrogen in fuel upgrading is as a replacement to
natural gas for electric power generation. This scenario could become reality if
natural gas prices continue to be near historic highs, as shown in Figure 3.1, forcing
U.S. power plants to shift to Integrated Gasification Combined Cycle (IGCC) or
nuclear power. Under this scenario, more natural gas will be available for H, pro-
duction, which leads to economical and clean liquid fuels production from U.S.
domestic oil sources. Furthermore, gas-to-liquids (GTL) plants are likely to be built
in geographic regions where natural gas is abundant, such as Qatar and other areas
of the Middle East. Stricter environmental regulations may force existing Natural
Gas Combined Cycle (NGCC) plants, such as those located in Europe, to reform all
or part of the natural gas and capture the CO, while utilizing the H,-rich syngas in
a highly efficient gas turbine to avoid carbon taxes in certain countries. All these
need the state of the art natural gas reforming technology to produce H, from natural
gas for different applications.

Finally, fuel cells—the highly efficient electrochemical devices that convert
chemical energy to electrical energy directly—may be used for distributed power
generation or in some vehicles in the future. The most efficient and durable fuel cells
use hydrogen as their fuel source. All of the technologies that will be discussed in
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this chapter can be used, with cost reduction, as the hydrogen generator for a fuel
cell-powered car, backup generator, or regional power plant. It is clear that hydrogen
production is already an important chemical process. However, with the world facing
limited fossil reserves and an ever-increasing demand for energy and environmental
protection, the production of H, is likely to increase in the future. These facts lead
to a demand for cleaner, simpler, and more efficient technologies for hydrogen
production.

In summary, H, and syngas production will become increasingly important in
future energy industry. This chapter reviews an important H, and syngas production
technology: the catalytic partial oxidation (CPO) including autothermal reforming
(ATR). The CPO and ATR technologies have current applications and important
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technical features, which makes them an integral part of the H, and syngas produc-
tion technology portfolio.

3.2 NATURAL GAS REFORMING TECHNOLOGIES:
FUNDAMENTAL CHEMISTRY

CPO, ATR, and noncatalytic partial oxidation (POX) of methane all share the same
POX chemistry:

CH, + %02 — CO+2H,, AH? = -36 kJ/mol. (3.4

Figure 3.2 shows that the thermodynamic syngas production is maximized at
~1100°C at atmospheric pressure, yielding near complete methane conversion and
minimizing CO, production. The technological differentiation of reforming comes
from the method by which the heat is generated and provided. In conventional
endothermic steam reforming technologies, heat is supplied by burning fuel outside
reactor tubes and the steam reforming catalyst is packed inside. For catalytic POX
or ATR, a portion of the fuel is oxidized within the reactor to generate the heat
required to drive the endothermic steam reforming reaction occurring over the same
catalyst bed.

3.2.1 ATR

ATR is the reaction of natural gas or liquid hydrocarbons with steam and oxygen at
high temperature and high pressure to produce syngas. The reaction is exothermic
and catalysts are used to improve hydrogen yield. The ATR feed generally has a
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Figure 3.2. Equilibrium composition of Equations 3.3 and 3.4 as a function of temperature at 1 bar
absolute pressure. Syngas selectivity is maximized at ~1200 °C reaction temperature.
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Figure 3.3. Schematic representation of partial oxidation (POX), autothermal reforming (ATR), and
catalytic partial oxidation (CPO) reformers followed by H, purification steps. HEX, heat exchanger.

higher steam-to-carbon ratio than POX in order to facilitate the steam reforming and
water-gas shift (WGS) reactions to produce more hydrogen. The oxidant can be air,
enriched air, or oxygen, depending on the demands of the downstream purification
processes. A plant includes a reformer, a shift reactor, and hydrogen purification
equipment as depicted in Figure 3.3.

ATR reformer temperatures are in the range of 900-1150°C, and the reformers
with pressure between 1 and 80bar have been designed and built so far. The ATR
reactor is more compact than a steam reformer but larger than a POX unit. The main
advantage of the ATR process is that it will produce a syngas with very favorable
H,-to-CO ratio for downstream usage in chemical synthesis. The ratio should be ~2
for Fischer—Tropsch liquids or methanol synthesis.

Since ATRs combine some of the best features of steam reforming and partial
or full oxidation, some groups have developed compact catalyst systems to eliminate
the need for a robust burner and mixer design. The catalyst system also reduces the
formation of carbon and soot. Farrauto et al.® and Giroux et al.” discussed ATR-based
systems for fuel cell applications in detail.

With the right mixture of input fuel, air, and steam, the POX reaction supplies
all the heat needed to drive the endothermic catalytic steam reforming reaction.
Unlike the steam methane reformer, the autothermal reformer requires no external
heat source and no indirect heat exchangers. These features make autothermal
reformers simpler and more compact than steam reformers and thus can be built for
a relatively low capital cost.

The catalysts in these systems are traditionally two-stage catalysts. A combus-
tion catalyst dominates the first stage to provide heat for the next stage. The second
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stage is optimized for endothermic steam reforming reactions. The kinetics and
space velocities of these two reactions must be delicately balanced for catalytic ATR
reactors to work efficiently. Recent developments in catalysis have led to single-
stage catalysts integrating both steam reforming and combustion moieties within a
single catalyst bed or a monolith. These catalysts and ATR systems are robust and
much more compact than a steam methane reforming (SMR) or a homogeneous
POX system.

3.2.2 Homogeneous POX

Homogeneous POX is the uncatalyzed reaction of natural gas or liquid hydrocarbons
with oxygen at high temperature and high pressure to produce syngas. Some pro-
cesses use a small amount of steam cofeed. The reaction is exothermic; catalysts are
not required because the high temperature produced in the diffusion flame area of
the reactor can drive the homogeneous chemistry in the gas phase. The oxidant can
be air, enriched air, or oxygen; however, large systems generally incorporate an
oxygen plant to reduce not only the size of the POX reactors, but more importantly
to reduce the downstream syngas cleanup unit. A hydrogen production plant includes
a POX reactor, followed by a shift reactor and hydrogen purification equipment (Fig.
3.3). Large-scale POX systems are typically used to produce hydrogen from hydro-
carbons such as residual oil for general refinery operations. The technological feature
that is most important to the plant’s design and operation is the burner/feed injector.
The burner allows a safe mixing of oxygen and fuel to avoid hot spots, coke forma-
tion, and explosions. Small-scale POX systems have a fast response time, making
them attractive for subsequent rapidly varying loads, and can handle a variety of
fuels, including methane, ethanol, methanol, and gasoline. These systems have
recently become commercially available, but are still undergoing intensive R&D.®

Large-scale reactors typically have temperatures in the range of 1150-1500°C
and pressures between 25 and 80bar. The H, production efficiency of the POX unit
is typically in the range of 70%~80%. The POX reactor is more compact than a
steam reformer but is typically less efficient, because the higher temperatures require
burning additional fuel and the heat is not efficiently recycled. The main advantage
of the POX process is that it will operate on virtually any hydrocarbon feedstock
from natural gas to petroleum residue and petroleum coke or to coal (gasification).
Another advantage is that the process is unlikely to produce NOx or SOx due to
lower flame temperature and reducing environment compared with combustion
processes in steam reformers. This process can also be considered a fuel-rich burner
producing incomplete combustion products.

The capital cost of POX can be high because of the need for post treatment of
the raw syngas to remove carbon and acid gases. There are also issues of coke and
soot formation if the oxidation temperature becomes too low or the mixing of the
feed components is incomplete. The addition of steam to the process allows for
greater flame temperature control and suppression of carbon; however, the hydrogen
production efficiency is reduced due to more fuel being consumed in the combustion
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process. The increased operating cost is primarily due to the cost of high pressure
and pure oxygen required by the economics of the downstream processes.’

3.2.3 CPO

CPO is the heterogeneous reaction of natural gas or liquid hydrocarbons with oxygen
and steam at high space velocity over a solid catalyst to produce syngas. The catalyst,
support, and optimized operation conditions are the key technological aspects of the
process. The oxidant used in the reactor can be air, enriched air, or oxygen.

The pioneering work of Hickman and Schmidt employed ceramic foam coated
with rhodium to demonstrate the feasibility of CPO in a small compact system with
high gas hour space velocities.'™"" More than a decade later, active research is still
being conducted in order to understand and develop better catalyst systems for these
processes. Recently, Lyubovsky et al.'? discussed the application of microlith screens
to elucidate the reaction mechanism within a POX catalyst bed. In this system, metal
screens are coated with alumina and catalyst. The use of metal screens allowed the
scientists to extract both the temperatures and gas components at various locations
along the catalyst bed. A representation of the data collected is shown in Figure 3.4.

The main feature of CPO is the complete conversion of oxygen and near com-
plete conversion of methane within the catalyst bed. Figure 3.5 shows a picture of
a working CPO catalyst from a quartz reactor.® The temperature of the top portion
(inlet) of the CPO catalyst is much hotter than the bottom portion of the catalyst
(outlet).

It has been speculated that oxygen is consumed in the first few millimeters of
the catalyst bed, increasing the temperature of the bed to 1000~1250 °C (depending
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Figure 3.4. Typical temperature profile of a CPO reactor with concentration profiles of fuel and O,
along a CPO catalyst bed.
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Figure 3.5. Picture of a working CPO catalyst. See

color insert.

on the O,/C ratio), then the endothermic SMR reaction proceeds, lowering the tem-
perature down to ~800 °C as illustrated in Figure 3.6. Therefore, it is suggested that
the very fast exothermic oxidation or POX reactions dominate in the top ~20% of
a catalyst bed until most of the O, is consumed. The WGS and the endothermic
SMR reactions dominate the bottom portion of a CPO catalyst. However, there was
no experimental proof of such a theory.

In order to understand the mechanism of CPO, Prof. Lanny Schmidt’s group
together with a team from GE Global Research developed a powerful technique that
allows sampling and measurement of temperature and concentration profiles inside
the catalyst with a spatial resolution of ~300 ym, which is on the order of the char-
acteristic length of the CPO catalyst bed support.'® Figure 3.7 shows the experimen-
tal setup. A capillary tube was inserted inside the CPO catalyst bed. Sampling of
the gases at different positions of the catalyst bed was achieved by moving the capil-
lary tube through an electronically controlled stepper motor. This sampling method
introduced minimal disturbance in flow. Gas samples were sent to a mass spectros-
copy (MS), allowing in situ quantitative analysis of concentration profiles of the gas
components along the CPO catalyst bed. The temperature was monitored using both
optical pyrometer and a thermocouple inserted into the catalyst bed. Such a system
allowed in situ sampling in a system with very high temperature and concentration
gradients. More details on the technique can be found in references.'*'

Figure 3.8 shows the temperature and concentration profiles along a CPO cata-
lyst bed. The front face of the catalyst bed was at 0 mm. From these results, clearly
two zones in CPO catalyst bed can be identified: first a short ~2-mm oxidation zone,
where all O, is consumed and second, a longer endothermic steam reforming
zone. These measured results confirm the CPO mechanism shown in Figure 3.6. In
Lyuborsky and colleagues’ work,'” it was demonstrated that oxygen is consumed in
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Figure 3.8. Measured temperature and concentration profile of a typical CPO catalyst bed. 0 mm

indicates the start of the catalyst, whereas 10 mm denotes the end. Prior to and after the 0-10mm
range are two blank monoliths that act as heat shields.

the first 20% of the catalyst, accompanied by a rapid drop in methane concentration.
Another observation is a small water formation peak at the end of this zone. Some
believe that the consumption of oxygen in this small zone is caused by combustion;
however, one would then expect a peak in CO, concentration in the same location
as the water. This is not the case. The CO, concentration rises slowly along the cata-
lyst bed. This calls for more work to elucidate the details of the CPO reaction
mechanism.

Another indication from Figure 3.8 is that temperature rapidly rises in the begin-
ning of the catalyst bed, and then smoothly decreases along the catalyst bed. This
allows the reaction to reach near equilibrium, before cooling down and producing a
favorable product distribution.

3.3 DEVELOPMENT/COMMERCIALIZATION STATUS
OF ATR, POX, AND CPO REFORMERS

Autothermal reformers and CPO are being developed by a number of groups, mostly
for fuel processors of gasoline, diesel, and JP-8 fuels and for natural gas-fueled
proton exchange membrane fuel cell (PEMFC) cogeneration systems. A few exam-
ples are the following:

* Shell and UTC jointly developed the CPO technology for an on-board gaso-
line reformer together with a 150-kW reforming system based on the state of
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the art natural gas CPO technology.® In this program, the natural gas CPO
was demonstrated with over 6000h of continuous run without significant
activity decay. The methane slip through the CPO catalyst was <2000 ppm
after 6000 h of operation. In an earlier program, UTC Fuel Cells (FC) designed
an ATR that ran on JP-8 fuel. This technology was used by BWX and McDer-
mott Technology, Inc. (MTI) to design a reformer system starting from naval
distillate for shipboard fuel cells.

* Johnson Matthey developed a Hot Spot autothermal reformer capable of
reforming methanol and methane.'

* MTTI and Catalytica are developing a small autothermal reformer for diesel
and logistics fuels on ships. A regenerable desulfurization stage is important
for navy diesel fuel with up to 1% sulfur. Partners in this program are MTI,
Catalytica Advanced Technologies, Ballard, BWX Technologies, and Gibbs
and Cox.

* The Idaho National Energy and Environment Laboratory (INEEL), with MTI
and Pacific Gas and Electric, has recently begun working on developing a
10-kW ATR system for hydrogen refueling station applications.

A number of companies are involved in developing small-scale POX systems
that are either homogeneous or catalytic. For example:

e UTC Fuel Cells has partnered with Shell Hydrogen to develop a variety of
fuel processors for natural gas, gasoline, and diesel feed for PEMFC, phos-
phoric acid fuel cell (PAFC), and distributed H, production applications.®

* Argonne National Laboratory has developed a POX reformer suitable for use
in vehicles. The U.S. Department of Energy (DOE) supports work on POX
systems for on-board fuel processors for fuel cell vehicles through the Office
of Transportation Technologies Fuel Cell Program."”

In addition, a number of automotive companies are in joint ventures to develop
gasoline fuel processors based on POX or CPO technology. These include the
following:

* General Motors has collaborated with ExxonMobil to develop an on-board
gasoline fuel processor in the late 1990s and early 2000s.

* UTC Fuel Cells has partnered with Nissan and Shell Hydrogen to develop a
50-kW on-board gasoline fuel processor with a volume of 78 L and weight of
65kg. The start-up time is 3.5 min.?

Projects employing POX systems in stationary fuel cells include:
* Tokyo Gas Company has demonstrated a partial oxidation system for 1kW

fuel cell cogeneration system.

* MTT and Catalytica are working together to develop compact fuel processors
for use with PEMFCs and solid oxide fuel cells (SOFCs). This system is
designed to reform gasoline and Naval Distillate for PEMFCs.
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3.4 CPO CATALYSTS

CPO uses a fixed-bed catalyst to produce syngas. The role of catalysts in POX
includes the following:

* To enhance reaction rates and allow high gas velocities while still achieving
thermodynamic equilibrium;

* To scavenge radicals formed and thus prevent the formation of soot;

e To prevent high temperatures and avoid the formation of HCN and NHa.
These compounds are not desired in the product stream as they are not only
toxic, but also consume hydrogen.

The desired characteristics of catalysts are the following:

e The CPO process must be able to achieve a high conversion of the hydrocar-
bon feedstock.

e It should be operable at extreme high gas hourly space velocities (GHSVs),
while the pressure drop over the catalyst bed should be low.

* The selectivity of the process to the desired products of carbon monoxide and
hydrogen must be high.

e It should have high stability to allow for long periods of continuous operation
without significant changes in the performance.

The above factors must be met using process equipment that is economical to
construct and operate. First-row transition metals (Ni, Co, and Fe) and noble metals
(Ru, Rh, Pd, Pt, and Ir) have been reported as active catalysts for the POX of methane.
The Ni-based catalysts are the most studied due to the low cost. However, rapid deac-
tivation due to carbon deposition, carbon dissolution in the nickel, or metal loss at
high temperatures has been reported. Claridge et al.'® showed that methane decompo-
sition is the primary route for carbon formation over supported nickel catalysts at a
typical methane POX temperature of 780 °C. Noble metals, on the other hand, inhibit
dissolution of carbon and therefore have the potential to be stable CPO catalysts.

Another function of the CPO catalysts is to avoid the formation of carbon when
there is rapid temperature change in the system.'® For proper operation of catalysts,
a uniform mixing between the fuel and oxidant is required before reaching the cata-
lyst. Therefore, to ensure fast response time required by variable loads, small-scale
CPO systems are more favorable.

Lab-scale experiments have demonstrated the feasibility of a wide range of fuels
for CPO reformers. Some of the fuels examined are methane, ethanol, methanol, JP-8,
diesel, and bio-oil or biodiesel. Products from different fuels can be tuned toward
either syngas or olefins by changing the O,/C, steam/C ratio, and the catalyst.”*?!

3.4.1 Nickel-Based CPO Catalysts

Due to the widespread use of nickel-based catalysts for steam reforming, they have
received great interest for the POX of methane. The earliest study of Ni as a POX
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catalyst was reported by Prettre et al.”> Ni was attributed to be the active component
for syngas formation. A steep temperature gradient was observed with a maximum
located close to the reactor inlet. Dissanayake et al.”* examined Ni—Al,O; catalysts
for the POX and detected different forms of Ni phase with varying catalytic ability
along different regions of the catalyst bed.

A major problem with Ni catalyst systems is carbon deposition. Carbon, once
formed on Ni metal surface, can dissolve and diffuse through the metal. Carbon
accumulated at the rear side of the Ni particles can form whisker-like fibers and lift
the active metals away from the support, leading to marked activity loss and severe
pressure buildup in the reactor.”* Therefore, extensive efforts have been made to
eliminate carbon formation on the catalyst surface. This can be achieved by different
methods from literature studies. One way is the addition of a second or third metal
component to reduce the carbon deposition either by promoting surface gasification
of the deposited carbon, or selectively poisoning acidic sites that may contribute to
coking, and/or inhibiting carbon solubility in the metal particle. Bi- or trimetallic
nickel-based mixtures can be found in a significant body of research. Similar initial
activity was obtained for those catalysts, with reduced carbon deposition. For
example, Nakagawa et al.” studied a supported iridium-nickel bimetallic catalyst
system. Enhanced performance was observed for Ir (0.25 wt %)—Ni (0.5 wt %)/La,0;
catalyst, achieving 36% methane conversion (CH,/O, = 5) and CO and H, selectivity
of above 90% at 800 °C, and 25.3% methane conversion and >80% H, and CO selec-
tivity at 600 °C. Monometallic of either Ir or Ni alone on La,O; was evaluated, but
they did not show significant syngas formation at 600 °C. Rare earth metals were also
examined as a second component for an Ni-based catalyst system. Zhu and Flytzani-
Stephanopoulos® conducted a research with Ni-Ce catalysts for methane POX. The
Swt % Ni—Ce (La)O, catalyst, comprising highly dispersed nickel oxide in ceria,
showed excellent resistance to carbon deposition and stable performance during 100 h
onstream at 650 °C. When the Ni content was increased to >10wt %, both dispersed
nickel and bulk nickel oxide particles were formed, which is believed to be the cause
for unstable time-on-stream performance, with marked coking on the catalyst surface.

Wang et al.” also studied the effect of promoters such as Ce, La, and Ca and
the loading thereof on the catalytic performance of Ni catalyst in a continuous fixed-
bed reactor for the CPO of methane. However, loading large amounts of promoters
tended to decrease the catalytic activity due to coverage of active sites. It was found
that the effect of promoters was greater for o-Al,O; support than -AlLO;, with a Ce
loading of 1% giving the best results with respect to selectivity and conversion. The
reason for the better performance at low loading was ascribed to high dispersion of
Ce and formation of bulk CeO, with increasing loading. In addition to improving
stability, rare earth metals are found to facilitate nickel oxide reduction, which is
beneficial for CPO performance as well. This was reported in Chu and colleagues’®®
work on NiO/La,0;/y-Al,0s.

Boron was found to be an effective promoter from Chen and colleagues’®
studies. The two low Ni-loading catalysts (1wt % Ni and 1wt % NiB) showed
high activity/selectivity for the POX, as good as those of 1 wt % Rh and 10wt % Ni
catalysts supported on commercial ~Al,Os. The coking resistance was remarkably
better than that of 10 wt % Ni/Al,Os, with coke formation rate in the following order:
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10wt % Ni/Al,O; > 1 wt % Ni/Ca—AlO > 1 wt % NiB/Ca—AlO ~ 1 wt % Rh/AlO;.
This was ascribed to much smaller metallic Ni particle size induced by lowering Ni
loading combined with the addition of B promoter. The presence of B promoter
enhanced Ni particle dispersion and thermal stability, which greatly prevented the
formation of crystalline carbon during CPO.

Catalyst preparation is another important factor influencing CPO stability.
Zhang et al*® prepared NiO/y-Al,O; catalysts using both impregnation and
sol-gel methods. Catalysts were evaluated at 850°C and a GHSV as high as
1.8 X 10°L/(kg-h). It was shown that the sol-gel method yielded less carbon deposi-
tion than the catalyst prepared by impregnation method. For the sol-gel, an 80-h test
did not show apparent activity loss caused by carbon deposition, the loss or/and
sintering of nickel. However, a gradual decline in activity was observed, which was
attributed to the transition of the support from ¥y to o phase. Therefore, a complex
agent-assisted sol-gel method was employed to stabilize the support phase and
enhance performance as well. Xu and Wang®' employed coprecipitation method to
prepare CeO,—ZrO, solid solution as support for Ni. A strong interaction between
Ni and CeO,—ZrO, was confirmed by the H,-temperature programmed reduction
(TPR) analysis. High activity and stability were observed, with Ni/Ce,5Zr,750,
formulation exhibiting the best activity and coking resistance. The support prepared
by coprecipitation was found to play a large role in stabilizing the nickel catalyst
into the desired oxidation state.

Kim et al.*? reported the preparation, characterization, and catalytic performance
of a finely dispersed and thermally stable nickel catalyst incorporated into mesopo-
rous alumina. Mesoporous alumina catalysts that incorporate Ni (Ni—alumina) with
different Ni/Al molar ratios were synthesized by a one-step sol-gel method using
lauric acid as a template. The prepared Ni—alumina catalysts showed a relatively high
surface area with a narrow pore size distribution after calcination at 700 °C; these
effects were independent of the Ni/Al molar ratio. The Ni—alumina catalysts were
found to be highly active in the POX of methane. The deactivation of catalysts exam-
ined in this work was not due to catalyst sintering, but mainly to carbon deposition.

Not only the preparation method but also the support materials play a major
role in producing a highly active and stable CPO catalyst. Instead of conventional
alumina support, Sun et al.** studied 10 wt % Ni/SiC and detected tubular and amor-
phous carbon after time-on-stream. However, the deactivated catalyst was easily
regenerated through burning carbon in air, and the activity completely recovered to
the fresh condition. Another advantage is that the catalyst can be directly used in
the reaction without prereduction.

Calcium aluminate supports obtained with varying CaO/Al,O; ratios were
examined in a work by Goula et al.** Metallic nickel (Ni”) was shown to be the active
species for the methane POX reaction. The supports led to varying surface nickel
species reducibility, which ultimately influenced catalyst stability and activity.

Yang et al.¥ studied various supported metal catalysts (Ni, Co, Pt, Pd, Ru)
prepared using a novel nanoporous material 12Ca0 : Al,0; (C12A7) as support. With
an increase in space velocity, activity values for the catalysts were 1% Pt/CI2A7 > 5%
Co/C12A7 > 5% Ni/C12A7 > 1% Ru/C12A7 > 1% Pd/CI2A7. The activity and
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selectivity of Ni/CI2A7 and Pt/C12A7 increased with metal loading, and the activity
of 10% Ni/C12A7 was comparable to that of 1% Pt/C12A7. Ni/C12A7 exhibited a
low coke formation rate and the material was more active than nickel supported on
Ca0, ¥Al,0;, 3Ca0-Al0; (C3A), or CaO-Al,0;5 (CA), owing to the good disper-
sion of NiO on C12A7 and the existence of active oxygen ions incorporated in its
nanocages.

Since the metallic nickel seems to favor carbon formation so strongly, studies
have been performed to find methods to incorporate nickel into other structures such
as perovskites or hexa-aluminates. Chu et al. suggested the special structure of the
nickel containing barium hexa-aluminate to prevent its lattice from being destroyed
with the Ni loading as high as 20 wt %.* The “layered aluminate type” structure of
the barium hexa-aluminate support can accommodate Ni ions in the structure so that
a strong interaction exists between Ni ions and the support, which explains excellent
stability and capability to suppress carbon deposition. Over all compositions of
study, the reduced Ni-modified hexa-aluminates BaNi, Al;, ,0,9.s exhibit significant
catalytic activity and stability for the POX of methane to syngas, with 92% CH,
conversion and 95% CO selectivity at 850 °C. After 100 h of time-on-stream, no loss
of nickel was detected and carbon deposition is nearly negligible, although Ni loss
was reported as a concern.”’

Ni catalysts on perovskite-type oxides (CaTiOs;, SrTiO;, and BaTiO;) pre-
pared by a solid-phase crystallization method have been reported to be resistant to
coke formation.*® Perovskite-type oxides of La,,CaRu,,Ni,O; were synthesized
by the citrate sol-gel method. All perovskites showed a well-defined perovskite
structure with surface areas between 2 and 17m?%g. Among the calcium series,
LaysCay,RuogNip,0; proved to be the most active precursor catalyst with the
highest selectivity to syngas. Gou et al.*’ studied the performances of BaTi,Ni,Os
perovskites, prepared using the sol-gel method. Experimental studies showed that
the calcination temperature and Ni content exhibit a significant influence on cata-
Iytic activity. Among the catalysts they tested, the BaTi,gNi,,0O; catalyst exhibited
the best activity and stability.

3.4.1.1 Summary of Ni-Based CPO Catalysts

Nickel-based catalysts are viable for the POX of methane. The major problem asso-
ciated with these catalysts is the formation of carbon and consequent loss of catalytic
activity. Catalyst stability can be improved by different approaches as reviewed in
this section. The addition of a second or third promoter can facilitate surface carbon
gasification, or neutralizing acidic sites that may contribute to coking, and/or inhibit-
ing carbon solubility in the metal particle. Ni metal particle size and dispersion are
found to be closely dependent on support materials and preparation methods, which
strongly influences coke formation reaction. Highly dispersed Ni on the surface
tends to inhibit coke deposition. Another alternative is to place Ni into a structure
that can stabilize Ni oxidation state, thus reducing carbon formation. Perovskites
and hexaluminates have been shown to produce syngas under mild conditions;
however, these materials lack thermal stability and further improvement is needed.
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3.4.2 Precious Metal CPO Catalysts

It should be clear from the discussion of nickel catalysts that the use of inexpensive
nickel comes with a price because of problems with deactivation from carbon forma-
tion. One way to solve this problem is to avoid the use of nickel and replace it with
elements in which carbon does not dissolve.* This is the main reason that research
has focused on precious metal catalysts for CPO. The added cost of metal is to be
justified by better performance in terms of stability and yields. It is also clear that
the high space velocities obtainable in CPO will help reduce the total amount of
catalyst and thus alleviate one of the inherent problems with the cost of the precious
metals.

Some of the earliest work on precious metal catalysts for CPO of methane was
carried out by Ashcroft et al.*' In their work, Pr,Ru,0; was evaluated for CPO
performance. A methane conversion of >90% and selectivity of 94%-99% were
achieved. Pure Ru metal was detected on the catalyst surface and believed to be the
active component during the reaction.

Following the pioneering work by Ashcroft and his coworkers, other researchers
also examined Ru as active metal for CPO. Torniainen et al.*” investigated o-Al,O;
foam monolith-supported Ru catalysts for natural gas autothermal reaction and
found that Ru would not sustain the reaction. Rabe et al.* evaluated Ru catalysts
for dry CPO performance by coupling with thermogravimetric and infrared (IR)
spectroscopic analysis. It was found that at lower temperatures (<450 °C), catalysts
are in an oxidized state, which yields a high CO, selectivity. CO selectivity rises
with reduction of the catalysts. With S/C at 0.8 and O/C at 1.0, SRu/5Ce--Al,04
catalyst showed a stable performance during an 80-h period, with methane conver-
sion constantly about 65%. Kikuchi et al.** prepared hexa-aluminate catalysts based
on BaRu,Al;, Oy9y (x =0.25, 0.5, 1.0, and 1.5) via the alkoxide method and inves-
tigated the POX of CH, and C;H;. The catalyst exhibited excellent activities for CH,
and C;Hg POX under a high space velocity of 120,000 L/(kg-h). It was also found
that the strong interaction between Ru and the base oxide in the Ru-substituted
hexa-aluminate greatly inhibited Ru evaporation during the reaction. Similarly, in
Perkas and colleagues’* work on Ru CPO catalysts, to improve stability, a one-step
ultrasound assisted polyol reduction procedure was employed to disperse Ru
nanoparticles on mesoporous TiO,. The Ru** ions were created in a narrow size
distribution within the mesoporous TiO, support. High activity and selectivity
toward CO and H, up to 95% and 96% at 800 °C, respectively, have been achieved
during POX of methane at a GHSV of 14,400h™".

In addition to Ru, other precious metals investigated for CPO include Ag, Pt,
Re, Ir, Pd, and Rh.***#%>! Bharadwaj et al.* examined the catalytic oxidation of
alkanes on supported Ag catalysts at high temperatures (>800°C) in both fluidized
bed and monolithic reactors at contact times of 50-200 and 5-10ms, respectively.
Oxidation of CH,, C,H,, and i-C,H,, were examined on 0.25-0.5wt % Ag/o-Al,O;
in fluidized beds, while CH, and C,H, oxidations and ammoxidations were examined
on 4-35wt % Ag monoliths supported on o-Al,O;. However, results showed that it
was not possible to maintain reaction with only CH, and O, in the feed on Ag in
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either the fluidized bed or on the monoliths, which indicates that Ag is not very
active in catalyzing the POX of methane. Rh, Pt, Ir, Ru, Pd, and Re catalysts on
0-Al,O; foam monoliths were studied in Torniainen and colleagues’** work. Cata-
lysts were evaluated for methane CPO at a GHSV of 100,000h~". Rh, Pt, and Ir
displayed similar performance, with Rh showing better selectivity. All these cata-
lysts showed stable performance over time, although carbon was found downstream
on the tube wall for Pt. Ir catalyst was found to sinter into large crystals with time,
but performance was not reported to be affected. Ru catalyst was found not able to
sustain the operation. Pd catalysts suffered from serious coking, whereas hot spots
were detected on Re catalysts (1430°C), causing severe active metal loss. Claridge
et al.” reported similar findings for Rh, Pt, Ir, and Pd catalysts. However, in their
studies, instead of Re vaporization in Torniainen and colleagues’42 work, Re cata-
lysts demonstrated comparable activity as Rh, Pt, and Ir at high temperatures
(780°C). Otsuka et al.** studied Pt supported on CeO, catalysts and attributed per-
formance enhancement through Fourier transform IR spectroscopy (FT-IR) and
temperature programmed desorption (TPD) analysis to Pt accelerating desorption of
H, and CO from the surface, which was identified as the rate-determining step.

Through literature studies, Pt and Rh were identified to be active and stable
CPO catalysts, with Pt having lower hydrogen yield and activity than Rh, as attrib-
uted to a higher hot spot temperature by Rabe et al.** Hickman and Schmidt'®"
investigated Al,O; monolith-supported Rh and Pt catalysts for the POX of methane
and found that Rh has a higher H, selectivity (85%) than Pt (60% H, selectivity)
with a feed of CH,/O, at 1.6.

Arpentinier et al.>® reported nanostructured catalysts for the POX of methane
using Rh as the active metal. The hydrotalcite (HT)-type precursors, which contain
carbonates or silicates as interlayer anions, help create mixed oxide or silicate phases
after calcination. A strong interaction was found between the metal and support,
which explains better catalyst stability at high temperatures compared with those
obtained by deposition techniques. A 50-h test was performed, and X-ray diffraction
(XRD) and Bruauer Emmett Teller (BET) surface area measurements showed no
significant sign of changing with time-on-stream, indicating a stable catalyst.

The influence of precursors was also examined by Ruckenstein and Wang™ in
Rh/MgO catalysts. Large differences were found in the dispersion and surface area
of Rh depending on the precursor; however, no difference in the conversion or
selectivity was detected. This was attributed to diffusion-limited condition or in-
sufficient amount of catalyst to reach thermodynamic equilibrium. The resistance
to methane decomposition was found to be a function of the precursor, with
Mg(NOs),-6H,O deactivating the fastest and 4MgCO;-Mg(OH),-4H,O being the
most resistant. Stability tests over 90-h on all supports did not show any sign of
deactivation.

In another work, Ruckenstein and Wang™* examined the effects of support on
the performance of Rh catalysts for the POX of methane. Two kinds of metal oxide
supports, relatively easy reducible (CeO,, Nb,Os, Ta,0s, TiO,, ZrO,) and not
easy reducible (AL, O;, La,0;, MgO, SiO,, Y,0;), were studied. It was found that
reducible oxide-supported Rh catalyst with the exception of Ta,Os, which rapidly
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deactivated, gave much lower activities and selectivity to syngas. One possible
reason is that suboxide generated via the reduction of reducible oxides could migrate
onto the surface of the metal particles and decrease the number of active Rh sites.
Among the irreducible oxides, MgO provided the highest catalytic activity with high
product selectivity and stability. Strong interactions between rhodium and magne-
sium oxides (especially the formation of MgRh,0,) are responsible for the high
stability of MgO-supported Rh catalyst. Metallic thodium, which is believed to be
the active sites for methane POX, can be generated via the reaction between methane
and rhodium oxide (or Rh-containing compound) even in the presence of oxygen
and induces the POX of methane.

Bruno et al.™ investigated the activity of Rh/y-Al,O; and Rh/ZrO, in CH, POX
in an annular reactor, operating at high space velocity, under kinetically controlled
conditions and minimum temperature gradients along the catalyst bed. Effects of
temperature, dilution, space velocity, and CH,/O, ratio were explored. Rh/»~Al,O;
provided higher H, yields than Rh/ZrO, at all conditions. Concerning the process
kinetics, an indirect-consecutive kinetic scheme for synthesis gas formation pre-
vailed over Rh/)-Al,O3; the observed trends were in fact in line with the combined
presence of methane total oxidation, methane reforming reactions, and consecutive
oxidations of H, and CO. Over Rh/ZrO,, the additional contribution of a direct route
to synthesis gas could not be excluded. The complexity of the reaction scheme seems
associated with the existence of different active sites, whose concentration could be
affected by metal-support interactions and Rh reconstruction during conditioning.
Indeed, once exposed to the reaction atmosphere, the fresh catalysts showed an
initial conditioning during which a specific activation of the high temperature routes
(responsible for H, production) was observed.

Eriksson et al.*® investigated CPO of methane to syngas, over supported Rh
catalysts at atmospheric pressure at a GHSV of 99,000-110,000h™". The influence
of support material, Rh loading, and the presence of steam on the methane conver-
sion efficiency and the product gas composition were studied. The catalysts contain-
ing ceria in the support material showed the highest activity and formation of H,
and CO, which was ascribed to higher activity to WGS reaction. By increasing the
Rh loading, a decrease of the ignition temperature was obtained. Addition of steam
to the reactant gas mixture was found to increase the ignition temperature and
hydrogen formation, which is favorable for combustion applications where the CPO
stage is followed by H,-stabilized homogeneous combustion.

Hohn and Schmidt studied the effect of space velocity on the POX of methane
using different support geometries with Rh as a catalyst.”” Syngas selectivity drops
as space velocity is increased to above 4 X 10°h™ on foam alumina monolith support,
while nonporous alumina spheres allow high reactant conversions and syngas selec-
tivity even at high space velocities of 1.8 x 10°h™. The different results between
monoliths and spheres are explained by the major role played by the differences in
heat transfer within the two support geometries. A convective heat transfer model
was used to show that higher rates of convection in a monolith will lead to lower
front temperatures than a sphere bed, which is important at high space velocities,
leading to blowout and lower syngas selectivity. The performance of Rh-coated
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spheres is relatively independent of sphere size, although the largest sphere size
(3200 um) gave significantly worse results. Internal surface area has no effect on
performance as indicated by the nearly identical results of sintered and unsintered
spheres. Pressure drop is higher in spheres than in a monolith due to smaller void
fraction in the bed. A foam monolith has higher convective heat transfer but lower
conductive transfer, while spheres have higher conductive heat transfer maintaining
a uniform bed temperature at high gas velocities.

Leclerc et al.*® in Schmidt’s group showed that the POX of CH, to produce H,
and CO can be accomplished within ~5s from room temperature by spark igniting
a stoichiometric feed of CH, and air. The ignition rapidly heats Rh on o-alumina
catalyst to a temperature where it is possible to switch the feed to the syngas-
producing regime. This configuration should be useful for fast light-off in hydrogen
generation in transportation and stationary applications of fuel cells for electricity
generation. It was shown that the selectivity and conversion did not vary with varying
GHSV from 160,000 to 430,000h, making the system suitable for variable loads.

Natural gas is a widely used feedstock for syngas production. The presence of
parts per million levels of sulfur compounds poses a challenge for CPO catalyst
development. There are not many studies devoted to this research topic. GE Global
Research Center, in collaboration with Prof. Schmidt, evaluated Rh- and Pt-based
CPO catalysts in the presence of sulfur. CPO performance was negatively impacted
by parts per million level of sulfur, as indicated by a decrease in CH, conversion
and H, selectivity. However, upon removal of sulfur in natural gas, the CPO perfor-
mance was recovered. This was demonstrated in a 300-h long-term run by GE.* In
the test, Rh-based catalyst was evaluated at a 200,000h™ GHSV and 8 ppm sulfur
in natural gas. A sharp increase in catalyst back-face temperature was observed
immediately upon sulfur doping. However, this temperature returned to normal
when the sulfur was removed. Fundamental studies were performed to understand
the influence of sulfur on CPO catalysts. Spatially resolved temperature and con-
centration gradients in the presence of sulfur during CPO were collected by Schmidt’s
group using the profiling technique described earlier in this chapter. The poisoning
effect is shown to be due to severe hindrance of steam reforming by adsorbed sulfur,
whereas the POX occurring in the top portion of the catalyst bed was much less
affected. It was suggested that the presence of sulfur could limit surface diffusion
of H(s) and/or O(s), causing a decrease in CPO performance.*

3.4.2.1 Summary of Precious Metal CPO Catalysts

The presented review on precious metal catalysts for CPO has shown that it is pos-
sible to obtain high conversion of methane with good selectivity to syngas at high
GHSYV. Rhodium has been shown to be a better catalyst over Pt, Ru, and Pd. Much
of the current research is therefore focused on increasing the performance and stabil-
ity of the rhodium catalyst by investigating different supports. It is still not clear
what the best support is; however, the use of foam monoliths and sphere beds are
very promising, and in those systems, it is not a question of increasing the catalytic
activity but improving mass and heat transfer.
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One of the key challenges remaining in the development of precious metal cata-
lysts for CPO is attaining high yields at high pressures. The desire to operate the
reactors at pressure stems from the fact that the downstream processes utilizing
syngas operate at high pressures and that it will allow maintaining compact systems
while increasing the yields. Increasing the pressure while maintaining the volume
of catalyst will increase the temperature; this in turn increases the potential for
nonselective gas-phase reactions during mixing/preheating or in the reactor. Over-
coming these challenges require the design of specialized mixers that avoid gas-
phase ignition and development of very effective catalysts that permit the desired
surface-catalyzed reactions to proceed much faster than the competing gas-phase
reactions.

Another aspect that needs more research efforts is sulfur tolerant CPO catalyst
design and understanding of sulfur deactivation mechanism to predict catalyst life-
time, which is critical for industrial application of the CPO technology.

3.5 CPO MECHANISM AND KINETICS

To meet the challenges for effective CPO catalyst design, it is necessary to have a
fundamental understanding of what is happening on the catalyst surface. Different
detail levels of kinetic models can be found from literature studies. The most fun-
damental ones are based on elementary reactions with a large number of steps and
detailed accounting regarding the surface coverage, while the least fundamental ones
are based on one global reaction rate, which is normally dependent on the partial
pressure of the species. It should be clear that the choice of detail largely depends
on the purpose of the study. For catalyst design, the computational costs of solving
large models may be defended, whereas in other systems when catalyst is not the
focus area, simple rate laws may fulfill the needs. The development of kinetic model-
ing allows a safe investigation of the operational settings that potentially could be
dangerous experimentally. Insights gained from the modeling can guide catalyst
development, reactor scale-up, and process operation.

3.5.1 Ni Catalyst Mechanism and Reactor
Kinetics Modeling

There has been a large amount of literature examining the steam reforming mecha-
nism over Ni catalysts, which greatly contributes to the understanding of CPO
mechanism. A detailed summary of Ni catalyst steam reforming mechanism and
kinetics can be found in the steam reforming chapter of this book. In De Groote and
Froment’s studies,® the overall CPO reaction mechanism was simulated, incorporat-
ing different reactions: catalytic combustion, steam reforming, and WGS. Methane
decomposition and the Boudouard reaction were also included to account for carbon
formation. Kinetic modeling was conducted with an adiabatic fixed-bed reactor,
with total combustion occurring first followed by the steam reforming and WGS
reactions. Effectiveness factors were employed to take intraparticle transport into
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consideration. In another study by De Groote and Froment,” the POX of CH,/O,
and CH,—air mixtures into synthesis gas was modeled on a Ni/MgO/A1,0; catalyst
in an adiabatic fixed-bed reactor to further investigate carbon formation. Diffusion
limitations were accounted for through effectiveness factors, averaged over the
operating conditions, and calculated from a number of off-line pellet simulations.
Coke deposition as a function of time was included in the simulation to examine
whether or not a steady-state reactor operation was possible. The influence of the
feed composition (addition of steam and carbon dioxide) and the operating condi-
tions on the coke content was also investigated.

3.5.2 Precious Metal Catalyst Mechanism and
Reactor Kinetics Modeling

The reaction mechanism is an important and open question in CPO research. Direct
and indirect mechanisms were proposed, as summarized in a review paper by York
et al. in 2003.% Some authors support the direct mechanism whereas some find
evidence for the indirect mechanism. Others advocate for a mechanism in between.
Professor Schmidt’s group reported extensive fundamental studies on CPO reaction
mechanism.* For CPO reaction, the direct mechanism assumes that H, and CO are
primary reaction products formed by POX in the presence of gas phase O,. This can
be shown by the following equation, with competitive formation of H,O and CO,
included (0 <x<2,0<y<1):

CH, +(2—§—%)02 — xH, +yCO+(2 - x)H,0+(1-y)CO,. (3.5

The indirect mechanism postulates a two-zone model with strongly exothermic
CH, combustion to H,O and CO, (Eq. 3.6) at the catalyst entrance, followed by
strongly endothermic steam (see Eq. 3.3) and CO, reforming downstream (Eq. 3.7):

CH, +20, — CO, +2H,0, AH? = -803 kJ/mol, (3.6)
CH, +CO, — 2CO+2H,, AHY = +247 kJ/mol. 3.7)

Two approaches are typically adopted in literature for mechanistic studies.®*
One is to compare reactor exit data obtained from realistic methane CPO experi-
ments with numerical simulations derived from reaction mechanism assumption. For
the other approach, well-defined isothermal low-pressure or diluted conditions
different from technical applications are employed. Mechanistic conclusions are
drawn based on experimental product distribution under those conditions.

In the mechanistic studies conducted by Horn et al..** methane CPO reactions
were run under as close to industrial conditions as possible. A high-resolution
(=300 um) spatial profiling technique was developed to measure the temperature and
species profiles along the centerline of the catalyst bed. The unprecedented high-
resolution data make it possible to accurately speculate reactions occurring along
the catalyst bed (1I0mm) in a very short contact time. It was revealed that for
Rh-supported CPO catalysts, H, and CO are formed in both the initial 0~2-mm
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POX and the subsequent 2~10-mm steam reforming zone. No CO, reforming was
observed. Higher H, and CO yields were detected at high catalyst temperatures,
which were attributed to increased CH, conversion and H, and CO selectivities in
the oxidation zone and accelerated steam reforming reactions downstream. For Pt
catalysts, a longer oxidation zone and lower steam reforming activity were mea-
sured, yielding much less syngas in comparison with Rh.

Based on experimental results and mechanistic studies, extensive kinetics and
reactor modeling work has been conducted. Hickman and Schmidt combined a 19-
step elementary reaction mechanism and reactor modeling to simulate methane CPO
on Rh and Pt. All reactions were assumed independent of coverage due to low pres-
sures used for the reactions.®® Reactor models were varied depending on the mass
transfer rates. Syngas selectivities and yields predicted from the model were found
in good agreement with experimental results. This reactor modeling study was
revised by Deutschmann and Schmidt®*®’ to include surface coverage-dependent
reaction rates and gas-phase chemistry. A two-dimensional model (1D spatial and
1D temporal) for methane CPO on Rh in monolithic reactors was employed. There-
fore, it offers a detailed description of the complex interaction between mass and
heat transfer as well as the reaction chemistry. An extremely rapid variation of
temperature, velocity, and transport coefficients was seen at the reactor entrance,
accompanied by a large amount of CO, and H,O from complete methane oxidation.
The competition between complete and partial methane oxidation was ascribed to
different extents of surface coverage caused by reaction pressures. Methane conver-
sions as well as H, and CO selectivity are found to increase with increasing tem-
perature. To better predict the reaction at pressures, Deutschmann et al.®® simulated
the reaction using 38 elementary steps and a three-dimensional reactor model, taking
reaction—diffusion into account. This model provides a more accurate estimation of
gas-phase reactions, inlet rapid variations, and the steam reforming reaction.

Bizzi et al.* examined the physicochemical features of short contact time CPO
of methane on Rh with experimental and modeling activities. Instead of using an
elementary reaction mechanism, three global reactions were considered: total oxida-
tion, POX, and WGS. The theoretical analysis was developed by coupling transport
phenomena and chemical kinetics in a diffusion-reaction system. Oxygen transport
from the bulk gas phase to the catalyst was found to be the rate-limiting step. In
another study by Bizzi et al.,” the effect of thermal conductivity in the support was
highlighted. In their work, reactions could only take place when oxygen was present,
which implies that steam reforming, total, and POX reactions all happen in parallel.
It was shown that increasing the thermal conductivity does not change the reactor
performance significantly unless the conductivity is changed independently in the
preheat and the reaction zone. It should be noted that this simplified mechanism was
incapable of predicting blowout. In order to predict blowout, Bizzi et al.”" incorpo-
rated the surface mechanism by Deutschmann and Schmidt®® and Deutschmann
et al.*® to examine the effects of the support geometry, feed composition, and reactor
scale-up. Biesheuvel et al.” studied the catalytic conversion of a gaseous hydrocar-
bon fuel with air and steam to synthesis gas by ATR and CPO using a 1D stationary
reactor model. This model relies on effective rate equations to reflect mass transfer
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to the catalyst surface. The reactor was simulated with two sections: an upstream
oxidation section and a downstream reforming section. In the oxidation section,
oxygen was completely converted. Kinetics was not considered in this section, and
an empirical fuel utilization ratio was used to quantify fuel conversion. In the reform-
ing section, the reactor was modeled as plug flow, and methane conversion is deter-
mined based on kinetics and how close the local composition is to equilibrium. The
gas temperature rapidly increased in the oxidation section and peaked at the intersec-
tion with the reforming section.

3.6 START-UP AND SHUTDOWN PROCEDURE
OF CPO

The most hazardous part of the reactor operation for CPO is in the transient mode
of start-up and shutdown, where improper control of the carbon-to-oxygen ratio can
lead to catastrophic results. Safe start-up of CPO reactors can be approached in
several ways. One way is to pass preheated inert gas over the catalyst to reach a
certain minimum temperature required for “light-off.” When the temperature is suf-
ficient (=350 °C for methane CPO), fuel and oxygen can be admitted in a controlled
manner to start the reaction.”® If a high enough O,/C ratio is initially fed to the
reactor, the reaction will rapidly increase the temperature of the catalyst, perhaps to
a level that is undesirable. Ideally, a fraction of the desired O,/C ratio will be initially
fed, followed by a systematic increase to the final desired value while continuously
monitoring the catalyst temperature. Tight control of the O,/C ratio is necessary to
stay well below the stoichiometric ratio needed for combustion of the fuel. Ratios
approaching this stoichiometric limit run high risk of exceeding temperatures of
1000°C and damaging the catalyst and possibly reactor components. These risks
often require safety controls of catalysts inlet and outlet temperatures as well as fuel
and air (O,) flow rates.

Alternatively, one can introduce either NH; or H, with air and either decrease
or eliminate the need for preheat. These reactions will proceed at much lower tem-
peratures and provide the heat necessary to warm the catalyst before switching to
the desired fuel. When the catalyst temperature is high enough, NH; or H, can be
incrementally replaced with the desired fuel. It should be stressed that the feed
composition should always be outside the flammable range in order to avoid upstream
flames. In fact, in practical design, flashback protection and temperature alarms are
common in the upstream portion of CPO reactors.

Yet another approach to initiate a CPO reaction is by the use of spark ignition.
This technique uses an electric spark situated slightly upstream of the catalyst to
ignite a stoichiometric mixture of methane and air for combustion. This feed com-
position is then altered to the desired composition. This technique has been used for
rapid-start application and has been reported to achieve production of syngas in ~55s.%®

Because CPO reactors are normally operated in the fuel-rich regime, the proper
way to shut them down is to remove the oxidant and thus avoid feed compositions
that are within the flammable range that could potentially lead to explosions.
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Another potential concern of proper shutdown is the potential formation of coke on
the catalyst or in the reactor itself. Coke formation could occur if the O,/C ratio is
maintained too low in the absence of steam for an extended period of time. In order
to ensure a safe shutdown, the oxidant is removed from the system while fuel and
steam continue to flow for a short period to ensure all oxidizants have been removed
from the system. Subsequently, the reactor can be blanketed with an inert gas for
cooldown.

CPO reactor design and operation is still a field with ongoing investigation.
However, this review of the scientific literature has shown that a theoretical frame-
work exists. The framework has identified important process parameters, and with
this knowledge, it should be possible to design reliable systems for commercial
applications. It should be noted that steady-state operation might not be the only
way to operate these systems since interesting results have been obtained using a
cyclic or reverse flow mode.

3.7 CPO OF RENEWABLE FUELS

In view of the growing concern over greenhouse gas emissions, fuels from renewable
sources have received increasing interest in recent years.”?’® Recent work on CPO
has therefore focused on using feedstocks that are renewable.

The work by Deluga et al.” showed that it is possible to obtain complete con-
version of ethanol and high selectivity to hydrogen (80%) over Rh—Ce catalysts on
Al,O, foams at millisecond contact time (GHSV 1.5 x 10°h™). This selectivity could
be further increased by the addition of steam not only to convert all the hydrogen
in the ethanol but also some hydrogen from the steam as well. Operation with steam
is furthermore favorable since one of the main costs of ethanol is closely linked to
the cost of water vaporization. By adding a catalyst bed of Pt—Ce, it was possible
to drive the WGS reaction toward CO, and H, thus lowering the CO content. This
work was featured by almost complete absence of by-products like acetaldehyde and
CH,. There were reported problems with catalyst stability in the work by Salge
et al.,! where pure Rh catalyst on Al,O; would disintegrate with time-on-stream.
The reason for this was not described in the work but was speculated to be relevant
with the formation of hot spots in the catalyst. It was furthermore shown that the
selectivity to CH, increased with increasing GHSYV, indicating that it is first formed
and then reformed inside the catalyst.

While the use of ethanol opens the door to using renewable fuels in a CPO
reactor, it still requires a volatile fuel. However, most of the available biomass is
nonvolatile. Thus, there is great interest in extending the CPO technology to non-
volatile renewable fuels. This was demonstrated by Duane and Schmidt™ where soy
oil was successfully partially oxidized at millisecond contact times. This was
achieved by spraying the soy oil directly on the hot catalyst surface. The extreme
heat flux prevented the formation of soot by rapidly pyrolyzing the oil into smaller
hydrocarbons that were subsequently partially oxidized over the catalyst. This
resulted in almost complete conversion of the fuel to syngas with only a small
amount of olefins produced.
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3.8 SUMMARY

This review has shown the current state of the art in connection with CPO and ATR of
methane to syngas. The focus incorporated both commercial and academic areas of interest.

There is a vast amount of scientific literature that describes various aspects of the catalyst
systems used in CPO. The initial choice stands between using an inexpensive Ni catalyst and
choosing a precious metal catalyst, such as Rh. The former has been investigated for 60+
years in a variety of configurations, while precious metals have been researched for over 15
years. As in all catalyst development, the focus is on maintaining the activity for long-term
operation. The main problem with lifetime is the formation of carbon on nickel. However,
for both types of catalysts, current research focuses on the support used to form stronger
support—metal interactions to avoid sintering and to maintain the catalyst in its active oxida-
tion state. Further research on the support includes optimizing mass and heat transfer, which
would allow for even more compact designs.

Through results from surface science and direct measurement of rate constants, it has
been possible to develop detailed surface mechanism for Rh and Pt, which gives a thorough
understanding of the elementary steps and allows one to make predictions of operating condi-
tions that are not easily obtained safely in a laboratory, such as high pressure. The main focus
of the mechanistic work is to establish whether the formation of syngas proceeds via a direct
mechanism or through deep oxidation followed by reforming. The models suggest that both
mechanisms are important in accurately predicting experimental results. The level of compu-
tational cost incurred from detailed models may not always be warranted from the specific
application. For this reason, simplified models have been proposed. They do not rely on
elementary steps, but on overall reactions such as total oxidation, reforming, WGS, and POX.
Within the realm of use, these models have been shown to provide adequate accuracy at much
lower computational cost.

The CPO technology has, in recent years, started to migrate from research laboratories
into commercial application, exemplified by the growing number of patents, where it is seen
as an alternative to steam reformers for hydrogen production. The reason for this is the effec-
tiveness of catalysts, which would give high selectivity to hydrogen and yield themselves to
a compact design, which allows for rapid response and relatively low capital cost. This has
been achieved through fundamental knowledge of the process through years of research. The
commercial application relying on CPO and ATR have thus far focused primarily on produc-
tion of hydrogen for fuel cells, where the compact design makes CPO an obvious choice since
many of these systems are designed to be portable. However, the future will certainly expand
the areas where this technology will find its application.

ACKNOWLEDGMENTS

The authors would like to thank Dr. Rick Watson for his contribution in reviewing this
chapter, Dr. Lakshmi Tulasi for her contribution on the literature search and review.

REFERENCES

1. SHADLE, L.J., BERRY, D.A., and SyamMLAL, M. Coal conversion processes. In Kirk-Othmer Encyclo-
pedia of Chemical Technology, 3rd edition. New York: John Wiley & Sons, pp. 224-377, 2002.



152 Chapter 3 Catalytic Partial Oxidation and Autothermal Reforming

10.

1.

13.

14.

15.

16.

17.

18.

19.

20.

21.

22.

23.

24.

. ProOBSTEIN, R.F. and Hicks, R.E. Synthetic Fuels. New York: McGraw-Hill, p. 1, 1979.
. BaaDpg, W1, UpAy, N.P, and VENKAT, S.R. Hydrogen. In Kirk-Othmer Encyclopedia of Chemical

Technology. New York: John Wiley & Sons, 2001.

. TwiGG, M.V. Catalyst Handbook. London: Wolfe Publishing, 1989.
. SHINNAR, R. The hydrogen economy: Clarifications on solar cell technologies. Chemical Engineering

Progress, 2005, 101, 5.

. FARrRAUTO, R., HWANG, S., SHORE, L., RUETTINGER, W., LAMPERT, J., Giroux, T., Liu, Y., and

ILiNicH, O. New material needs for hydrocarbon fuel processing: Generating hydrogen for the PEM
fuel cell. Annual Review of Materials Research, 2003, 33, 1.

. Groux, T., HWANG, S., L1u, Y., RUETTINGER, W., and SHORE, L. Monolithic structures as alterna-

tives to particulate catalysts for the reforming of hydrocarbons for hydrogen generation. Applied
Catalysis. B, Environmental, 2005, 56, 185.

. Liu, K., BuGLuss, J., and Kocuwm, E. Overview of fuel processing technologies for fuel cells. AIChE

Spring National Meeting. New Orleans, LA, April 2004.

. OGDEN, J.M., KrREUTZ, T.G., STEINBUGLER, M., CoX, A.B., and WHITE, J.W. Hydrogen energy

systems studies. Proceedings of the U.S. DOE Hydrogen Program Review. Miami, FL, p. 125, May
1996.

HickmaN, D.A. and ScHMIDT, L.D. Production of syngas by direct catalytic oxidation of methane.
Science, 1992, 259, 343.

HickmaN, D.A. and ScHMIDT, L.D. Synthesis gas formation by direct oxidation of methane over Pt
monoliths. Journal of Catalysis, 1992, 138, 267.

. LyuBovsky, M., ROYCHOUDHURY, S., and LAPIERRE, R. Catalytic partial oxidation of methane to

syngas at elevated pressures. Catalysis Letters, 2005, 99, 113.

Liu, K., DELUGA, G.A., MOOREFIELD, C., WEI, W., HAYNES, J., and GILLETTE, G. Integrated short
contact time hydrogen generator. DOE Quarterly Progress Report, DE-FG36-05G0O15023, Q4,
2006.

HorN, R., WiLLIAMS, K.A., DEGENSTEIN, N.J., and ScHMIDT, L.D. Syngas by catalytic partial oxida-
tion of methane on rhodium: Mechanistic conclusions from spatially resolved measurements and
numerical simulations. Journal of Catalysis, 2006, 242, 92.

LyuBovsky, M., KArIM, H., MENACHERRY, P., BOORSE, S., LAPIERRE, R., PFEFFERLE, W.C., and
RoycHOUDHURY, S. Complete and partial catalytic oxidation of methane over substrates with
enhanced transport properties. Catalysis Today, 2003, 83, 183.

Epwarps, N., ELLIS, S.R., Frost, J.C., GoLUNSKI, S.E., VAN KEULEN, A.N.J., LINDEWALD, N.G.,
and REINKINGH, J.G. On-board hydrogen generation for transport applications: The hot spot metha-
nol processor. Journal of Power Sources, 1998, 71, 123.

CHALK, S.G., MILLER, J.F., and WAGNER, F.W. Challenges for fuel cells in transport applications.
Journal of Power Sources, 2000, 86, 40.

CLARIDGE, J.B., GREEN, M.L.H., TsaNG, S.C., YOrk, A.P.E., AsHCROFT, A.T., and BATTLE, P.D.
A study of carbon deposition during partial oxidation of methane to synthesis gas. Catalysis Letters,
1993, 22, 299.

BURKE, N. and Davip, T. Coke formation during high pressure catalytic partial oxidation of methane
to syngas. Reaction Kinetics and Catalysis Letters, 2005, 84, 137.

O’CoNNOR, R.P, KLEIN, E.J., HENNING, D., and ScumMipT, L.D. Tuning millisecond chemical
reactors for the catalytic partial oxidation of cyclohexane. Applied Catalysis. A, General, 2002, 238,
29.

SALGE, J.R., DELUGA, G.A., and ScHMIDT, L.D. Catalytic partial oxidation of ethanol over noble
metal catalyst. Journal of Catalysis, 2005, 235, 69.

PRETTRE, M., EICHNER, C., and PERRIN, M. The catalytic oxidation of methane to carbon monoxide
and hydrogen. Transactions of the Faraday Society, 1946, 42, 335.

DisSANAYAKE, D., RosyNEk, M.P., KHaras, K.C.C., and LuNsrorD, J.H. Partial oxidation of
methane to carbon monoxide and hydrogen over a nickel/alumina catalyst. Journal of Catalysis,
1991, 132, 117.

ROSTRUP-NIELSEN, J.R. and BAK-HANSEN, J.H. Carbon dioxide reforming of methane over transition
metals. Journal of Catalysis, 1993, 144, 38.



25.

26.

217.

28.

29.

30.

31.

32.

33.

34.

35.

36.

37.

38.

39.

40.

41.

42.

43.

44,

45.

46.

47.

References 153

NAKAGAWA, K., IKENAGA, N., TENG, Y., KoBavasHi, T., and Suzuki, T. Partial oxidation of
methane to synthesis gas over iridium-nickel bimetallic catalysts. Applied Catalysis. A, General,
1999, 180, 183.

Zunu, T. and FLYTZANI-STEPHANOPOULOS, M. Catalytic partial oxidation of methane to synthesis
gas over Ni-CeO,. Applied Catalysis. A, General, 2001, 208, 403.

WaNG, H.-T., L1, Z.-H., and TiaN, S.-X. Effect of promoters on the catalytic performance of Ni/
AlLO5 catalyst for partial oxidation of methane to syngas. Reaction Kinetics and Catalysis Letters,
2004, 83, 245.

CHu, Y, LL, S, LIN, J., Gu, J., and YANG, Y. Partial oxidation of methane to carbon monoxide and
hydrogen over NiO/La,O; and y-ALO; catalysts. Applied Catalysis. A, General, 1996, 134,
67.

CHEN, L., Lu, Y., HONG, Q., LIN, J., and DAUTZENBERG, F.M. Catalytic partial oxidation of methane
to syngas over Ca-decorated-Al,O;-supported Ni and NiB catalysts. Applied Catalysis. A, General,
2005, 292, 295.

ZHANG, Y., XIONG, G., SHENG, S., and YANG, W. Deactivation studies over NiO/y-Al,O; catalysts
for partial oxidation of methane to syngas. Catalysis Today, 2000, 63, 517.

Xu, S. and WaANG, X. Highly active and coking resistant Ni/CeO,-ZrO, catalyst for partial oxidation
of methane. Fuel Processing Technology, 2005, 84, 563.

Kmv, P, Kiv, Y., Kmv, H., SonG, LK., and Y1, J. Synthesis and characterization of mesoporous
alumina with nickel incorporated for use in the partial oxidation of methane into synthesis gas.
Applied Catalysis. A, General, 2004, 272, 157.

SuN, W.-Z., JIN, G.-Q., and Guo, X.-Y. Partial oxidation of methane to syngas over Ni/SiC catalysts.
Catalysis Communications, 2005, 6, 135.

GouLa, M.A., LEMONIDOU, A.A., GRUNERT, W., and BAERNS, M. Methane partial to synthesis gas
using nickel on calcium aluminate catalysts. Catalysis Today, 1996, 32, 149.

YANG, S., Konpo, J.N., HavasHI, K., HIRaNO, M., DoMEN, K., and HosoNno, H. Partial oxidation
of methane to syngas over promoted C12A7. Applied Catalysis. A, General, 2004, 277, 239.

CHu, W., YANG, W., and LIN, L. Selective oxidation of methane to syngas over NiO/barium hexaalu-
minate. Catalysis Letters, 2001, 74, 139.

CHu, W., YANG, W., and LIN, L. The partial oxidation of methane to syngas over the nickel-modified
hexaaluminate catalysts BaNiyAl,,O,q.5. Applied Catalysis. A, General, 2002, 235, 39.
GOLDWASSER, M.R., Rivas, M.E., PIETRI, E., PEREZ-ZURITA, M.J., CUBEIRO, M.L., GRIVOBAL-
CONSTANT, A., and LECLERCQ, G. Perovskites as catalysts precursors: Synthesis and characterization.
Journal of Molecular Catalysis. A, Chemical, 2005, 228, 325.

Guo, C., ZHANG, J., L1, W., ZHANG, P., and WANG, Y. Partial oxidation of methane to syngas over
BaTi, Ni,O; catalysts. Catalysis Today, 2004, 98, 583.

ROSTRUP-NIELSEN, J.R., SEHESTED, J., and Ngrskov, J.K. Hydrogen and syngas by steam reforming.
Advances in Catalysis, 2002, 47, 65.

ASHCROFT, A.T., CHEETHOM, A.K., Foorp, J.S., GREEN, M.L.H., Grey, C.P., MURREL, C.P., and
VERNON, PD.F. Selective oxidation of methane to syntheis gas using transition metal catalysts.
Nature, 1990, 344, 319.

TORNIAINEN, PM., CHU, X., and ScuMIDT, L.D. Comparison of monolith-supported metals for the
direct oxidation of methane to syngas. Journal of Catalysis, 1994, 146, 1.

RABE, S., TRUONG, T.-B., and VOGEL, F. Low temperature catalytic partial oxidation of methane for
gas-to-liquids applications. Applied Catalysis. A, General, 2005, 292, 177.

KikucHi, R., Iwasa, Y., TAKEGUcHI, T., and EcucHi, K. Partial oxidation of CH, and C;Hg over
hexaaluminate-type oxides. Applied Catalysis. A, General, 2005, 281 (1-2), 61.

PERKAS, N., ZHONG, Z., CHEN, L., BESSON, M., and GEDANKEN, A. Sonochemically prepared high
dispersed Ru/TiO, mesoporous catalyst for partial oxidation of methane to syngas. Catalysis Letters,
2005, 103, 9.

BHARADWAL, S.S., YOKOYAMA, C., and ScHMIDT, L.D. Catalytic partial oxidation of alkanes on silver
in fluidized bed and monolith reactors. Applied Catalysis. A, General, 1996, 140, 73.

CLARIDGE, J.B., GREEN, M.L.H., and TsaNG, S.C. Methane conversion to synthesis gas by partial
oxidation and dry reforming over rhenium catalysts. Catalysis Today, 1994, 21, 455.



154 Chapter 3 Catalytic Partial Oxidation and Autothermal Reforming

48.

49.

50.

S1.

52.

53.

54.

55.

56.

57.

58.

59.

60.

61.

62.

63.

64.

65.

66.

67.

68.

69.

SanTos, A.C.S.F.,, DamyaNova, S., TEIXEIRA, G.N.R., MaTTOS, L.V., NoRONHA, E.B., PAssos,
FE.B., and BUENO, J.M.C. The effect of ceria content on the performance of Pt/CeO,/Al,0O5 catalysts
in the partial oxidation of methane. Applied Catalysis. A, General, 2005, 290, 123.

ALBERTAZZI, S., ARPENTINIER, P., BASILE, F., Del GALLO, P, FOrRNASARI, G., GARY, D., and
VAccARrl, A. Deactivation of a Pt/y-Al,O; catalyst in the partial oxidation of methane to synthesis
gas. Applied Catalysis. A, General, 2003, 247, 1.

SILBEROVA, B., VENVIK, H.J., WALMSLEY, J.C., and HOLMEN, A. Small-scale hydrogen production
from propane. Catalysis Today, 2005, 100, 457.

REYES, S.C., SINFELT, J.H., and FEELEY, J.S. Evolution of processes for synthesis gas production:
Recent developments in an old technology. Industrial & Engineering Chemistry Research, 2003, 42,
1588.

OT1suka, K., WANG, Y., SUNADA, E., and YAMANAKA, I. Direct partial oxidation of methane to
synthesis gas by cerium oxide. Journal of Catalysis, 1998, 175, 152.

ARPENTINIER, P., BASILE, F., DEL GALLO, P., FORNASARI, G., GARY, D., ROSETTI, V., and VACCARI,
A. Role of the hydrotalcite-type precursor on the properties of CPO catalysts. Catalysis Today, 2005,
9, 99.

RUCKENSTEIN, E. and WANG, Y.H. Partial oxidation of methane to synthesis gas over MgO-
supported Rh catalysts: The effect of precursor of MgO. Applied Catalysis. A, General, 2000, 198, 33.
Bruno, T., BERETTA, A., GrROPPI, G., RODERI, M., and FOrRzATTI, P. A study of methane partial
oxidation in annular reactor: Activity of Rh/ai-Al,O; and Rh/ZrO, catalysts. Catalysis Today, 2005,
99, 89.

ERIKSSON, S., NILsSsON, M., BOUTONNET, M., and JARAS, S. Partial oxidation of methane over
rhodium catalysts for power generation applications. Catalysis Today, 2005, 100, 447.

Homnn, K.L. and ScamipT, L.D. Partial oxidation of methane to syngas at high space velocities over
Rh-coated spheres. Applied Catalysis. A, General, 2001, 211, 53.

LEcLERC, C.A., REDENIUS, J.M., and ScHMIDT, L.D. Fast light off of millisecond reactors. Catalysis
Letters, 2002, 79, 39.

Liu, K., Hong, J.K., WEI, W., ZHANG, L., Cul, Z., SINGH, S., and SUBRAMANIAN, R. Integrated
short contact time hydrogen generator. DOE Final Report DE-FG36-05G015023, 2009.
BITSCH-LARSEN, A., DEGENSTEIN, N.J., and ScHMIDT, L.D. Effect of sulfur in catalytic partial oxida-
tion of methane over Rh-Ce coated foam monoliths. Applied Catalysis. B, Environmental, 2008, 78
(3-4), 364.

DE GrOOTE, A.M. and FROMENT, G.F. Synthesis gas production from natural gas in a fixed-bed
reactor with reversed flow. Canadian Journal of Chemical Engineering, 1996, 74, 735.

DE GrOOTE, A.M. and FROMENT, G.E. The role of coke formation in catalytic partial oxidation for
synthesis gas production. Catalysis Today, 1997, 37, 309.

York, A.PE., X1ao, T., and GREeN, M.L.H. Brief overview of the partial oxidation of methane to
synthesis gas. Topics in Catalysis, 2003, 22 (3), 345.

Horn, R., WiLL1IAMS, K.A., DEGENSTEIN, N.J., BITSCH-LARSEN, A., DALLE NOGARE, D., TuPY, S.A.,
and ScHMIDT, L.D. Methane catalytic partial oxidation on autothermal Rh and Pt foam catalysts:
Oxidation and reforming zones, transport effects, and approach to thermodynamic equilibrium.
Journal of Catalysis, 2007, 249 (2), 380.

HickMaN, D.A. and ScumIDT, L.D. Reactors, kinetics and catalysis—Steps in CH, oxidation on Pt
and Rh surfaces: High-temperature reactor simulations. AIChE Journal, 1993, 39 (7), 1164.
DEUTSCHMANN, O. and ScHMIDT, L.D. Two-dimensional modeling of partial oxidation of methane
on rhodium in a short contact time reactor. Proceedings of the International Symposium on Combus-
tion, 1998, 2, 2283.

DEUTSCHMANN, O. and ScHMIDT, L.D. Modeling the partial oxidation of methane in a short-contact-
time reactor. AIChE Journal, 1998, 44 (11), 2465.

DEUTSCHMANN, O., SCHWIEDERNOCH, R., MAIER, L.I., and CHATTERJEE, D. Natural gas conversion
in monolithic catalysts: Interaction of chemical reactions and transport phenomena. Symposium on
Natural Gas Conversion VI. Studies in Surface Science and Catalysis, 2001, 136, 251.

Bizzi, M., Basini, L., SaArRAcco, G., and SPECCHIA, V. Short contact time catalytic partial oxidation
of methane: Analysis of transport phenomena effects. Chemical Engineering Journal, 2002, 90, 97.



70.

71.

72.

73.

74.

75.

76.

References 155

Bizzi, M., Basing, L., Saracco, G., and SPECCHIA, V. Modeling a transport phenomena limited
reactivity in short contact time catalytic partial oxidation reactors. Industrial & Engineering Chem-
istry Research, 2003, 42, 62.

Bizz1, M., SARACCO, G., SCHWIEDERNOCH, R., and DEUTSCHMANN, O. Modeling the partial oxida-
tion of methane in a fixed bed with detailed chemistry. AIChE Journal, 2004, 50, 1289.
BIESHEUVEL, PM. and KRAMER, G.J. Two-section reactor model for autothermal reforming of
methane to synthesis gas. AIChE Journal, 2003, 49, 1827.

REITZ, TL., AHMED, S., KRUMPELT, M., KUMAR, R., and KunG, H.H. Characterization of CuO/ZnO
under oxidizing conditions for the oxidative methanol reforming reaction. Journal of Molecular
Catalysis A: Chemical, 2000, 162, 275.

DuANE, A.G. and ScHMmIDT, L.D. Microsecond catalytic partial oxidation of alkanes. Science, 1996,
271, 1560.

VELU, S. and SoNG, C. Advances in catalysis and processes for hydrogen production from ethanol
reforming. Catalysis, 2007, 20, 65.

DELUGA, G.A., SALGE, J.R., ScumIDT, L.D., and VERYKI10s, X.E. Renewable hydrogen from ethanol
by autothermal reforming. Science, 2004, 303, 993.



Chapter 4

Coal Gasification

KEe Liu,' ZHE Cul,' AND THoMAS H. FLETCHER?

'Energy & Propulsion Technologies, GE Global Research Center
*Department of Chemical Engineering, Brigham Young University

4.1 INTRODUCTION TO GASIFICATION

Coal gasification is a well-established technology to convert coal partially or com-
pletely to syngas, which generally consists of CO, H,, CO,, CH,, and impurities such
as H,S and NHj;. Coal gasifiers use either O, or air to provide heat by combustion
of some of the coal, and steam or CO, is added for gasification reactions. After
purification, syngas is used in one of three ways: (a) combustion in a gas turbine
(GT) to produce electricity; (b) raw material for chemical syntheses, such as
ammonia, Fischer—Tropsch for liquid fuel, and methanol production; or (¢) methana-
tion for synthetic natural gas production. In certain gasification processes, water is
used to make a coal-water slurry (CWS) that can be pumped into a high-pressure
gasifier. In this case, the water in the slurry acts as a gasifying agent.

Gasification is a booming activity all over the world. Currently, 128 gasification
plants are in operation, with a total of 366 gasifiers producing about 42,700 MW of
syngas.' Also, gasification projects under development or construction will provide
another 24,500MW of syngas. In the current syngas capacity listed above, about
27,000 MW are based on coal gasiﬁcation.2

The term coal gasification excludes coal combustion, because the product flue
gases from combustion are CO, and H,O, which have no residual heating value.
Gasification includes the technologies of pyrolysis, partial oxidation, and hydrogena-
tion.* In early years, pyrolysis was the dominant technology. However, in recent
years, gasification technology dominates.

Coal gasification has a wide range of applications as shown schematically in
Figure 4.1. Coal is shown here as a feedstock, but the technology is applicable to

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
Copyright © 2010 American Institute of Chemical Engineers
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Figure 4.1. Applications of coal gasification. MTBE, methyl tertiary butyl ether. See color insert.

any hydrocarbon feedstock, including natural gas, biomass, and heavy refinery
residues (including petroleum coke). Hydrogasification and catalytic gasification
processes can produce large quantities of synthetic natural gas from coal and yield
clean-burning fuel. Steam-oxygen and steam-air gasification processes produce a
carbon monoxide- and hydrogen-rich syngas. Gas produced in coal gasification can
be used as fuel for power generation (Integrated Gasification Combined Cycle
[IGCC]), for synthesis, as a source of hydrogen for the manufacture of ammonia or
hydrogenation applications in refineries, or for the production of liquid fuels. Many
gasification technologies have been developed by petroleum companies for coal-to-
chemical applications in the last several decades.* For methane production, an Hy/
CO ratio of 3:1 is desired, while for Fischer—Tropsch gasoline production, an H,/
CO ratio of 2:1 is desired. To achieve the desired product H,/CO ratio, an additional
process called the “water-gas shift” is sometimes required, which uses steam to
convert CO to CO, and H..

One of the main current interests in coal gasification is the IGCC process for
electricity generation. The typical IGCC process is briefly shown in Figure 4.2. Fuel
gas is produced from a gasification process and is cleaned and burned with com-
pressed air in a GT to produce high-pressure hot gas. The high-pressure hot gas is
expanded in the GT and generates electrical power. The clean low-pressure hot flue
gas is subsequently used to raise steam in a boiler. The steam is expanded through
a steam turbine and generates more electrical power. For power generation, IGCC
is recognized as a cleaner and more efficient method compared with traditional
power generation via coal combustion. Therefore, electrical power generation
through coal gasification could be an important aspect of coal utilization in the
future.
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Figure 4.2. Typical plant components of an IGCC system.

4.2 COAL GASIFICATION HISTORY

Although coal has been used as a fuel for a long time, converting coal to combustible
gas was not practiced commercially until the end of the 18th century. In 1792, the
Scottish engineer William Murdock heated coal in a retort in the absence of air. He
partially converted coal to gas, with a residue of coke. In 1812, gas production by
pyrolysis finally became a commercial process with the foundation of the London
Gas, Light and Coke Company. In 1816, the first coal gasification company in the
U.S., Baltimore Gas Company, was established based on the same technology. The
process of heating coal to produce coke and gas is still used in the metallurgical
industry.

In the 1850s, the gas producer was invented, and the water-gas process was
discovered in Europe. In the gas producer, coal and coke were completely converted
to gas by reacting coal with air and steam continuously in a downward moving bed
at atmospheric pressure. The gas obtained in this method, called producer gas, had
a low heating value (3500-6000kJ/m?).

To enhance the heating value of the gas product, a cyclic steam-air process was
developed in 1873. This process produced water gas, composed chiefly of carbon
monoxide and hydrogen, which had a higher heat value (12,000-13,000kJ/m?)
compared with the producer gas. Furthermore, by adding oil to the reactor, the
heating value was enhanced (to 19,000-20,500kJ/m?). This type of fuel gas, carbu-
reted water gas, became the standard for gas distributed to residences and industry
in the U.S. until the 1940s.

In the 1920s, Carl von Linde commercialized the cryogenic separation of air.
The availability of pure O, led to the development of some of the important fully
continuous oxygen-based processes for the production of syngas in coal gasification
industry. The forerunners of many modern gasification units were soon initiated in
the U.S. and other countries, including the Winkler fluidized-bed process (1926),
the Lurgi moving-bed pressurized gasification process (1931), and the Koppers—
Totzek entrained-flow process (1940s). In 1950, South Africa Synthetic Oil Limited
(SASOL) was formed. Coal gasification and Fischer—Tropsch synthesis are still used
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Table 4.1. Composition of Coal Syngas from Different Processes

Composition Oven Gas Producer Gas Water Gas Carbureted Synthetic

(mol %) Water Gas Coal Gas
CcO 6.9 27.1 42.8 334 15.8
H, 47.3 13.9 49.9 34.6 40.6
CH, 33.8 3.0 0.5 10.4 10.9
CO, 2.2 4.5 3.0 39 31.3
N, 6.0 50.9 33 7.9 N/A

N/A, no significant concentration of N, is observed.

Table 4.2. Typical Composition of Gasification Products
from Modern Gasifiers

Composition BGL Shell Texaco
(mol %) (Fixed Dry) (Dry Feeding) (Slurry)
CO 57 65 49

H, 28 29 34
CH, 6 <0.1 0.2
CO, 4 2 10

N, 2 2 1

in this plant. With the extensions made in the late 1970s, SASOL is the largest coal
gasification center in the world.

The composition of the syngas generated through different gasification methods
can be totally different. Also, the gas products depend on the coal used, the oxygen
purity, and the gasification conditions (e.g., temperature, pressure, reactants, and
coal/oxygen ratio). Compositions of some typical coal gas products from different
processes are listed in Tables 4.1 and 4.2.

After the oil crises in the 1970s, a renewed interest in coal gasification was
triggered as a means of replacing or supplementing oil or natural gas. Much of the
effort focused on coal hydrogasification. In hydrogasification, coal is hydrogenated
directly to methane as a substitute natural gas (SNG). However, due to the high
pressure required, few hydropressure processes were commercially successful.

The older processes were also further developed in the last several decades. A
slagging version of the long-established Lurgi dry ash gasifier was developed and
demonstrated by the British Gas PLC (BGL) in collaboration with Lurgi Energies
und Umwet GmbH in the early 1990s. Koppers and Shell produced a pressurized
version of the Koppers—Totzek gasifier jointly. Texaco developed a coal slurry-fed
gasification process, and Rheinbraun developed the high-temperature Winkler
(HTW) fluidized-bed process. Also, many other processes have been developed to
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Table 4.3. Different Gasification Processes

Gasifier Type Coal Feed Ash Handling Gasification
Technology
Moving bed Dry Dry Lurgi
Slag BGL
Fluidized bed Dry Agglomerating Kellogg—Rust—
Westinghouse
Utility gas
Nonagglomerating High-temperature
Winkler
Entrained-flow Slurry Slag Texaco (now General
reactor Electric)
Dow (Destec)
Dry Shell

Koppers—Totzek
Pressurized entrained
flow (PRENFLO)

a pilot stage but not fully commercialized, such as the Hygas process, the Cogas
process, and the U-gas process.” Table 4.3 shows the different types of gasifiers
currently being used worldwide.

4.3 COAL GASIFICATION CHEMISTRY

Coal gasification is a complex chemical process. During coal gasification, both
homogeneous and heterogeneous reactions occur. Homogeneous reactions in the gas
phase can be described by relatively simple equations. Many of the gas-phase reac-
tions achieve chemical equilibrium at the temperatures and pressures used in modern
gasifiers. However, the heterogeneous reactions between gas and solid phases are
much more complicated, due to heat and mass transfer effects. The kinetics of coal
gasification have been extensively studied over the past few decades. However, the
understanding of gasification kinetics is not yet as clear as that of gasification
thermodynamics.

Coal gasification is actually comprised of several processes: (a) evaporation of
moisture; (b) coal pyrolysis, releasing volatile matter (tar, CO, CH,, H,, CO,, etc.);
(c) reaction of volatiles in the gas phase; (d) heterogeneous reaction of char with
gas-phase species (such as H,O and CO,); and (e) mineral matter release and trans-
formation. Coal moisture is rank dependent; low-rank coals such as lignites and
subbituminous coals may have up to 35% moisture by weight, whereas bituminous
coals generally contain less than 5% moisture by weight. The heat to evaporate this
moisture must come from the combustion of volatiles and reduces the efficiency of
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the process. However, the evaporated moisture acts as a char gasification agent later
in the process, decreasing the steam requirement. Moisture evaporation occurs in
the early stages of coal heating, at temperatures from 100 to 150°C. The weight
percent ash in the coal varies depending on the quality of the coal, and the composi-
tion of the ash also varies. The ash composition greatly affects the slagging behavior
of deposits in the gasifier. The processes of coal pyrolysis, volatile combustion,
heterogeneous gasification, and ash—slag transformations are discussed in the fol-
lowing sections.

4.3.1 Pyrolysis Process

Pyrolysis is the process of chemical decomposition of organic materials by heating
to an appropriate temperature in the absence of oxygen. The words pyrolysis and
devolatilization are often used interchangeably.

Coal can be thought of as a polymer network of aromatic clusters connected by
aliphatic bridges, as illustrated in Figure 4.3. Side chains of different functional
groups may also be attached to the clusters, such as methyl, ethyl, or carboxylic
groups. As the coal particle temperature increases, the bridges between clusters can
rupture, eventually breaking up the coal polymer into smaller fragments. As these
fragments become smaller, their vapor pressure becomes high enough to cause the
fragments to evaporate as coal tar. Coal tar is defined as volatile matter that con-

Aromatic cluster

Figure 4.3. Hypothetical coal structure model, illustrating aromatic clusters, bridge structures, and
side chains (adapted from Perry®).
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Figure 4.4. Schematic of coal combustion process.

denses at room temperature and pressure. In addition, at increased temperatures, the
side chains may also detach from the polymer or the tar to form light hydrocarbon
gases. A large amount of cross-linking also occurs in the partially reacted coal during
pyrolysis, resulting in a stable char. A schematic of the pyrolysis process is shown
in Figure 4.4.

The pyrolysis process is dependent on the properties of the coal and the operat-
ing conditions (temperature, pressure, heating rate, particle size, and residence time).
Volatile yields as high as 70% (on a dry ash-free basis) have been achieved for some
coals, although 40%-50% is more typical of many industrially relevant coals. High-
rank coals, such as low-volatile bituminous or anthracite coals, have much lower
volatile yields. The pyrolysis conditions also greatly affect the structure and the
composition of the char obtained,” which is the starting point for heterogeneous
gasification reactions.

The temperature at which pyrolysis reactions occur is very dependent on the
heating rate: as heating rate increases, the temperature at which pyrolysis reac-
tions occur increases. For example, the temperature where the main volatile
release occurs was shown to increase from 400 to 525°C when the heating rate
was increased from 1K/s to 1000K/s. The volatile yield also increases slightly for
most coals as heating rate increases. At particle heating rates typical of entrained
flow gasification (~10°K/s), the main volatile release occurs at approximately
700°C.

The average molecular weight of coal tar from atmospheric pyrolysis is about
350amu. The percentage of volatiles that becomes tar is dependent on coal rank;
lignites and subbituminous coals generally have much lower fractions of tar than
high-volatile bituminous coals. At elevated pressure, the higher molecular weight
compounds do not have enough vapor pressure to evaporate, hence the tar yield
decreases and the average molecular weight also decreases. Hence, since low-rank
coals do not have high tar yields, their total volatile yields do not change much as
a function of pressure. For example, Anthony and Howard® showed that the volatile
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Figure 4.5. Coalification diagram showing the elemental compositions of coals of different ranks

versus the mass ratio of O/C and H/C, along with compositions of chars from those coals. The shaded
region represents the typical range of unreacted coals. The dark solid lines are reaction pathways

from a drop tube reactor, and the gray lines are from a flat-flame burner system at higher temperatures
and heating rates (from Fletcher'*). CCL, carbon per cluster.

yield from a high-volatile bituminous coal changes from 54% (as received) to 37%
as the pressure was changed from 0.001 to 69atm at a heating rate of 1000K/s in
He, while Suuberg’ showed that volatile yields from a lignite only changed from
44% to 40% under the same conditions. More recent data on the effects of pressure
on coal pyrolysis are available.”'*"

As the temperature increases, in fuel-rich environments, tar forms soot particles.
Increased pressure enhances the formation of soot. The soot acts as a carrier for the
nitrogen that was in the coal'? and as a heat transfer agent by radiating heat away
from the flame."

The elemental compositions of different coals are often shown on a coalifica-
tion diagram, similar to that shown in the shaded region of Figure 4.5."* Also shown
in Figure 4.5 is the pathway of elemental composition during pyrolysis in N, at
1200K and combustion in post-flame gases in a flat-flame burner at about 1500K.
Note that the resulting chars are not pure carbon but still retain some oxygen and
hydrogen.

4.3.2 Combustion of Volatiles

When released from the coal in the pyrolysis process, volatiles (mainly CO, CH,,
H,, hydrocarbon liquids, and tars) combust in the gas phase with the oxidant sur-
rounding the coal particles. These reactions are very exothermic, raising the tem-
perature of the product gases significantly. However, in a gasification environment,
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especially when the coal has a high volatile content, volatile combustion may be far
from complete due to the low oxygen/coal ratio. This may lead to extra soot forma-
tion. Recirculation of syngas is observed in many gasification reactors. Recirculated
combustion flue gas consists mainly of carbon dioxide, nitrogen (in air-blown gas-
ification), and water vapor. The temperature is then reduced due to the moderating
effect of the carbon dioxide and water vapor. In some oxygen-blown gasification
cases, the recycled gas can contain significant quantities of carbon monoxide and
hydrogen. When these gases come into contact with oxygen, the local temperature
will increase significantly.

Volatile combustion is a gas-phase homogeneous reaction, so there is no mass
transport limitation between phases. There is, however, a mass transfer resistance
due to gas-phase mixing of combustible gases and oxidizers. In general, volatile
combustion is much faster than the pyrolysis process, which in turn is much faster
than the char gasification process.

4.3.3 Char Gasification Reactions

Coal char gasification is a complicated physicochemical process. Char gasifica-
tion is slow compared with other reaction processes in the gasifier (i.e., pyrolysis,
volatile combustion, or even char oxidation); therefore char gasification is the rate-
controlling process in the gasifier. In developing char gasification rates and mecha-
nisms, coal is always assumed to be pure carbon and reacts with other reactant
components in the gasifier. Also, most gasification processes take place at high
temperatures in the range of 800-1800°C. The gas-phase reaction rates are suffi-
ciently high in the upper regions of this temperature range, so that the main gaseous
components achieve thermodynamic equilibrium. Using equilibrium gas-phase com-
positions instead of solving detailed kinetic equations gives reasonably close results
in most commercial reactor designs.*'?

The main reactions that take place in a gasification system are discussed below,
emphasizing the heterogeneous gas—char reactions.

4.3.3.1 Reactions between Carbon and Oxygen

The main reactions of carbon and O, in gasifiers are

C(s)+0, — CO,, (R-4.1)
2C(s)+ 0, — 2CO, (R-4.2)
2C0+0, —2CO,. (R-4.3)

All of these reactions are highly exothermic, providing heat for the subsequent
endothermic gasification reactions. Because gasifiers operate under fuel-rich condi-
tions, the O, is completely consumed before these particular reactions have con-
sumed all of the carbon. Reaction R-4.3 achieves thermodynamic equilibrium
quickly enough at the high temperature conditions in entrained flow gasifiers so that
chemical equilibrium can be assumed.
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4.3.3.2 Reactions between Carbon and CO,
The reaction of carbon and CO, in gasifiers is
C(s)+CO, « 2CO0. (R-4.4)

This reaction is called the reverse Boudouard reaction and is an endothermic
reaction. The reaction rate of the reverse Boudouard reaction is several orders of
magnitude lower than reaction rates of R-4.1 and R-4.2 (at the same temperature in
the absence of a catalyst). Also, the reverse Boudouard reaction is inhibited by the
presence of products, namely carbon monoxide.

4.3.3.3 Reactions between Carbon and Steam

The reactions of carbon and H,O in gasifiers are

C(s)+H,0 <> CO+H,, (R-4.5)
C(s)+2H,0 <> CO, +2H,, (R-4.6)
CO+H,0 <> CO, +H,. (R-4.7)

Reactions R-4.5 and R-4.6 are main reactions to generate H, and CO. Both
reactions are endothermic and have high activation energies. This means that they
are slow compared with reactions R-4.1 and R-4.2, and slow down as they proceed
since the temperature decreases with extent of reaction. The reaction rates are pro-
portional to the partial pressure of the steam in the system.

Reaction R-4.7, the water-gas shift reaction, is an exothermic reaction. The
water-gas shift reaction has influence on the CO/H, ratio in the gasification
product, which is very important when the gas is used for synthesis purpose.
Therefore, the shift process can be found in almost all the ammonia plants and
hydrogen generation process in gas plants. The shift reaction can generally be
taken into account using thermodynamic chemical equilibrium, since gas-phase
temperatures are high.

4.3.3.4 Methanation Reactions

The reaction pathways to form CH, from carbon in gasifiers are

C(s)+2H, < CH,, (R-4.8)
CO+3H, < CH, +H,0, (R-4.9)
2C0+2H, <> CH, +CO,, (R-4.10)
CO, +4H, <> CH, +2H,0. (R-4.11)

These reactions increase the heating value of the gas product, since methane
has a high heat of combustion. However, these reactions are very slow except under
high pressure and in the presence of a catalyst. Another source of the methane in
the syngas is the pyrolysis process. Reaction R-4.11 is the reverse steam methane
reforming reaction. All reactions that produce methane are exothermic reactions.
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Due to the high temperatures (800—1800 °C), no hydrocarbons other than methane
are present in any appreciable quantity in the outlet of gasifiers.

4.3.3.5 Other Reactions in Gasifiers

At high temperatures, reactions between nitrogen, sulfur, and reactant gas (O,, H,O,
H,, and some components in product, e.g., CO, CO,) may occur, some of which are
shown below:

S+0, = SO, (R-4.13)
SO, +3H, < H,S+2H,0, (R-4.14)

SO, +2CO < S+2C0,, (R-4.15)
2H,S+ S0, — 3S+2H,0, (R-4.16)
C(s)+2S < CS,, (R-4.17)

CO+S < COS, (R-4.18)

N, +3H, <> 2NH,, (R-4.19)

2N, +2H,0 +4CO <> 4HCN +30,, (R-4.20)
N, +x0, <> 2NO,. (R-4.21)

The quantities of these products from the impurities have a negligible effect on
the main syngas components of hydrogen and carbon monoxide. However, it is
necessary to consider these reactions in the design of gasification systems because
the products of these reactions have a significant effect on the resulting compounds
downstream of the gas production, for example, environmental emissions and cata-
lyst poisons. Studies on these reactions indicate that the main sulfur compound is
H,S and the main nitrogen compound is NHj;, as predicted by equilibrium. However,
equilibrium considerations are not always adequate to predict the exact quantities
of these pollutant species (especially NH;), hence reaction modeling becomes
necessary.

Heats of reaction (AH,) of some gasification reactions are listed in Table 4.4.
Some of the reactions are endothermic (i.e., require heat in order to continuously
proceed), as indicated by the positive values of AH, in Table 4.4. The heat required
for these endothermic reactions is supplied by the complete or partial oxidation of
a small proportion of the coal volatiles and/or char in O, or in air.

4.3.4 Ash-Slag Chemistry

The fate of the inorganic matter in gasifiers is perhaps the dominant design variable
and greatest challenge for continuous operation. Because the minerals have accu-
mulated in the coal seams over geologic timescales, most elements known to man
occur to some extent in coal. Typical coals of industrial interest contain less than
15% mineral matter. The composition of the minerals in a given coal varies with
rank and geographic location. Some of the minerals occur as organically associated
species, present as salts of organic acid groups and chelates, often associated with
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elements such as Na, Mg, Ca, K, and Sr. Low-rank coals have a greater abundance
of these organically associated groups than high-rank coals, due to the higher abun-
dance of organic acid groups in low-rank coals.'® Discrete mineral grains of inor-
ganic material are also a major component of coals, including quartz, kaolinite, illite,
pyrite, and calcite as major species. In pulverized coal, particles that are pure mineral
grains are termed “excluded” minerals, while mineral grains contained in an organic
particle are termed “included” minerals. In the U.S., eastern province coals are
usually high in aluminosilicate minerals (Si, Al, K) and low in Mg, Ca, and Mn."”
Interior province coals are noted for high contents of S, Fe, Cu, and Zn, and are low
in the aluminosilicate minerals. Western province coals are noted for high contents
of Ca, Mg, and Sr, depending on rank.

The inorganic matter in the coal transforms both physically and chemically
according to the chemical composition of the inorganic matter and to the reaction
conditions (temperature, heating rate, and local gas composition). Figure 4.6 shows
the physical transformations that can occur during pulverized coal combustion,
depending on if the minerals are included or liberated (including excluded minerals).
Particle swelling is influenced by coal type as well as heating rate.'® Fly-ash distribu-
tions often have a bimodal size distribution, as indicated in Figure 4.6, with submi-
cron particles formed by condensation of flame-volatilized species and larger
particles (~10 um) formed from single or combined discrete mineral grains."

Ash composition and size affect the deposition characteristics, along with
reactor geometry, gas and wall temperature, and velocity. Fickian diffusion is impor-
tant for the deposition of vapors and small particles (<1 um), thermophoresis is
important for the deposition of intermediate-sized particles (1-10 um), and inertial

Coal particles with included minerals

o ua ------- Heterogeneous+--» o
Vapogfzanon g .. condensation Surface coatings
‘ . inorganics Mg “Homogeneous
SiO - nucleation - > A
Coal particles with MgO  coalescence Fine particulate
discrete and 0.02-0.5 um
organically -
bound minerals Y - S— S - _
Coalescence and
shedding of

small particles

‘ ---------- > Q ---------- > o ---------- > ‘;‘\‘ ---------- > “.',';u

Coal particle Swelling Char Coalescence,
with fragmentation shedding,
discrete minerals and mineral
fragmentation

Figure 4.6. Schematic diagram of the transformations of inorganic constituents during coal
combustion (from Benson et al.'’).



4.4 Gasification Thermodynamics 169

impaction is important for larger particles (>10um). As the deposit forms, the
surface of the deposit may become sticky or molten, since the deposit surface is at
a higher temperature than the wall-deposit interface. A sticky or molten deposit
surface will enhance additional deposition, capturing particles that would have
bounced off a nonsticky deposit. Since different sizes of ash particles have different
compositions, the composition of the initial deposit differs from the outer layers of
the deposit.

The primary bonding or sintering mechanisms for slagging deposits are due to
silicate liquid phases.'” However, other species can act as fluxing agents to increase
slag viscosity or to enhance the strength of the deposit (making it hard to remove).
In particular, calcium and iron species can often serve as fluxing agents, lowering the
critical temperature at which deposits form a molten slag. Some correlations of this
critical temperature for pulverized coal boilers are reviewed by Raask.? For example,
a correlation published by Hoy et al.*! shows the dependency on several species:

T, (in K) = 3263 -1470 (Si0, /Al,05)+360 (SiO, /AL, O, )’ —
14.7 (Fe,05 + CaO + MgO) + 0.15 (Fe,0; + CaO + Mg0O)*  (4.1)
and
Si0, + Al,O; +equiv. Fe,0; + CaO + MgO = 100. “4.2)

This correlation shows quantitatively the effects of the fluxing agents Fe,O;,
Ca0O, and MgO. However, the local gas environment in a gasifier has a significant
effect on the slagging behavior. Minerals form metal oxides (SiO,, AL,Os, Fe,0s,
CaO0, etc.) in areas of the gasifier that are oxygen rich, depending on the temperature
and residence time. These oxides do not form or may be transformed in regions of
the gasifier that are fuel rich. Since the oxide forms generally exhibit the highest
melting temperatures, the slagging temperatures decrease in fuel-rich regions. In
addition, the corrosion potential increases in fuel-rich regions, since the minerals are
not in the oxide form and attack refractory and metal tubes. The chemistry and nature
of slagging and fouling deposits in boilers are much more quantified than in gasifiers,
and more research is needed on mineral transformations in gasifiers.

4.4 GASIFICATION THERMODYNAMICS

Chemical equilibrium dictates the extent of reaction possible for a given temperature
and pressure. For single simple reactions, an equilibrium constant approach can be
used to determine the equilibrium concentration of gases for a given reaction. At
equilibrium, the forward and the reverse reaction rates are equal. The equilibrium
constant is calculated from the Gibbs free energy, as follows:

AGS, =-RTInK, 4.3)

where the AGY, is calculated from the Gibbs free energy of formation (AGy; ) at
1 bar pressure for products minus reactants. For example, in a CO shift reaction
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(reaction R-4.7), the forward reaction rate r; is proportional to the partial pressure
of CO and H,O in the system, or

1 = ki peo Pizo- 4.4)

The reverse reaction rate r, can be calculated as

1, = kyPcozPros 4.5)

where the constant of proportionality k; and k, are temperature dependent. At equi-
librium, the two reaction rates are equal, and the equilibrium constant is defined in
terms of partial pressures:

k
K =5 _ Pco2Pu2 ’ (4.6)
ks pcopuzo
where K, is the temperature-dependent equilibrium constant for the CO shift
reaction.
Similarly, the equilibrium constants for other reactions can be expressed as
2

K, =P @.7)

Pcoz

for the Boudouard reaction (reaction R-4.4),

K, = Pco Pz (4.8)
Pw2o

for the water-gas reaction (reaction R-4.5), and

K, = PeoPus’ 4.9)
PcHaPr2o
for the reforming reaction (reaction R-4.9), where p is the partial pressure of the gas
component in the gasifier.
Many researchers have studied the thermodynamic equilibrium of the reactions
occurring in the gasification process. The reaction enthalpies and equilibrium con-
stants of some reactions at different gasification temperature are listed in Table 4.5.

Table 4.5. Equilibrium Constants of Some Reactions in Gasification Process

Temperature (K)

298 500 800 1000 1500
CO + H,0 =CO, + H, 9.9 x 10" 131.5 4.038 1.378 0.375
C+2H, =CH, 7.9 x 10° 2688 1.412 0.098 0.00256
CO + 3H, = CH, + H,0 7.87x 10*  1.15x 10"  32.06 0.0376  0.000421
CO, + 4H, =CH, + 2H,0 858 x 10° 9333 5.246 0.0273  3.76 x 107*

2C + 2H,0 =CH, + CO,  0.00785 0.0817 0.2506  0.3545 0.5819
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The effects of pressure on equilibrium mole fractions can be illustrated with
Equation 4.9, changed into variables of mole fraction and total pressure:

K = Yo Pt Y2’ Pax _ Yeodus' P (4.10)

YeraPlot Yu20 Pt YcH4a YH20

Note that the value of the equilibrium constant K, does not change with pres-
sure, since it is calculated from AGp, at 1bar standard state pressure, but that the
mole fractions change with pressure if the number of moles of reactants is different
from the number of moles of products. In this case (Eq. 4.10), as pressure rises, less
CO and H, will be produced since K, is a constant with pressure.

The equilibrium constant approach works well when single simple reactions
occur, but not when there are competing reactions. The formal definition of chemical
equilibrium is that the total Gibbs free energy is at a minimum:

dG =0, (4.11)
where G is the Gibbs free energy of the system (G = ZG,- for all species i) and

i

is defined as
G=H-TS, (4.12)

where H is the enthalpy, T is the temperature, and S is the entropy. Chemical equi-
librium programs have been developed to perform the Gibbs free energy minimiza-
tion in combination with atomic balances on each element in the system.”** Species
are added or removed as the minimization takes place. An example using this tech-
nique is shown in Figure 4.7 for a system initially consisting of a 1:1 mole ratio of
steam and carbon at 1 bar total pressure. The C(s) is included in the reported mole
fractions, even though it is a solid. It can be seen that at equilibrium, C(s) and
CH, are present at temperatures as high as 1200K. At higher temperatures, C(s) is
converted to CO and H,O is converted to H,. At a pressure of 50 atm, C(s) (and CH,,
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= 02 e,
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e
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Figure 4.7. Equilibrium mole fractions from a 1:1 molar ratio of steam and carbon at 1bar total
pressure.
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Figure 4.8. Equilibrium mole fractions of C(s) and CO from a 1:1 molar ratio of steam and carbon
at 1 and 50bar total pressure.
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which is not shown) persists at higher temperatures, as illustrated in Figure 4.8.
Similar trends occur in a C—CO, system. This means that at elevated pressures, higher
temperatures are needed if 100% conversion of the coal char to syngas is desired.
In general, both O, and steam are added to a coal gasifier to achieve the optimal
heating value of the syngas produced. One method of assessing the value of the
syngas is to calculate the heating value at room temperature of all the species pro-
duced in the gasifier. This is called the cold gas heating value. The cold gas effi-
ciency can then be calculated as the ratio of the cold gas heating value to the heating
value of the unreacted coal. The cold gas efficiency can be calculated from the
equilibrium concentrations of species, depending on the steam/coal and O,/coal
ratios in the gasifier. Figure 4.9 shows the locus of maximum coal gas efficiencies
as a function of the steam/coal and O,/coal ratios, as well as the adiabatic flame
temperatures for these same ratios (using a typical heating value bituminous coal).

4.5 GASIFICATION KINETICS

In gasification processes, oxidation of part of the coal with oxygen or air generates
the heat required for the gasification processes. In general, the gasification tempera-
ture increases with the increase of the oxygen/coal ratio. However, with a higher
oxygen/coal ratio, the content of CO, and H,O in the gas product is also higher. By
lowering the oxygen/coal ratio, a higher CO and H, level in the gas product can be
achieved. However, coal conversion will be incomplete below a certain oxygen/coal
ratio because the temperature will decrease. Therefore, a good understanding of coal
reactivity and the kinetics of the gasification reactions are important for the optimi-
zation of gasification processes. Coal gasification kinetics has been extensively
studied, particularly in the last three decades. Despite this, the mechanism of coal
gasification is still unclear.

Generally, gasification kinetics research includes the study of rates and mecha-
nisms of gasification reactions and the effect of factors on the reaction rates. Reac-
tions in coal gasification are mainly heterogeneous. Besides the chemical reaction
(heterogeneous and homogeneous), some physical processes such as adsorption,
diffusion, heat transfer, and fluid mechanics also play important roles in this com-
plicated process.

In a gas—solid reaction, generally there are seven steps:

1. diffusion of reactant gas from gas phase to solid surface,

2. diffusion of reactant gas from solid surface to solid internal surface through
pores,

. adsorption of reactant gas on the surface of solid,
. reaction on the surface,
. desorption of the product from the surface of solid,

. diffusion of product from the internal surface to solid surface,

N & B W

. diffusion of product from solid surface to gas phase.



174 Chapter 4 Coal Gasification

Each step has its own resistance. The overall reaction rate is limited by the step
with the highest resistance (the rate-limiting step). At a lower temperature range
(T < 1000°C), surface reaction (step 4) is the rate-limiting step in the gasification
process. As temperature increases, the diffusion of the reactants through the pores
(step 2) and through the boundary layer (step 1) has more and more effect on the
apparent reaction rate.

It is possible that some O, is still present in the early stages of char gasification.
Some methods for calculating char-0O, reactions have been presented in the litera-
ture;"* no further discussion is presented here. The slowest reactions that govern
the overall reaction rate in gasification processes are the heterogeneous reactions
with carbon, including Boudouard, water—gas, and hydrogenation reactions. The
Boudouard and water-gas reaction are comparable and several orders of magnitude
faster than the hydrogenation reaction.'®

4.5.1 Reaction Mechanisms and the Kinetics of the
Boudouard Reaction

The rate-limiting step in the Boudouard reaction is the chemical reaction at lower
temperature (7' < 1000 °C) for small particle sizes (d, < 300 um). Under these condi-
tions, the reaction takes place on the internal surface of the coal particle.

There are several mechanisms describing the Boudouard reaction. Ergun®
proposed a two-step process model to describe the Boudouard reaction as

k
C,. +CO, %C(0)+ co, (R-4.22)
2
k3
C(0)—>CO+C,. (R-4.23)

In this model, the first step is the dissociation of CO, at a carbon free
active site (Cy,), releasing CO and forming an oxidized surface complex [C(O)].
In the second step, the carbon—oxygen complex subsequently produces CO and
a new free active site. The reverse reaction is relatively slow compared with
the forward reaction, so the second reaction can be treated as an irreversible
reaction. In this model, desorption of the carbon—oxygen surface complex is the
rate-limiting step. The rate for this mechanism can be described by the Lang-
muir—Hinshelwood rate equation. Furthermore, the C/CO, reaction rate is depen-
dent on the CO and CO, partial pressures and is inhibited by the presence of
carbon monoxide. A widely utilized reaction rate equation based on this mecha-
nism is

R= “1Pcon : (R-4.24)

k
1+*]PC02 +*2Pc0
k> ks

where p is the partial pressure for each component, and k;, k,, and k3 are the rate
constants for reaction R-4.22, reverse of reactions R-4.22 and R-4.23,
respectively.
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Another mechanism was proposed by Gadsby et al.?® In this model, besides the
two steps described in Ergun’s model, there is a third step:

Cps +CO & C(CO). (R-4.25)

4.5.2 Reaction Mechanisms and the Kinetics of the
Water-Gas Reaction

The models for the water-gas reaction are

k
Ci +H,0C(0) +Hy, (R-4.26)
5
k
C(0)—>CO+Cy.. (R-4.27)

In the first step, a water molecule dissociates at a carbon free active site to form
H, and an oxidized surface complex. In the second step, the carbon—oxygen complex
produces carbon monoxide and a new free active site. Based on this oxygen exchange
mechanism, the reaction rate is obtained:

kspu2o
ky ks
1+ +=
ks Pu20 ke P2
In this model, only hydrogen inhibits the water-gas reaction. The rate-limiting
step is the desorption of the carbon—oxygen surface complex, which has an activation
energy of 250-300kJ/mol.

By adding a third reaction, a hydrogen-inhibition model is proposed:

R=

(4.13)

k
szls +H2 <k:7>C(H)2 (R-428)
8

In this case, the first reaction (reaction R-4.26) is not reversible. Hydrogen
inhibition is attributed to the formation of the C(H), complex. The reaction rate
becomes

k
R= sPu0 : (4.14)
1+ ky + L]
ke Pu20 s Pu2

This approach was used successfully to describe the gasification of several
Australian coal chars by Roberts and Harris.””* In the second hydrogen-inhibition
model, the third reaction (reaction R-4.28) is replaced by another reaction (reaction
R-4.29) as

ko
Cras + %Hz ‘FJ’C(H)' (R-4.29)
10

Reaction R-4.29 describes dissociative chemisorption of hydrogen. The reaction
rate derived from this model is then
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R= ks Puzo : (4.15)

1+k74pH20 +k79p£

k() klO
From all the reaction rates shown above, it can be shown that the reaction rate
decreases linearly with increasing carbon conversion. This means that the reaction
rate is almost first order in carbon and that the reactivity of char is almost constant
during gasification. The presence of hydrogen in the system reduces the initial reac-
tion rate of the gasification and results in a gradual decrease in the reactivity of the
char with increasing carbon conversion.

In reaction R-4.27, carbon monoxide is one of the products and may inhibit the

water-gas reaction. The carbon monoxide reaction is

ki
C(0)+ c0<k:'>co2 +Cp. (R-4.30)
12

The reaction rate then becomes

R= ksPuzo + ki peoa ’ (4.16)
1+ 41) +k5p +k'2p
5 /PH20 " PH2 T PCO
ke ke ki
where both carbon monoxide and hydrogen inhibit the reaction.
Based on experimental results, Wen and Lee® developed an experimental cor-

relation for the water-gas reaction,

dx szpcoRT
_—= kv _—— 1 —X), 4. 17
d (PHzo K, ( ) ( )

where x is the carbon conversion of the char, k, is the rate constant, and K, is the
equilibrium constant. More complicated expressions for the steam—char gasification
rate were developed by Miihlen et al.*® and Liu and Niksa®'.

For smaller particle size (d, < 500um) and lower temperature
(1000°C < T < 1200°C), char-H,O reaction is chemical reaction controlled. When
partial pressure of the steam is low, the reaction order is 1. With increasing steam
partial pressure, the reaction order decreases gradually to 0.

4.6 CLASSIFICATION OF DIFFERENT GASIFIERS

The coal gasification process converts coal into a syngas composed mainly of
carbon monoxide and hydrogen, which can be used as a fuel to generate electric-
ity or as a basic chemical building block for a large number of chemicals. Dry or
slurried feedstock reacts with steam and oxygen (or air) in the gasifier at high tem-
perature and pressure in a reducing atmosphere. Clean syngas can be obtained after
particles, sulfur, and other impurities are removed in a subsequent purification
process.
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According to the feedstock and the oxidant flow through the gasifier, coal
gasification technologies can be classified into three basic types: moving- or fixed-
bed, fluidized-bed, and entrained-bed technology. Among all these processes, the
entrained-flow gasification process has the largest treatment ability and the small-
est environmental impact. Hence, entrained-flow processes occupy most of the
commercial market. At present, General Electric Company (GE), Shell, Cono-
coPhillips, and GSP (Gas Schwarze Pumpe) are the four leading entrained-bed coal
gasification technology suppliers.

Moving-bed gasifiers (fixed-bed gasifiers) operate on lump coal. Coal is loaded
from the top of the gasifier, while the reactant agent is introduced from the bottom.
The coal moves slowly downward under gravity as it is gasified by the countercur-
rent blast. In a moving-bed gasifier, coal is preheated and pyrolyzed by the rising
hot syngas from the gasification zone. Compared with other gasification processes,
the oxygen consumption in this process is low but pyrolysis products are present in
the syngas product. The temperature of the syngas at the outlet is generally low.
Moving-bed gasifiers are simple to design and operate, and have high reliability.
Furthermore, the countercurrent contact between coal and reactant gas results in a
high coal conversion, thus high heat efficiency.

Fluidized-bed gasifiers use small coal particles or pulverized coal, as well
as a bed of sand or some other inert particle. Coal particles are fluidized by
the oxidant stream in the gasifer. Fluidized-bed gasifiers offer a homogeneous
temperature environment and promote the heat and mass transfer between gas
and solid phases. As with other fluidized bed applications, the sizing of the coal
particles in the feed is critical. Also, the fluidized bed reactor can only operate
at the temperatures below the softening point of the ash. The lower operating
temperature also means that they are suited for gasifying reactive feedstocks such
as lower-rank coals. However, as a continuous stirred-tank reactor (CSTR), the
carbon conversion in the fluidized bed is generally lower compared with other
gasification methods.

Entrained-flow reactors operate in cocurrent flow. Pulverized coal is entrained
in the oxidant (oxygen and steam) and introduced into the gasifier (sometimes using
a coal water slurry [CWS] and pumped into the gasifier as in GE gasifiers). The
reaction takes place at a high temperature (1500-1900°C) and generates CO, H,,
CO,, and other gases. Ash is removed as molten slag from the bottom of the reactor.
Due to the short residence time in the reactor, high temperatures are required to
ensure a good coal conversion, and therefore the operating temperature is high.
The oxygen consumption is also high in the entrained-flow gasifier to maintain a
high operating temperature. Due to the high operating temperature, entrained-flow
gasifiers do not have any specific technical limitations on the type of feedstock used.
However, coals with a high moisture or ash content require higher oxygen consump-
tion and it reduces the heat efficiency compared with alternate processes.

Recently, some novel gasification processes have also been developed, includ-
ing in situ gasification of coal in the underground seam as well as molten bath
processes. The different gasification processes are described in the following
sections.
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4.7 GE (TEXACO) GASIFICATION TECHNOLOGY
WITH CWS FEEDING

4.7.1 Introduction to GE Gasification Technology

The Texaco Gasification Process (TGP) was developed in the late 1940s using
natural gas as feedstock. The process was commercialized with gas feed in 1950
and later with liquid feed in 1956. During the oil shortage period, Texaco success-
fully developed its coal gasification process.

Texaco developed their CWS feeding technology in 1948. Based on this tech-
nology, Texaco developed the TGP (GE acquired it from Texaco in 2004) and built
a 15t/day pilot-scale gasifier in Montebello, CA, in the U.S. In the original TGP,
coal was dry pulverized to fine particles, then mixed with water and other additives
to make a CWS. The coal concentration in the CWS was as high as 50 wt %, depend-
ing on the coal properties. To minimize the energy penalty in the gasifier, the CWS
was preheated, and water was separated from the slurry before it was injected into
the gasifier in the original TGP. In 1958, the Montebello tests were stopped due to
technical difficulties.

Many disadvantages limited the application of the original TGP. These disad-
vantages included the following: (a) slurry additives had not been developed at
that time, resulting in a low coal concentration in the CWS; (b) the coal was dry
pulverized, which made the process complicated and not environmentally friendly;
(c) the slurry was abrasive during the evaporation, causing a myriad of problems;
and (d) some pulverized coal was lost with the vapor during the prevaporizing
process.

Due to the worldwide oil shortage, Texaco resumed work on coal gasification
at the beginning of the 1970s, recommissioning the Montebello facility and building
a new 2.5MPa gasifier in 1975. With the development of new additives and CWS
preparation techniques, CWS could be injected into the gasifier directly without the
prevaporizing step. This simplified the process and enhanced the system reliability
significantly. In 1975, Texaco built its first demonstration-scale gasifier (165 t/day)
in Oberhausen, Germany, in conjunction with Ruhrchemie AG (RCH) and Ruhrkohle
AG (RAG). Over 20 kinds of feedstock were gasified in this demonstration gasifier.
Some operating condition and parameters from these demonstration tests are shown
in Table 4.6. Two 8.5MPa high-pressure gasifiers were built in 1978 and 1981 for

Table 4.6. RCH/RAG Demonstration Gasifier Data

T (°C) P Coal  Syngas Slurry Dry Syngas Composition (%) C Conversion
(MPa) (t/day) Yield Concentration (%)
(m’/h) (%) CO H, CO, CH,
Designed 1500 4 6 10,000 55-60 45-55 30-40 15-20 1 95
parameter
Operating  1200- 4 2.9-8.2 15,200 Upto 71 54 34 11 <0.1 99

parameter 1600




4.7 GE (Texaco) Gasification Technology with CWS Feeding 179

Table 4.7. Commercial Plants Based on TGP

Project Capacity (t/day) Purpose

Eastman 1100 Coal to methanol/acetic anhydride
Cool Water 1000 Coal to power (120MW)

Ube, Japan 1650 Coal and petroleum coke to ammonia
SAR, W. Germany 800 Coal to oxo-chem/H,

Lunan, China 550 Coal to ammonia

Shanghai, China 1800 Coal to town gas/methanol

Weihe, China 1650 Coal to ammonia/urea

TECO 2000 Coal to power (250 MW)

Huainan, China 900 Coal to ammonia/urea

the evaluation of coals. Since then, over 20 various coals from all over the world
have been evaluated on these pilot-scale facilities.

Commercial-scale gasification plants based on Texaco gasification technology
were then started in Ube, Japan (1650t/day) and Kingsport, TN (1100t/day,
Eastman).

Since 1990, several additional commercial coal-based plants have been brought
into services with Texaco gasification technologies, as summarized in Table 4.7.

In June 2004, GE acquired the assets of Chevron Texaco’s gasification technol-
ogy business. To date, more than 65 commercial gasification facilities using GE
technology are in operation or advanced development stages.

4.7.2 GE Gasification Process

The GE gasification process includes a CWS preparation, a high-pressure entrained-
flow slagging gasifier, and a gray water treatment. In the gasification step, GE
gasification technology offers both a radiant boiler and a total quench as syngas
cooling concepts. In the gray water treatment step, pressurized flash and vacuum
flash are normally utilized. Since the CWS preparation and the gray water treatment
methods are simple and more standard, gasification processes with two different
syngas cooling configurations will be further discussed.

At the heart of the GE coal gasification process is a top-fired slurry-fed slagging
entrained-flow gasifier. Schematics of the typical Texaco gasification system are
shown in Figures 4.10 and 4.11.

The coal is wet-milled with additives to create a stable slurry with approxi-
mately 60% solid particles. The CWS is introduced with the oxidant stream (oxygen
or air) into the gasifier through a multihead, water-cooled feed injector that is located
at the top of the gasifier. As the slurry enters the gasifier, the water evaporates and
pyrolysis of the coal particles occurs. The volatiles released react with oxygen
and generate large amounts of heat. Char is then gasified by the steam and other
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Figure 4.12. Typical temperature profile in a GE coal gasifier.

gasification agents at high temperature, producing carbon monoxide and hydrogen.

The typical temperature profile in a GE gasifier is shown in Figure 4.12.
Following gasification, the syngas and slag are cooled in either of two configura-

tions, the choice of which depends on the subsequent application of the syngas.

4.7.2.1 Quench Configurations

The quench configuration is shown in Figure 4.10. The hot syngas leaves the gasifier,
together with the liquid slag, and is quenched in water. The water-saturated gas
product leaves the quench chamber at a temperature between 200 and 300 °C. The
solidified slag is removed from the quench chamber via a lock hopper. The water is
then separated and can be recycled for slurry preparation. The raw syngas is further
cleaned in a scrubber to remove particulates entrained in the gas phase. In the quench
configuration, the gasifier is connected to the quench chamber directly, making a
compact configuration. Energy in the high-temperature raw syngas is recovered by
the quench water/steam directly. Slag is solidified and separated from the gasifier.
The quench configuration is simple and easily maintained. Furthermore, the syngas
is saturated with steam, making it ideal for the downstream water-gas shift process.

As such, the quench configuration is ideally suited for the ammonia industry or
other industries that require hydrogen concentrated in the syngas.

4.7.2.2 Radiant Cooler Configurations

In the radiant cooler configuration shown in Figure 4.11, hot syngas and slag enter
a tall heat exchanger. The molten slag falls to a quench bath, solidifies, and is
removed via a lock hopper. The heat in the syngas is exchanged into water-fed
cooling pipes. All coolers are used to raise high temperature steam that is sent to a
steam turbine for further energy recovery. The moisture content in the raw syngas
generated from this configuration is low. Therefore, this configuration is suitable for
CO production, industrial fuel gas generation, or IGCC or other process that do
not require a high H,/CO ratio, but high cold gas efficiency. The radiant cooler
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configuration is more energy efficient than the quench configuration; however, this
is achieved at additional capital expense (CAPEX). In both configurations, a final
hot-gas scrubber is installed to remove particulates and hydrogen chloride from the
gas product.

The most important operating parameters are coal concentration in the CWS,
gasification temperature, gasification pressure, residence time, and oxygen/carbon
ratios. These effects are discussed below.

4.7.2.3 Effects of Coal Slurry Properties

Coal concentration in the slurry is a unique parameter in GE gasification technology.
Coal slurries are non-Newtonian fluids and can be treated as Bingham plastics. The
slurry rheology is described with an apparent viscosity. The apparent viscosity of
coal slurry increases with shear time and decreases with shear rate. Generally, the
apparent viscosity of coal slurry used in real application is around 1Pa-s.** The rheo-
logical properties of coal slurry depend on the following: type of coal, particle size
distribution (PSD), solid concentration, and type of additive and concentration.
Generally, viscosity increases with increasing coal concentration and decreasing
particle size. Surfactants are used as additives to permit increased coal concentration
at a certain slurry viscosity. The rheological properties are important parameters for
piping design and pump selection.

Figure 4.13 shows the effects of temperature and coal concentration on gasifica-
tion efficiency. The gasification efficiency increases with coal concentration in the
slurry. Generally, gasification efficiency (i.e., carbon conversion) increases with
decreasing particle size. However, decreased particle size will also lead to a higher
apparent viscosity and additional grinding costs. For a certain coal, the optimum
PSD and coal concentration is typically determined experimentally.

Figure 4.14 shows the effect of coal concentration in the slurry on the syngas
composition. It is shown that increasing coal concentration is helpful for a higher
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Figure 4.13. Relationship between coal concentration in slurry and gasification efficiency.
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Figure 4.14. Effect of coal concentration in slurry on syngas composition.

Table 4.8. Coal Slurries with Different Agents

Coal Slurry Description Coal in Status
Slurry (%)
Coal-oil slurry Fine coal particles slurried 50 Commercialized in
with heavy oil and additives Japan
Ultrafine oil slurry Ultrafine coal particle slurried 40 Commercialized in
with heavy oil and additives the U.S.
Coal-water slurry Coal particles slurried with 50 Commercialized
water
High concentration Wide PSD coal particles ~75 Commercialized
coal-water slurry slurried with water and
additives
High concentration Ultrafine coal particle slurried ~70 Under development
ultrafine coal-water with water and additives
slurry
Coal methanol slurry  Coal particles slurried with ~80 Under development
methanol
Coal-CO, slurry Coal particle slurried with ~75 Under development

liquid carbon dioxide

CO + H, yield in the product. However, it is also shown that the concentration of
CO + CO, is constant with increased coal concentration in the slurry. This is because
the additional water in the slurry vaporizes and reacts with CO, generating more H,

and CO,.

In the last several decades, for different purposes, several other agents have
been used to prepare coal slurry. These coal slurries are summarized in Table 4.8.
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4.7.2.4 Effects of Pressure and Temperature

The gasification temperature and gasification pressure play very important roles
in coal gasification. At high temperatures, the gasification efficiency is improved
and thus the required residence time decreases. Also, as in other entrained-flow
gasifiers, slag is discharged from the bottom in a liquid phase. Therefore, the
operating temperature should be higher than the ash fusion temperature (AFT).
To increase the lifetime of the refractory, gasification temperatures range from
1350 to 1500°C. For coals with AFTs higher than 1500 °C, additives are required
to lower the AFT.

Normally, gasifier capacity is proportional to /p.*> The pressure may be as
high as 10MPa in a GE gasification system. Also, the operating pressure is selected
based on the purpose of the gas product; in the ammonia industry, the operating
pressure ranges from 8.5 to 10MPa, while in methanol industry, the pressure is
6—7MPa.

4.7.2.5 Effects of Residence Time

As discussed in the previous section, the main step of the gasification process is the
heterogeneous reaction of char. The reaction rate of char gasification is much lower
than that of oil gasification. Therefore, a longer residence time is necessary for
reasonable coal conversion. In the GE gasification process, the residence time is
typically 4-10s. Residence time is determined by reactor size, coal particle size,
char reactivity, and operating conditions (T and P).

4.7.2.6 Effect of O/C Ratio

The oxygen/carbon ratio is an important parameter in the operation of the GE gas-
ifier. The O/C ratio has a significant effect on the gasification temperature, coal
conversion, and cold gas efficiency. Normally, at a higher O/C ratio, the gasifier
temperature and coal conversion increase as shown in Figure 4.15. However, if the
O/C ratio is too high, the overall cold gas efficiency will decrease (Fig. 4.15) because
some of the CO/H, in the product will react with oxygen. Also, to reach a higher
O/C ratio, more oxygen will be consumed, which necessitates a larger air separation
unit (ASU) in the system. In addition, increased O, leads to increased CO, in the
product gas.

4.7.3 Coal Requirements of the GE Gasifier

In principle, almost all kinds of coal can be gasified in the GE gasification process,
including lignite, bituminous, and anthracite. However, to optimize the perfor-
mance of the gasifier, bituminous coal with high volatile and high reactivity is
recommended.
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Figure 4.15. Effect of O/C ratio on gasifier temperature and carbon conversion. (a) Effect of O/C
ratio on GE gasifier parameters. (b) Effect of O/C ratio on cold gas efficiency.

4.7.3.1 Moisture Content

There are two kinds of moisture that exist in the coal: surface moisture and inherent
moisture. Since the CWS is basically a mixture of coal particle and water, the surface
moisture of coal does not have too much impact in the GE gasification process.
However, a higher surface moisture content means a higher transportation cost.
Inherent moisture includes all the moisture that is physically or chemically held
within coal. In the CWS preparation step, inherent moisture of the coal plays an
important role. With an increase in the inherent moisture, it has been found that the
maximum coal concentration possible in a CWS decreases.

4.7.3.2 Ash

Ash is the inert material contained in the coal. Although ash is not directly involved
in the gasification, some of the heat generated in the oxidation reaction is consumed
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Table 4.9. Performance of the GE Gasifier with Different Coals

Coal Coal Composition (%) Syngas Composition (%)

C H N S O Ash CO H, CO, Steam CH, H,S/COS

Pittsburgh 742 52 12 33 6.7 95 400 30.1 114 164 0.0 0.9
#8

Utah coal 682 48 12 04 157 97 309 267 159 257 0.2 0.1

French 78.1 53 09 05 82 7.1 374 293 133 194 0.2 0.1
coal

German 739 47 15 1.1 59 130 395 293 126 175 0.3 0.3
coal
Pet coke 877 3.0 13 6.9 1.4 05 46.7 265 119 125 0.1 1.8

by heating the ash. Also, as discussed above, slag is abrasive to the refractory in the
gasifier, and hence reduces the lifetime of the refractory. Therefore, coal with lower
ash content is more favorable in the GE gasification process.

In the GE gasification process, slag is discharged in the liquid phase. The vis-
cosity of the slag decreases with increases in the operating temperature. The AFT
is one of the most important properties for a certain coal. Although most of ash in
coal is mainly SiO,, Al,0;, CaO, and Fe,0;, the AFT varies from coal to coal.
Generally, ash with a higher Fe,O;, CaO, and MgO content has a lower AFT; and
ash with a higher SiO, and Al,O; content has a higher AFT.

When coal with a comparatively low AFT is gasified, clinkers form in the static
fuel beds. Furthermore, slag deposits on gasifier walls and reduce the lifetime of the
refractory. Therefore, coal with too low of an AFT should be avoided in the GE
gasification system. When some coals with higher AFT (>1400°C) are gasified in
the GE gasifier, additives are needed to reduce the AFT. Normally, CaO/CaCO; and/
or Fe,0O; are used as additives.

To reduce the operating temperature and lengthen the lifetime of the refractory,
coals with lower AFTs are recommended in the GE gasification process.

Technically, GE gasifiers can be used to gasify all kinds of coals. However,
coals with low inherent moisture (<8 wt %), low ash content (<13 wt %), low AFT
(<1300°C), high heating value (>25MIJ/kg), and low impurities content (Cl, As, S,
etc.) are strongly recommended.

For a better understanding of the performance of the GE gasification system,
results from some of the demonstration plant are shown in Table 4.9.

4.7.4 Summary of GE Slurry Feeding
Gasification Technology

The coal-water feeding technology is the key feature of GE gasifiers. Texaco
developed the CWS feeding gasification technology in the 1950s. After 20 years,
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the technology was successfully demonstrated in the 1970s when a new slurry
preparation technique was available. Since then, coal-water feeding technology
(GE gasification technology) has become one of the most widely used gasification
technologies.

Compared with other existing gasification technologies, the GE gasification
process has some unique advantages: (a) it can gasify varieties of coals including
lignite, bituminous, and anthracite; (b) it is one of the most inexpensive technologies
with lowest CAPEX; (c) due to its simple design, the GE gasifier is robust and thus
has the highest reliability; and (d) GE gasifiers are operated at a high temperature
(~1400°C), so a high coal conversion can be achieved.

Disadvantages of the GE gasification process include the following: (a) more
O, is needed to maintain a high operating temperature; (b) compared with dry
feeding technology, the gas product of the GE process has a higher CO, content
(=17mol %), resulting in a lower heating value; (c) due to the high operating tem-
perature, the lifetime of the injector and the refractory is short compared with other
gasification technologies.

4.8 SHELL GASIFICATION TECHNOLOGY WITH
DRY FEEDING

4.8.1 Introduction to Dry-Feeding Coal Gasification

The first dry-feeding gasification was the low pressure Koppers—Totzek (K-T)
gasifier developed by Krupp-Koppers in 1938. This technology was mainly used in
the ammonia industry; approximately 90% of the ammonia plants used the K-T
gasifier in that era. The coal conversion and the efficiency of the K-T gasifier were
relatively low, and thus high-pressure dry-feeding gasifiers gradually replaced the
low-pressure K-T gasifiers. In 1972, Shell collaborated with Krupp-Koppers and
developed a high-pressure dry-feeding gasification technology. The target of their
gasification technology was defined as follows:

1. ability to gasify almost every type of coal in the world,

2. environmentally friendly,

3. high T gasification to increase the coal conversion and to prevent the forma-
tion of tar oil and phenol type of organic by-products,

4. good reliability,

5. high efficiency, and

6. high syngas productivity from a single gasifier.

Shell built a 6t/day lab/pilot-scale gasifier to test different types of coal in 1976.
It also conducted tests to collect the fundamental data on cleanup of the syngas

produced by this gasifier and to assess the technologies to meet environmental
regulations.
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At the same time, Shell also built a 150t/day pilot-scale gasifier in one of Shell’s
refineries at Hamburg, Germany, in 1978. The major task of this pilot plant was to
validate the model developed in the Amsterdam lab.

Shell conducted tests in this 150t/day demonstration plant to determine the
design principles of key gasifier parts, including the nozzle, feeding system, slagging
system, and the gasifier. The experience gained from the demonstration plant was
used to construct a plant named SCGP-1, located in an existing petrochemicals
complex at Deer Park in Houston, TX. This plant operated at about 2—-4 MPa, pro-
duced 16t of steam per hour, and was sized to gasify 220t/day of bituminous coal
or 365t/day of high-moisture, high-ash lignite. Shell tested a total of 21 types of
coal in this bench-scale gasifier between 1978 and 1983.%

By 1983, Shell had conducted over 6000h of tests in its pilot plant, including
1000h of continuous testing. Based on the pilot-plant test results, Shell found many
areas in which to improve their gasifier and radiant syngas cooler (RSC) design. It
started to design the 250-400 t/day demonstration plant in Shell’s Deer Park refinery
in 1983 and completed the construction and started operation in 1987. This unit had
operated over 15,000h by 1991 and tested a total of 18 types of coal including low-
rank coal and petroleum coke. The testing results from this demonstration plant were
better than expected. The Deer Park gasifier proved the ability of the Shell Coal
Gasification Process (SCGP) to gasify a wide range of coals.” By 1991, Shell was
ready to commercialize its gasification process.

In 1988, the Holland Government decided to build a 250 MW IGCC plant in
Buggeum, Holland, using Shell’s gasification technology. The process incorporated
Shell’s Sulfinol-M technology, a Siemens’ V94.2 GT for power generation, and an
integrated feed of compressed air to the ASU. This IGCC plant was designed to
deliver a total of 253 MW of power with an efficiency of 43% (lower heating value
[LHV]). This IGCC plant started to feed coal in April 1994. However, severe prob-
lems were encountered with the GT at the beginning of the project, which were
finally resolved in September 1996. The availability of the plant reached 85% in late
1997. The availability of the gasifier and syngas cleanup system reached 95% in
the same period. The nozzle life exceeded 7500 hours, and 14 kinds of different
coals were gasified. The IGCC plant was transferred to the local utility company for
operation on January 1, 1998. By this time, the SCGP finally reached commercial
success and became an efficient technology for producing syngas from different
types of coals. This demonstrated that Shell’s gasifier was ready for commercial
applications.***°

On November 2, 2001, Shell and the Sinopec signed a cooperation deal, totaling
$136 million. According to the deal, the two parties were to establish a coal gasifica-
tion plant in Yueyang, Central China’s Hunan Province. The coal consumption of
the plant will reach 2000t/day. Coal will be transformed to gas and then serve as
the raw materials for the Dongting Fertilizer Plant. In addition, the two parties agreed
to build coal gasification plants using Shell’s technology in China’s Hubei, Anhui,
and other provinces. Table 4.10 shows the recent gasification projects in China that
use Shell’s technology.
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Table 4.10. Shell Coal Gasification Projects in China

Name Scale (t/day) End Product Subscription Date

Sinopec-Shell Yueyang 2000 Ammonia 2001
Coal Gasification Co.

Hubei Shuanghuan 900 Ammonia 2001
Chemical Group Co.

Liuzhou Chemical Ltd. 900 Ammonia 2001

Sinopec Hubei 2000 Ammonia 2003
Chemical Fertilizer
Ltd.

Sinopec Anqing Co. 2000 Ammonia 2003

Yunnan Tian’an 2000 Ammonia 2003
Chemical Co.

Yunnan Guhua Co. 2000 Ammonia 2003

Dahua Group Co. 2000 Methanol 2004

Yongcheng Meidian 2000 Methanol 2004
Group Co.

China Shenhua Coal to 2000%2 Hydrogen 2004
Liquid Co.

4.8.2 Shell Gasification Process

Figure 4.16 shows a schematic of the typical Shell gasification process. The coal is
ground into fine particles, dried to <2% water, and then carried by N, or CO, to the
storage tank and lock hopper. High-pressure N, or CO, is used to transport the coal
particles from the lock hopper to the two symmetric feed injectors of the gasifier.
Steam and O, are also injected into the gasifier via the same nozzles. The temperature
of the gasifier is controlled to be in the range of 14001700 °C by adjusting the flow
rates of coal, oxygen, and steam. Most of the ash forms slag inside the gasifier at
these high temperatures and then flows down and exits from the bottom of gasifier.
Water quench is used at the bottom of the gasifier, and the cooled slag is then ground
before being sent to the slag lock hopper system. Finally, the pressure is reduced in
the lock hopper, and the slag is sent to the slag storage tank. Figure 4.17 shows the
structure of the SCGP. The gasifier vessel consists of a carbon steel pressure shell,
within which is a gasification chamber enclosed by a refractory-lined membrane
wall. The temperature in the reaction center ranges between 1500 and 2200 °C,
depending on the coal type. Shell gasifiers typically operate at pressure ranges of
2-4MPa.** Water circulated through the membrane wall is used to control the tem-
perature of the gasifier wall and raises saturated steam. High-pressure steam is
produced in the gasification and heat recovery section and can then be used, increas-
ing the efficiency of the whole process. Dried pulverized coal, O,, and steam are fed
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Figure 4.16. Schematic of typical Shell gasification process. MP, medium pressure.
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Figure 4.17. Schematic of Shell coal gasifier.

through opposed burners at the bottom of the gasifier, which operates at 2—4 MPa.
Gasification occurs at temperatures of >1500 °C, which ensures that the ash in the
coal melts and forms a molten slag. The slag runs down the inner surface of the
gasifier wall and is quenched in a water bath at the bottom of the gasifier. A portion
of the slag adheres to the wall of the gasifier and cools, forming a protective layer.
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The membrane wall’s life was estimated to be over 25 years. The process can handle
a wide variety of solid feedstocks, including lignite, brown coal, subbituminous coal,
bituminous coal, anthracite, and petroleum coke. This gasifier can handle different
coal types and is relatively insensitive to the size, condition, or other physical prop-
erties of the raw coal.

The hot raw syngas with small slag droplets is quenched with cold recycled
syngas, thus the slag droplets are cooled to form solid particles and fly ash, which
will not stick onto the wall of the syngas cooler. The syngas cooler is a shell-tube
type of heat exchanger with water and steam flows inside the tube and hot syngas
in the shell side. The high-pressure steam generated from the syngas cooler is used
to drive the steam turbine in an IGCC plant. The cooled raw syngas is then sent to
the fly-ash removal system (ceramic filters), followed by a wash system to remove
all the fly ash, and then sent to the acid gas removal (AGR) system. A part of the
cooled syngas is recompressed and sent back to the gasifier to quench the hot syngas.

The SCGP has the following technical features:*

e dry feed of pulverized coal, coal/nitrogen (or CO,) ratio between 50 and
500kg/m?, normally 400kg/m?*;

e compact gasifier and other equipment due to the pressurized entrained flow
and oxygen blown design. Coal conversion is over 98%;

* a slagging, membrane wall that allows high temperatures because of insula-
tion and protection of wall by solid inert slag layer; and

* multiple, opposed burners resulting in good mixing of coal and blast, large
turndown, and scale-up potential.

Figure 4.18 shows a typical heat balance in an SCGP plant. Gasification of the
coal forms a raw fuel gas that is predominantly 25%-30% H, and 60%—-65% CO,

)

Heat loss 0.75%

|j
Coal 100%

—

Uncoverted
coal in slag 0.5% Syngas 82.5%

Figure 4.18. Heat balance in an SCGP system.
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Table 4.11. SCGP-1 Performance

Item Design Value Change Scope Demonstration
Value

Capacity (t/day) 229 115-235 229

Pressure (MPa) 2.51 2.44-2.51 2.44

Syngas components (%)
H, 29.9 22.7-34.6 27.7-29.8
CO 62.9 54.8-69.0 66.5-69.0
CO, 5.8 2.2-10.8 2224
CH, 0.04 0.001-0.004 0.001-0.004
H,S + COS 1 1.1-1.8 1.1-1.2

C conversion rate (%) 98.5 96-99 97-98

with a little CO, and some entrained slag particles. The total cold syngas efficiency
can reach over 83% and another 15% can be recovered by high-pressure steam.”” At
the gasifier outlet, the raw gas is quenched with recycled, cooled fuel gas to lower
the temperature to ~900 °C. This cooling “freezes” the slag particles, rendering them
less sticky and less prone to fouling surfaces.

The fuel gas is then cooled to ~300°C in the syngas cooler, raising high and
medium-pressure steam. In contrast to the syngas cooler for Shell’s oil gasification
process, the SCGP syngas cooler has the gas on the shell side. The syngas cooler
thus has a complex tube bundle comprising various economizers, medium- and
high-pressure evaporators, and some superheaters.

The cooled syngas is filtered using ceramic filters. About 50% of the cooled
syngas is then recycled to the top of the gasifier to act as the quenching medium for
the gas. The remainder is washed to remove halides and NH; and then sent to the
downstream AGR system.

Typical process data from the Shell gasifier are shown in Table 4.11.%

The major benefits of Shell’s gasification technology are the following:

1. The ability to gasify different types of coal including low-rank coal and
petroleum coke. The carbon conversion is over 98%. The amount of sulfur,
oxygen, and ash in the coal does not significantly impact the Shell gasifica-
tion process.

2. The CO + H, concentration is >90% in the product gas stream of a Shell
gasifier. The CO, concentration in the syngas stream is rather low, thus
reducing the cost of AGR for ammonia or other coal-derived liquids or
chemicals. In addition, there is no tar oil in the product gas stream.

3. Due to the dry feeding of the Shell gasifier, the O, consumption is reduced,
and the efficiency is increased by ~2% compared with the CWS feeding
system. However, the maximum gasification pressure is limited to about
5MPa due to the dry-feeding system, as opposed to 8 MPa for some CWS
feeding systems.
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4. The gasifier can be scaled-up to a 3000t/day unit. One can relatively easily
remove the sulfur and ammonia in the syngas stream.

5. The active cooling membrane wall can last much longer than the bricks
utilized in the GE (Texaco) gasifier.

Typical temperatures of Shell gasifiers are in the range of 1440-1600°C. The
typical O, consumption rate of Shell gasifiers is 0.9kg O./kg of coal (on a dry, ash-
free basis). The ratio of steam consumption to O, consumption ratio is 0.14. The
cold syngas efficiency is ~82% and the carbon conversion can reach >99%. The wet
syngas compositions (mol %) from the gasification of a Cerrejon coal from Colum-
bia are

* CO: 62.1%,

* H,: 31.0%,

* N,: 3.1%,

e H,S + COS: 0.23%,
e Ar: 0.8%, and

e steam: 1.7%.

4.8.3 Coal Requirements of Shell
Gasification Process

Shell gasifiers can gasify almost every type of coal from anthracite to brown coal
(lignite). However, they still have the following requirements for coal.

4.8.3.1 Moisture Content

The dry-feeding system of the Shell gasifier requires the water content in the bitu-
minous coal to be less than ~2wt %. For high-moisture, low-rank coal, the required
water content could be less than ~10 wt%.

4.8.3.2 Ash Content and AFT

Ash is the inert material inside the coal and does not significantly impact the gas-
ification reactions. However, ash characteristics impact coal transportation, coal
feeding, and the ash processing system. Shell’s gasifier utilizes an active-cooling
membrane wall and uses a solid slag layer to protect the gasifier. If the ash content
is too low, the solid slag protection layer may not be formed properly, increasing
heat loss and impacting the durability of the gasifier.

The Shell gasifier is an entrained bed with slag formation. In order for the slag
to flow out of the gasifier, the gasification temperature has to be 100—150 °C higher
than the AFT. If the AFT is too high, one has to increase the gasification temperature,
which can impact the operation, durability, and economics of the gasifier. Thus, low
or medium AFT coals are preferred for the Shell gasifier for easy removal of the
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slag. For a high AFT coal, one can add an ash-fluxing agent to lower the AFT in
order to ensure smooth gasifier operation.

4.8.3.3 Particle Size, Volatiles, and Reactivity of Coal

Shell gasifiers operate at high temperature, thus the residence time of gas and coal
are relatively short. The gas—solid diffusion is the rate-limiting step of coal con-
version. Thus, relatively small coal particles (<0.1 mm) are required compared with
the fluid-bed or fixed-bed gasifiers; however, the requirements for the volatiles
and reactivity of coal are not as strict as those of a fixed-bed gasifier. A lot of
energy (electricity) is required to grind the coal into very fine particles; thus, for
coal with higher volatiles and reactivity, the requirement for small coal particle
sizes can be relaxed. However, for low volatile or low reactivity coal, the smaller
coal particles are better from a gasification kinetics point of view. The optimum
size of coal particles for dry feeding gasification is a function of many system
variables.

4.8.4 Summary of Dry-Feeding Shell Gasifier

The dry-feeding technology is the key feature of the Shell gasifier. In the early 1950s,
initial development of the continuous coal dry-feeding system started, but significant
progress was not made until the Shell-Koppers gasification process was developed
in 1978. In this process, inert gas is used to transport the coal particles into the
ambient pressure feed hopper, and the inert gas is vented via the particulate filter.
The coal particles are then dropped into the lock hopper and sealed. The pressure
of the coal in the lock hopper is increased gradually using N,, and coal particles are
conveyed into the pressurized gasifier by high pressure N, or CO,. The pressurized
entrained flow (PRENFLO), SCGP, Thermal and Power Research Institute (TPRI),
and GSP gasification technologies developed later are all based on this type of dry-
feeding system.
The advantages of the process include the following:

1. It can gasify varieties of coals including lignite and anthracite.

2. It uses 15%—25% less oxygen consumption compared with slurry feed gas-
ification processes. The trend for dried pulverized coal gasification is to
replace N, with CO, and increase the gasification pressure, which can further
reduce the O, consumption.”’

3. The use of a membrane wall leads to a higher reliability.
The disadvantages of the SCGP include the following:

1. The dried pulverized coal system is quite complex; the nitrogen from dense
entrained flow may affect the subsequent chemical process. Thus, the CAPEX
is much higher compared with a CWS feeding gasifier for methanol or other
coal-to-chemicals plants.
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2. The low gasification pressure requires extra syngas compression for the
methanol synthesis process. The bulk density of the released dust is much
higher than that of CWS gasification.

3. The reliability of the dry-feeding gasifier is not as good as the matured CWS
feeding system and the initial investment is much higher.”

4.9 OTHER GASIFICATION TECHNOLOGIES
4.9.1 GSP Gasification Technology

The GSP coal gasification process was developed by the German Fuel Institute of
former East Germany in the 1970s. The early-stage purpose of the process was to
produce town gas, and a 3MW pilot-scale factory was set up in Freiburg to verify
the technology. In 1982, a 130 MW commercial plant with 30t/h coal processing
capability was built in Scharwze Pumpe, Germany, to produce electricity. This plant
operated for 5 years without changing nozzles and refractory bricks. Since 1989, the
key technology development was changed to use biomass and different kinds of
waste including city sludge, industrial residue, and petroleum coke as feedstock.
Table 4.12 shows the gas composition with different feedstocks of the GSP gasifica-
tion process.*’

Table 4.12. GSP Gas Composition with Different Feedstocks

Item Lignite Sludge Waste Residue Petrol Coke

Feedstock
Moisture 0.5-16.2 3.7-8.6 4.3 1
Ash 7.5-40.2 38.1-57.3 36.8 0.6
S 0.6-6.2 0.5-1.2 1.6 5.3
C 25.0-34.3 36.8 87
H 54.1-83.1 3.5-5.0 4.9 39
N 0.1-5.3 1.6-3.2 7.4 2
(0] 0.0 10.1-19.9 7.2 0.2
Cl 0.0-5.0 0.0-0.2 0.7 0.0

Gas composition
H, 31 24-32 46 31.2
CcO 55 4548 43 47.5
CO, 9 16-23 6 7.8
CH, <0.10 <0.1 <0.1 <0.1
N, 4.7 4.7 4.9 13.5

H,S/COS 0.27 0.2-1.0 0.1 19.7g/m’
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Figure 4.19. Schematic of a typical GSP gasifier.

ISilg

Figure 4.20. Water-cooling wall of a GSP gasifier.
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Figure 4.19 shows a schematic of the GSP process, including the nozzle, reac-
tion chamber, the water wall, and the quench chamber. Figure 4.20 shows the
structure of the water-cooling wall, which is a gastight membrane wall structure.*’
In this gasification process, slag is trapped by the internal surface of the water-
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Figure 4.21. Schematic of a typical GSP plus gasifier. See color insert.

Refractory I
|
i
i
|
Slag !
|
Cooling ;
shell i
i
I
i
I
i
|
i
Radiation ~ Combustion !
space wall

Figure 4.22. Water-cooling wall in a GSP plus gasifier.

cooling wall in the high-temperature reaction condition, forming a solid layer and a
flowing layer that varies in thickness according to the heat flux and the composition
of the slag.

Figure 4.21 shows a schematic of the GSP Plus process. The distinct difference
from the former GSP gasifier is that the water wall is changed from a pressure-
bearing structure to a nonpressure-bearing structure, which is suspended in the
gasifier. The structure can be seen in Figure 4.22.
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Figure 4.23. Schematic of an ECUST gasifier.

4.9.2 East China University of Science and
Technology (ECUST) Gasifier

The Institute of Clean Coal Technology (ICCT) at the ECUST started to develop
coal gasification technology with the YanKuang Coal Mine Group in the early
1990s.** ECUST incorporates both CWS feeding gasification and N, or CO, dry-
feeding technology. Figure 4.23 shows a schematic of the ECUST gasifier.** This
gasifier consists of four opposed-jet nozzles, with a down-flow configuration and
slagging equipment.

With the support of the Ministry of Science and Technology of China, a
22t/day CWS pilot gasifier was successfully started in August 2000, at the Lunan
Chemical Fertilizer Plant in the Shandong province. Four years later, the first com-
mercialized four-opposed-jet CWS gasifier with 750t/day capacity was started up
at Hualu Hengsheng Chemical Co. for ammonia production. In July 2005, a 1150t/
day gasifier went into operation in Lunan, Shandong Province. After having suc-
ceeded in developing CWS gasification technology, ICCT is now focusing on dry-
feed pulverized coal gasification technology. In July 2004, it successfully
demonstrated a pulverized coal gasifier with N, to convey the dry particles. The pilot
gasifier’s capacity is between 15 and 45 t of coal per day, the pressure is 2.0-2.5 MPa,
and the temperature is 1300—1400 °C. The CO + H, ratio in the syngas is 89%—-93%,
the carbon conversion rate is 98%-99%, the oxygen consumption is 300—
320Nm* 0,/1000Nm?* (CO + H,), the coal consumption is 530-540 kg coal/1000 Nm®
(CO + H,), and the cold gas efficiency is over 84%. In June 2005, the gasification
performance obtained by replacing nitrogen with carbon dioxide as the pulverized
coal carrier was studied at the pulverized coal gasification pilot. The operating pres-
sure was 1.0-3.0 MPa and the working temperature was about 1350°C. As a result,
the dry mole fraction of nitrogen in the syngas obtained was less then 1% and the
dry mole fraction of (CO + H,) was in the range of 90%—95%.
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4.9.3 TPRI Gasifier

TPRI’s gasifier is a two-stage dry-feed, water-cooled gasification process.* Approx-
imately 80%—85% of the pulverized coal is fed into the first stage of the gasifier and
reacts with pure oxygen and steam. The steam and the remaining 15%-20% of the
pulverized coal are fed into the second stage from different nozzle channels and
react with the high-temperature syngas from the first stage at about 1400-1500 °C.
The temperature of the outlet syngas is decreased to ~900 °C after the second stage’s
endothermic reaction, not only freezing the slag particles but also increasing the
gasifier’s thermal efficiency.

In 2004, a 0.5 t/day pilot gasifier was completed to verify this gasifier concept.
The result showed that the O, consumption was lower, the thermal efficiency was
1% higher, and the outlet syngas temperature was 200 °C lower than that of a one-
stage gasifier.

A new 24-36t/day pilot-scale demonstration gasifier aimed at verifying the
whole process (reliability, availability, and coal compatibility) was built and tested
recently. TPRI is building a 1000 t/day commercial-scale gasifier based on the data
collected in this pilot plant.

4.9.4 Fluidized-Bed Gasifiers

The application of fluidized-bed reactors in gasification processes started in the
1920s. The atmospheric fluidized-bed process was patented in 1922. The first gas-
ification plant was built by Winkler in 1925. Since then, fluidized beds have been
widely used in gasification processes.

Generally, to avoid bed agglomeration, fluidized-bed gasifiers are operated at a
maximum temperature that is lower than the AFT. The reactant gases (steam, air/
0O,) are normally used as the fluidizing medium. To achieve a stable fluidization,
raw coal must be ground to <10 mm in size before injection into the gasifier. As coal
particles are consumed and fragmented during the reaction, smaller particles are
generated and entrained with the gas product and then leave the gasifier. In general,
these char particles are recovered by cyclones and recycled into the reaction system.
In a fluidized bed, due to the extensive mixing and strong turbulence, the temperature
distribution is much more uniform than those in moving-bed gasifiers and entrained-
bed gasifiers. A typical temperature profile in a fluidized-bed gasifer is shown in
Figure 4.24.

In the last several decades, many gasification processes have been developed
using all three regimes of fluidization: bubbling fluidized bed, circulating fluidized
bed, and transport reactor. Each gasification process exploits the particular charac-
teristics of a fluidization regime.

The first application of the fluidized-bed gasifier in the gasification process is
the original Winkler process. In the Winkler process, steam and air (or O,) are used
at atmospheric pressure. The schematic of a typical Winkler gasifier is shown in
Figure 4.25. The coal (brown coal coke, subbituminous, or bituminous coals) is
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Figure 4.24. Typical temperature profile in a fluidized-bed gasifier.
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Figure 4.25. Schematic of a typical Winkler gasifier.

milled to a particle size below 10 mm for best fluidization. The coal particles are fed
to the gasifier by a screw conveyor. The gas blast (steam and oxygen) is introduced
from the bottom of the gasifier and fluidizes the coal particles. The operating tem-
perature is maintained below the ash melting point (950-1050°C for most com-
mercial plants). The gas velocity in the gasifier can be as high as 5m/s. To minimize
the small particles entrained in the gas product, a secondary blast (oxygen) is often

fed in above the fluidized bed.
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The Winkler gasification process has many advantages such as low operating
temperature, high reliability, and low tar in the gas product. However, due to the
low operating pressure and temperature, the carbon conversion is also low (20%—
30% carbon in ash). Most plants using the Winkler process have been shut down
for almost entirely economic reasons.

To improve the gas yield and increase the carbon conversion, many gasification
processes (HTW, Kellogg Brown and Root [KBR], Kellogg—Rust—Westinghouse
[KRW], U-Gas, etc.) have been developed with increased operating temperatures
and pressures, and modified gas distributors.

The HTW technique, developed by Rheinbraun, utilizes increased pressure (up
to 3.0MPa) and operating temperature. In this process, a lock hopper and screw
feeder are used to feed the coal particles into the reactor from a high-pressure charge
bin. Due to the increases in both temperature and pressure, coal conversion in the
HTW process is much higher than in the Winkler process.

The KBR transport gasifier was developed to operate in the high-velocity flu-
idization regime. To achieve higher throughput and better mass and heat transfer
rates in the gasifier, the KBR gasifier operates at higher circulation rates, gas veloci-
ties, and riser densities. The superficial gas velocity in the riser can be as high as
11~18m/s.** Limestone is used as the sorbent for sulfur removal and fed to the
gasifier together with ground coal. In the mixing zone, solids are mixed with oxidant
and steam. The sorbent reacts with sulfur and forms CaS. CaS then leaves the
reactor through a screw cooler together with a char—ash mixture. These solids and
fines are combusted in an atmospheric fluidized-bed combustor. The gasification
takes place at 900-1000 °C under 1.0-2.0 MPa, yielding carbon conversion rates as
high as 98%.

Recycle
fines in

Recycle
gasin

Steam

Recycle
gasin

Ash out

Coal/limestone
airin

Figure 4.26. KRW agglomerating fluidized-bed gasifier.
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To minimize the carbon loss in the ash and increase the carbon conversion,
agglomerating fluidized-bed gasification processes have been developed. In the
agglomerating fluidized-bed gasifier, char and ash that are entrained in the product
gas are recycled to a hot agglomerating and jetting zone. The temperature in the
agglomerating and jetting zone is high enough to soften the ash particles. The ash
particles agglomerate and fall to the bottom of the gasifier, where they are cooled
and removed from the gasifier. Agglomerating gasifiers can provide a higher carbon
conversion compared with conventional fluidized gasifiers.

Figure 4.26 shows an agglomerating fluidized-bed gasifier developed by KRW.
In the KRW process, limestone can be injected with the coal for sulfur capture. The
KRW process is employed in a 100MW IGCC Pifion Pine Plant near Reno, N'V.
Due to some difficulties in the hot gas filtering section, the plant could not be started
up successfully.'

4.9.5 ConocoPhillips Gasifier

The ConocoPhillips process is a CWS-fed, pressurized, two-stage process. The
process was originally developed by Dow Chemical in the 1970s. In 1989, the
technology was named Destec. The technology has been chosen for a repowering
IGCC at Wabash River, IN. The gasifier shown in Figure 4.27 consists of a high-
pressure vessel lined with refractory bricks.*

In the lower part of the gasifier, CWS is injected with O, via two opposed
nozzles. The reaction temperature in this first stage is normally 1350-1400 °C and
the pressure is about 3 MPa. The molten slag runs down the gasifier and is discharged

Product gas

=

Second
stage

Coal slurry

Coal slurry/O, Coal slurry/O,
First stage

Slag quench —|
water

Slag/water slurry
Figure 4.27. Schematic of a ConocoPhillips gasifier.
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Table 4.13. ConocoPhillips Gasifier Operating Conditions

Temperature (°C) 1370-1540 (1st stage)

980-1020 (2nd stage)
Pressure (MPa) 2.0-4.0
Carbon conversion >98%
Cold gas efficiency 70%—-80%
Solid fuel Subbituminous Bituminous Pet Coke
Unit capacity (t/day) 2750 2750 2750
Sulfur content (%) 0.4 3.7 6.2
Heating value dry (HHV BTU/Ib) 11,700 12,500 14,100
Oxygen consumption (t/day) 2220 2330 2540
Syngas
CO (%) 429 46.5 60.4
H, (%) 32.6 32.2 21.7
CO, (%) 20.2 15.1 10.2
CH, (%) 1.7 3.2 4.7
Inert (%) 2.6 3 3
Heat content (HHV BTU/h) 2030 2200 2620
Heating value (HHV BTU/SCF) 260 285 311
Steam from syngas cooler
Flow (kg/h) 23,600 22,700 199,800
Potential H, (MMSCFD) 113 116 132

HHYV, high heat value.

into the quench chamber. The high-temperature syngas from the first stage flows to
the upper second stage of the gasifier, where the remaining 20% of the coal slurry
is injected and reacts, cooling the gas to about 1050 °C. The crude syngas is then
cooled in a fire tube syngas cooler, followed by the cleanup using filters that remove
large ash and char particles. The char obtained can be recycled to the gasifier.
Typical operating conditions and syngas components are shown in Table 4.13.*

The only operational ConocoPhillips gasifier is at the Wabash River IGCC and
runs on bituminous coal. Extensive tests have been carried out over the years on
subbituminous coals and petroleum coke.

4.9.6 Moving-Bed and Fixed-Bed Gasifiers: Lurgi’s
Gasification Technology

Gasification processes based on moving beds (fixed beds) have been used for more
than 100 years for making producer gas or water gas using air gasification.

In the producer gas process, coal is fed from the top and moves slowly down-
wards while humidified air is blown upward through the bed of coal or coke. Ash
is removed from the bottom of the gasifier through a rotating grate. The gas product
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contains approximately 50mol % N, because air is used as the gasification agent.
Therefore, the heating value of the product gas is very low. Currently, this process
is only used in some parts of China.

In the water-gas process, hydrogen and carbon monoxide are generated from
the reaction between steam and high-temperature coke in a two-step process. In the
first step, the coal bed is heated to about 1300 °C with upward blown air. The reactant
gas is then switched to steam, creating the syngas and cooling the coal bed. To make
optimum use of the heat in the system, steam is blown first upward then downward.
When the bed temperature drops to about 900 °C, the steam is stopped and the next
cycle is started. The product from the water-gas process can be used for ammonia
or methanol synthesis.

In 1927, a patent was granted for the Lurgi dry ash process (coal pressure gas-
ification). In 1931, Lurgi upgraded the existing atmospheric producer gas technology
by pressurizing it and using an oxygen blast. The Lurgi dry ash process, together
with its continuous developments, had been the only pressure gasification system
for many years. Figure 4.28 shows a typical Lurgi dry ash gasification system. In
this process, coal is first loaded from an overhead bunker into a lock hopper. The
lock hopper is then pressurized with syngas and opened to the reactor, in which coal
and oxygen flow countercurrently. The coal is fed into the reactor through a distribu-
tor and then slowly moves down through the gasifier. The gasification agent (O, and
steam) is introduced from the bottom of the gasifier through a grate. Four reaction
zones are distinguishable from top to bottom: (a) the coal-drying zone, (b) the coal
devolatilization zone, (c) the gasification zone, and (d) the combustion zone. The
cold inlet stream of gasification agent (steam/QO,) is preheated by the hot ash at the
bottom, while hot raw gas exchanges heat with the cold incoming coal. This process
results in a relatively low ash and raw gas product temperature at the exit of the

Coal

Coal bunker
Lock hopper

Quench liquid

Quench cooler

Gasifier

Ash lock Steam/oxygen

Figure 4.28. Lurgi dry ash gasifier.
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gasifier, which improves the thermal efficiency and lowers the steam consumption.*
Gasification takes place in the gasification zone and unconverted coal is combusted
in the combustion zone. The Lurgi process has a low O, consumption and high steam
demand. Also, in the gas product, there is a high content of methane. Lurgi-type
moving-bed dry ash gasifiers have been widely used around the world. In the U.S.,
Lurgi dry ash gasifiers are used for SNG production. In China, the Lurgi process is
used to produce town gas, hydrogen, and ammonia.

4.9.7 Summary of Different Gasification
Technologies

The major differences between various types of gasification processes and the tech-
nical trends are briefly summarized in Table 4.14.

Table 4.14. Comparison of Different Gasification Processes

Reactor Feed Gasification P (MPa) T (°C) O/Coal Carbon
System Agent Ratio  Conversion
(kgrkg) (%)

GE Entrained  Coal-water O, 3.0-6.5 1260-1540 ~0.9 97.2
flow slurry

Shell Entrained  Dry 0, ~3 1500-2000 ~0.86 99
flow feeding

BGL Fixed/ Dry 0, ~2.5 >2000 ~0.52 99.9
moving feeding
bed

HTW Fluidized  Dry O,/air ~1 <1000 0.54 96
bed feeding

U-Gas Fluidized  Dry O,/air 04-32  950-1090 ~0.6 95.3
bed feeding

KRW Fluidized  Dry O,/air 2.1 870-1040 0.68 95
bed feeding

ConocoPhillips ~ 2-step Coal-water O, 2.0-4.0  1350-1400 >98%
entrained  slurry
flow

E-Gas Entrained  Slurry 0, 22-3.0 <1040 0.89 98.9
flow

PRENFLO Entrained  Dry 0, 3 1500-2000  1.03 99.3
flow feeding

GSP Entrained  Dry 0, 3 1600-2000 0.8 98
flow feeding

ECUST Entrained  Coal-water O, 2-6.5 1300-1400 98-99
flow slurry

TPRI 2-step Dry 0, 1400-1500

entrained  feeding
flow
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4.10 CHALLENGES IN GASIFICATION TECHNOLOGY:
SOME EXAMPLES

4.10.1 High AFT Coals

The AFT is a very important parameter when designing different kinds of gasifiers.
For entrained-bed gasifiers, the reaction temperature must be above the fluid tem-
perature (FT) of the ash to keep the ash flowing continuously. The AFT can be
obtained by experiments specified in the ASTM D1857, “Fusibility of Coal and Coke
Ash,” or similar specifications, such as ISO 540.%” In these methods, the temperatures
measured relate to the behavior of an ash sample under specified conditions and are
reported as initial deformation temperature (DT), softening temperature (ST), hemi-
spherical temperature (HT), and FT. For gasifier applications, the ash-melting char-
acteristics should be determined under reducing conditions, since these data may
differ considerably from data in oxidizing conditions. It is thought that pressure does
not significantly affect these properties.

An additional property required for slagging gasifiers is the slag viscosity—
temperature relationship. It is generally accepted that for reliable, continuous slag
tapping, a viscosity of less than 25Pa-s (250 poise) is required. The temperature
required to achieve this viscosity (75s) is therefore sometimes used in the literature.
Some slags are characterized by a typical exponential relationship between viscosity
and temperature over a wide temperature range. For other slags, the behavior changes
at a critical temperature (7.,), at which temperature the viscosity increases very
rapidly with decreasing temperature. For a slagging gasifier to operate at a reason-
able temperature, it is necessary for the slag to have a T, < 1400°C.

The relationship between ash-melting characteristics and composition is very
complicated, and depends largely on the quaternary mixture of SiO,—Al,Os;—CaO-
FeO. In general, slags that are high in silica and/or alumina will have high ash-
melting points, but this is reduced by the presence of both iron and calcium,
hence the use of limestone as an ash-fluxing agent. The SiO,/Al,O5 ratio is also
important, and where the calcium content is already high (as in some German
lignites), there can be some advantage to lowering the ash-melting point by
adding Si0,.

The ash that is produced in the gasifier always has a lower density than the
minerals from which they originate, due to loss of water, decomposition of carbon-
ates, and the presence of some carbon. The bulk density of the ash in particular may
be low due to the formation of hollow ash particles. This means that special attention
has to be given to the transformation and transport of such ashes.’

A significant technology challenge is to gasify coals with high AFTs. These
coals account for a significant portion of world coal reserves, especially in China
where ~50% of the coal reserves are not suitable for gasification feedstocks. The
gasification of high AFT coals requires high gasification temperatures to ensure that
the slagging system is working continuously. This leads to shortened lives of the
nozzle and the refractory bricks, as well as higher demand of pure O,, resulting in
higher operational and maintenance costs.
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4.10.2 Increasing the Coal Concentration
in the CWS

It is believed that the preparation of the feedstock for coal gasification has a signifi-
cant effect on the life of the feeding nozzle in the gasifier, and thus affects the process
reliability and availability. CWS holds promise as an alternative to oil as fuel. The
advantages of CWS as a fuel include that it can be stored without the danger of
coal-dust explosions and that it can be pumped and transported in pipelines and
combusted like residual fuel oil in an environmentally benign manner. To date, 23
large-scale CWS plants (>30,000t/year) and almost 100 small- to medium-scale
plants (<30,000t/year) have been built with an annual capacity of about 10 Mt/year
(including a 1.5Mt/year plant in Nanhai, Guangdong Province, with a projected
startup date of 2005). In addition, several CWS plants with a total capability of more
than 10 Mt/year are being designed.

CWS is a highly loaded suspension of fine coal in water. Typical CWS consists
of 6070wt % coal, 30-40 wt % water, and about 1 wt % chemical additives. Lower-
ing the water concentration in CWS causes higher thermal efficiency and conversion
in gasification, and hence lowers the operating cost. Thus, increasing CWS coal
concentration is of great importance in coal gasification. CWS is not economic if
the CWS coal concentration is well below 60 wt %.

Every single coal source has its specific slurrying properties, such as moisture,
oxygen-containing functional groups, mineral matter content, porosity, hydropho-
bicity, and organic matter content, which affect its slurriability. However, the inher-
ent relationship between coal properties and its slurriability is not clear yet, so
laboratory testing on each candidate coal is a must before industrial application.
More work is necessary to get a deeper understanding of the mechanism of CWS
formulation.

Among all the coal properties, it is found that inherent moisture and oxygen-
containing functional groups have bigger effects on slurriability than others. Most
coals contain oxygen-containing functional groups as well as a small fraction of
chemically bound water, which could not be removed by air-drying. Low-rank coals,
such as lignite, inherently contain more oxygen and bound water than the high-rank
coals, such as bituminous and subbituminous coals. Lignites typically contain 15—
30wt % oxygen and 25-40wt % bound water. In contrast, subbituminous coals
generally contain less than 15wt % oxygen and 20wt % water, while bituminous
coals typically contain less than 10wt % oxygen and 10wt % bound water. Higher
oxygen content and inherent moisture normally result in lower slurry concentration.
Therefore, the most suitable coal types to produce CWS are high-rank coals that
contain less oxygen and inherent moisture. At present, most CWS feeding gasifiers
use coals whose total moisture (Mt) is below 15wt % as leverage between their
reactivity and ability to form slurries. However, there are large amounts of low-rank
coals in the U.S. and in China (12.7% brown coal, ~40% raw soft coal with
Mt > 15%). It is quite difficult to produce CWS with coal concentrations of more
than 60wt % using these coals, even in the presence of additives. Consequently,
these low-rank coals do not meet the commercial requirements for use in CWS
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gasifiers. Also, the extra additives to CWS may cause corrosion in downstream
pipelines and increase operating costs.

Besides coal properties, a number of other variables also have significant effects
on the behavior of CWS, such as coal PSD, the preparation process of the slurry,
and the type and volume of chemical additives. Accordingly, CWS coal concentra-
tion can be increased by means of seeking effective additives and optimizing PSD
and preparation processes. Unfortunately, knowledge in this area is mainly empiri-
cal. The inherent relationship between slurry rheology and the preparation process
is also unknown.

4.10.3 Improved Performance and Life of
Gasifier Nozzles

The improvement or development of new feeding systems for high-pressure gasifiers
remains fairly high on the list of priorities. Almost all gasifier users identify the
nozzles used in gasifiers as one of the weakest links in the process for achieving
high onstream availability factors. The nozzles in gasifiers must feed steam, O,, and
feedstock into a very harsh, high temperature, reducing environment. The life of
a typical nozzle is generally between 1 and 6 months, based on industrial
experience.

The application of computational fluid dynamics (CFD) modeling around the
nozzle may be helpful in elucidating some of the parameters affecting nozzle life.
However, there is currently a lack of thorough understanding of all the parameters
affecting nozzle life and the fluid dynamics in the vicinity of the nozzle. Additional
information may be helpful in designing and extending the life of the injector
nozzles.

Materials used in the manufacture of the injector nozzles are cited most often
as important parameters. New materials or coatings for existing materials are needed
to provide protection from sulfidation and corrosion at high reactor temperatures.
Also, better gaskets are needed for equipment that feeds hot O, into the nozzle.

It is also believed that nozzle life is affected by feedstock characteristics.
Although the dry-feed system may be more difficult to operate at high pressures,
nozzle life may be longer in the absence of large amounts of evaporating water.
Deeper understanding is needed to identify the effect of feedstock preparation.

In addition, there is also an expressed need for fuel-flexible injector nozzles. In
the past, some nozzles have experienced vibration problems because of the load and
feedstock changes. Nozzles are desired that can operate with more than one feed-
stock, with no adverse effect on the operation, and no need to shut down to switch
nozzles whenever the conditions require a change in feedstocks.

4.10.4 Gasifier Refractory Brick Life

In order to protect the outer steel shell from high temperature, erosion, and corrosion,
the gasification chamber is lined with refractory bricks. Furthermore, the coal
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Figure 4.29. Temperature distribution in a water-cooling wall.

normally contains about 10wt % ash, and the ash becomes liquid slag at typical
operating conditions for gasification. The flowing slag corrodes, penetrates, and
reacts with the refractory liner, severely shortening the refractory service and gasifier
operation cycle.* In practice, the refractory bricks containing high chromium oxide
material commonly last from 3 months to 2.5 years.

In summary, the main reasons for the refractory failure in gasifiers include high
temperature, large and quick temperature changes, erosion by particulate, molten
slag attack, slag variation from the feedstock, hot corrosive gases, and alkali vapor
attack.*”®

The replacement of refractory bricks is very expensive; hence, some gasification
plants must have a spare gasifier as a backup for the gasifier shutdown schedule, such
as brick and nozzle replacement. Refractory brick failure is one of the major problems
for gasifiers to achieve high reliability, availability, and maintainability.*’

Compared with the GE gasifier, Shell and GSP gasifiers employ a water-cooling
wall with a refractory lining for the reaction chamber. During the operation, the slag
freezes on the surface of the refractory material, restricting slag penetration and
corrosion. A scheme of the temperature distribution in the GSP water-cooling wall
is shown in Figure 4.29.

Shell claims that the water-cooling wall of its gasifier can last over 20 years and
GSP declared 5 years, both of which are much more durable than a CWS gasifier.
Another advantage of the long lifetime of the water-cooling wall is that a spare gasifier
is unnecessary, which reduces CAPEX of the gasification unit dramatically.

4.10.5 Gasifier Scale-Up

In a commercialized coal-to-liquid (CTL) or IGCC plant, a large amount of coal
must be processed by the gasifiers to produce enough syngas. Based on Sasol’s
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experience,” minimum indirect plant capacity should be in the range from 40,000
to 80,000 barrels per day to realize the benefits from the economy of scale. This
requires the gasifiers to have a capacity of at least 40,000t of coal per day. Currently,
the capacity of the largest GE gasifier is about 2400t/day, which is operating at
Tampa Electric Company’s (TECO) Polk County Station in Florida. To reduce the
capital cost of a CTL or IGCC plant, it is highly desired to develop an efficient
scale-up methodology to further increase the capacity of the gasifier.

Through analyzing the current scale-up method of entrained flow gasifiers,
Holt™ pointed out that it is generally assumed that gasification reactions are first
order, and accordingly, gasifiers have usually been sized based on the gas residence
time.

However, actual high-temperature gasification reaction rates are not known, and
the residence time at a given reactor temperature is usually determined empirically
based on small-scale gasifier experiments. It is also generally accepted that reaction
rates vary with coal type.

In industrial practice, it has been observed that the scale-up of Texaco (not GE)
gasifiers from about 15t/day (in Montebello) to 150t/day (in Ruhrkohle) and to
1000-1200t/day (in Cool Water) was quite satisfactory. However, when conditions
were scaled up to about 2400t/day (Tampa size), lower carbon conversion per pass
was observed at the larger diameter and gasifier size, which indicates that the current
scale-up method is not sufficient. Therefore, more systematic research work is neces-
sary to establish a more reliable scale-up method.

4.11 SYNGAS CLEANUP

The raw syngas produced by the gasification of various feedstocks is similar. The
main gas components are hydrogen (H,) and carbon monoxide (CO), carbon dioxide
(CO,), water vapor (H,0), and various impurities. However, the concentrations of
these various components depend on the feedstock composition and the specific
gasification process employed.

The primary feedstock impurities of concern are the sulfur and ash constituents.
In any gasification process, sulfur is converted mainly to H,S and COS. H,S is the
dominant sulfur species, and approximately 93%—-96% of the sulfur is in this form
(the rest being COS). A portion of the ash is entrained as particulates; and the
mercury is vaporized. The entrained particulate matter also includes unburned
carbon. Small amounts of HCN, NHj, and traces of metal carbonyl compounds are
also produced. The required extents of removal of each of the impurities depend on
the application, that is, IGCC or chemical synthesis.® In order for a gasifier to be
integrated with a combustion turbine in an IGCC plant, under current emission regu-
lations, the sulfur content in syngas should be less than 20ppmv. For chemical
synthesis, there is a much more stringent requirement than that for IGCC. To prevent
deactivation of methanol and Fischer—Tropsch synthesis catalysts, reduction of the
total syngas sulfur content to <0.1 ppmv is required.
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Figure 4.30. Schematic of a typical CTL plant. WGS, water-gas shift.

In quenching system, the process also effectively removes a significant amount
of the syngas contaminants, including particulates, chlorides, alkalis, nonvolatile
metals, and some ammonia. The only contaminants that remain in the quenched
syngas are sulfur gases (H,S and COS), some ammonia, traces of volatile metals
such as mercury and arsenic, and traces of HCI. Figure 4.30 shows a simplified
process flow diagram of a typical CTL plant. The temperature of raw syngas from
the quench gasifier is in the range of 250~350°C. However, conventional gas
cleanup is typically carried out by scrubbing the syngas using chemical or physical
solvents that require cooling the gas below 40 °C. The need to cool the gas to ambient
temperature requires the use of a lot of additional equipment (heat exchangers,
knockout pots, condensate handling system, etc.). In addition, the cooling of the gas,
which must ultimately be reheated before being sent to the reactor, introduces a
thermodynamic penalty on the overall system. In a typical CTL plant, the gas
cleanup unit takes up a large portion of total CAPEX, as shown in Figure 4.31.
Therefore, it is highly desired to develop cost-effective hot/warm desulfurization
technologies that can significantly reduce CAPEX and lower the operating and
maintenance costs of a CTL plant.

There are numerous commercial processes available to remove the sulfur
content from syngas, ranging from throwaway regenerable adsorbent-type to regen-
erable solvent-type processes. Solvent-type processes are of primary interest for
sulfur removal from syngas. The solvent-type processes can be divided into three

types:
e chemical solvent,
* physical solvent, and
* mixed chemical/physical.

There are many commercial installations of each type, treating a variety of
natural gas and syngas streams. For syngas treatment, the principal chemical-type
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Figure 4.31. CAPEX (%) of a typical 200kt/year methanol plant. WGS, water-gas shift. See
color insert.

solvents of primary interest are aqueous amines, with methyl diethanol amine
(MDEA) being the current favorite. The physical solvents coabsorb hydrocarbons
to a much greater extent than the amines, causing loss of valuable hydrocarbons.
However, since syngas does not contain appreciable quantities of hydrocarbons,
physical solvents are also used for syngas cleanup. The most popular physical sol-
vents are methanol and dimethyl ether of polyethylene glycol, as represented by the
Rectisol process of Lurgi and the Selexol processes of UOP (Universal Oil Products,
now a Honeywell company), respectively.

The principal challenge of the sulfur removal processes is to reduce the sulfur
compounds in the syngas to a low enough level to meet the requirements of down-
stream processes and prevailing emission regulations, and to do so as economically
as possible. This would not be a problem if only H,S were present, since H,S is
easily removed by most processes down to very low levels. However, the solubility
of COS in both types of solvents is much lower than that of H,S, making it more
difficult to remove.

Table 4.15 compares common sulfur removal processes. Amine processes are
based on the removal of an acid gas by virtue of a weak chemical bond between the
acid gas component and the amine. Amine-based sulfur removal processes are gener-
ally regarded as a low capital cost option with part CO, coabsorption. However,
amines do not chemically combine with COS. Only limited amounts of COS are
absorbed with a physical solvent. COS can be physically removed only with very
high solvent circulation rates. For syngases that contain appreciable quantities of
COS, prior removal of the COS is usually required. In addition, for some of amine
solvents, degradation and corrosion are also main disadvantages of the process.

At high syngas pressure, physical solvent-based processes become increasingly
attractive, for example, the Rectisol and Selexol processes. There are more than 55
Selexol plants worldwide, treating natural and syngas.”' The Selexol process solvent
is a mixture of dimethyl ethers of polyethylene glycol, and has the formulation



Table 4.15. Common Sulfur Removal Processes

4.11 Syngas Cleanup 213

Process Amine Rectisol Selexol Metal Oxides
Absorbent Amine Cold methanol ~ DEPE Mn, Fe, Cu,
solution Co, Ce, Zn
Pressure (MPa) <7 5.8 1.6-7.0 700
Temperature (°C)  25-60 =70 to =30 —5to 25 <0.1
Outlet sulfur MEA <1, <0.1 <5 High sulfur
content (ppm) MDEA <0.1 removal
efficiency,
high thermal
efficiency,
high operation
temperature
Advantages Solvent High sulfur Moderate CO,  Mechanical
regeneration, removal slip, moderate stability,
low solvent efficiency, cost, CO, regeneration,
cost, CO, complete CO, coadsorption diffusion
coabsorption removal, CO, control
coabsorption
Disadvantages Corrosion, High cost, High
foaming, toxic, low circulation
high solution temperature rate, high
circulation leads to sulfur outlet
rate, solution thermal loss content
degradation

DEPE, dimethyl ethers of polyethylene glycol; MEA, monoethanolamine.

CHj;(CH,CH,0),CHj;, where n is between 3 and 9. The Selexol solvent is chemically
and thermally stable, and has a low vapor pressure that limits its losses to the treated
gas. The solvent has a high solubility for CO,, H,S, and COS. It also has an appre-
ciable selectivity for H,S over CO,. The sulfur content of the purified syngas from
the Selexol absorber can be lower than 5 ppmv. For a higher level of sulfur removal
for downstream catalytic conversion, a guard bed using ZnO sorbents is usually
required.

The Rectisol process, developed by Lurgi, is the most widely used physical
solvent gas treating process in the world. More than 100 Rectisol units are in opera-
tion or under construction worldwide. Its most prevalent application is for deep
sulfur removal from syngas that subsequently undergoes catalytic conversion to such
products as ammonia, hydrogen, and Fischer—Tropsch liquids.

The Rectisol process uses cold methanol at a temperature of about —70 to
—30°C. Methanol’s selectivity for H,S over CO, at these temperatures is about 6,%
a little lower than that of Selexol at its usual operating temperature. However, the
solubilities of H,S and COS in methanol, at typical process operating temperatures,
are higher than that in Selexol and allow for very deep sulfur removal (<0.1 ppmv).
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Rectisol’s high selectivity for H,S over CO,, combined with the ability to remove
COS, is the primary advantage of the process. Rectisol’s complex process and the
need to refrigerate the solvent are its main disadvantages, resulting in high capital
and operating costs.

Various systems for dry removal of sulfur components of syngas over the
250-900 °C temperature range have been tested at the pilot-plant level, and a small
number have been installed in commercial-scale IGCC demonstration plants.**™ In
these processes, several different kinds of sorbents based on zinc (Zn), iron (Fe),
copper (Cu), manganese (Mn), and so on have been tested. In the U.S. Department
of Energy (DOE) program, “high temperature” typically refers to temperature higher
than 600 °C. However, interests in hot gas cleanup (HGCU) have declined, mainly
due to process and equipment development challenges, for example, attrition and
long-term regeneration of the desulfurization sorbents, and the high cost and
unproven status of GT fuel control valves for syngas at high temperatures.

The 260 MW coal-fired IGCC at TECO’s Polk County Station in Florida (GE
gasification process with a radiant syngas cooler, convective coolers, and water
scrubbing) is equipped with both a 100% capacity Selexol system and a 10% capac-
ity HGCU system to be fed by a syngas slipstream. The design placed the absorber
column on top of the down-flow regenerator column in one tall column. The regener-
ated sorbent is transported back to the top of the column. The SO, is converted to
sulfuric acid for sale.

The HGCU demonstration in Tampa was never demonstrated for the following
reasons:”!

1. The fouling factors in the waste heat boiler (radiant syngas cooler) were not
as severe as predicted. Consequently, heat recovery was more efficient and
the syngas was cooled to about 700 °F—a much lower temperature than
expected. A temperature of at least 900 °F is needed for the HGCU.

2. Cold flow attrition tests on the sorbent showed that sorbent attrition would
be very high, leading to extremely high annual sorbent costs.

3. There were also concerns about the potential for chloride stress corrosion
cracking with the materials used in the HGCU.

The U.S. DOE’s extensive gasification industry interviews in 2002 found that
there was not much incentive for gas cleanup operations above 400 °C. Prior engi-
neering analyses have persuaded the industry that the efficiency improvements from
operating above 400°C are not worth the additional capital costs due to materials
and the increased equipment sizes resulting from the larger volumetric flows.

Recognizing many of the issues and limitations surrounding hot gas cleaning
technologies and their applications, DOE’s Gasification Technologies program has
transitioned its gas cleaning component away from the development of high-
temperature approaches to more moderate temperatures, consistent with downstream
applications (e.g., 150-350°C).

Research Triangle Institute (RTI) is now working with Eastman for installation
and long-term testing of the modular warm gas cleanup processes, using a slipstream
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of raw syngas from Eastman’s commercial 1200t/day coal gasifier in Kingsport,
TN.* The process uses RTT’s attrition-resistant RTI-3 zinc oxide-based sorbent in
a transport reactor system consisting of two coupled circulating fluidized-bed reac-
tors for desulfurization and regeneration. Warm syngas enters the absorber at 300—
430°C. Essentially all of the H,S and COS is removed by the sorbent. This reaction
is slightly exothermic. A portion of the sorbent is continuously regenerated in the
regeneration reactor. This reaction occurs at about 700 °C. As the reaction is highly
exothermic, typically 6-10vol% O, in N, is used as the oxidant gas. The oxidant
enters the regenerator at about 600 °C, and due to the exothermicity of the reaction,
the temperature increases to 700 °C, where regeneration occurs efficiently.

The transport reactor appears ideal for efficiently regenerating the sorbent. The
key to the successful operation of this unit is the attrition-resistant, reactive, and
regenerable RTI-3 sorbent. Recently, the RTI-3 sorbent has been scaled up to a
production level of 10,0001bs by Stid-Chemie Inc. (SCI).

4.12 INTEGRATION OF COAL GASIFICATION WITH
COAL POLYGENERATION SYSTEMS

Due to increased costs of natural gas and petroleum, the generation of chemical
products from coal and other low-grade fuels is receiving more consideration.
The implementation of an optimal polygeneration system consists of finding the
right combination of products and operating conditions. A variety of individual
processes are being considered, and the number of candidates for such combina-
tions is very large. For example, coproduction of electricity, hydrogen, MeOH,
dimethyl ether (DME), FT fuels, and ammonia could be performed by up to 63
different production schemes, each of which has different designs. Although in
practice the number is significantly less, there are still hundreds of possibilities.
Indeed, there are already more than 30 designs in recent publications and more can
be expected in the future. Therefore, it is very important to find the optimal schemes
from the large number of candidates before proceeding to the laboratorial and
commercial stages.

Polygen systems are designed to have great operational flexibility. Such flexibil-
ity is reflected by two aspects: (a) feed adaptability and (b) product selectivity. Feed
adaptability means that the system should be able to effectively process different
feedstocks with different coal ranks, ash and water content, AFTSs, and so on. Product
selectivity means that the system can selectively produce valuable products accord-
ing to the market needs to achieve maximum profit. One typical polygen example
is the electricity—chemical combination, in which the system can switch toward
chemical production during off-peak time so that the redundant syngas is not wasted.
However, several problems need to be solved to achieve this flexibility, for example,
the design of the system, the reliable control during such a dynamic process, and
the optimization of product selectivity.

As discussed above, the polygen system is a combination of several individual
sub-systems that are already very complex. As a result of the overlapping effects



216 Chapter 4 Coal Gasification

from each subsystem, the complexity of a polygen system is expected to be much
more subtle. The following research is important for better understanding the coal
polygen system and also important for the integration of coal gasification with a
polygen system:

1. Parameter sensitivity on the system performance. In such a complex system,
the number of controllable parameters is extremely large. The effects of these
parameters on the overall performance are usually interconnected with each
other and are difficult to predict without an extremely detailed model.

2. Dynamic behavior and the stability. In a polygen system, in order to achieve
operational flexibility, the operation conditions have to be changed fre-
quently. For example, in the electricity—chemical scheme, the fluctuation of
the throughput of the chemical subsystem could be as large as 50% in 1
day. Under such a big fluctuation, the dynamic behavior should not be
neglected during design and operation. Also, changes in operating condi-
tions can cause system instability, which is a large cause for concern when
dealing with high temperature and pressure. Therefore, the demands of a
polygen system on the control system are much greater than those in other
systems.
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Chapter 5

Desulfurization Technologies
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and Mineral Engineering, Pennsylvania State University

5.1 CHALLENGES IN DEEP DESULFURIZATION FOR
HYDROCARBON FUEL PROCESSING AND FUEL
CELL APPLICATIONS

Deep desulfurization has become an important part of many integrated energy con-
version or utilization systems including fuel cells. Fuel cells are attractive for electric
power generation because a significantly high efficiency can be achieved by combin-
ing hydrogen and oxygen in an electrochemical device that directly converts chemi-
cal energy to electrical energy in a more environmentally friendly way. Hydrogen
can be obtained from electrolysis of water, and the electric power for electrolysis
can be generated using the energy from the sun, wind, or other nonfossil energy.
However, while such alternative energy sources are the promise for the future, for
now they are not feasible for transportation and power station needs across the
globe.' For a mass production of hydrogen for fuel cell applications, a transitional
solution is required to convert certain hydrocarbon fuels to hydrogen. According to
the hydrocarbon fossil storage in the world, for the foreseeable future, the current
infrastructure fuels of natural gas, petroleum, and coal will be the major sources of
hydrogen. The commercial natural gas, gasoline, and diesel fuel are promising fuels
for fuel cell applications because they are readily available, and the existing infra-
structure in production, delivery, and storage for these fuels can be used. Some other
liquid hydrocarbon fuels, such as JP-8, for fuel cell applications also attract a par-
ticular attention, as JP-8 is a logistic fuel for military.”

As well known, these hydrocarbon fuels are not suitable for use directly for fuel
cells, even for the solid oxide fuel cell (SOFC).? A hydrocarbon fuel processor would
be required to produce a suitable fuel such as hydrogen or synthesis gas for fuel
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Figure 5.1. Hydrocarbon fuel process for fuel cells. HC, hydrocarbon.

cells. A flowing scheme of the hydrocarbon fuel processing is shown in Figure 5.1.
The scheme for the hydrocarbon fuel process is dependent on both the source of
hydrocarbon fuels and the properties of the produced fuels required by different
types of the fuel cells. If using coal as a source, an additional gasification process
is necessary first to convert the solid coal to fuel gas, which will be discussed in
detail in Section 5.5. As well known, all these fossil fuels contain sulfur compounds.
These sulfur compounds in the fuels and H,S produced from these sulfur compounds
in the hydrocarbon reforming process are poisonous to the reforming catalyst, water-
gas shift catalyst, and preferential oxidation (Prox) catalyst in the hydrocarbon fuel
processor, the electrode catalysts in fuel cell stacks, even the separation membrane
for H, purification. Many nickel-containing and noble metal-containing catalysts
used in the reforming (such as steam reforming catalyst: Ni/Al,O;) and water-gas
shift reaction are very sensitive to sulfur, and they are deactivated even at a parts
per million sulfur level. Even if a sulfur tolerant catalyst for the reforming and
water-gas shift reaction were developed, the remaining sulfur species in the refor-
mate would still poison the anode catalysts in the fuel cells. For SOFC application,
the sulfur level in the fuel needs to be reduced, in general, to less than 10 parts per
million by weight (ppmw). It was also reported that for Siemens Westinghouse
SOFCs, an amount of 100 parts per billion by volume (ppbv) sulfur is the maximum
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limit permitted.* For phosphoric acid fuel cell (PAFC) and proton exchange mem-
brane fuel cell (PEMFC), the gas and liquid hydrocarbons need to be converted to
H, and CO, by reforming followed by water-gas shift reaction. Many developing
reforming catalysts and water-gas shift catalysts, such as nickel-containing and noble
metal-containing catalysts, are sensitive to sulfur compounds. Consequently, deac-
tivation of the hydrocarbon fuel processing catalysts and the fuel cell anodes via
sulfur poisoning is a great concern.

The type of sulfur compounds existing in the commercial hydrocarbons fuels
depends on the type and source of the fuels, and the fuel refining processes. The
sulfur concentration in the natural gas varies from a couple of ppmv to a hundred
ppmv. The major sulfur compounds are hydrogen sulfide (H,S), carbonyl sulfide,
methylmercaptan (CH;)HS, ethylmercaptan (C,Hs)HS, dimethylsulfide (CHj;),S,
diethylsulfide (C,Hs),S, proplanylmercaptan, and butylmercaptan.”® It should be
noted that some sulfur-containing compounds with 5-20 ppmv, are usually added to
commercial fuel gas to act as an odorant to help in the detection of leaks. The typical
odorants are blends of butyl- and propylmercaptan isomers, mercaptans, (CH;),S,
and/or tetrahydrothiophene (THT).” The sulfur content of pipeline natural gas in the
U.S. is 4-8 ppmw. It usually contains H,S, COS, methylmercaptan, and trace amounts
of dimethylsulfide.® The local natural gas distributor usually adds a sulfur odorant
package from 5 to 20 ppmw, sometimes containing dimethylsulfide or methylethyl-
sulfide.” European natural gas has extremely high concentrations of COS (20 ppmw)
because of its higher H,S concentration and the reaction of H,S with CO, to form
COS. Japan imports liquidized natural gas and controls the addition of odorants in
a systematic manner, making adsorbent designs simpler than in other parts of the
world.!

The U.S. Environmental Protection Agency (EPA) Tier II gasoline sulfur regu-
lations are listed in Table 5.1.°"" The U.S. EPA sulfur regulation for gasoline has
been reduced to 30 ppmw by 2006. The U.S. EPA sulfur regulations for diesel and
jet fuels are listed in Table 5.2.”'* Highway diesel was 500 ppmw from 1993 to 2006
and has been reduced to 15ppmw by 2006. The current regulation for jet fuel is
3000 ppmw. The sulfur concentration in commercial jet fuels varies from 500 to
2000 ppmw. Figure 5.2 presents the pulsed flame photometric detector (PFPD) gas
chromatograms for the commercial gasoline, jet fuel (JP-8), diesel fuel, and low-
sulfur diesel along with the results of sulfur identifications. The major sulfur com-
pounds that exist in the commercial gasoline are thiophene (T), 2-methylthiophene
(2-MT), 3-methylthiophene (3-MT), 2,4-dimethylthiophene (2,4-DMT), and benzo-
thiophene (BT). No mercaptans, dialkyl sulfides, and dialkyl disulfides are detected,
indicating that these sulfur compounds have higher reactivity and have been
removed from gasoline fraction in the current refining processes. The major sulfur
compounds existing in jet fuel, JP-8, are 2,3-dimethylbenzothiophene (2,3-DMBT),
2,3,7-trimethylbenzothiophene (2,3,7-TMBT), 2,3,5-trimethylbenzothiophene (2,3,5-
TMBT), and/or 2,3,6-trimethylbenzothiophene (2,3,6-TMBT). All these methylben-
zothiophenes have two methyl groups at 2- and 3-positions, respectively, implying
that the BTs with two alkyl groups at the 2- and 3-positions might be more difficult
to be removed than other sulfur compounds in conventional hydrotreating of the jet



222 Chapter 5 Desulfurization Technologies

Table 5.1.  U.S. EPA Tier II Gasoline Sulfur Regulations®'!

Category Year
1988 1995 2004 2005 2006
Refinery average 1000 (maximum) 330 (<300ppm S and - 30 30
(ppmw) <29.2% aromatics required

for national certification:
<850ppm S and <41.2%
aromatics as national

maximum)
Corporate average - - 120 90 -
(ppmw)
Per gallon cap - - 300 300 80
(ppmw)

Table 5.2. U.S. EPA Sulfur Regulations for Diesel and Jet Fuels”'?

Category Year
1989 1993 2006 2010
Highway diesel 5000 (maximum 500 (current 15 (regulated in 15 (regulated in
(ppmw) for no. 1D and upper limit 2001; exclude 2001; apply to
2D, with since 1993) some small all U.S.
minimum refineries) refineries)
cetane no. 40)
Non-road diesel 20,000 5000 (current 500 (proposed 15 (proposed in
(ppmw) upper limit) in 2003 for 2003 for 2010)
2007)
Jet fuel (ppmw) 3000 3000 3000 maximum <3000 maximum

fuel. No dibenzothiophenes (DBTs) were detected in the JP-8 sample as the boiling
point of DBTs (332-333°C) is beyond the boiling range of jet fuel (160-300°C).
The sulfur compounds in the commercial diesel fuel are alkyl DBTs, but the major
sulfur compounds are the DBT derivatives with alkyl groups at the 4- and/or 6-
positions, including 4-methlydibenzothiophene (4-MDBT), 4,6-dimethlydiben-
zothiophene (4,6-DMDBT), 3,6-dimethlydibenzothiophene (3,6-DMDBT), and
2,4,6-trimethlydibenzothiophene (2,4,6-TMDBT). It implies that the major sulfur
compounds remaining in the diesel fuel are the refractory sulfur compounds as they
are difficult to be removed by the conventional hydrodesulfurization (HDS) process
due to the steric hindrance of the alkyl groups at the 4- and/or 6-positions."*'® The
major sulfur compounds in the low-sulfur diesel with sulfur concentration of
10 ppmw are the alkyl DBTs with two alkyl groups at the 4- and 6-possitions, respec-
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tively, such as 4,6-DMDBT, 4-ethyl-6-methyldibenzothiophene (4-E-6-MDBT).
Thus, it is necessary to pay more attention to these refractory sulfur compounds in
deep desulfurization of diesel fuel for fuel cell applications. It should be mentioned
that even following the new EPA regulation for low-sulfur fuels, 30 ppmw for gaso-
line and 15ppmw for highway diesel, the sulfur contents in the gasoline and the
diesel are still too high for the fuel cell applications.

For ultradeep desulfurization of hydrocarbon fuels, the accurate determination
of sulfur content in the desulfurized fuels is extremely important in developing
and evaluating new adsorbents and catalysts and in monitoring the process. On the
other hand, analyzing and quantifying sulfur compounds at very low concentrations
(e.g., <10ppmw) is difficult, and the selection of proper methods requires careful
consideration of multiple factors.'”** Several American Society for Testing and
Materials (ASTM) methods, such as wavelength dispersive X-ray fluorescence
spectroscopy (Method D 2622), ultraviolet fluorescence method (Method D5453),
and oxidative microcoulometry method (Method D3120), have been specified for
the determination of sulfur content in light hydrocarbons and petroleum products.*
Gas chromatograph (GC) coupled with sulfur-selective detectors such as a flame
photometric detector (FPD) or an improved FPD called PFPD and GC coupled
with atomic emission detector (AED) or sulfur chemiluminescence detection (SCD)
have been used in several research laboratories for the quantitative estimation of
sulfur compounds in commercial transportation fuels. However, because of the
special characteristics of the FPD and PFPD, care must be taken while treating the
GC-FPD/PFPD data. The use of the GC-FPD for the quantitative analysis would
require consideration of the nonlinear response and quenching effects of FPD.2*#%
Ma et al.* studied the analysis of a series of standard fuel samples containing
known amounts of sulfur compounds in n-decane and real gasoline samples by
using GC coupled with a flame photometric detector (GC-FPD), pulsed flame
photometric detector (GC-PFPD), and a total sulfur analyzer (Antek 9000S). The
results showed that the GC-FPD and GC-PFPD are not suitable for quantitative
estimation of total sulfur concentration in complex hydrocarbon fuels at a low part
per million level without considering both the nonlinear response and the quench-
ing effect.

The ultradeep desulfurization of the current infrastructure fuels has become a
bottleneck in the production of H, for fuel cell applications. It is urgent to develop
a more efficient and environmentally friendly process and technology for the
ultradeep desulfurization of the hydrocarbon fuels. Consequently, many approaches
have been conducted in order to improve the conventional HDS process and to
develop new alternative processes. These approaches include catalytic HDS with
improved and new catalysts, reactor and/or process, adsorptive desulfurization,”
oxidative desulfurization (ODS), extractive desulfurization (EDS), and biodesulfur-
ization (BDS) by using special bacteria and others. Some of these works were
reviewed recently by Topsoe et al.,'”” Whitehurst et al.,”® Kabe et al.,” Cicero et al.,*
Babich and Moulijn,*! Dhar et al.,** Song,** Song and Ma,'®* Bej et al.,** Mochida
and Choi,* Hernandez-Maldonado and Yang,*”*® Hernandez-Maldonado et al.,*
Topsoe,* Brunet et al.,*" Gupta et al.,** and Ito and van Veen.*
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The present chapter will review the present state of the art and challenges in
the ultradeep desulfurization of natural gas, gasoline, jet fuel, diesel, reformate, and
syngas from coal gasifier by HDS, selective adsorption, solvent absorption, and
ODS, respectively.

5.2 HDS TECHNOLOGY
5.2.1 Natural Gas

There are many methods for the desulfurization of nature gas, which can be classi-
fied into dry desulfurization, wet desulfurization, and catalytic adsorption. In the dry
desulfurization, some solid sorbents, such as iron oxide, zinc oxide, activated carbon
(AC), zeolites, and molecular sieves, are used. In wet desulfurization method, liquid-
phase chemical/physical solvent absorption systems are usually used for scrubbing
H,S; amine-based processes are subject to equipment corrosion, foaming, amine-
solution degradation, and evaporation, and require extensive wastewater treatment.
As a result, this sulfur removal technology is complex and capital intensive,*
although the processes are still employed widely in the industry. The desulfurization
of coal gasification gas will be reviewed in detail in Section 5.5. In the catalytic-
adsorption method, the sulfur compounds are transformed into H,S by catalytic HDS
or into elemental sulfur or SOx by selective catalytic oxidation (SCO), and then, the
reformed H,S and SOx are removed by the subsequent adsorption.

For large-scale hydrogen production from natural gas, currently, HDS is invari-
ably the preferred method of sulfur removal. In this process, the natural gas is mixed
with a small quantity of the added hydrogen and passed over a catalyst bed.® The
typical HDS catalyst is either Co-Mo/Al,O; or Ni-Mo/Al,Os. The organic sulfur is
reduced to H,S and hydrocarbon by reaction of the following kind:

(C2H5 )2 S + 2H2 = 2C2H6 + HzS. (5 1)

The H,S produced can then be removed by adsorption on a bed of ZnO sorbent
at a temperature of 300-400°C.*

Because the sulfur compounds in natural gas are nonaromatic and of low
molecular weight, HDS can be performed at lower H, partial pressures, 1-10kPa,
and temperatures of 200-300°C depending on the catalyst and the sulfur specia-
tion.*® Zinc oxide adsorption capacities for H,S in industrial applications are reported
to be high, typically 150-200mg-S/g sorbent.”’

The major advantages of the catalytic HDS method are that (a) the method is
able to remove all types of the sulfur compounds in natural gas as all these sulfur
compounds have higher HDS reactivity in compassion with thiophenic sulfur com-
pounds, which do not exist in natural gas, and (b) ZnO sorption capacity for H,S is
much higher than that of other sorbents, which leads to lowering inventories of
sorbent and decreasing sorbent replacement frequency. The major disadvantage of
the catalytic HDS method is that the process needs to run at high temperature with
adding hydrogen.* It might be impractical to use this method in the fuel processors
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for fuel cell applications mainly because of the energy cost of compressing hydro-
gen. An additional drawback is the nature of the catalysts themselves. HDS catalysts
require activation using an H,S—H, mixture, and they contain priority pollutant
metals (e.g., Ni, Co, and Mo) that require special handling and disposal.

5.2.2 Gasoline

In comparison with the diesel desulfurization, it is not very difficult to remove sulfur
from gasoline by HDS technology. The challenges to the refinery for gasoline deep
desulfurization are to meet the new EPA Tier II regulations on sulfur contents
(2006-2010) and aromatic contents, and still produce high-octane gasoline in a
profitable manner.

5.2.2.1 Selective HDS of FCC (Fluid Catalytic Cracking) Naphtha

Selective HDS could be achieved by designing catalysts that promote thiophene
HDS but do not saturated olefins, or by passivating olefin hydrogenation sites on
the catalysts. Some reports indicate that there exist different active sites on hydrotreat-
ing catalysts (such as sulfided Co—-Mo/Al,O;) for thiophene desulfurization and for
olefin hydrogenation.*** On the other hand, a recent report suggests that selective
HDS of FCC naphtha may be due to competitive adsorption of sulfur compounds
that inhibit adsorption and saturation of olefins in naphtha.’® ExxonMobil’s SCAN-
fining®” and Intitute Francais du Petrole’s (IFP) Prime G+ are two representative
new processes for gasoline desulfurization based on selective HDS, in which organic
sulfur is converted to H,S but olefinic species are largely preserved for preventing
octane loss.

Figure 5.3 shows the scheme of SCANfining (selective cat naphtha hydrofin-
ing), first developed by Exxon (now ExxonMobil). It is a catalytic HDS process that

Makeup gas
compressor Makeup gas
A

Purge
Preheat
rehea erAmine >
Preheater scrubber

Light ends

Fecd)

HDS
reactor

Pretreat

reactor stripper

Low-sulfur
naphtha

Figure 5.3. ExxonMobil’s SCANfining process for selective naphtha HDS.*”*®
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Figure 5.4. Prime G+ process developed by IFP.**' TAME, tertiary amyl methyl ether.

is based on a proprietary catalyst called RT-225.""® The process flow can be
described as follows. The feed is mixed with recycle hydrogen, heated with reactor
effluent, and passed through the pretreated reactor for diolefin saturation. After
further heat exchange with reactor effluent and preheating using a utility, the hydro-
carbon/hydrogen mixture enters the HDS reactor containing proprietary RT-225
catalyst. In the reactor, the sulfur is converted to H,S under conditions that strongly
favor HDS, while minimizing olefin saturation. The RT-225 catalyst system was
jointly developed by ExxonMobil and AkzoNobel specifically for selective removal
of sulfur from FCC naphtha by HDS with minimum hydrogenation of olefins, thus
preserving octane.

Figure 5.4 shows the scheme of Prime G+ desulfurization process, which was
developed by IFP, and largely preserves olefins as its strategy for diminishing octane
loss.>**' Prime G+ is based on a combination of a selective hydrogenation unit that
removes diolefins and light mercaptans, a splitter, and a selective HDS of mid- and
heavy cut naphtha (HCN) cut through a dual catalytic system. It is designed for FCC
naphtha ultradeep desulfurization with minimal octane penalty. FCC debutanizer
bottoms are fed directly to the first reactor, where under mild conditions diolefins
are selectively hydrogenated and mercaptans are converted to heavier sulfur species.
The selective hydrogenation reactor effluent is then usually split to produce a light
cut naphtha (LCN) and an HCN cut. The LCN stream is mercaptan free with a low-
sulfur and diolefin concentration enabling further processing in an etherification or
an alkylation unit. The HCN then enters the main Prime G+ section, where it under-
goes a deep HDS in a dual catalyst system with very limited olefin saturation and
no aromatic losses to produce an ultralow sulfur gasoline. Catalysts used in this HDS
section are a combination of HR-806 and HR-841 catalysts developed by IFP and
commercialized by Axens, where HR-806 achieves the bulk of desulfurization, and
HR-841 is a polishing catalyst that reduces sulfur and mercaptans with no activity
for olefin hydrogenation.”> Prime G+ is less severe and has been commercially
demonstrated for over 7 years in two U.S. refineries and in an Asian refinery.* There
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are over 10 Prime G+ units, and the economics are estimated to be as follows: capital
investment, US$600-800/bpsd; combined utilities, US$0.32/bbl; H,, US$0.28/bbl;
and catalyst, US$0.03/bbl.%*

5.2.2.2 Deep HDS Combined with Octane Recovery Processing

Another hydrotreating approach is to carry out deep HDS of organic sulfur and satu-
rated olefins, then convert low-octane components such as paraffins to high-octane
components for octane gain by isomerization and alkylation. Two representative
industrial processes in this category are ExxonMobil’s OCTGain and UOP-INTE-
VEP’s ISAL.

The OCTGain process was first developed and initially commercialized in 1991
by Mobil (now ExxonMobil). Figure 5.5 shows the scheme of the OCTGain
process.”®*®> The process, now in its third generation, uses a fixed-bed reactor to
desulfurize FCC naphtha while maintaining octane. The process first totally removes
sulfur and saturates olefins, and then restores the octane to economically needed
levels, thus variation in feed sulfur content does not impact product sulfur and treated
products typically contain <5 ppm sulfur and <1% olefins.®® The basic flow scheme
is similar to that of a conventional naphtha hydrotreater. Feed and recycle hydrogen
mix is preheated in feed/effluent exchangers and a fired heater then introduced into
a fixed-bed reactor. Over the first catalyst bed, the sulfur in the feed is converted to
hydrogen sulfide with near complete olefin saturation. In the second bed, over a
different catalyst, octane is recovered by cracking and isomerization reactions. The
reactor effluent is cooled and the liquid product separated from the recycle gas using
high- and low-temperature separators. The vapor from the separators is combined
with makeup gas, compressed, and recycled. The liquid from the separators is sent
to the product stripper where the light ends are recovered overhead and desulfurized
naphtha from the bottoms. The product sulfur level can be as low as 5 ppm. Com-
pared with ExxonMobil’s SCANfining, the OCTGain process is run at more severe
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temperature
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Figure 5.5. ExxonMobil’s OCTGain process for selective naphtha HDS.**%
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conditions for it to recover octane, so this process is more appropriate for refiners
with higher sulfur levels, which requires severe hydrotreating to reach the sulfur
target.*> While octane loss can be eliminated with the proper operating conditions,
some yield loss may result.”?

OCTGain has been commercially demonstrated at ExxonMobil’s refinery in
Joliet, IL. More recently, the OCTGain process has been demonstrated for deep
desulfurization and octane enhancement of heavy cracked naphtha feeds in its first
commercial grassroots application in the Qatar Petroleum OCTGain unit.*” On the
actual refinery feed, an ultralow sulfur (<1 ppm), low-olefin gasoline is produced,
while process flexibility allows the adjustment of octane number between —2 and
+2 RON (Research Octane Number) of the feed, as refinery economics dictate.
Naphtha yield loss and hydrogen consumption were much less than design allow-
ances. The desulfurized gasoline is low in mercaptans and has suitable vapor pres-
sure for direct blending into the refinery’s gasoline pool.”’

The ISAL process, jointly developed by INTEVEP, SA, and UOP, is designed
as a low-pressure, fixed-bed hydroprocessing technology for desulfurizing gasoline-
range feedstocks and selectively reconfigures lower octane components to restore
product octane number. Its flow scheme is very similar to that of a conventional
hydrotreating process, but a major feature of this process is the catalyst formulation,
typically a combination of an HDS catalyst such as Co-Mo—P/Al,0O; and octane-
enhancing catalyst such as Ga—Cr/H-ZSM-5 catalysts in two beds.*"*® The naphtha
feed is mixed with H,-rich recycle gas and processed across fixed catalyst beds at
moderate temperatures and pressures. Following heat exchange and separation, the
reactor effluent is stabilized. The similarity of an ISAL unit to a conventional
naphtha hydrotreating unit makes the implementation of ISAL simple and straight-
forward.”” There are several revamp and several new units based on the ISAL
process.”

Researchers from UOP and INTEVEP have discussed the technical aspects of
the process and catalyst chemistries leading to these desirable results.”””" The ISAL
process reduces the naphtha sulfur and nitrogen content, reduces the naphtha olefin
content, does not increase the aromatics content, and can maintain or increase the
naphtha octane.”” The ability of the ISAL process to provide both desulfurization
and octane flexibility is the result of a development program that was begun by
INTEVERP in the early 1990s for possible improvements in fixed-bed isomerization
and alkylation technologies. One result of this program was the discovery of a new
catalyst system that could increase octane by isomerization of its gasoline-range
feedstock. An interesting feature of this system was that an octane boost occurred
despite the occurrence of significant olefin saturation.”’ Therefore, INTEVEP and
UOP teamed up to develop the ISAL process to enable refiners to hydrotreat highly
olefinic feedstocks, such as coker and FCC naphtha, while controlling both the sulfur
content and the octane of its product. This flexibility is achieved by the use of a
catalyst system that promotes an array of octane-enhancing reactions, including
isomerization, conversion, dealkylation, and molecular-weight reduction. The ability
of the ISAL process to operate within a wide range of desulfurization and product
octane combinations allows the refiner to tailor the unit’s operation to the specific
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processing needs of the refinery. In addition, recent improvements to the ISAL cata-
lyst system and the process configuration allow these tighter gasoline sulfur speci-
fications to be achieved at higher yield and lower capital cost. Its products can meet
the most stringent specifications of gasoline sulfur and olefin content. Because the
flow scheme and processing conditions of an ISAL unit are similar to a conventional
naphtha hydrotreating unit, the process can be implemented as either a new grassroot
unit or as a revamp of an existing hydrotreater.” The technology is based on typical
hydrotreating flow schemes, which imply ease of operation and reliability as a refin-
ery process. The upgraded FCC naphtha from the ISAL process is specifically suited
to meet reformulated gasoline specifications in global market.”

What are the differences between UOP-INTERVEP’s ISAL process and
ExxonMobil’s OCTGain process? The two processes are similar in terms of
process design concept and processing schemes, but the catalysts and processing
conditions are different. What are the differences between ExxonMobil’s SCAN-
fining and OCTGain processes? SCANfining is used for selective HDS (to <30 ppm
sulfur) and has a high content of olefins in the product with little reduction in
octane number. It was developed by ExxonMobil and AkzoNobel Catalysts to
reduce hydrogen consumption over a low-temperature and a low-pressure, fixed-
bed reactor. When the new Exomer process (caustic extraction of sulfur) is added
to this, the desulfurization capability is extended further to 10ppm.” The Exomer
process has been developed by ExxonMobil and Merichem to extract all the mer-
captans from the fuel and to provide catalyst stability. The process does not
involve the use of a catalytic naphtha splitter, which reduces the capital and oper-
ating costs of the motor gasoline desulfurization unit. OCTGain technology is used
for deep HDS and the product has little olefins but a high-octane value due to
isomerization of paraffins (alkanes) in the process, where the octane gain is at the
expense of some yield loss to liquefied petroleum gas (LPG). The technology can
be used to vary product octane on a day-to-day basis, while keeping almost 100%
desulfurization.

Isomerization of alkanes in naphtha cuts, as involved in OCTGain and ISAL
processes, can be achieved by using catalysts to improve the octane number of gaso-
line. For example, Jao et al.”* reported on naphtha isomerization over mordenite-
supported Pt catalysts. Their results demonstrated that catalyst performance was
determined by Pt dispersion when using pure feed, whereas it was determined by
both Pt dispersion and Pt cluster stability for feed containing 500 ppm sulfur. Highest
Pt dispersion and, thus, best performance with pure feed were obtained with a cata-
lyst prepared by the ion exchange and pretreated at a low-temperature ramping
rate (0.5°C/min) during calcination and reduction. In addition, this catalyst was
pretreated by calcination at 450 °C, followed by reduction at 450 °C. In contrast,
the catalyst having the best performance with feed containing 500 ppm sulfur was
pretreated by calcination at 450 °C, followed by reduction at 530°C. The authors
suggested that the superior performance may result from a compromise between
metal dispersion and metal cluster stability.

As but one example of bimetallic catalysts, Lee and Rhee” prepared a series
of bifunctional bimetallic M—Pt/H-Beta (M = Cu, Ga, Ni, and Pd) catalysts and
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examined them for the isomerization of n-hexane. The sulfur-containing feed was
prepared by the addition of thiophene in pure n-hexane to have 500 ppmw of sulfur.
Sulfur in the feed brought about a substantial decrease in the catalyst performance,
and the sulfur deactivation of bifunctional Pt/H-Beta turned out to be a two-step
irreversible process caused by metal poisoning followed by coking. To test their
effect on the sulfur tolerance, various second metals (Cu, Ga, Ni, and Pd) were added
to monometallic Pt/H-Beta catalysts. Unfortunately, all of these, except for Pd,
greatly decreased the sulfur tolerance of the original Pt/H-Beta catalyst. Regardless
of the preparation method or the Pd/Pt atomic ratio of the bimetallic Pd—Pt series,
all the bimetallic catalysts showed high sulfur tolerance, in comparison to the mono-
metallic Pt/H-Beta and Pd/H-Beta.”” The metal dispersion and the hydrogenation
activity decreased in the Pd—Pt series compared with Pt/H-Beta. However, the
amounts of sulfur adsorbed and coke deposited on the sulfur-deactivated Pd—Pt/H-
Beta were much lower than those on Pt/H-Beta, Pd/H-Beta, and the other M—Pt/H-
Beta catalysts. The authors suggested that the Pd-Pt bimetallic interaction in
Pd—Pt/H-Beta increased the amount of electron-deficient metal sites, and that Pd—Pt
bimetallic interaction inhibits irreversible sulfur adsorption and thereby reduces
sulfur-induced coke formation.” This is why the Pd—Pt series maintained a high
activity under sulfur deactivation conditions.

5.2.2.3 Catalytic Distillation for Desulfurization

The catalytic distillation desulfurization process developed by CDTech is signifi-
cantly different from conventional hydrotreating.”*’” The most important portion of
the CDTech desulfurization process is a set of two distillation columns loaded with
desulfurization catalyst in a packed structure. In this process, the LCN, middle cut
naphtha (MCN), and HCN are treated separately, under optimal conditions for each.
The first column, called CDHydro, treats the lighter compounds of FCC gasoline
and separates the heavier portion of the FCC gasoline for treatment in the second
column. The second column, called CDHDS (catalytic distillation hydrodesulfuriza-
tion), removes the sulfur from the heavier compounds of FCC gasoline. Figure 5.6
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—>
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Figure 5.6. Flow scheme of CDTech’s CDHydro + CDHDS for naphtha desulfurization.””’
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shows the flow scheme of the process.”*’” The full-range FCC naphtha is fed to the
CDHydro column, and the desulfurization begins with fractionation of the light
naphtha overhead in the CDHydro column. Mercaptan sulfur reacts quantitatively
with excess of diolefins to produce heavier sulfur compounds, and the remaining
diolefins are partially saturated to olefins by reaction with hydrogen. Bottoms from
the CDHydro column, containing the reacted mercaptans, are fed to the CDHDS
column where the MCN and HCN are catalytically desulfurized in two separate
zones. HDS conditions are optimized for each fraction to achieve the desired sulfur
reduction with minimal olefin saturation. Olefins are concentrated at the top of the
column, where conditions are mild, while sulfur is concentrated at the bottom where
the conditions result in very high levels of HDS. The temperature and pressure of
the CDTech process columns are lower than the fixed-bed hydrotreating processes,
particularly in the upper section of the distillation column, which is where most of
the olefins are located. These operating conditions minimize yield and octane loss.

While the CDTech process is very different from conventional hydrotreating,
the catalyst used for removing the sulfur compounds is the same.** CDHydro com-
bines fractionation and hydrogenation and it is designed to selectively hydrogenate
diolefins in the top section of a hydrocarbon distillation column. Conventional
hydrotreating requires a distillation column after fixed-bed hydrogenation unit, while
the CDHydro process eliminates the fixed-bed unit by incorporating catalyst in the
column. Proprietary devices containing catalysts are installed in the fractionation
column’s top section, and hydrogen is introduced beneath the catalyst zone. Frac-
tionation carries the light components into the catalyst zone where reaction with H,
occurs. Fractionation also sends the heavy materials to the bottom. This prevents
foulants and heavy catalyst poisons in the feed from contacting the catalyst. In addi-
tion, the clean hydrogenated reflux continuously washes the catalyst zone. These
factors combine to give a longer catalyst life. At the bottom of the catalyst zone,
mercaptans react with diolefins to form heavy, thermally stable sulfides. These sul-
fides have higher boiling points than the C5 fraction and are easily fractionated to
the bottom product.” This can eliminate a separate mercaptan removal step.”® There
are over 14 commercial CDHydro units in operation for C4, C5, C6, and benzene
hydrogenation applications.”

CDHDS is used in combination with CDHyrdro to selectively desulfurize gaso-
line with minimum octane loss. Bottoms of CDHydro column, containing the reacted
mercaptans, are fed to the CDHDS column where the MCN and HCN are catalyti-
cally desulfurized in two separate zones. HDS conditions are optimized for each
fraction to achieve the desired sulfur reduction with minimal olefin saturation.
Olefins are concentrated at the top of the column, where conditions are mild, while
sulfur is concentrated at the bottom, where the conditions results in very high levels
of HDS.”

Catalytic distillation essentially eliminates catalyst fouling because the fraction-
ation removes heavy coke precursors from the catalyst zone before coke can form
and foul the catalyst bed. The estimated ISBL (inside battery limits) capital cost for
35,000 bpd CDHydro/CDHDS unit with 92% desulfurization is US$25 million, and
the direct operating cost including utilities, catalyst, hydrogen, and octane replace-
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ment is estimated to be US$0.03/gal of full-range FCC naphtha.”® A recent article
discusses the CDHDS technology from CDTech for reliable HDS operation, where
the catalyst cycle length for CDTech catalytic distillation technologies can be aligned
with the 5-year FCC operating cycles.’

It is necessary to point out that the currently developed new deep HDS technolo-
gies of gasoline are for meeting the new EPA Tier II regulations on sulfur contents
(2006-2010) and aromatic contents and still produce high-octane gasoline in a profit-
able manner. By these new HDS technologies, it is still difficult to reduce the sulfur
in gasoline to the level for the hydrocarbon fuel processing and fuel cell applications.
One of the reasons is that the coexisting olefins are easy to react with the produced
H,S in the HDS process to form new mercaptans as shown below:

H,S + H,CH,CH,CHC=CH, <> H,CH,CH,CH,CH,C—SH. (5.2)

Consequently, the currently developed HDS technologies of gasoline is unsuit-
able for producing clean gasoline for hydrocarbon fuel processing and fuel cell
applications, as the octane number loss is not an issue here. The important thing in
modification of the gasoline HDS technologies for producing the low-sulfur gasoline
for the fuel cell applications is to reduce the sulfur level in the product, probably by
reducing H,S partial pressure in the HDS process.

5.2.3 Diesel

Approaches to ultradeep HDS include (a) improving catalytic activity by new cata-
lyst formulation for HDS of 4,6-DMDBT, (b) tailoring reaction and process condi-
tions, and (c) designing new reactor configurations. Design approaches for ultradeep
HDS focus on how to remove 4,6-DMDBT in gas oil more effectively. One or more
approaches may be employed by a refinery to meet the challenges of producing
ultraclean fuels at affordable cost.

Figure 5.7 shows the relative volume of catalyst bed required for achieving
various levels of diesel sulfur using conventional HDS of gas oil over a commer-
cial hydrotreating catalyst.'® The modeling is based on HDS using a commercial
catalyst reported in 1994,''*7 5o it is not a state-of-the-art catalyst. However, it
clearly illustrates the key issue. The problem of deep HDS of diesel fuel is caused
by the lower reactivity of 4,6-disubstituted DBT, as represented by 4,6-DMDBT,
which has much lower reactivity than any other sulfur compounds in diesel blend
stocks."*"® The methyl groups at 4- and 6-positions create steric hindrance for the
interaction between sulfur and active sites on the catalysts. The problem is further
exacerbated by the inhibiting effects of polyaromatics and nitrogen compounds in
some diesel blend stocks for diesel as well as H,S that exist in a reaction system
on deep HDS. Based on experimental results, polyaromatics compete with sulfur
compounds on the surface of hydrotreating catalyst, perhaps more for the flat
chemisorption thereby influencing the hydrogenation and subsequent HDS, whereas
H,S compete with sulfur compounds, affecting more of the direct C—S hydroge-
nolysis route.
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5.2.3.1 Improving Catalytic Activity by New Catalyst Formulation

Design approaches for improving catalytic activity for ultradeep HDS focus on how
to remove 4,6-DMDBT more effectively, by modifying catalyst formulations (a) to
enhance hydrogenation of aromatic ring in 4,6-DMDBT by increasing the hydroge-
nating ability of the catalyst, (b) to incorporate acidic feature in catalyst to induce
isomerization of methyl groups away from the 4- and 6-positions, and (3) to remove
inhibiting substances (such as nitrogen species in the feed, H,S in gas) and tailor the
reaction conditions for specific catalytic functions. The catalytic materials formula-
tions may be improved for better activity and/or selectivity by using different sup-
ports (MCM-41, carbon, HY, TiO,, TiO,—Al,Os;, etc.) for preparing supported CoMo,
NiMo, and NiW catalysts, by increasing the loading level of the active metal (Mo,
W, etc.), by modifying the preparation procedure (using different precursor, using
additives, or different steps or sequence of metal loading), by using additives or
additional promoters (P, B, F, etc.), by adding one more base metal (e.g., Ni-CoMo
or Co—NiMo, Nb, etc.), and by incorporating a noble metal (Pt, Pd, Ru, etc.).

New and improved catalysts and different processing schemes are among the
subjects of active research on deep HDS.?*”-*! For example, some recent studies
examined carbon-supported CoMo catalysts for deep HDS.**® Binary oxide supports
such as TiO,—Al,O; have been examined for making improved HDS catalysts.*’

In 1992, novel mesoporous molecular sieve MCM-41 was invented by Mobil
researchers.”””' The novel mesoporous molecular sieve of MCM-41 type has also
been examined as support for Co-Mo/MCM-41 catalyst for HDS. AI-MCM-41 has
been synthesized with improved aluminum incorporation into framework®* and
applied to prepare Co-Mo/MCM-41 for deep HDS of diesel fuels”*” and for HDS
of petroleum resid.”

The design approach makes use of high surface area of MCM-41 for higher
activity per unit weight, uniform mesopore to facilitate diffusion of polycyclic sulfur
compounds, and mild acidity of Al-containing MCM-41 to facilitate metal disper-
sion and possible isomerization.”® Reddy and Song synthesized MCM-41-type alu-
minosilicate molecular sieves using different Al sources, and established a proper
procedure for making acidic MCM-41.""* Several recent studies have explored the
design of new catalysts for HDS of refractory DBT-type sulfur compounds, based
on synthesis and application of mesoporous aluminosilicate molecular sieves of
MCM-41 type.”* Compared with Co-Mo/Al,Os, higher activity for HDS has been
observed for Co-Mo/MCM-41 with a higher metal loading. When MCM-41 with
proper SiO,/Al,O; ratio was used to prepare Co-Mo/MCM-41 at suitable metal
loading, the catalyst is much more active for the HDS of DBT, 4-methyl-, and
4,6-dimethyldibenzothiopene than a commercial Co-Mo/Al,O; catalyst.”"%

5.2.3.2 New Commercial HDS Catalysts Developed for Ultralow
Sulfur Diesel

For practical applications, Ni-Mo catalysts generally have higher hydrogenation
ability for saturating aromatic ring that is connected to thiophenic sulfur, while
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Co-Mo catalysts generally have higher selectivity toward C—S bond cleavage
without hydrogenation of neighboring aromatic rings. For HDS under higher H,
pressure, Ni-Mo catalysts tend to be more active than Co—Mo catalysts, and this
advantage becomes more apparent with ultradeep desulfurization of diesel fuels. A
combination of Ni and Co together with Mo (such as Ni-Co—Mo) is also a practical
way to take advantage of both Ni-Mo and Co-Mo catalysts. The catalyst develop-
ment has been one of the focuses of industrial research and development for deep
HDS.'™ For example, new and improved catalysts have been developed and mar-
keted by AkzoNobel, Criterion, Haldor Topsoe, IFP, United Catalyst/Stid-Chemie,
Advanced Refining, ExxonMobil, Nippon Ketjen in Japan, and RIPP in China.

AkzoNobel has developed and commercialized various catalysts that can be
used for HDS of diesel feed: KF 752, KF 756 and KF 757, and KF 848.'°! KF 752
can be considered to be typical of an AkzoNobel catalyst of the 1992—-1993 time
frame. KF 756 is a Co—Mo catalyst with high HDS activity; it was jointly developed
by AkzoNobel and Exxon Research and Engineering by applying a new alumina-
based carrier technology and a special promoter impregnation technique to allow
high and uniform dispersion of metals such as Co and Mo on support with moderate
density.> KF 757 is AkzoNobel’s latest Co-Mo with higher HDS activity and opti-
mized pore structure; it was announced in 1998.1°" AkzoNobel estimates that under
typical conditions (e.g., 500 ppmw sulfur), KF 756 is 25% more active than KF 752,
while KF 757 is 50% more active than KF 752 and 30% more active than KF 756.'"
KF 756 is widely used in Europe (20% of all distillate hydrotreaters operating on
January 1, 1998), while KF 757 has been used in at least three hydrotreaters com-
mercially.** Under more severe conditions (e.g., <50 ppmw sulfur), KF 757 is 35%—
75% more active than KF 756.

KF 757 (Co-Mo) and KF 848 (Ni—-Mo) were developed by using what
AkzoNobel calls super type II active reaction sites (STARS) technology. Type II
refers to a specific kind of catalyst site for hydrogenation, which is more effective
for removing sulfur from sterically hindered compounds. KF 848 was announced in
2000."” KF 848 Ni-Mo STARS is 15%-50% more active than KF 757 Co-Mo
STARS under medium to high pressure. Commercial experience exists for both
advanced catalysts at BP refineries. In terms of sulfur removal, AkzoNobel projects
that a desulfurization unit, which produces 500 ppmw sulfur with KF 752, would
produce 405, 270, and 160ppm sulfur with KF 756, KF 757, and KF 858,
respectively.®*

As evidenced from the STARS technology, the advances in basic understanding
of fundamental reaction pathways of HDS reactions over transition metal sulf-
ides have also resulted in major advances in commercial catalyst developments.
AkzoNobel recently reported on the commercial experience of their STARS catalyst
for diesel fuel feedstock HDS at two BP refineries (Grangemouth and Coryton) in
U.K. The original unit at Grangemouth refinery was designed to produce 35,000 bbl/
day of diesel fuel at 500 ppmw, treating mostly straight run material, but some LCO
(Light Cycle Oil) was treated as well. AkzoNobel’s newest and best catalyst (KF
757 at that time) was dense loaded into the reactor to produce 45,000 bbl/day diesel
fuel at 10-20ppmw (to meet the 50ppmw cap standard). As the space velocity
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changed, the sulfur level changed inversely proportional to the change in space
velocity. Usually, when the space velocity decreased below 1.0, the sulfur level
dropped below 10 ppmw. At that refinery, however, it was not necessary to maintain
the sulfur level below 10ppmw.**

More recently, NEBULA catalyst has been developed jointly by ExxonMobil,
AkzoNobel, and Nippon Ketjen and commercialized in 2001."* NEBULA stands
for New Bulk Activity and is bulk base metal catalyst without using a porous
support. Figures 5.8-5.10 show the recent results published by AkzoNobel on rela-
tive activity of the new NEBULA and STARS catalysts compared with conventional
CoMOo/Al,O; developed over the last 50 years.'” The NEBULA-1 catalyst is even
more active than KF 848 STARS catalyst with respect to HDS and hydrodenitroge-
nation (HDN) and diesel hydrotreating; it has been successfully applied in several
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Figure 5.8. Relative activity of the new NEBULA and STARS catalysts compared with

conventional CoMo/Al,O; developed over the last 50 years.'™ x-axis: year.
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feed used in this test was an SR gas oil with 1.2 wt % sulfur and a density of 0.86 g/mL. Test
conditions are P = 56bar, LHSV = 2.5, and hydrogen to oil = 208 NL/L.'"*
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diesel hydrotreaters for months as of early 2002.'” Hydrocracking pretreatment was
the first application where very high activity was found for NEBULA-1. As shown
in Figure 5.8, the improvement in the HDN performance over NEBULA-1 compared
with KF 848 is indeed very significant. Moreover, KF 848 was already an enormous
improvement over the previous generation, KF 846. The advantage in activity is
18°C (32°F) compared with KF 848 and about 25°C (45 °F) compared with KF
846.'" The performance data shown in Figure 5.8 are for feeds boiling in the LCO
boiling range; for typical VGO (vacuum gas oil) applications, the activity advantage
is less great."™ For good hydrocracking pretreatment, one traditionally needs the best
possible HDN catalyst, and since HDN usually correlates with good hydrogenation,
the typical hydrocracking pretreated catalysts have excellent HDN and HDA (hydro-
dearomatization) combined. HDS activity used to be of secondary importance for
hydrocracking pretreatment, but with the new low-sulfur specifications, it can also
limit the performance of the pretreater.'® A similar improvement in activity is found
for HDS and hydrogenation over NEBULA; this will lead to highly improved
product qualities like lower sulfur, higher cetane, and lower density. Figure 5.10
compares NEBULA-1 and KF 848 catalysts at equal product sulfur level correspond-
ing to different weighted-average bed temperatures (WABTS), for which long-term
tests were run using an SR (straight-run) gas oil with 1.2wt % sulfur and a density
of 0.86g/mL. Test conditions are P = 56bar, liquid-hourly space velocity
(LHSV) = 2.5, and hydrogen to oil = 208 NL/L.'"*

Researchers at Haldor Topsoe and their collaborators in academic institutions
have contributed significantly to both the advances in research on fundamental
aspects of catalytically active sites of transition metal sulfides and the development
of new and more active commercial hydrotreating catalysts and processes.'>"*%

Haldor Topsoe has commercialized more active catalysts for HDS. Its TK-554
catalyst is analogous to AkzoNobel’s KF 756 catalyst, while its newer, more active
catalyst is termed TK-574. For example, in pilot-plant studies, under conditions
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where TK-554 produces 400 ppmw sulfur in SRGO (straight-run gas oil) TK-574
will produce 280ppmw. Under more severe conditions, TK-554 will produce
60 ppmw, while TK-574 will produce 30 ppmw, and similar benefits are found with
a mixture of straight run and cracked stocks.* In addition to catalyst development,
Haldor Topsoe has also developed new processes for HDS.

Criterion Catalyst announced two new lines of catalysts. One is called Century,
and the other is called Centinel. These two lines of catalysts are reported to be
45%—70% and 80% more active, respectively, at desulfurizing petroleum fuel than
conventional catalysts used in the mid-1990s.** These improvements have come
about through better dispersion of the active metal on the catalyst substrate. The
advanced refining technologies LP (ART), a joint venture between Chevron and
Grace Davison, has developed the sulfur minimization by ART (SMART) catalyst
system for diesel deep HDS.'” The SMART catalyst takes advantages of different
reaction pathways of deep HDS for DBT- and 4,6-DMDBT-type sulfur com-
pounds and is made using a combination of a high-activity Co—Mo catalyst (for
C-S bond direct hydrogenolysis of unhindered sulfur such as DBT) and a special-
ized Ni-Mo catalyst (for aromatic ring hydrogenation followed by C-S bond
hydrogenolysis for sterically hindered sulfur such as 4,6-DMDBT). In addition to
improving HDS activity over conventional catalysts, the SMART system can be
tailored to optimize hydrogen consumption, especially when hydrogen availability
is limited.'®

5.2.3.3 Tailoring Reaction and Processing Conditions

Tailoring process conditions aims at achieving deeper HDS with a given catalyst in
an existing reactor without changing the processing scheme, with no or minimum
capital investment. The parameters include those that can be tuned without any new
capital investment (space velocity, temperature, pressure) and those that may involve
some relatively minor change in processing scheme or some capital investment
(expansion in catalyst volume or density, H,S scrubber from recycle gas, improved
vapor-liquid distributor).'*!%” First, space velocity can be decreased through increas-
ing the catalyst bed volume or reducing the flow rate of liquid feedstock to increase
the reactant—catalyst contact time. More refractory sulfur compounds would require
lower space velocity for achieving deeper HDS. Second, temperature can be
increased, which increases the rate of HDS. Higher temperature facilitates more of
the high activation-energy reactions. Third, H, pressure can be increased. Fourth,
improvements can be made in vapor-liquid contact to achieve uniform reactant
distribution, which effectively increases the use of surface area of the catalyst.
Finally, the concentration of hydrogen sulfide in the recycle stream can be removed
by amine scrubbing. Since H,S is an inhibitor to HDS, its buildup in high-pressure
reactions through continuous recycling can become significant.

Some of these factors are elaborated further below. It should be noted that
conventional approaches for fuel desulfurization in response to the 1993 diesel fuel
sulfur regulation (500 ppmw sulfur) in the U.S. were to increase process severity
of HDS, increase catalysts-to-fuel ratio, increase residence time, and enhance
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hydrogenation, or to use additional low-sulfur blending stocks either from separate
process streams or purchased. It is becoming more difficult to meet the ultralow
sulfur fuel specifications by fuel HDS using the conventional approaches.

LHSV and catalytic bed volume are interrelated parameters that control both
the level of sulfur reduction and the process throughput. Increase in catalyst bed
volume can enhance desulfurization. UOP projects that doubling reactor volume
would reduce sulfur from 120 to 30 ppmw.** Haldor Topsoe reports that doubling
the catalyst volume results in a 20°C decrease in average temperature if all other
operating conditions are unchanged, and there is a double effect of the increased
catalyst volume.” The deactivation rate decreases because the start-of-run tempera-
ture decreases, and the lower LHSV by itself reduces deactivation rate even at the
same temperature.

Increasing the temperature of reaction can enhance the desulfurization of more
refractory sulfur compounds. Haldor Topsoe has shown that an increase of 14°C
while processing a mix of SRLGO and LCO with its advanced TK-574 Co-Mo
catalyst will reduce sulfur from 120 to 40 ppmw. UOP projects that a 20 °F increase
in reactor temperature would decrease sulfur from 140 to 120 ppmw.** The downside
of increased temperature is the reduction of catalyst life (i.e., the need to change
catalyst more frequently).'® This increases the cost of catalyst, as well as affects
highway diesel fuel production while the unit is down for the catalyst change. Still,
current catalyst life ranges from 6 to 60 months, so some refiners could increase
temperature and still remain well within the range of current industry performance.
The relationship between temperature and life of a catalyst is a primary criterion
affecting its marketability; thus, catalyst suppliers generally do not publish these
figures.**

Role of H,S in deep HDS of gas oils has been discussed in detail by Sie.'” The
decrease in the concentration of hydrogen sulfide in gas phase could reduce the
inhibition to the desulfurization and hydrogenation reactions.'*'*''® H,S can be
removed by chemical scrubbing. Haldor Topsoe indicates that decreasing the con-
centration of H,S at the inlet to a cocurrent reactor by 3—6vol % can decrease the
average temperature needed to achieve a specific sulfur reduction by 15-20°C, or
reduce final sulfur levels by more than two-thirds.** UOP projects that scrubbing
H,S from recycle hydrogen can reduce sulfur levels from roughly 285 to 180 ppmw
in an existing hydrotreater.**

The increase in H, partial pressure and/or H, purity can improve HDS and
hydrogenation." Haldor Topsoe indicates that increasing hydrogen purity is prefer-
able to a simple increase in the pressure of the hydrogen feed gas, since the latter
will also increase the partial pressure of hydrogen sulfide later in the process, which
inhibits both beneficial reactions.** Haldor Topsoe projects that an increase in
hydrogen purity of 30% would lower the temperature needed to achieve the same
sulfur removal rate by 8-9 °C, or temperature could be maintained while increasing
the amount of sulfur removed by roughly 40%. Hydrogen purity can be increased
through the use of a membrane separation system or a PSA (presssure-swing adsorp-
tion) unit. UOP projects that purifying hydrogen can reduce distillate sulfur from
180 to 140 ppmw from an existing hydrotreater.**
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Increasing the recycle gas/oil ratio (increase in the amount of recycle gas sent
to the inlet of the reactor) could increase the degree of desulfurization, but the effect
is relatively small so a relatively large increase is needed to achieve the same effect
as scribing recycle gas.” Haldor Topsoe indicates that a 50% increase in the ratio of
total gas/liquid ratio only decreases the necessary reactor temperature by 6-8 °C,
or the temperature can be maintained and the final sulfur level reduced by
35%-45%.%

The improvement in vapor—liquid contact can enhance the performance of distil-
late hydrotreaters. As an example, in testing of an improved vapor-liquid distributor
in commercial use, Haldor Topsoe and Phillips Petroleum found that the new Topsoe
Dense Pattern Flexible Distribution Tray (installed in 1996 to replace a chimney-
type distributor installed in 1995 in a refinery) allowed a 30% higher sulfur feed to
be processed at 25 °C lower temperatures, while reducing the sulfur content of the
product from 500 to 350 ppmw.” AkzoNobel estimates that an improved vapor—
liquid distributor can reduce the temperature necessary to meet a 50 ppmw sulfur
level by 10°C, which in turn would increase catalyst life and allow an increase in
cycle length from 10 to 18 months.* Based on the above data from Haldor Topsoe,
if temperatures were maintained, the final sulfur level could be reduced by 50%.%
Maintaining temperature should have allowed an additional reduction in sulfur of
more than two-thirds. Thus, ensuring adequate vapor—liquid contact can have a
major impact on final sulfur levels.

The above-mentioned individual improvements described cannot be simply
combined, either additively or multiplicatively. As mentioned earlier, each existing
distillate hydrotreater is unique in its combination of design, catalyst, feedstock, and
operating conditions. While the improvements described above are probably indica-
tive of improvements, which can be made in many cases, it is not likely that all of
the improvements mentioned are applicable to any one unit; the degree of improve-
ment at one refinery could either be greater than, or less than the benefits that are
indicated for another refinery.

5.2.3.4 Designing New Reactor Configurations

Industrial reactor configuration for deep HDS of gas oils in terms of reaction order
and effect of H,S has been discussed by Sie.'”® The reactor design and configuration
involve one-stage and two-stage desulfurization. Desulfurization processes in use
today in the U.S. generally use only one reactor, due to the need to only desulfurize
diesel fuel to 500 ppmw or lower. Hydrogen sulfide strongly suppresses the activity
of the catalyst for converting the refractory sulfur compounds, which should occur
in the major downstream part of a cocurrent trickle-bed reactor during deep desul-
furization. The normally applied cocurrent trickle-bed single reactor is therefore not
the optimal technology for deep desulfurization.'” However, a second reactor can
be used, particularly to meet lower sulfur levels. Adding a second reactor to increase
the degree of desulfurization is an option, and both desulfurization and hydrogena-
tion in the second reactor can be improved by removing H,S and NH; from the exit
gas of the first reactor before entering the second reactor. This last technical change
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is to install a complete second stage to the existing, one-stage hydrotreater. This
second stage would consist of a second reactor with a high pressure, hydrogen sulfide
scrubber between the first and second reactor. The compressor would also be
upgraded to allow a higher pressure to be used in the new second reactor. Assuming
use of the most active catalysts available in both reactors, UOP projects that convert-
ing from a one-stage to a two-stage hydrotreater could produce 5 ppm sulfur relative
to a current level of 500 ppm today.*

A new way of reactor design is to have two or three catalyst beds that are nor-
mally placed in separate reactors, within a single reactor shell and have both cocur-
rent and countercurrent flows.'”® This new design was developed by ABB Lummus
and Criterion, as represented by their SynSat process.'''"? The SynAlliance (consist-
ing of ABB Lummus, Criterion Catalyst, and Shell Oil) has patented a countercur-
rent reactor design called SynTechnology. With this technology, in a single reactor
design, the initial portion of the reactor will follow a cocurrent design, while the last
portion of the reactor will be countercurrent.** Traditional reactors are cocurrent in
nature. The hydrogen is mixed together with the distillate at the entrance to the
reactor and flow through the reactor together. Because the reaction is exothermic,
heat must be removed periodically. This is sometimes done through the introduction
of fresh hydrogen and distillate at one or two points further down the reactor. The
advantage of cocurrent design is practical, as it eases the control of gas—liquid
mixing and contact with the catalyst. The disadvantage is that the concentration of
H, is the highest at the front of the reactor and lowest at the outlet. The opposite is
true for the concentration of H,S. This increases the difficulty of achieving extremely
low-sulfur levels due to the low H, concentration and high H,S concentration at the
end of the reactor. A new solution to this problem is to design a countercurrent
reactor, where the fresh H, is introduced at one end of the reactor and the liquid
distillate at the other end. Here, the hydrogen concentration is highest (and the
hydrogen sulfide concentration is lowest) where the reactor is trying to desulfurize
the most difficult (sterically hindered) compounds. The difficulty of countercurrent
designs in the case of distillate hydrotreating is vapor—liquid contact and the preven-
tion of hot spots within the reactor.

In a two-reactor design, the first reactor will be cocurrent, while the second
reactor will be countercurrent. ABB Lummus estimates that the countercurrent
design can reduce the catalyst volume needed to achieve 97% desulfurization by
16% relative to a cocurrent design.* The impact of the countercurrent design is even
more significant when aromatics control (or cetane improvement) is desired in addi-
tion to sulfur control. However, operation of countercurrent flow reactor might not
be possible in packed beds of the usual catalyst particles because of the occurrence
of flooding at industrially relevant fluid velocities. Criterion offers the catalysts for
the SynSat and SynShift processes. SynShift involves deep heteroatom removal, ring
opening, and aromatic saturation, thus decreasing (shifting) boiling range. Some
novel reactor concepts based on special structured packings or monoliths that allow
such countercurrent operation have been presented.'®

Considering deep desulfurization of liquid hydrocarbon fuels for fuel cell appli-
cations, the removal of sulfur from a commercial diesel is more difficult than the
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removal of sulfur from a commercial gasoline, as the sulfur compounds in com-
mercial diesel have much less HDS reactivity. A significant advantage of HDS of
diesel is that it has high capacity for removing the majority of sulfur in the diesel.
However, even using the currently developed new HDS technologies for preparing
ultraclean diesel for fuel cell applications, the process still needs to be conducted at
high temperature and pressure with high hydrogen consumption, and it is still dif-
ficult or very costly to remove sulfur in diesel fuel to less than 0.1 ppmw for fuel
cell applications. A combination of the HDS technology and the adsorption technol-
ogy might be a promising approach for producing the fuel cell-used liquid hydro-
carbon fuel in a large scale from a middle distillate.

5.3 ADSORPTIVE DESULFURIZATION

In terms of technology availability, the current HDS technology is not very efficient
for reducing the sulfur content in the commercial hydrocarbon fuels to a level for
the fuel cell applications, especially for PEMFC applications. On the other hand, the
conventional HDS processes need to work at higher temperature and higher pressure
using hydrogen gas, which is not suitable for the on-board or on-site desulfurization
for fuel cell applications. Consequently, the development of the selective adsorp-
tion processes for ultradeep desulfurization of the commercial hydrocarbon fuels
becomes an important research subject in hydrocarbon fuel processing for fuel cell
applications.

A common approach to desulfurization of hydrocarbon fuels is to capture the
sulfur species in a sorbent bed. In comparison with the HDS process, selective
adsorption for removing sulfur (PSU-SARS) in hydrocarbon fuels have some sig-
nificant advantage: (a) selective adsorption is able to remove sulfur in the hydro-
carbon fuels to the level for the fuel cell application; (b) the process is usually
conducted at ambient temperature and atmospheric pressure, resulting in more
energy efficiency and cost efficiency; and (c) most of these processes do not need
to use hydrogen gas, which is the most costly in HDS. These are especially attrac-
tive for fuel cell applications. Recently, many selective adsorption (or sorption)
processes for removing sulfur from natural gas, gasoline, jet fuel, and diesel fuel
have been reported. A key point in developing a successful adsorption process is
to develop an adsorbent that has high adsorptive capacity and selectivity, and is
facilitative to be regenerated. The adsorbents generally include the reduced metal,
metal oxides, metal chlorides, zeolites, ACs, or metal-impregnated high-surface
area supports like AC, zeolites, or alumina. The size and composition of a given
adsorbent/sorbent bed depend on the composition of the fuel and the servicing
period required in the particular application. According to the operating conditions,
the reported sorption methods can also be classed into high temperature method
(>600°C), medium temperature method 150-550°C, and ambient temperature
method. The high and medium temperature methods might involve a chemical
reaction or absorption, and the sorbents include metal oxides and reduced metals.
The ambient temperature method usually involves a physical or chemical adsorp-
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tion on the surface, and the adsorbents include zeolites, aluminosilicate, and carbon
materials.

5.3.1 Natural Gas

Westmoreland and Harrison performed comparative studies on different sorbent
systems that consisted almost entirely of different metal oxides."*!"* These studies
can be divided into two groups, with respect to the operating temperatures: high
temperature: >600°C (Ba, Ca, Sr, Cu, Mn, Mo, W) and middle temperature: 300—
550°C (V, Zn, Co, Fe). The high-temperature desulfurization might be only suitable
for the desulfurization of fuel gas from coal gasification and desulfurization of SOFC
and molten carbonate fuel cell (MCFC) feed considering the energetic efficiency in
the process. The middle temperature desulfurization might be used for the desulfur-
ization of SOFC and MCFC feed, also for the desulfurization of reformate (or post
desulfurization) before water-gas shift reaction. The post desulfurization will be
discussed in detail in Section 5.4.

Research Triangle Institute and National Energy Technology Lab reported their
approach in the development of high-temperature desulfurization of natural gas and
syngas in a transport reactor over a wide temperature range (260-760 °C) by using
regenerable sorbents, primarily based on ZnO.* This sorbent technology has also
advanced to the point that syngas desulfurization can be carried out in both fixed-
and fluidized-bed reactors, depending upon process design needs. As ZnO-based
sorbents can work over a wide temperature range, these sorbents are also suitable
for reformate desulfurization, which will be discussed further in Section 5.4.

Recently, great attention has been paid to the ambient temperature adsorption
for removing sulfur compounds from natural gas, as the system is simple and is
quick and easy to be started up. The major adsorbents that were used in the ambient
temperature adsorption are AC-based and zeolite-based materials. The Osaka Gas
mixed metal and metal oxide catalyst provides a low-temperature method of desul-
furization. The catalysts (or adsorbents) is claimed to remove organic sulfur and H,S
at room temperature. '

Recently, Israelson of Siemens Westinghouse Power Corporation tested 10
commercially available desulfurization adsorbents, including metal oxides, ACs, and
molecular sieves, for pipeline natural gas with 6ppm volume total sulfur.* The
primary sulfur species for the tested pipeline natural gas were dimethyl sulfide
(DMS), isopropyl mercaptan, tertiary butyl mercaptan, and THT. Most testing was
performed at ambient temperature 21 °C to simulate the conditional expected in a
commercially viable desufurizer. Two materials, ZnO and copper oxide/zinc oxide,
were tested at elevated temperatures. It was found that DMS always came through
a desulfurizer bed first, independent of the adsorption process. Israelson used an
index of average ppmv DMS X cubic feet of natural gas/cubic feet of adsorbent to
predict the breakthrough performance of the adsorbents. The results are shown in
Table 5.3.* Three ACs from different suppliers were found to have identical perfor-
mance in removing DMS. The performance index is around 2500 ppmv. Among the
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Table 5.3. Adsorption Desulfurization Performance of Various Sorbents for Natural Gas*

Manufacturer Active Product Ave. Ave. Total ~ Performance
Component Name DMS Sulfur Index (ppmv)
(ppmv) (ppmv) DMT Bed
Volumes
United 7ZnO at 350°C  G-72E 1.5 6.7 668
Catalysts Inc. (no preceding
(Siid-Chemie) CoMo
catalyst bed
or hydrogen
addition)
Norit Carbon with RGM-3 0.8 5.1 24,000
chromium
and copper
salts
Calgon Carbon  Carbon PCB 1.5 6.2 26,550
Siid-Chemie Carbon with C8-7-01 1.8 6.7 26,550
copper oxide
Siid-Chemie Nickel, nickel C28 1.1 4.2 44,992
oxide
Grace Davison  Molecular 554HP 0.8 4.4 110,376
sieve:
13x 10A
pore)
zeolite-X
Supplier C Unknown Proprietary 1.2 5.1 182,573
adsorbent S
PNNL Copper- Unnamed 0.8 4.1 2,416,800
impregnated
zeolites Y
substrate
Synetix Copper oxide Puraspec 34 8.4 3,661,800
and zinc 2084
oxide, 100°C
top, 170°C
Supplier E Unknown Proprietary 2.3 8.2 3,661.800

adsorbent T

tested samples, Israelson found three high-performance adsorbents, including a
copper-impregnated zeolite Y adsorbent and a copper oxide/zinc oxide adsor-
bent, which removed about 100-150 times as much DMS as AC did before
breakthrough.

Roh et al."'® investigated the desulfurization of natural gas over AC, Fe/AC,
BEA zeolite (BEA), and Fe/BEA for fuel cells. Sulfur capacities were obtained from
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the breakthrough curves of tert-butyl mercaptan (TBM) and THT. Fe/BEA (Fe: 3%)
prepared by the ion exchange method exhibited the highest sulfur capacity of 19.6%
g(S-comp)/g(sorb) among the adsorbents tested for a model natural gas containing
50ppm of TBM and 50ppm of THT in CH,. The authors have explained that the
high capacity of Fe/BEA is because of the strong chemisorption of sulfur compounds
on the Lewis acid sites present in BEA zeolite and the beneficial Fe effect on the
Fe/BEA adsorbent through the possibility of complexation. In order to facilitate the
comparison with Israelson’s data listed in Table 5.3, the performance index for TBM
is recalculated on the basis of the breakthrough capacity for TBM. The performance
index for TBT is around 6.1 X 10°ppmyv as the same order magnitude as the perfor-
mance index for DMS over the three best adsorbents tested by Israelson.*

Recently, Satokawa et al.''” (Tokyo Gas Co.) reported that the adsorptive desul-
furization of DMS and TBM from pipeline natural gas by using silver-exchanged Y
zeolites (AgNa-Y) in the presence of water at room temperature and normal pres-
sure. They found that an increase in silver content of AgNa—Y improved the capacity
and adsorptivity for DMS and TBM on AgNa-Y. They also found that sulfur adsorp-
tion capacity for DMS on Ag(18)Na-Y (1.9mmol/g) for a model gas was much
higher than that for TBM (0.6 mmol/g), although DMS was the first breakthrough
sulfur compound in the tests by Israelson.* According to their data, the performance
index of Ag(18)Na-Y for DMS in pipeline natural gas was about 7.5 x 10°ppmv
higher than the best adsorbent tested by Israelson.* Satokawa et al.''” found further
that the spent AgNa-Y can be regenerated easily by heat treatment in air at 500 °C.
However, only about 54% capacity for Ag(18)Na—Y was recovered, although almost
all capacity for Ag(1)Na-Y and Ag(5)Na-Y was recovered.*

These studies for desulfurization of natural gas at ambient temperature indicate
that metal iron-exchanged zeolites might be promising adsorbents, and more work
is necessary for the regeneration of the spent metal ion-exchanged zeolites.

5.3.2 Gasoline

As mentioned in the foregoing, the commercial gasoline not only contains saturated
hydrocarbons but also a large amount of unsaturated hydrocarbons, such as aromat-
ics and olefins with concentration even up to 40 and 20 wt %, respectively, especially
in FCC gasoline. The molar concentration of these coexisting unsaturated hydro-
carbons is even up to 4-order magnitude higher than that of the sulfur compounds
in commercial gasoline. Consequently, the challenge in the development of a suc-
cessfully adsorptive desulfurization process is to develop an adsorbent that has
higher adsorptive selectivity and capacity for the sulfur compounds.

Figure 5.11 illustrates the known coordination geometries of thiophene in
organometallic complexes, which indicate likely adsorption configurations of thio-
phenic compounds on the surface of adsorbents.'”® Both thiophenic compounds and
nonsulfur aromatic compounds can interact with metal species by m-electrons.
However, in Figure 5.11, only two types of interaction of thiophene with metal
involve sulfur atom in thiophene: the 1'-S bonding interaction between the sulfur
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Figure 5.11. Known coordination geometries of thiophene in organometallic complexes, indicating

likely adsorption configurations of thiophenic compounds on the surface of adsorbents.'®

atom and one metal atom, and the S—3 bonding interaction between the sulfur atom
and two metal atoms.

According to the operating temperature, the developing sorbents for gasoline
desulfurization can be classified into two groups: mild temperature (150-550°C)
group and low temperature (0—100 °C) group. The former often involves the reduced
metals and/or metal oxides as sorbents, and the latter usually involves zeolite-based
adsorbents, activated alumina, metal oxides, and/or carbon materials as adsorbents.
The adsorptive capacities of different sorbents for different liquid hydrocarbon fuels,
which were measured by different researchers in the flowing systems, are listed in
Table 5.4'2,26,38,119—130

ConocoPhillips Petroleum Company developed a new S-Zorb process for the
production of low-sulfur gasoline by reactive sorption of sulfur compounds over a
solid sorbent."*'"'* The process uses a fluidized-bed reactor in the temperature range
between 377 and 502 °C under H, pressures in the range of 7.1-21.1kg/cm’. A flow
scheme and the principle for the S-Zorb process are shown in Figure 5.12. In this
process, FCC gasoline and H, are fed to the reactor and heated. Vaporized gasoline
is injected into a fluidized-bed reactor, where the proprietary sorbent removes sulfur
from the feed. Suspended sorbent is removed from the vapor at a disengaging zone.
Sulfur-free vapor exits at the top to be cooled. The spent sorbent is continuously
withdrawn, transferred to a regenerator where the sulfur is removed as SO, and sent
to a sulfur recovery unit. The oxidized sorbent is sent to a sorbent reducer for reduc-
tion in the presence of hydrogen gas and then returned to the reactor. A significant
advantage for S-Zorb is that the process is able to reduce the sulfur in FCC naphtha
to 10ppmw with almost no change in octane number and no requirement of large
volumes of high-purity H,.

The Research Triangle Institute'* also reported a TReND process for adsorptive
desulfurization of gasoline over a regenerable metal oxide sorbent in a transport
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Figure 5.12. ConocoPhillips’s S-Zorb-gasoline process based on solid adsorbent and its continuous
regeneration.”*""*> SRU, sulfur recovery unit.

reactor system at 420-540 °C in H, atmosphere."*’ For a model fuel containing eight
sulfur compounds in isooctane, their results showed that a modified sorbent was able
to remove 73.7% of sulfur at 427 °C in the presence of hydrogen gas. The developed
sorbent was not efficient for removing thiophene and diethyl sulfide, although it was
good for removing BT and DBT. As both S-Zorb process and TReND process
involve a process at high temperature and in H, atmosphere, these processes might
not be suitable for on-site or on-board desulfurization of gasoline for fuel cell
applications.

As desulfurization of gasoline for the fuel cell applications prefers a desulfuriza-
tion process on-board or on-site at low temperatures without using H, gas, consider-
able attention has been paid to developing an adsorptive process under ambient
conditions without using H, gas for the gasoline-based fuel cell systems.

Activated alumina has been used in chromatographic analysis and separation,
and adsorptive separation. The use of activated alumina as an adsorbent in a desul-
furization process for low-sulfur gasoline has been reported by Black & Veatch
Irritchard, Inc. and Alcoa Industrial Chemicals.'**'* As the adsorption on activated
alumina is dominantly dependent on the molecular polarity, activated alumina might
have relatively lower selectivity for the thiophenic sulfur compounds.
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Nehlsen et al.'*” reported a developing process for the removal of thiols from a
hydrocarbon stream by a heterogeneous reaction with lead oxide at a temperature
<50°C. The principle is heterogeneous reaction of thiols with lead oxide to form
insoluble lead thiolates, which is then separated from the hydrocarbon stream. They
claimed that the process allows the original thiols to be recovered for other uses,
and the lead is also recovered and recycled. Experimental recovery of the lead for
recycling exceeds 94%. Thiols are recovered with typical yields of 80%—90%.

Yang and coworkers reported an adsorptive desulfurization of commercial gaso-
line by selective adsorption via 7-complexation with Cu(I)-Y zeolite under ambient
conditions.'**!?"! They reported that the breakthrough adsorption capacity was
0.14 mmol-S/g-A (4.5mg-S/g-A) for a commercial gasoline with 335 ppmw sulfur.
They used GC-FPD (flame photometric detection) for the analysis of the treated
commercial gasoline sample and claimed that their FPD detection limit was below
0.28 ppmw. Yang and coworkers emphasized that the selective adsorption is
based on a m-complexation mechanism, and the adsorption bond energies via 7-
complexation with Cu(I)-Y zeolite for thiophene (21.4 kcal/mol) is higher than that
for benzene (20.5 kcal/mol) according to their computational results."* In a study of
the desulfurization of gasoline, diesel, and jet fuels over the 7-complexation-based
sorbents obtained by ion exchanging faujasite-type zeolites with Cu*, Ni**, or Zn**
cations using different techniques, including liquid-phase ion exchange (LPIE),
vapor-phase ion exchange (VPIE), and solid-state ion exchange (SSIE) techniques,
Yang and coworkers found that the 7-complexation sorbents desulfurization per-
formance decreases in the order as follows: Cu(I)-Y(VPIE) > Ni(II)-Y(SSIE) >
Ni(ID-X(LPIE) > Zn(II)-X(LPIE) > Zn(II)-Y(LPIE).'**

Richardeau et al. investigated thiophene adsorption from liquid solutions con-
taining hydrocarbons over HFAU zeolites in a stirred batch system at room tempera-
ture."** They found that the maximum number of thiophene molecules adsorbed per
gram of zeolites is equal to their concentration of acidic sites and considered that
the acidic sites are the adsorption sites. They further found that the presence of
toluene causes a large decrease in the removal of thiophene, and when the concentra-
tion of thiophene is high (27.7wt %), an acid-catalyzed condensation of thiophene
occurs to form dimers, trimers, and tetramers, which remain trapped on the zeolite.
They concluded that thiophene removal by adsorption on acidic zeolites could only
be carried out from diluted solutions containing no olefinic compounds.

Song and coworkers proposed and has been exploring PSU-SARS from liquid
hydrocarbon fuels over various adsorbents including metals,'*'~'* metal oxides,'*>'*
zeolite-based adsorbents,”'*” carbon materials,'*'** and other metal compounds
under ambient conditions without using H, gas for fuel cell and refinery applications.
The PSU-SARS approach aims at removing sulfur compounds in transportation fuels
selectively by a direct sulfur-adsorbent interaction. For the desulfurization of com-
mercial gasoline, among several types of adsorbents explored, they found that Ni-
based adsorbent exhibited better performance for removing thiophenic sulfur
compounds.”*'?! Tt should be mentioned that nickel was used for the reductive
removal of thiophene for purifying benzene and toluene more than half a century
ago.'* The Ni-based sorbent was also widely used for removing sulfur in preparative

118,148
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organic chemistry at room or elevated temperature up to 60-80°C."*"5* In 1987,
Bailey and Swan'* filed a patent about using nickel sorbents for sulfur removal from
hydrocarbon reformer feeds. Recently, International Fuel Cell'**'>> and UTC Fuel
Cell'®" filed patents relating to a method for desulfurizing gasoline or diesel fuel
over nickel-based adsorbents for use in a fuel cell power plant. According to the
breakthrough curves for adsorptive desulfurization of an additive-free gasoline with
21 ppmw of sulfur, as shown in their patent,”*® the capacity is around 0.8 mg-S/g
(milligram of sulfur per gram of adsorbent) at a breakthrough sulfur level of 10 ppmw.

Recently, Ma et al.**!*® comparatively studied the performance of an Ni-based
adsorbent and a Cu(I)-Y for the desulfurization of a commercial gasoline with
30Sppmw sulfur in a fixed-bed adsorption system at room temperature and
200°C. The Cu(I)-Y prepared in this study showed only a breakthrough capacity of
0.22mg-S/g at room temperature for removing sulfur from a commercial gasoline
with 305 ppmw sulfur to less than 1 ppmw. This breakthrough capacity is much less
than the breakthrough capacity (4.5 mg-S/g) of the Cu(I)-Y reported by Hernandez-
Maldonado and coworkers'?’ for another commercial gasoline with 335 ppmw sulfur,
although for a model gasoline (190 ppmw of sulfur as thiophene in isooctane), the
capacity of the Cu(I)-Y prepared by Ma et al. is almost the same as that reported
by Hernandez-Maldonado and coworkers.*”'*” The reason for this significant differ-
ence is still unclear. Ma et al.”*'*® also found that at room temperature, the Ni-based
adsorbent exhibited a breakthrough capacity of 0.37 mg-S/g, while at 200 °C, the
breakthrough capacity of the Ni-based adsorbent was improved significantly. More-
over, the breakthrough capacity of the Ni-based adsorbent corresponding to the
outlet sulfur level of 10 ppmw was 7.3 mg-S/g at 200 °C,* which was over an order
of magnitude higher than that of Cu(I)-Y.

In order to understand the sorption mechanism on the nickel-based sorbents and
to evaluate the desulfurization performance of the nickel-based sorbents, Ma et al.?
also conducted adsorptive desulfurization of a series of model gasoline fuels and a
real gasoline over a nickel-based sorbent (Ni—Al) in a flowing adsorption system at
a temperature range of 25-200°C under ambient pressure without using H, gas.
Adsorptive capacity and selectivity of the Ni—Al adsorbent for various sulfur com-
pounds and the effects of coexisting olefin in gasoline, as well as sorptive conditions
on the adsorptive performance, were examined. The observed sorption capacities as
a function of sulfur concentration at outlet for different nickel-based sorbents and
different feeds at different temperatures are shown in Figure 5.13.% It was found
that the nickel-based adsorbent shows high capacity and selectivity for the adsorptive
desulfurization of gasoline. Olefins in gasoline have a strong inhibiting effect on the
desulfurization performance of the nickel-based sorbent at room temperature.
Increasing temperature to 200 °C can significantly improve the desulfurization per-
formance of the nickel-based sorbent for real gasoline. They also found that sorption
of sulfur compounds on the nickel surface involves C—S bond cleavage, as evidenced
by the formation of ethylbenzene from BT in the absence of H, gas in the flow
adsorption system. The obtained results indicate that the sorption capacity of the
nickel-based sorbents can be improved by increasing the Ni surface area and/or by
introducing the active hydrogen atoms into the Ni surface.



256 Chapter 5 Desulfurization Technologies

16

14

—_
N

—a— MG-l, 25°C, A-2
—<— MG-Il, 25°C, A-2
—&— Gasoline, 25°C, A-2
—e— Gasoline, 200°C, A-2
—+—Gasoline, 25°C, A-5
——Gasoline, 200°C, A-5

-
o

Adsorptive capacity (mg/g)

@ T T T T [ T T T T T T T T T T T T T T T T T T T

0 100 200 300 400 500
Sulfur concentration at outlet (ppmw)

Figure 5.13. Adsorptive capacity of nickel-based adsorbents as a function of sulfur concentration at
outlet.” See color insert.

Recently, Hu et al.""’ studied the desulfurization mechanism of thiophene on
Raney Ni and rapidly quenched skeletal Ni (RQ Ni) in ultrahigh vacuum (UHV) by
X-ray photoelectron spectroscopy (XPS). They found that the Raney Ni or RQ Ni
could be considered as a hydrogen-preadsorbed polycrystalline Ni—alumina compos-
ite. It was found that when thiophene molecularly adsorbs on Raney Ni or RQ Ni
at —170°C and at —100 °C, the adsorbed thiophene contact directly with the metallic
Ni in Raney Ni undergoes C—S bond scission, leading to carbonaceous species most
probably in the metallocycle-like configuration and atomic sulfur. By 200 °C, the
Cls peak has disappeared, leaving nickel sulfide on the surface. The finding by XPS
in this study is in agreement with the results obtained by Ma et al.*

5.3.3 Jet Fuel

In the study of the desulfurization of a commercial jet fuel by using VPIE Cu(I)-Y
adsorbents in a fixed-bed adsorber operated at ambient temperature and pressure,
Hernandez-Maldonado and coworkers reported that the best sorbent, Cu(I)-Y(VPIE),
which was prepared by the authors, has a breakthrough adsorption capacity of
0.395mmol-S/g (12.6mg-S/g) for a commercial jet fuel with 364 ppmw initial
sulfur.'”” They further reported that a layered bed with 25wt % activated alumina
followed by Cu(1)-Y was capable of producing 38 cm? of jet fuel per gram of adsor-
bent with a weighted average content of 0.07 ppmw-S.?” The corresponding break-
through capacity was 0.521 mmol/g (16.7mg-S/g). They also reported that the
adsorption capacity can be fully recovered after regeneration in air at 350 °C for
6—12h followed by reduction in an inert gas stream containing 5 vol % hydrogen at
231°C. They emphasized that the high sulfur selectivity and high sulfur capacity of
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Cu(I)-Y(VPIE) were due to z-complexation,'”"”’ but no selectivity experiment by
comparing BT with naphthalene or methyl naphthalene was reported by the same
group.

Velu et al."’ studied PSU-SARS from a model jet fuel (MJF) and a real jet fuel
(JP-8) over different zeolite-based adsorbents, which were prepared by the ion
exchange of Y zeolites with Cu, Ni, Zn, Pd, and Ce ions. Among the adsorbents
tested, Ce-exchanged Y zeolites exhibited a better adsorption capacity of about
10mg-S/g at 80°C with an MJF containing 510 ppmw sulfur in a batch test. The
same adsorbent exhibited a sulfur adsorption capacity of about 4.5 mg-S/g for the
real JP-8 jet fuel containing about 750 ppmw sulfur. They found that Ce-exchanged
zeolites exhibited higher selectivity for sulfur compounds as compared with the
selectivity of aromatics, for which a comparative study indicated that the direct
sulfur-adsorbent interaction plays an important role in the adsorption of sulfur com-
pounds over the Ce-exchanged Y zeolites.

Fukunaga et al."*® reported using a developed Ni-based sorbent to remove sulfur
in a kerosene fuel from 48 ppmw in the fuel to less than 0.05 ppmw. However, no
quantitative breakthrough capacity of their adsorbent can be figured out from their
reported data.

Recently, Velu et al.? studied the optimization of the performance of an Ni/
Si0,—Al,O; adsorbent for the adsorptive desulfurization of jet fuel, including JP-8
jet fuel containing around 736 ppmw sulfur and a light JP-8 jet fuel having around
380 ppmw sulfur, obtained by fractionation. They found that the removal of C3-BTs,
such as sterically hindered 2,3,7-TMBT, from the JP-8 jet fuel by fractionation
improved the sorbent capacity by 2.5 times. The particle sizes of the sorbent and its
bed dimensions were examined and optimized to achieve targeted sulfur sorption
capacity of over 10 mg-S/g without encountering pressure drop across the bed. At
220°C, the sorptive desulfurization of fractionated light JP-8 over the Ni/Si0,—Al,O;
sorbent having particle sizes between 0.15 and 0.25mm offered a sulfur break-
through sorption capacity of about 11.5mg-S/g at a breakthrough sulfur level of
30ppmw without developing any significant pressure drop across the beds. High
sulfur-sorption capacity could be achieved with Ni/SiO,—Al,O; when the overall
aspect ratio, axial aspect ratio, and radial aspect ratio of the sorbent bed were around
60, 3000, and 100, respectively.

Velu et al.'* also studied the sorption performance of a series NiY zeolites with
different Ni loadings, which were synthesized by incipient wetness impregnation
and LPIE methods using NH,Y and KY zeolites. At the sorption temperature of
80°C, NiY zeolite containing 30 wt % Ni synthesized by incipient wetness impregna-
tion of NH,Y zeolite was able to clean only about 10 mL of an MJF per gram of the
adsorbent to produce a desulfurized fuel containing below 1 ppmw sulfur. Under the
same experimental conditions, a K-containing NiY zeolite cleaned about 30 mL of
the fuel per gram of the adsorbent. A better sulfur sorption performance was observed
when the NiY zeolite was synthesized by ion exchange using KY zeolite and reduced
before sulfur sorption. The corresponding breakthrough capacity at 1 ppmw sulfur
level is about 4.7 mg-S/g, which was recalculated on the basis of the breakthrough
curves reported by Velu et al.'* Temperature program reduction (TPR) studies
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indicated that the reducibility of Ni-Y was improved when K was present as a co-
cation. The in sifu XPS studies of unreduced and reduced samples revealed that the
presence of K as a co-cation in the zeolite matrix helps Ni dispersion at the surface.
The promoting effect of K on the sulfur adsorption performance of NiY zeolites was
therefore attributed to improved reducibility and surface dispersion of Ni when K
was present as a co-cation.

Tawara et al.” reported an “adsorptive catalyst” (Ni/ZnO) for removing sulfur
in kerosene to less than 0.1 ppmw in the temperature range between 270 and 300 °C
in H, atmosphere under a pressure of 0.60 MPa. The principle in this process is based
on the following reactions:

Ni(s)+S compound + H, <> NiS(s)+ hydrocarbon, (5.3)
NiS(s)+H, <> Ni(s)+ H,S, (5.4)
ZnO(s)+H,S <> ZnS(s)+ H,O0. (5.5

A patent for desulfurization of petroleum streams containing condensed ring
heterocyclic organosulfur compounds on the basis of the similar principle was filed
by Research and Engineering Company in 2001.%®

5.3.4 Diesel

The diesel fuel contains not only saturated hydrocarbons and sulfur compounds, but
also a large number of aromatic compounds that have aromatic skeleton structure
similar to the coexisting sulfur compounds. As mentioned before, the remaining
sulfur compounds in commercial diesel fuel are usually the alkyl DBTs with one or
two alkyl groups at the 4- and/or 6-positions, which show strong steric hindrance
toward the direct interaction between the sulfur atom in DBTs and the adsorption
site. Consequently, a great challenge in the adsorptive desulfurization of diesel fuel
is to develop an adsorbent that can selectively adsorb such sulfur compounds. The
reported sorbents for removing sulfur from diesel fuel or gas oil include reduced
metals, metal oxides, zeolite-based materials, and carbon materials.

5.3.4.1 Metal Sorbents

On the basis of Phillip’s existing S-Zorb technology for gasoline, ConocoPhillips
has developed an S-Zorb-Diesel technology for lowering the sulfur content of diesel
fuel while minimizing the operating costs of the refiners, which will help refiners
meet current and future sulfur regulations both in the U.S. and in Europe.'® The
ConocoPhillips S -Zorb process desulfurizes diesel fuel by sorption on a proprietary
sorbent. Sulfur-containing molecules are adsorbed, including sterically hindered
molecules like 4,6-DMDBT, and the sulfur atom is split from the molecule. The
sulfur is retained on the adsorbent while the hydrocarbon desorbs. Sulfur is typically
removed to about 5 ppm from feedstock of 500 ppm sulfur (but greater than 2000 ppm
sulfur feedstocks are possible). Depending upon the feedstock, the process operates
at mild conditions: 275-500 psig about 700-800 °F (371-427 °C). The principle and
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Table 5.5. Diesel Property Changes between Feed and S-Zorb-Diesel Process Product'*
Property Feed Product
Sulfur (ppm) 523 6
API gravity 33.20 33.22
Hydrogen (wt %) 12.72 12.72
Cetane # 43.5 43.5
Cetane index 44.4 44.4
D86 (°F) Base Same
Cloud point (°F) -10.6 -10.6
CFPP (°F) -13.5 -13.5
Lubricity

SLBOCLE 3700 3600
HFRR 385 315

HFRR, The high-frequency reciprocating rig; SLBOCLE, scuffing load ball-on-cylinder lubricity
evaluator.

process scheme of the S-Zorb-Diesel technology is similar to those for S-Zorb-
gasoline (Fig. 5.12). The properties of a typical diesel product from S-Zorb-Diesel
process with the properties of feed are listed in Table 5.5."** Almost no change in
the composition and properties between the product and feed were observed, except
the sulfur content.

In the study of adsorptive desulfurization of a model diesel fuel over a nickel-
based sorbent in a fixed-bed adsorption system at ambient temperature and atmo-
sphere pressure, Kim et al.' found that the direct interaction between the sulfur
atom in the sulfur compounds and the surface nickel plays an important role, indicat-
ing that the supported nickel adsorbent is good for the selective removal of the sulfur
compounds, which have no alkyl steric hindrance, from hydrocarbon streams.
However, the sorption affinity of the alkyl DBTs with alkyl groups at 4- and/or
6-positions is reduced due to the steric hindrance. The sorption selectivity of the
nickel-based sorbent for various compounds at room temperature increases in the
order of Nap = 1-MNap < 4,6-DMDBT < DBT < quinoline < indole, as shown in
Figure 5.14.'%

5.3.4.2 Metal Oxide Sorbents

Activated alumina has been used widely in chromatographic analysis and separation,
and adsorptive separation. In the investigation of desulfurization and denitrogenation
of light oils on the basis of adsorption of sulfur- and nitrogen-containing compounds
on methyl viologen-modified aluminosilicate (MV?**/AS) adsorbent, Shiraishi et al.
found that sulfur and nitrogen compounds were adsorbed on the surface of MV?*/
AS via the formation of a charge transfer (CT) complex with MV** by stirring
at room temperature and removed successfully from the oil.'""" However, desul-
furization of actual light oils failed. It was ascribed to the presence of aromatic
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Figure 5.14. Breakthrough curves of aromatic, sulfur, and nitrogen compounds over
Ni/Si0,-AL,0;.'%

hydrocarbons in the oils, which suppresses the adsorption of sulfur compounds. On
the contrary, it was found that adsorption of nitrogen compounds was hardly sup-
pressed, even in the presence of a large quantity of aromatics because of lower
ionization potential of the nitrogen compounds, explained by the authors. By employ-
ing the process, the nitrogen concentrations of actual light oils were decreased suc-
cessfully to less than 35% of the feed values.

In the study of adsorptive selectivity of an activated alumina for various com-
pounds, including sulfur compounds, nitrogen compounds, and aromatics over an
activated alumina in a fixed-bed adsorption system at ambient temperature and
atmosphere pressure, Kim et al.'** found that the activated alumina is very effective
for the selective separation of nitrogen compounds, especially for basic nitrogen
compounds, but not very successful for separating the thiophenic compounds from
aromatics. They found that the adsorptive selectivity over the activated alumina
increased in the order of Nap = 1-MNap < 4,6-DMDBT = DBT << indole < quino-
line, as shown in Figure 5.15. The results agree with the findings by Shiraishi
et al.'"®" In comparison with the molecular properties estimated by the quantum
chemical calculations, Kim et al.'* pointed out that the electrostatic effect and acid—
base interaction might play an important role in the adsorption of such compounds
on the activated alumina.

5.3.4.3 Zeolite-Based Adsorbents

Yong’s group studied the desulfurization of a commercial diesel fuel by different
adsorbents in a fixed-bed adsorber operated at ambient temperature and
pressure, 127141142143 They reported that the adsorbents tested for total sulfur adsorp-
tion capacity at breakthrough followed the order AC/Cu(I)-Y > Cu(l)-Y >
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Figure 5.15. Breakthrough curves of aromatic, sulfur, and nitrogen compounds over activated

alumina.'?

Selexsorb CDX (alumina) > CuCl/r-Al,0; > AC > Cu(I)-ZSM-5. The breakthrough
capacity of the best adsorbent, AC/Cu(I)-Y (layered bed of 15wt% AC followed
by, Cu(I)-Y), was 0.24 mmol/g (7.7 mg-S/g). The breakthrough capacity of Cu(I)-Y
was 0.17mmol/g (5.5mg-S/g). The added layer of AC significantly improved the
adsorption performance. According to the reported breakthrough curves for sulfur
compounds over Cu(I)-Y, selectivity of the adsorbent for the sulfur compounds
increases in the order of BT < DBT < 4-MDBT < 4,6-DMDBT, indicating that the
adsorption is not through the direct interaction between the sulfur atom and active
site, as expected by the authors. Unfortunately, no any selectivity data for mono-,
di-, and tricycle aromatics in comparison with the sulfur compounds was reported
by the authors.

Hernandez-Maldonado and coworkers also compared the desulfurization of
diesel fuel by m-complexation sorbents: Cu(I) and Ni(II) zeolites prepared by dif-
ferent ion exchanging methods."*® Their results showed that the 7-complexation
sorbents desulfurization performance decreases as follows: Cu(I)-Y(VPIE) >
Cu(I)-Y(LPIE-RT) > Ni(I)-Y(SSIE) > Ni(I)-X(LPIE) with the breakthrough
capacity of 0.278, 0.167, 0.158, and 0.143 mmol-S/g-A, respectively (or 8.9, 5.3,
5.1, and 4.6 mg-S/g-A, respectively; see Table 5.4).

In a study of selective adsorption of sulfur compounds and aromatic compounds
in a hexadecane on commercial zeolites, NaY, USy, HY, and 13X by adsorption at
55°C and flow calorimetry techniques at 30 °C, Ng et al. found that a linear correla-
tion between the heat of adsorption and the amount of S adsorbed for NaY.'®
Competitive adsorption using a mixture of anthracene, DBT, and quinoline indicates
that NaY selectively adsorbs quinoline, while anthracene and DBT have similar
affinity to NaY, indicating that NaY is difficult to adsorptively separate sulfur com-
pounds from aromatic hydrocarbons with the same number of the aromatic rings.
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Recently, Bhandari et al.'®® studied systematically the effects of coexisting
aromatics and moisture on the adsorptive desulfurization of diesel fuel over an
Ni(Il)-Y adsorbent, which was prepared by an LPIE method. Their results showed
that the breakthrough capacity of the Ni(I)-Y for a model diesel fuel containing
BT, DBT, and 4,6-DMDBT in n-octane was about 45.6 mg-S/g-A, while the break-
through capacity of the same adsorbent for a real diesel fuel with 186 ppmw sulfur
was only about 0.43 mg-S/g-A (see Table 5.4), more than 100 times less than that
for the model diesel fuel. The similar phenomenon was observed by Ma et al. for
the adsorptive desulfurization of a model gasoline and a real gasoline over Cu(I)-Y.*
The breakthrough capacity values of Ni(II)-Y and Cu(I)-Y reported respectively by
Ko et al.'"* and Ma et al.”® are over an order of magnitude less than the values
reported by Hernandez-Maldonado et al.'?'** for the desulfurization of real diesel
fuel. In order to explain significant different performance for model fuel and real
fuel, Ko et al.'"* further examined the effects of aromatics and moisture. It was found
that after adding 5v/v% benzene into the model fuel, the breakthrough capacity
dramatically decreased to about 0.75mg-S/g, 60 times less than that in the absence
of benzene in the feed. According to this finding, Ko et al.'®* attributed the decrease
in the breakthrough capacity for the real diesel fuel to the presence of high concen-
tration of aromatics in the commercial diesel fuel. Ko et al.'* also observed that the
presence of 5000 ppmw moisture (H,O) in the model fuel resulted in the decrease
of the breakthrough capacity from 45.6 to 14.7 mg-S/g. These data clearly indicate
that the presence of aromatics and moisture greatly reduces the desulfurization per-
formance of Ni(II)-Y significantly. Thus, the question becomes why adsorption
performance of Ni(II)-Y (or Cu(I)-Y) prepared from different laboratories is so
different. Is it because of the different composition of the tested real fuel (such as
different fuel additives), different property of the Ni(I)-Y (or Cu(I)-Y) prepared
by different groups or different test methods? In order to answer these questions,
further work is necessary, such as measurement and comparison of the adsorption
selectivity factors of Ni(I)-Y (or Cu(I)-Y) for the coexisting sulfur and aromatic
compounds using a designed model fuel.

5.3.4.4 AC Adsorbents

AC materials as porous materials with very high surface areas and large pore volume
have been widely used in deodorization, decolorization, purification of drinking
water, treatment of wastewater, and adsorption and separation of various organic
and inorganic chemicals. Recently, some carbon materials have been reported for
adsorptive desulfurization of liquid hydrocarbon fuels.

Sano and coworkers reported an interesting work on adsorptive desulfurization
of real gas oil over AC with surface area from 683 to 2972 m%/g.'*® They found that
using the AC materials can remove sulfur and nitrogen species from gas oil and the
AC materials with the larger surface area and higher surface polarity have
the better adsorptive performance. They also found that the adsorption pretreatment
of gas oil over the AC material significantly improved the HDS performance of the
gas oil.
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Hernandez-Maldonado and Yang® and Hernandez-Maldonado etal.** reported
that using the AC or activated alumina as an adsorbent in a guard bed can improve
the adsorptive performance of Cu(I)-Y zeolites. Haji and Erkey'® reported using
carbon aerogels as adsorbents for desulfurization of a model diesel (DBT in n-
hexadecane). They found that the saturation adsorptive capacity of a carbon aerogel
with pore size of 22 nm was 15 mg-S/g-A and the carbon aerogel selectively adsorbed
DBT over naphthalene. In order to develop new adsorbents with high selectivity and
high capacity, to modify the commercially available adsorbents, or to design a
layered adsorbent bed for a practical application in ultradeep desulfurization, it is
critical to fundamentally understand the adsorptive mechanism and selectivity for
various species over different adsorbents.

In a study of adsorptive removal of DBT from heptane over ACs, Jiang et al.
found that the AC modified by the concentrated H,SO, at 250 °C has much higher
adsorption capacities for DBT than the unmodified AC.'” They ascribed it to the
increase of mesopores volume in AC by the H,SO, treatment.

Ania and Bandosz'® evaluated the performance of various ACs obtained from
different carbon precursors as adsorbents for the desulfurization of liquid hydro-
carbon fuels. According to their results, they concluded that the volume of micro-
pores governs the amount physisorbed and mesopores control the kinetics of the
process. They also found that introduction of surface functional groups enhances the
performance of the ACs as a result of specific interactions between the acidic centers
of the carbon and the basic structure of DBT molecule.

In order to understand further the adsorptive selectivity and mechanism of sulfur
compounds over AC, the adsorptive desulfurization of a model diesel fuel containing
the same molar concentration of Nap, 1-MNap, DBT, 4,6-DMDBT, quinoline, and
indole over AC at room temperature in flowing adsorption system was studied by
Kim et al.'” They found that the AC shows the highest adsorptive capacity and
selectivity for sulfur compounds, especially for the sulfur compounds with methyl
groups, such as 4,6-DMDBT. The adsorption selectivity increases in the order of
Nap < 1-MNap < DBT < 4,6-DMDBT < quinoline < indole, as shown in Figure
5.16. The adsorptive selectivity trend for the sulfur compounds is quite different
from that over the nickel-based adsorbent and the activated alumina. The high
adsorption capacity and selectivity of the ACs for the alkyl DBTs with alkyl groups
at 4- and/or 6-positions of DBTs, the refractory, and major sulfur compounds in
commercial diesel indicate that the ACs are promising adsorbents for deep desul-
furization of diesel fuel.

By characterization of the tested ACs and correlation with their adsorption
performance, Zhou et al. found that the oxygen-containing functional groups on the
surface play an important role in adsorptive desulfurization over the AC.'"** They
found further that increasing the oxygen-containing functional groups on the surface
appears to increase the sulfur adsorption capacity. Their results show that the adsorp-
tion of sulfur compounds on the carbon materials obeys the Langmuir adsorption
isotherm and the adsorption equilibrium constant and the adsorption site density on
the surface are quite different for different ACs, and the regenerability of the spent
AC:s is related to the surface affinity and textural properties.
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Figure 5.16. Breakthrough curves of aromatic, sulfur, and nitrogen compounds over activated

carbon.'?

As shown above, since the different adsorbents may be suitable for separating
different sulfur compounds from different hydrocarbon streams and some coexisting
species, such as polyaromatic hydrocarbons and moisture, in hydrocarbon streams
might inhibit the adsorption of sulfur compounds on the sorbent, a combination of
two or more sorbents in an adsorptive desulfurization process might be more effi-
cient for a practical ultradeep desulfurization process.

In developing a successful adsorption process for removing sulfur from hydro-
carbon fuels, the major challenge is to develop an efficient adsorbent that has higher
capacity and selectivity for sulfur compounds and is easy for regeneration. Recently,
Mesoscopic Device has developed a new fuel desulfurizer based on adsorption and
adsorbent regeneration that promise to continuously treat fuels in an efficient,
compact, and portable system.'® This process allows a dramatic reduction in the
amount of required sorbent by making more efficient use of the available sorbent
through continuous regeneration. The process makes it possible and practical to use
some sorbents with excellent selectivity and stability, but often rejected due to their
low capacity, for deep desulfurization of hydrocarbon fuels.

5.4 POST-REFORMER DESULFURIZATION:
H.S SORPTION

If the predesulfurization does not remove all the sulfur compounds in the reforming
feed, the remaining sulfur compounds will be converted into H,S after reforming.
Even if some reforming catalysts are able to tolerate the sulfur in the reforming
feedstock, the produced H,S still need to be removed from the reformate, as the H,S
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poisons the downstream catalysts and materials, such as water-gas shift catalysts,
Prox catalysts, anode catalysts, and even hydrogen separation membrane. Conse-
quently, in many cases, it is necessary to have a post-reformer desulfurization
process to reduce H,S in reformate to less than 20ppb, especially for PEMFC
applications.

5.4.1 H,S Sorbents

Candidate sorbents should meet several requirements to be considered for commer-
cial gas desulfurization. The most important feature is that it should be theoretically
capable of decreasing gas-phase sulfur concentrations to the low levels required by
downstream processes under the relevant conditions. In addition, the absorbent must
have acceptable sulfur capacity (in terms of both theoretical value and achievable
range), preferably be regenerable, and maintain activity and capacity through a large
number of sulfidation/regeneration cycles. The sorbent should also be nonpyrophoric
for fuel cell applications.*'” Finally, the cost of the sorbent must be reasonable.

According to the working temperatures, the H,S sorbents can be divided into
three groups: high temperature: >600 °C, medium temperature: 300-500 °C, and low
temperature: <100 °C. The metal oxides suitable for high temperature desulfurization
are usually used for the desulfurization for coal gasification gas. Many of these metal
oxides were studied and evaluated by Westmoreland and Harrison'"* and Hepworth
etal.'™

Relatively less attention has been given to the desulfurization of steam-contain-
ing gas mixtures with low H,S at medium temperature suitable for desulfurization
of reformate from the reforming, where the temperature of the fuel gas at the outlet
of the steam reforming is about 700 °C and at the inlet of high-temperature water-gas
shift (HTWGA) is about 400 °C.

Medium-temperature H,S sorption is efficient on hydrated iron oxide; however,
it has been replaced by zinc oxide (ZnO) for environmental and safety reasons.'”"!'"?
ZnO is a promising material because it can provide a desirable level of H,S
removal.'”*!'™ What is also very important is that ZnO is nonpyrophoric, even after
use in a reducing atmosphere at 350-450 °C. Manganese oxide (MnO) is also stable
in a reducing atmosphere at 400 °C. The main drawback of manganese-based absor-
bents is higher outlet H,S concentrations. The fuel gas that contains 5vol % H,O
and 1vol % H,S (10,000 ppmv) can be desulfurized at 727 °C to 57 ppmv H,S with
MnO and to 6 ppmv H,S with ZnO.'” Therefore, ZnO might be a unique oxide that
can respond to many requirements of processing and safety.

ZnO has been widely used for more than 30 years as an H,S removal agent from
natural gas.'’® The achieved dynamic capacity was 22-24wt% (370°C, 400h™),
with a maximum possible sulfur loading of 33 wt %, which corresponds to the com-
plete conversion of ZnO to ZnS. If the concentration of sulfur in the feed gas is very
small, then on-site regeneration is not necessary for some applications. For such
cases, upon breakthrough, the absorbent bed is replaced with a fresh batch of ZnO
and then sulfur removal continues. From this point of view, the use of ZnO as a
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polishing bed is desirable. One of the main challenges for using ZnO as a polishing
bed for the post desulfurization is that it must be effective for deep desulfurization
in the presence of H,0, CO, and CO, in the reformate. The gas that originates from
the steam reformer or autothermal reformer contains a high steam concentration (up
to 35vol %), low H,S concentration (<10 ppmv in reformate, 1-2ppmv in the case
of natural gas), up to 12vol % of CO and about 10vol % of CO..

Novochinskii et al. prepared a unique modified ZnO sample with a different
morphology and comparatively studied its adsorption performance with a commer-
cially available ZnO sample under various conditions.'”'”® Extremely low H,S
outlet concentration (as low as 20 ppbv) was observed over the modified ZnO sample
for extended periods of times. They found that the kinetic sulfur-trap capacity (the
amount of H,S trapped before breakthrough) is also dependent on space velocity,
temperature, steam concentration, CO, concentration, and particle size. Higher
capacity is observed at higher H,S inlet concentration of 8 ppmv, compared with
lower inlet concentrations of 1-4 ppmv. The trap capacity decreases monotonically
as the temperature increases. Steam (H,O) in the reformate inhibits the capture of
H,S by ZnO. The dynamic capacity of the ZnO sorbent at 300°C and SV = 8775h™"
for a model gas containing 8 ppmv H,S, 43vol % H,, 12vol % CO, (based on dry
flow), 20vol % H,O with the balance being N, was 1.23 mg-S/g-ZnO. For the first
time, Novochinskii et al.'”"'”® conducted an experimental study on H,S capture from
steam-containing gas mixtures with low H,S concentrations using washcoated
monolith absorbents for fuel cell applications.'”'”® The monolith provides much
higher dynamic capacity (the amount of H,S trapped before breakthrough) under the
same conditions and the ZnO-based monolith demonstrated the best performance.
An extremely low H,S outlet concentration (less than 20 ppbv) was observed over
Zn0O-based monolith samples for extended periods of time, under various conditions
relevant for the desulfurization of gas products from the autothermal reforming of
hydrocarbon fuels for a PEMFC. The capacity of the H,S trap is dependent on the
monolith characteristics (active component loading per cubic inch and the number
of cells per square inch) and operating conditions, including inlet H,S concentration,
space velocity, and temperature. The breakthrough curves for H,S capture over a
washcoated ZnO monolith and 3-mm ZnO-based extrudates are shown in Figure
5.17.""® For a feed containing 8 ppmv H,S, 34vol% H,, and 13vol% H,O with
balance of N,, the dynamic capacity increased from 0.47 mg-S/g-ZnO for the 3-mm
extrudates (400°C; SV = 8775h™) to 35mg-S/g-ZnO for the monolith (400°C;
SV = 11,000h™) that was washcoated with the same type of Engelhard ZnO, which
was modified by ammonium carbonate pretreatment.'” Despite the higher space
velocity for the test with the washcoated monolith, the dynamic capacity increased
by 75 times, indicating that the dynamic factor and support play a very important
role in the practical desulfurization over ZnO.

Ikenaga et al. developed a zinc ferrite (ZnFe,0,) sorbent in the presence of
carbon materials such as AC, activated carbon fiber (ACF), and Yallourn coal (YL)
for removing H,S in coal gasification.'” They found that carbon material-supported
ZnFe,0, (ZnFe,0,/AC) exhibited larger desulfurization capacity for H,S than unsup-
ported ferrites. These sorbents could efficiently remove H,S from 4000 ppm levels
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Figure 5.17. Performance of a washcoated ZnO monolith and 3-mm ZnO-based extrudates for H,S
capture. Conditions: 400 °C, 8 ppmv H,S, 34.4% H,, and 13% H,O, with the balance being N,. The
3-mm extrudates were tested at a space velocity (SV) of 8775h™", and the monolith (400cpsi) with a
ZnO loading of 1.07 g/in.* was tested at an SV of 11,000h~".'"

in a simulated coal gasification gas to less than 1ppm at 500°C. The absorption
capacity of H,S with ZnFe,0,/AC, ZnFe,0,/ACF, and ZnFe,0,/YL exhibited nearly
100% of stoichiometric amount of loaded metal species. They also reported that the
spent sorbents could be regenerated by an air oxidation in O,/air (50 vol %) at 450 °C
for 30 min. The regenerated ferrite can be used for repeated absorption of H,S with
a slight decrease in the absorption capacity. But, how the structure of the carbon
support can be prevented in the oxidation regeneration in the presence of O, at
450°C is unclear.

It has been proven that Zn-containing metal oxides and some other metal oxides
have higher sorption capacity for H,S at high temperature. However, it was found
that the sorption desulfurization performance of these metal oxides are quickly
degraded within the sorption-regeneration cycles, because the notable structural
changes occur during the transformation from the oxidized sorbent to the sulfided
sorbent in sorption and from the sulfided sorbent back to the oxidized sorbent in
regeneration. The pool regenerability of these metal oxides has limited their wide
application in hot gas desulfurization. Recently, Flytzani-Stephanopoulos et al.'®
reported the regenerative adsorption and removal of H,S from hot fuel gas streams
(800°C) by rare earth oxides. The idea is only use of the surface of the sorbent in
sulfidation and regeneration of sorbent upon saturation. By using very high space
velocities or short contact times of the gas with the sorbent in regeneration, bulk
sulfidation and regeneration of the sorbent with its attendant structure complexities
are prevented. Their experimental data indicate that the prepared rare earth oxides
were stable in the sorption—regeneration cycle. However, the sorption capacity at
breakthrough 1 ppm of H,S was only around 1.0 mg-S/g, as the sorption only occurred
at the surface.
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Recently, significant attention has also been paid to the low temperature adsorp-
tion of H,S. Polychronopoulou et al.'"®! reported their study in H,S adsorption from
a gas mixture containing 0.06vol % H,S, 25vol% H,, 7.5vol% CO,, and 1vol %
H,O0 in the 25-100°C range over various Zn—Ti-based mixed metal oxides prepared
by the sol-gel method. They found that the nominal chemical composition (metal
atomic %) of the solid adsorbent have an important effect on the number, chemical
composition, and particle morphology of the crystal phases formed. The mixed metal
oxides with compositions 20Zn—-80Ti—O and 40Zn—60Ti—O presented higher H,S
uptakes than ZnO and TiO, solids, which were also prepared by the sol-gel method.
In addition, they found that the Zn-Ti—O mixed metal oxides showed higher H,S
uptakes after regeneration with 20% O,/He in the 500-750°C range compared
with the ZnO and TiO, solids. The 10Mn—45Zn-45Ti—O solid results in higher
H,S uptakes than a commercial Ni-based H,S adsorbent in the 25-50 °C range. They
also found that the effectiveness of the regeneration procedure of the 10Mn—45Zn—
45Ti—O solid following was in the 45%—170% range depending on the sulfidation
temperature and regeneration conditions applied. The solid with composition
10Cu—45Zn—45Ti—O calcined at 200 °C (after synthesis) exhibited three times higher
H,S uptakes at 25°C than a commercial Ni-based adsorbent, but result was not
obtained at higher calcination temperatures.

Very recently, a novel nanoporous H,S adsorbent that was prepared by loading
polyethylenimine (PEI) into the mesoporous molecular sieve MCM-41 was devel-
oped by Xu et al."® for removing H,S from a gas mixture at low temperature. They
thought that the reasons for loading the PEI into the channels of the mesoporous
molecular sieve MCM-41 were twofold. First, because the pore size of the mesopo-
rous molecular sieve MCM-41 is less than 3nm, PEI nanoparticles can be formed
in the channels of MCM-41 that are accessible to gas molecules. The PEI in MCM-
41 is expected to show a higher adsorption efficiency for H,S than the bulk PEI
particles. On the other hand, because the mesoporous MCM-41 also acts as a separa-
tion medium for the PEI nanoparticles, such nanoparticles are not likely to aggregate
in the application process and therefore retain the desired properties that result from
nanoparticles. They found that the prepared MCM-41-PEI was able to reduce the
H,S in a hydrogen gas to less than 0.05 ppmv and its adsorption performance was
better than that of a commercial ZnO. Another potential advantage of this adsorbent
is that the spent adsorbent might be easy for regeneration at low temperature without
using hydrogen gas.

5.4.2 H.,S Adsorption Thermodynamics

How low a sorbent is able to reduce the H,S level in the reformate depends theoreti-
cally on the thermodynamic property of the sorbent, composition of the reformate,
and the adsorption conditions. As well known, the reformate contains not only H,
and H,S, but also H,0, CO, and CO,. These coexisting compounds might influence
the desulfurization over the metal oxide sorbents via the following reactions:

ZnO(s)+H,S(g) <> ZnS(s)+H,0(g) AHy =-78.9 kJ/mol, (5.6)
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CO+H,S <> COS+H, AH?=-10.9kJ/mol, (5.7)
CO, +H,S <> COS+H,0 AH? =30.3 kJ/mol. (5.8)

A study in thermodynamic comparison of several sorbent systems for hot coal-
derived fuel-gas desulfurization at high temperature (>800 °C) and higher concentra-
tion (H,S > 800 ppm or COS > 800 ppm) was conducted and reported by Hepworth
et al."* Not much attention has been given to the thermodynamic investigation in
the H,S removal by metal oxide materials at the medium temperature range and low
H,S concentration in the presence of H,O, CO, and/or CO, with their concentrations
similar to those in the reformate, although it is critical. Novochinskii et al. did the
thermodynamic investigation for the H,S removal over ZnO at a temperature range
from 100 to 700°C based on Equation 5.6."”"'7® It was found that the presence of
H,O significantly restrained the desulfurization performance of the ZnO sorbent for
a model fuel containing 1.2ppmv H,S, 34.4vol% H,, and 20vol % H,O with the
balance N, because of a shift in the equilibrium of Equation 5.6 toward reactants
7ZnO and H,S.

The calculated equilibrium H,S concentration at a temperature range from 0 to
900°C in ZnO-ZnS-H,0-H,S system in the presence of different concentration of
H,O(g) are shown in Figure 5.18.'® It is clear that the low temperature is favor for
decreasing the equilibrium H,S concentration, as the reaction is exothermic. The
presence of H,O(g) has a significant effect on the equilibrium H,S concentration. At
600 °C, when H,0(g) concentration increases from 0.1 to 20vol %, the correspond-
ing equilibrium H,S concentration increases significantly from 3.7 x 10~ ppbv to
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Figure 5.18. The calculated equilibrium H,S concentration at a temperature range from 0 to
900°C for ZnO + H,S <> ZnS + H,0 reaction in the presence of different concentrations of H,O(g)."®
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Figure 5.19. The calculated equilibrium H,S concentration at a temperature range from 0 to 900 °C

for reaction MeO + H,S <> MeS + H,0 in the presence of 20vol % H,O(g) for different metal

oxides.'®

7.4 ppbv. It indicates that H,O strongly inhibits the degree of the desulfurization,
and at 600 °C in the presence of 20 vol % H,0(g), ZnO is unable thermodynamically
to remove H,S from H, gas to less than 7.4 ppbv.

The calculated equilibrium H,S concentration at a temperature range from 0
to 900°C in MeO-MeS-H,0-H,S system in the presence of 20vol % H,O(g) for
different metal oxides are shown in Figure 5.19."®% The results show that the
thermodynamic property of different metal oxides is quite different. The equilib-
rium H,S concentration in the systems decreases in the order of MoO, > MnO
> CaO > ZnO > BaO > CuO > Ag,0. The results show that BaO, CuO, and Ag,O
are able to reduce H,S to less than 0.1 ppbv at 400 °C in the presence of 20vol %
H,0O(g), indicating that BaO, CuO, and Ag,O are even thermodynamically better
than ZnO for removing H,S from H, gas. These thermodynamic calculations are
in agreement with the previous experimental results of the effects of H,O(g) and
temperature observed by Novochinskii et al.'”"'”® and the different desulfurization
performance of ZnO and MnO reported by Turkdogan.'” The results imply that
the thermodynamic property of the sorbents plays an important role in the desul-
furization of the reformate, especially when the target sulfur level is less than
20ppbv.

The coexisting CO and CO, in the reformate might also influence the desulfur-
ization performance of metal oxide-based materials. Novochinskii et al. found that
the coexisting CO, reduces the kinetic capacity of ZnO."”"'”® They contributed it to
competitive adsorption between H,S and CO, in the presence of steam. Another
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Figure 5.20. The equilibrium COS/H,S molar ratio as a function of temperature at different H,O
concentrations for CO, + H,S =« COS + H,0, assuming that CO, concentration is 20 vol %.'*}

possibility might be that the H,S reacts with the coexisting CO, to form COS and
H,O as shown in Equation 5.8. The equilibrium COS/H,S molar ratio as a function
of temperature at different H,O concentration is shown in Figure 5.20, which is
calculated on the basis of Equation 5.8." It is clear that the high temperature favors
the increase of the equilibrium COS/H,S molar ratio and the presence of H,O
represses the formation of COS. The equilibrium COS/H,S molar ratio is about 11
at 400 °C in the presence of 100 ppmv H,O. Consequently, the effect of H,O on H,S
removal from the reformate might be complicated.

H,S in the reformate might also react with the coexisting CO to form COS
as shown in Equation 5.7. The equilibrium COS/H,S molar ratio as a function of
temperature at different CO concentrations is shown in Figure 5.21, which was
calculated on the basis of Equation 5.7 and assuming that H, concentration is
50vol%.'"® On the contrary, low temperature favors the formation of COS in this
reaction.

The thermodynamic calculations on the basis of Equations 5.6-5.8 indicate that
ZnO might be unable to reduce the sulfur in the reformate to the level for PEMFC
applications when the fuel gas contains a large amount of H,O, CO, and CO, due
to the thermodynamic factor. ZnO is not efficient for removing COS. It needs to
catch more close attention to the effects of the coexisting H,O, CO, and CO, on the
H,S removal from the reformate in the design of a post-desulfurization process in a
hydrocarbon fuel processor, especially at high temperature.
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0.12
—-CO, 10%
0.10 ~-CO, 5%
—+-CO0O, 1%

0 200 400 600 800 1000
T (°C)

Figure 5.21. The equilibrium COS/H,S molar ratio as a function of temperature at different CO
183

concentrations for reaction CO + H,S —« COS + H,, assuming H, concentration is 50 vol %.

5.5 DESULFURIZATION OF COAL
GASIFICATION GAS

Among fossil fuels, coal is the most abundant fossil fuel and could meet the human
need for more than 200 years from now. In the U.S., coal is also our nation’s most
abundant domestic fossil fuel resource, about 5800 quadrillion BTUs.'® Conse-
quently, coal is the most prospective resource for mass hydrogen production in the
21st century. For near- to midterm applications, hydrogen production from coal is
expected to be the most economical pathway until other resources, such as renewable
sources, become available to produce hydrogen in large scale at lower costs.'™

The production of synthesis gas and hydrogen from coal is usually through a
gasification process. Figure 5.22 shows the simple scheme of the U.S. Department
of Energy (DOE) coal gasification power plant.'"® The heart of gasification-based
systems is the gasifier. A gasifier converts hydrocarbon feedstock into syngas by
applying heat under pressure in the presence of steam. Syngas is primarily hydrogen,
carbon monoxide, and other gaseous constituents, the proportions of which can vary
depending upon the conditions in the gasifier and the type of feedstock.

Since coal contains heteroatoms other than carbon and hydrogen, the gasification
of coal will always produce undesired and even harmful impurities as an intrinsic
issue. Table 5.6 shows the typical composition of coal gasification gas. The sulfur
content in the raw coal gasification gas can be up to 1 vol % or even more, depending
on the source and gasification process. The major sulfur compounds in raw coal
gasification gas are hydrogen sulfide (H,S) and carbonyl sulfide.’ In order to meet
the power plant environmental requirements (SO,, NO,, and particulate emissions),
turbine protection specifications and/or other requirements for different end-use
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Table 5.6. Typical Gasifier Gas Composition

Gas Concentration (vol %)
(6(0) 30-60

H, 25-30

CO, 5-15

H,O 2-30

CH, 0-5

N, 0.5-4

Ar 0.2-1

H,S 0.2-1

COS 0-0.1

HCN + NH; 0-0.3

HCl 50-400 ppmv

187

Table 5.7. Fuel Gas Requirements

Contaminant Solid Oxide PEMFC Gas Turbine
Fuel Cell
Total sulfur (H,S, COS, 60 ppbv 10ppbv 760 ppmv fuel gas
etc.) - - 20 ppmv for selective
catalytic reduction (SCR)
Total halides (Ci, F, Br) 100 ppbv Not available Sppmv fuel gas

Total fuel nitrogen Not available
(NH;, HCN) -

Total alkali metals (Na,
K, Li vapor, and solid
phases)

Fuel-bound nitrogen
200—400 ppmv
100 ppbv fuel gas

1 ppmv NH;

Not available Not available

Volatile metals (V, Ni, Sppbv As Not available 20 ppbw Pb
Fe, Pb, Ca, Ba, Mn, P) 0.2ppmv Se - 10ppbw V

30ppbv Cd - 40 ppbw Ca

- - 40 ppbw Mg

Particulates

Not available

Not available

0.1-0.5 ppm fuel gas

1’184

applications, such as synthesis of hydrocarbon fuels, SOFC, and PEM fuel cel
sulfur content in the raw syngas needs to be removed. For the Integrated Gasification
Combined Cycle (IGCC) clean syngas, the total sulfur content has to be removed to
5-25 ppmv for the synthesis of diesel and gas to liquid (GTL) and to 0.1-15 ppmv for
methanol.'®® Recently, the DOE has previously defined maximum fuel contaminant
specifications for components of the integrated energy plants. For gas turbine appli-
cation, the total sulfur content in the fuel gas needs to be reduced to less than
750 ppmyv, for SOFC application to less than 60 ppbv, and for PEMFC application
even to less than 10ppbv. The fuel gas requirements for the different applications



5.5 Desulfurization of Coal Gasification Gas 275

are listed in Table 5.7 in detail."®” One of the major challenges in the production of
hydrogen and synthesis gas from coal is to remove sulfur and other impure gases
from the raw coal gasification gas efficiently.

The major techniques and methods for removal acid gases, including H,S, COS,
and CO,, from the raw coal gasification gas include (a) the absorption by chemical
and/or physical solvents, (b) sorption by metals or metal oxides, and (c) membrane
separation. The techniques and methods for sulfur removal from the raw coal gas-
ification gas and other streams by solvent absorption at low temperature and by
sorption at high or mild temperature were reviewed in detail by Mahin Rameshni,'®*
Korens et al.,'"” Newby et al.,'” and Uhde,"* respectively.

5.5.1 Absorption by Solvents

Table 5.8 gives a partial list of gasification installation with the year of start-up,
feedstock, acid gas removal process employed, and applications.'® The major dem-
onstration and commercial [IGCC and/or cogeneration projects are included as well
as many projects producing or coproducing hydrogen, ammonia, Fischer—Tropsch
liquids, and chemicals. According to the properties of the used solvents, the absorp-
tion processes for the acid gas removal can be further separated into chemical solvent
processes, physical solvent processes, and hydride solvent processes. The names and
structures of major chemical and physical solvents with some physical properties as
well as the process, in which the solvent was used, are shown in Table 5.9.

In general, a solvent applied in absorption desulfurizaton should satisfy the
following important characteristics:

* sufficient sulfur solubility or absorption capacity,

* higher selectivity for sulfur compounds,

* ability to be regenerated and recycled,

* no irreversible reactions with precipitated sulfur,

¢ Jow reaction heat or solution heat,

* stability under conditions,

* low vapor pressure,

e no or low corrosion,

* ability to separate from water,

* suitable viscosity, and

* simple recovery of the absorbed sulfur.

5.5.1.1 Absorption by Chemical Solvents

The chemical solvents are predominantly the amine-based solvents, which can be
classified further into three subgroups: (a) the primary amines, including monoetha-
nolamine (MEA) and diethylene glycolamine (DGA); (b) the secondary amines,
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5.5 Desulfurization of Coal Gasification Gas 281
including diethanolamine'* and diisopropanolamine (DIPA); and (c) the tertiary
amines, including triethanolamine (TEA) and methyldiethanolamine (MDEA). The
absorption is based on the following chemical reactions:

RNH, + H,S <> RNH, ---H---SH,
R,NH + H,S <> R,NH---H---SH,
R;N+H,S <> RyN---H--SH,
RNH, + CO, <> RNH, ---CO,,
R,NH +CO, <> R,NH---CO,,
R;N+CO, <> RyN---CO,.

Since the primary and secondary amines are the stronger base than the tertiary
amines, the reaction heat for the primary and secondary amines are higher, leading
to higher energy consumption in the regeneration. The primary and secondary
amines are also easier to react with some other acid gases to form the heat-stable
amine salts (HSAS), resulting in the degradation of the solvent in the cycles. Con-
sequently, the tertiary amine solvents are preferred in the amine scrubbing processes.
As a result, MDEA-based acid gas removal has been the predominant process for
IGCC application up to the late 1990s and it continues to be selected for new pro-
jects.'® Ten of the projects in Table 5.8, including eight IGCC/cogeneration projects,
employ MDEA. Figure 5.23 shows a typical acid gas removal process using amine
solvents.'® Commercial MDEA formulations (i.e., with proprietary additives) have
been developed, which are claimed to offer a much enhanced selectivity for H,S
than the case for generic MDEA. UCARSOL is the trade name for a series of for-
mulated amine solvents originally developed by Union Carbide and offered by UOP
as a licensed package.'® More than 500 units of the version called the Amine Guard
FS Process have been installed worldwide, mostly treating natural gas, ammonia
syngas, and hydrogen streams. '’

The significant advantages of MDEA solvent are:

* higher absorption selectivity for H,S and CO,, as the absorption affinity is
based on the acid-base interaction;

Purified gas Acid gas

Lean solvent

Absorber Regenerator

Sour gas Steam

Rich solvent

Reboiler

Figure 5.23. Flow diagram of typical amine acid gas removal process."’
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e higher capacity at the lower concentration of H,S;

* less corrosive than the primary and secondary amines, thus allowing a higher
MDEA solvent content;

¢ higher concentration of H,S from the regenerator, which allows the use of a
conventional Claus sulfur recovery process; and

e higher stability of MDEA solvent than other primary and secondary amine
solvents.

The major problems in the current liquid amine scrubbing process are the
following:

e The liquid amine solution is corrosive to the equipment.

* The reaction with stronger acidic gases (pKa < 6) leads to the HSAS or inor-
ganic salts, which are difficultly regenerated at stripper conditions, resulting
in degradation of the amine solvents.

* It is hard to remove sulfur to the level for the fuel cell applications, especially
in the presence of appreciable quantities of COS.

e Liquid amines have higher heat of reaction in comparison with the heat of
solution of the physical solvent.

e Liquid amines have lower vapor pressure and the solvent loss is serious in
the regeneration.

For synthesis gases that contain appreciable quantities of COS, prior removal
of the COS is usually required. A catalytic hydrolysis unit is usually employed ahead
of the MDEA unit in these cases, as was done both at the Wabash River and Tampa
Electric gasification plants.'® MDEA reacts more strongly with CO, than H,S. If
the removal of CO, is not required, the presence of CO, in the gas reduces greatly
the absorption performance of MDEA for H,S removal. If the removal of both H,S
and CO, is the case, the amine scrubbing is preferred. The kinetics of the CO, reac-
tion with MDEA can be improved by various additives (activators), which allows
for reasonable absorber sizes and solvent circulation rates. Among some of the addi-
tives that have been used are MEA, DEA, and DGA (diglycolamine).'*> BASF has
used piperazine in its activated MDEA formulations. Piperazine, even at low levels
(about 5%) enhances the rate of CO, absorption an order of magnitude over non-
activated MDEA.'”

In order to solve the degradation problem of the amine solvents, ExxonMobil
developed the Flexsorb SE process, which is based on a family of proprietary
sterically hindered amines (SHAs) in aqueous solutions or other physical solvents.
The Flexsorb SHAs are secondary amines that have a large hydrocarbon group
attached to the nitrogen group. The large molecular structure hinders the CO,
approach to the amine. The larger the structure, the more difficult it becomes for
the CO, to get close to the amine. They also appear to be unstable to the carba-
mate form of product and revert easily to the carbonate form found in the tertiary
amines.'”
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5.5.1.2 Absorption by Physical Solvents

Two of the currently most widely used physical solvent processes for IGCC synthe-
sis gases are Selexol and Rectisol. The Selexol process solvent is polyalkylene glycol
dimethyl ether (PGDE), while the Rectisol solvent is methanol. Other physical
solvent processes are also offered for license, but are less frequently used commer-
cially. In recent IGCC projects, where physical solvents have been specified for acid
gas removal, either the Selexol or the Rectisol processes have been chosen. At least
20 operating commercial gasification plants worldwide use either the Selexol or the
Rectisol process for acid gas treating.'®

5.5.1.2.1 Selexol Solvent and Process. The Selexol process solvent is
a mixture of dimethyl ethers of polyethylene glycol and has the formulation
CHj;(CH,CH,0),CH3, where n is between 3 and 10. There are other process suppli-
ers using the same solvent as the Selexol process. For example, Clariant GmbH of
Germany offers a family of dialkyl ethers of polyethylene glycol. The Clariant sol-
vents, under the Genosorb name, include dimethyl ether as well as dibutyl ether of
polyethylene glycols. The first mentioned Clariant solvent is the same as that used
in the Selexol process.'® The relative solubilities of various gasses in Selexol solvent
are listed in Table 5.10,"* indicating that Selexol solvent has a much higher absorp-
tion selectivity for HCN, mercaptans, H,S, and COS than for CO,. A typical Selexol
processing scheme is shown in Figure 5.24.'%
The principal benefits of Selexol solvent/process are:

* high selectivity for H,S and COS over COy;

* high loadings at high acid gas partial pressures;

» removal of not only H,S and COS, but also other trace contaminants, includ-
ing CS,, mercaptans, chlorinated hydrocarbons, BTEX (benzene, toluene,
ethylbenzene, and xylene), HCN, NHj;, and others;

* no chemical reaction, no degradation, and higher thermal and chemical stabil-
ity than the chemical solvents;

* easily reclaimed and has low heat requirements in the regeneration because
most of the solvent can be regenerated by a simple pressure letdown, leading
to high energy efficiency in the process;

* low vapor pressure, resulting in low solvent losses;

* thermally and chemically stable,

* nonfouling; and

* can use air stripping.

As a result, Selexol solvent/process has been used widely in the cleanup of
natural gas, landfill/biogas, and synthesis (gasification) gas. The Selexol solvent/
process can be configured in various ways, depending on the requirements for the
level of H,S/CO, selectivity, the depth of sulfur removal, the need for bulk CO,
removal, and whether the gas needs to be dehydrated.
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Table 5.10. Relative Solubilities of Various Gases in
Selexol Solvent'**

Component R = K'CH/K’ component
H, 0.2
N, 0.3
(6(0) 0.43
CH, 1
C,Hg 7.2
CO, 15.2
C;Hg 15.4
i-C,Hyo 28
n-C4Hiq 36
COS 35
i-CsHy, 68
C.H, 68
NH; 73
n-CsHy, 83
H,S 134
CeH,, 167
CH;SH 340
C;Hy 360
CS, 360
C,H;C1 400
SO, 1400
CeHs 3800
C,HsOH 3900
CH,Cl, 5000
CH,Cl, 5000
C,H,S 8200
H,O 11,000
HCN 19,000

Where selective H,S removal is required, together with deep CO, removal, two
absorption and regeneration columns may be required essentially in a two-stage
process, as illustrated in Figure 5.25." H,S is selectively removed in the first column
by a lean solvent that has been deeply stripped with steam, while CO, is removed,
from the now H,S-free gas, in the second absorber. The second-stage solvent can
be regenerated with air or nitrogen if very deep CO, removal is required.'”

The limitations of Selexol solvent/process are shown below:

 coabsorption of hydrocarbons, which results in hydrocarbon losses in the
process;
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Figure 5.24. Flow diagram of typical Selexol processing scheme.'®
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Figure 5.25. Flow diagram of a two-stage Selexol process for acid gas removal from coal-derived
synthesis gas.'”

* refrigeration often required for lean solution, adding complexity and cost; and

* absorption at high pressure is preferred for the high absorption capacity.

5.5.1.2.2 Rectisol Solvent and Process. The Rectisol process, developed
by Lurgi GmbH, is the most widely used physical solvent gas treating process in
the world. More than 100 Rectisol units are in operation or under construction
worldwide.'® As shown in Table 5.8, its most prevalent application is for deep sulfur
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Figure 5.26. Absorption coefficient ¢ of various gases in methanol (partial pressure: 1bar).'”

removal from synthesis gases that subsequently undergo catalytic conversion to such
products as ammonia, hydrogen, and Fischer—Tropsch liquids.

The Rectisol process uses chilled methanol at a temperature of about —40 °C to
—62 °C. Figure 5.26 shows the absorption coefficient ¢ of various gases in methanol
as a function of temperature. Methanol’s selectivity for various gases increases in
the order of H, < N, < CO < CH, << CO, << COS < H,S. The selectivity for H,S
over CO, at these temperatures is about 6/ 1, a little lower than that of Selexol at
its usual operating temperature. However, the solubilities of H,S and COS in metha-
nol, at typical process operating temperatures, are higher than that in Selexol, which
allows for very deep sulfur removal (<0.1 ppmv H,S plus COS). HCN, NHj, iron
and nickel carbonyls, and some other impure gases also have high solubility in
methanol.

There are many possible process configurations for Rectisol, depending on
process requirements. Different process layouts are used for selective H,S removal,
deep CO, removal, and for deep nonselective CO, and H,S removal.'® Figure 5.27,
shows a flow scheme of a basic Rectisol process. In this flow scheme, bulk removal
of CO, and nearly all of the removal of H,S and COS take place at the bottom section
of the absorber. The methanol solvent contacting the feed gas in the first stage of
the absorber is stripped in two stages of flashing via pressure reduction. The regener-
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ated solvent is virtually free of sulfur compounds but contains some CO,. The acid
gas leaving the first-stage solvent regenerator is suitable for a Claus plant. The
second stage of absorption is designed for the removal of the remaining sulfur com-
pounds and CO,. The solvent from the bottom of the second stage of the absorber
is stripped deeply in a steam-heated regenerator and is returned to the top of the

absorption column after cooling and refrigeration.
The primary advantages of Rectisol process are the following:

189

* The process has high selectivity for H,S and COS over CO, with deep sulfur
removal (<0.1 ppmv H,S plus COS).

* The process is also able to remove HCN, NHj;, and iron and nickel

carbonyls.

* Cost for absorbent (methanol) is cheaper.

* The Rectisol process is very flexible and can be configured to address the
separation of synthesis gas into various components, depending on the final
products that are desired from the gas. It is very suitable to complex schemes
where a combination of products is needed, for example, hydrogen, carbon
monoxide, ammonia and methanol synthesis gases, and fuel gas sidestreams.
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Figure 5.28 shows a flow scheme of the Rectisol process for selective hydrogen
sulfide removal, followed by carbon dioxide removal.'® H,S and CO, can be removed
respectively, but two absorbers and two regenerators are required. The chief draw-
back of the Rectisol process is its complex scheme and the need to refrigerate the
solvent due to its low boiling point, which results in high capital and operating costs.

5.5.1.3 Hydride Solvent Processes

A number of absorption processes use a mixture of amines and physical solvents to
take advantage of the best characteristics of both types. A mixed solvent is generally
a compromise between H,S selectivity and the degree of the physical solubilities of
the other sulfur compounds. Among the most numerous applications of such pro-
cesses used commercially are Sulfinol (Shell) and Flexsorb.?!¥

5.5.1.3.1 Sulfinol and ADIP (Aqueous Di-lsoproponalamine) Processes.
The Sulfinol process, developed by Shell in the early 1960s, is a combination process
that uses a mixture of amines and a physical solvent. The Shell Sulfinol process is
a regenerable amine process for acid gas removal. As the process uses a mixture of
water, sulfolane, and one or more alkanolamine, removal capacity of COS, mercap-
tans, and organic sulfides from gas streams is excellent by virtue of the improved
physical solubility of these compounds in the solvent. A typical flow diagram of
sulfinol process is shown in Figure 5.29.'%
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Figure 5.29. Schematic flow diagram of the sulfinol process.'*

Sulfinol-D uses DIPA, while Sulfinol-M uses MDEA. The mixed solvents allow
for better solvent loadings at high acid gas partial pressures and higher solubility of
COS and organic sulfur compounds than straight aqueous amines. There are about
200 Sulfinol plants in operation worldwide, most of which use the Sulfinol-D solvent
formulations. Sulfinol-D is primarily used in cases where selective removal of H,S
is not of primary concern, but where partial removal of organic sulfur compounds
(mercaptans and CS,) is desired, typically in natural gas and refinery applications.
Sulfinol-D is also able to remove some COS via physical solubility in sulfolane and
partial hydrolysis to H,S induced by the secondary amine (DIPA). However, deep
removal of COS by Sulfinol-D cannot be guaranteed. Unlike solvents that use other
primary and secondary amines (MEA, DEA) Sulfinol-D is claimed not to be degraded
by these sulfur compounds.'®

Sulfinol-M is used when a higher degree of H,S selectivity is needed. H,S
selectivity in Sulfinol-M is controlled by the kinetics of the reaction of H,S with
MDEA as well as by the physical solubilities of H,S and CO, in the solvent.

The Shell Sulfinol-X process is a regenerable amine process for acid gas
removal utilizing a mixture of two or more alkanolamines, in general a base amine
such as MDEA or DIPA and an accelerator. As the process uses a mixture of
water, sulfolane, and one or more alkanolamine, removal capacity of COS, mer-
captans, and organic sulfides from gas streams is excellent by virtue of the improved
physical solubility of these compounds in the solvent. It was claimed that the
process achieves a higher loading capacity thus enabling a design of smaller
absorber columns with reduced number of trays when compared with other Sulfinol
processes.

Shell considers that the Sulfinol-X process is the best choice in the applications
of removal of H,S, CO,, COS, mercaptans, and organic sulfides from gas streams,
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and Sulfinol-X is highly suitable to revamp deep/bulk CO, removal plants. Guaran-
teed specifications achievable are gas stream H,S, 100 ubar partial pressure; and gas
stream CO,, 500 ubar partial pressure or 50 ppmv.'”’

The Shell ADIP-X process is a regenerable amine process for acid gas removal
utilizing a mixture of two or more alkanolamines, in general a base amine such as
MDEA and an accelerator. The process achieves a higher loading capacity compared
with single amine solvents. This leads to the design of smaller absorber columns
with the reduced number of trays when compared with generic MDEA solvent.'’

Shell considers that the ADIP-X process is highly suitable for the following
applications:'*’

e removal of H,S and CO, from natural gas, refinery gas, and synthesis gas
streams;

 bulk removal of CO, from gas streams;
* deep removal of CO, from gas streams; and

e particularly suitable for natural gas field with CO, content in the excess of
5vol % in the feed gas.

5.5.1.3.2 Others. ExxonMobil also offers two mixed hindered amine/physical
solvent versions of the Flexsorb process. The Hybrid Flexsorb SE Process employs
a solution of the Flexsorb SE amine, water, and an unspecified physical solvent.
Two plants are in operation. The Flexsorb PS solvent consists of a different hindered
amine, water, and a physical solvent. Five of these plants are believed to be
operating.'**'%

As reviewed above, it could be summarized that:

» For removal of acid gas from coal gasification gas and natural gas, the scrub-
bing by using solvents, including the chemical (tertiary amine), physical, and
hybrid solvents, is still the commercial mainstay as this technology is rela-
tively mature with lower cost in comparison with others, although the raw
gas stream needs to be cooled to room temperature.

e The absorption with the chemical solvents favors the gas streams with lower
pressure and lower concentration of the coexisting CO,, if the capture of CO,
is not required. The absorption with the physical solvents benefits the gas
streams with higher pressure when the higher H,S selectivity over CO, is
required at higher concentration of the coexisting CO,.

e The chemical solvents are able to remove H,S in the gas to very low level
theoretically on the basis of the acid—base interaction. However, it may not
be very effective in the removal of COS. Consequently, the COS hydrolysis
upstream of the acid gas removal is required for deep total sulfur removal, if
there is a higher concentration of COS in the gas stream.

e The absorption with the physical solvents and hybrid solvents improve the

absorption selectivity significantly for H,S and other sulfur compounds,
including COS, mercaptans, and CS,.
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* The absorption with the hybrid solvents can combine some advantages of both
chemical and physical solvents, which improve the selectivity and absorption
rate.

* The most fatal drawback of the cold gas cleanup by solvents is that the raw
syngas needs to be cooled to near room temperature, which decreases signifi-
cantly the heat efficiency of the process.

5.5.2 Hot and Warm Gas Cleanup

The development of hot gas cleanup systems (dry desulfurization) for removing H,S
and COS from the syngas has been pursued since the 1970s. Until about the mid-
1990s, this work was primarily focused on syngas from air-blown gasification of
coal. Air-blown gasification systems produce over twice the volume of syngas (due
to nitrogen dilution) that O,-blown systems produce, and therefore incur more severe
thermal, process efficiency, and capital cost penalties related to syngas cooling to
comparable temperature levels. Conventional cold gas cleanup (scrubbing by sol-
vents) needs to reduce the temperature of raw coal gasification gas from 900 to
1600°C (depending on the gasifier design and the feedstock) to room temperature.
If using for SOFC or turbine, the cleaned-up syngas needs to heat up again to
500-1000°C. Obviously, the process is not efficient energetically. Consequently,
significant attention has been paid to research and development of solid sorbent and
process working at higher temperature. The motivation for higher temperature desul-
furizaton using solid sorbent includes:

* the higher process efficiency achievable without syngas cooling and removal
of water from the syngas,

* the elimination of sour water treating (sour water is produced when the syngas
is cooled below the dew point of water),

e the elimination of the “black mud” (troublesome ash—char—water mixture)
produced in water quenching or wet scrubbing of particulates from the syngas,

* saving electric power for the solvent delivery in the cold gas cleanup, and

* solid sorbents are usually less toxic and corrosive than the liquid amine
absorbents used commonly in the cold gas cleanup.

The major sorbents reported for high or mild temperature desulfurization of the
raw syngas are the solid metal oxides. Metal oxides, such as ZnO, MnO, Zn-Ti-O,
Cu—Zn-Ti—O, Co-Fe-0, Ce0,, and La,0;, have been reported to remove H,S from
nature gas, reformate, and other gas mixtures.*!"'*!7¢78180 The process is based on
the reaction of the metal oxides with H,S to form metal sulfides. For ZnO sorbent,
the reaction is shown below:

ZnO(s)+H,S(g) <> ZnS(s)+ H,0(g) AH? =-78.9 kJ/mol. 5.9

The regeneration of the spent sorbent is based on the oxidation reaction of the
metal sulfide:
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ZnS(s)+ 0,(g) <> ZnO(s)+S0,(g) AH? =-439.11kJ/mol. (5.10)

The low temperature is thermodynamically favored. However, since the reaction
rate is low at low temperature, the process usually prefers to conduct at higher
temperature in the practical application to increase the reaction rate. A review in the
gas desulfurizaton sorbents is made in Section 5.4. The major problems in high or
mild temperature desulfurization sorbents and processes are summarized below:

The hot raw syngas at the gasifier outlet contains not only H,, CO, CH,, CO,,
sulfur, and nitrogen compounds, but also H,O, alkali (potassium and sodium),
and mercury. In order to prevent alkali corrosion of hot gas cleanup compo-
nents and to avoid expensive materials and unreliable refractory-lined
piping,***! it is necessary to reduce the temperature to less than 540 °C for
complete condensation of the alkali vapor on particulates in the hot syngas.

The prospect of stringent mercury emissions standards for coal-conversion
plants seriously dampens the outlook for hot or warm gas cleanup. It is
believed that mercury removal becomes more difficult as the syngas tempera-
ture increases. If it is necessary to cool the syngas for mercury removal, then
the rationale for hot or warm gas desulfurization is gone unless related eco-
nomic benefits can be demonstrated.'***°"%?

As the low temperature is favored for decreasing the equilibrium H,S con-
centration due to the exothermic reaction of metal oxides with H,S and the
presence of H,O(g) has a significant effect on the equilibrium H,S concentra-
tion, it is impossible thermodynamically to remove H,S from the gas to less
than 7.4 ppbv when the temperature is higher than 600 °C over ZnO sorbent
in the presence of 20vol % H,O(g) in the treated gas. A significant negative
effect of H,O on the sorption performance of ZnO sorbent has been reported
by Novochinskii et al.'”"!"®

The removal of ammonia, HCN, COS, and other contaminates with the devel-
oped sorbents at the current stage is difficult.

The high temperature and high content of H,O (up to 30vol %) in the raw
syngas result in a larger volume of the raw gas than that for the cold gas
cleanup. It requires a larger size of the high temperature equipment. As noted
by some observers, the physical size of the 10% capacity HGCU (hot gas
cleanup unit) appears to be much larger than that of the 100% capacity cold
gas cleanup section of the plant.'®

Regeneration of the spent sorbents is difficult and need to run at high tem-
perature with oxygen-containing gas. The physical and surface structure of
the sorbents is usually destroyed in the regeneration, leading to the significant
degradation of the sorbent performance in the cycles.

Consequently, none of the proposed sorbent materials have become commer-

cially viable.

% No any hot or warm gas desulfurization process has been demon-

strated.'®® The only two large-scale “hot gas” desulfurization systems installed in the
U.S. (both in DOE CCT IGCC demonstration projects), but have never been dem-
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onstrated. Both systems were similarly based on the reaction of H,S with zinc
oxide—nickel oxide solid sorbents in an adsorption column, followed by regeneration
of the sorbent by contact with air in a separate column. The regenerator off-gas
contains SO,, which must be converted to elemental sulfur or sulfuric acid in a final
recovery operation.'® As the problems shown above, both industry interest and
government interest in the hot gas cleanup have declined.

The DOE gasification industry interviews have found that currently there is not
much incentive for gas cleanup operations above 370°C. Currently, DOE Cleaning
and Conditioning Program has transitioned its gas cleaning component away from
the development of high-temperature approaches to more moderate temperature
(150-370°C) to create more tightly integrated processes for removing multiple
contaminants more efficiently.'$>%

In the outlook of the hot and warm gas cleanup, Korens et al. made the follow-
ing comments:'® (a) the development of hot gas cleanup systems for deep cleaning
of sulfur and nitrogen components from syngas appear to be long-term prospects.
Large-scale demonstrations probably would not be achievable or practical before
about 2010; (b) justification for such demonstrations could become difficult if com-
mercial IGCC projects with CGCU continue to proliferate and operate well over the
next several years. The prospects of developing hot or warm gas cleanup processes
for mercury and CO, removal presently are very challenging. Either, or both, the
requirement for mercury recovery and/or CO, recovery from coal-fired power plants
could become the Achilles’ heel of dry gas cleanup.

5.6 ODS

The ODS of hydrocarbon fuels consists of the conversion of sulfur compounds in
the fuels by oxidation to element sulfur, sulfur oxides, sulfoxides, and/or sulfones
followed by adsorption or abstraction separation of the oxidized sulfur compounds
from the hydrocarbon fuels. The potential advantages for ODS are (a) the process
does not need to use H, gas; (b) ODS takes place at relatively mild operating condi-
tions in comparison with HDS or even at ambient conditions; and (c) ODS is able
to remove some refractory sulfur compounds, such as 4,6-DMDBT, that are difficult
to be removed by HDS or selective adsorption.

5.6.1 Natural Gas

A comparison of fuel-desulfurization technologies (selective adsorption, HDS,
ODS) for natural gas are listed in Table 5.11, which is based on the following
assumptions: a 2.5-kWe fuel cell (20L/min natural gas; 6.7 L/min liquid petroleum
gas), fuel sulfur levels of 12ppmv for natural gas, and 120 ppmw for liquid petro-
leum gas, 1 year onstream.”” For the selective adsorption, while the simplicity of
this approach is attractive, sulfur-adsorption capacities are relatively low (typically
less than 1020 mg-S/g-A). This not only calls for large adsorbent inventories and
frequent changeouts, but produces an inventory of spent adsorbents that are hazard-
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Table 5.11. Comparison of Fuel Desulfurization Technologies on the Basis of the
Following Assumptions: a 2.5-kWe Fuel Cell (20L/min Nature Gas; 6.7 L/min liquid
Petroleum Gas), Fuel Sulfur Levels of 12 ppmv for Natural Fuel, and 120 ppmw for Liquid
Petroleum Gas, 1 Year Onstream>”

Selective Catalytic Passive Adsorption Hydrodesulfurization
Oxidation (SCO) (HDS)
Adsorbent volume 3L (NG) 20L (NG) 2L (NG)
14L (LPG) 115L (LPG) 75L (LPG)
Species For all sulfur Separate inorganic, Ht more difficult to
compatibility species and fuel organic S adsorbers; remove
compositions sensitive to fuel
composition
Hazards None Spent adsorber is Catalyst is priority
hazardous waste pollutant and
requires special
activation
Operating Air addition and Ambient temperature ~ Hydrogen recycle
requirements elevated and pressure and elevated
temperature temperature
(250-280°C) (300-400°C)
NG or LPG SCO ,| SOx adsorbent
catalyst >
- (monolith) (pellets)
Heat

Air
Figure 5.30. Process flow diagram for selective catalytic oxidation (SCO) developed by Engelhard
Corporation.*

ous and require special handling considerations.” While catalytic HDS produces
higher sulfur-adsorption capacities compared with the selective adsorption (typically
50-100mg-S/g-Zn0O) and has lower maintenance needs, it requires greater capital
investment to accommodate the required hydrogen recycle and heating of the fuel,
and HDS catalysts contain toxic metals (Ni, Co, and Mo).

In order to overcome some of the shortcomings associated with HDS and selec-
tive adsorption, Engelhard has developed a new catalytic-adsorption fuel desulfur-
ization technology that does not require hydrogen recycle and whose by-products
are nonhazardous.* This new method catalytically converts the organic and inor-
ganic sulfur species to sulfur oxides. The sulfur oxides are then adsorbed on a high
capacity adsorbent. The process flow diagram for this SCO is shown in Figure 5.30.
This technology combines the fuel with a sub-stoichiometric amount of oxygen
(from air) and uses a sulfur tolerant monolith catalyst to oxidize selectively the sulfur
compounds to sulfur oxides (SO, and SOs;, referred to collectively as SOx). The SOx
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species are then adsorbed downstream by an inexpensive high capacity particulate
adsorbent. Sulfur slip from natural gas is below 10ppbv. For liquid petroleum gas
at maximum allowable sulfur levels (120 ppmw or 165 ppmv), the sulfur slip is less
than 160 ppbv.*

Gardner et al. reported that H,S catalytic partial oxidation technology with an
AC catalyst is a promising method for the removal of H,S from fuel cell hydrocarbon
feedstocks.”® Three different fuel cell feedstocks were considered for analysis: sour
natural gas, sour effluent from a liquid middle distillate fuel processor, and a Texaco
O,-blown coal-derived synthesis gas. Their experimental results indicate that H,S
concentration can be removed down to the part per million level in these plants.
Additionally, a power-law rate expression was developed and reaction kinetics
compared with prior literature. The activation energy for this reaction was deter-
mined to be 34.4kJ/g mol with the reaction being first order in H,S and 0.3 order
in O,.

Adsorption-catalytic removal of H,S from digester gas over the chemically
modified/impregnated ACs was studied by Bagreev et al. The results showed dif-
ferences in the H,S removal capacities related to the type of carbon and conditions
of the experiment.*”” A decrease in H,S concentration resulted in an increase in a
breakthrough capacity, which is linked to slow kinetics of oxidation process. No
significant changes were observed when the oxygen content increased from 1% to
2% and the temperature from 38 to 60°C. On the surface of the studied carbons,
hydrogen sulfide was oxidized predominantly to sulfur, which was deposited in
micropores, either on the walls or at the pore entrances. The oxidation reaction is
shown below:

1 1
HoS+-0, =5, +H,0. 5.11)
n

Wu et al.*® studied the removal of low concentrations of H,S from hydrogen-
rich gaseous fuels by SCO, using AC as a catalyst. They found that the capacities
of ACs for reducing the H,S concentration down to the part per billion level are
related to their microstructures and impurities. They also found that the complete
and exclusive conversion of H,S to elemental sulfur (S) requires that AC has cata-
Iytic activities not only for the oxidation of H,S, but also for the oxidation of COS
and for the reaction between H,S and SO,, as the side reactions that form COS and
SO, are sometimes unavoidable under real fuel processing conditions.

5.6.2 Liquid Hydrocarbon Fuels

As well known, the liquid hydrocarbon fuels contain not only sulfur compounds but
also a large number of aromatic compounds that have aromatic skeleton structure
similar to the coexisting sulfur compounds. This inherent problem makes a great
challenge in development of an effective adsorbent with high adsorptive selectivity
for the sulfur compounds. Consequently, many ODS methods for liquid hydrocarbon
fuels have been explored. Early work in ODS of thiophenic compounds in the pres-
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ence of 30% hydrogen peroxide (H,0,) was reported by Gilman and Esmay®” and
Heimlich and Wallace.?'* Other reported ODS systems include H,O,(oxidant)/poly
xometalate(catalyst),”"! H,O»/formic acid,*"**"* H,O,/phosphotungstic acid,”® NO,
oxidation,'*?"” H,0,/12-tungstophosphoric acid,?® H,O,/iron complexes (tetra-
amido macrocyclic ligand [TAML], activators),”” H,0,/Na,CO;,* H,0,/acetic
acid,”'?** and CF;COOH/titano silicates,”** H,04/solid bases,?** H,0,/TiSi,*> H,0,/
catalyst,”**! H,0,/(AC plus formic acid).?**** The ODS processes usually consist
of two steps. The first step is the oxidation of the thiophenic compounds in the fuels
to form their sulfoxides and/or sulfones:

. catalyst |
+ oxidant ————>» or )
S S

2\
O/ \O

O=w

(5.12)

The second step is the removal of the produced sulfoxides and/or sulfones by
adsorption, abstraction, and/or abstraction. The advantages of the ODS are that it
avoids the use of hydrogen and allows the process to be conducted at ambient condi-
tions, which is much more efficient energetically. More interesting is that the oxida-
tion reactivity of 4,6-DMDBT in the presence of a mixture of hydrogen peroxide
and formic acid is higher than that of DBT, as reported by Otsuki et al.>**

In 2003, Valero Energy Corp. (San Antonio, TX)"**** began producing ULSD
at its refinery in Krotz Springs, LA. The 50bbl/day plant is the first commercial
demonstration of a fuel-desulfurization process developed by UniPure Corp.
(Houston, TX). Called advanced sulfur removal (ASR), the process converts gaso-
line and diesel fuel containing 300-3000 ppm sulfur to ultralow sulfur products
having less than 5 ppm. The cost was claimed to be “substantially lower” than that
for a new hydrotreater. A scheme of ASR process is shown in Figure 5.31. Unlike
hydrotreating, the ASR process does not use H,, so stand-alone plants can be built
to treat off-spec products at terminals that do not have a hydrogen infrastructure.
Diesel (or other distillate feed) is introduced to an oxidizing reactor at about 100 °C
and 1-3bar of pressure. An aqueous solution of recycled formic acid and some
hydrogen peroxide is added, which oxidizes the sulfur compounds to the correspond-
ing sulfones. The formed sulfones are then extracted by the acid and separated from
the hydrocarbons in a gravity separator. Diesel from the separator is then washed
with water, dried, and passed over a solid alumina bed to extract the remaining
sulfones. Two columns operate in tandem, with one performing adsorption while
the other is regenerated with methanol. The final diesel product contains less than
5 ppm sulfur.

The National Energy Technology Laboratory (NETL; Pittsburgh, PA), in col-
laboration with nearby Carnegie Mellon University (CMU), is currently evaluating
a selective-oxidation process that uses “green” catalysts."**'% The catalyst, devel-
oped at CMU, is an iron complex with a hydrogen peroxide-activating ligand called
TAML. The process takes place in a biphase system: an oil phase (fuel with sulfur
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Figure 5.31. Sulfur removal (ASR) process developed by an H,-free technology; it reduces the

sulfur content in gasoline and diesel fuel from 300 to 3000 ppm to less than 5ppm.'*

compounds) and an aqueous phase, containing an extracting agent, catalyst, and
hydrogen peroxide. Sulfur compounds are extracted to the aqueous phase and oxi-
dized by H,0, into water-soluble compounds. No H, is required and the process is
operated at ambient pressure and 60 °C, much milder than those required for con-
ventional hydrotreating.

However, as shown above, most of the reported ODS systems involved use
oil-insoluble oxidants, H,O,, or peroxides, which results in a biphasic oil-aqueous
solution system. This biphasic system limits the mass transfer through the biphasic
interface in the oxidation process, which results in a low oxidation rate. The phase
separation after the oxidation usually causes a loss of the fuel in the process. The
water-soluble acid or base used in biphase system also corrodes the equipments. In
order to avoid these problems, some researchers explored the systems using oil-
soluble oxidants, such as peracid/Co(I),* tert-BuOCI/Mo-Al,03,>** and tert-
BuOOH/Mo-A1,0;.7**" In a study of oxidation of sulfur compounds existing in a
desulfurized light gas oil (LGO: sulfur content: 39 ppm), Ishihara et al.”*® reported
using tert-butyl hydroperoxide (t-BuOOH) as the oil-soluble oxidant in the presence
of MoO;/AlL,O; catalyst for ODS followed by adsorptive removal of the oxidized
sulfur compounds over silica gel.?****” They found that the O/S ratio at 15mol/mol
gave the best desulfurization conversion, being 89.5% at 100 °C and weight hourly
space velocity (WHSV) of 30h™, and the oxidation reactivity of the sulfur com-
pounds decreased in the order of DBT >> 4,6-DMDBT > C-3-DBT. Nevertheless,
the reaction safety and the cost for the oil-soluble oxidant are still greatly concerned
for developing a commercially feasible ODS process.

Recently, Ma et al.”*® explored a novel ODS method of liquid hydrocarbon fuels,
which combines a catalytic oxidation step of the sulfur compounds using molecular
oxygen followed by an adsorption step to remove oxidized sulfur compounds in
the treated fuel using an AC. The ODS of an MJF and a real JP-8 jet fuel was con-
ducted in a batch system at ambient conditions. They found that the oxidation using
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molecular oxygen in the presence of catalyst was able to convert the thiophenic
compounds in the fuel to the sulfone and/or sulfoxide compounds. The oxidation
reactivity of the sulfur compounds decreases in the order of 2-methylbenzothiophene
> 5-methylbenzothiophene > BT >> DBT, and the catalytic oxidation of the sulfur
compounds to form the corresponding sulfones and/or sulfoxides improved signifi-
cantly the adsorptive desulfurization performance of the AC, because the AC has
much higher adsorptive affinity for the sulfones and sulfoxides due to their higher
polarity. The remarkable advantages of this developed ODS method are that the
ODS can be run by using O, directly as an oxidant at ambient conditions without
involving the complicated biphasic oil-aqueous solution system.*"!

5.7 SUMMARY

Deactivation of the catalysts in the hydrocarbon fuel processing catalysis and the fuel cell
anodes via sulfur poisoning is a great concern right now in hydrogen production and fuel
cell application. The sulfur compounds in the fuels and the H,S produced from these sulfur
compounds in the hydrocarbon reforming process are poisonous to the reforming catalyst,
water-gas shift catalyst, and Prox catalyst in the hydrocarbon fuel processor, membranes for
hydrogen purification and separation, and electrode catalysts in fuel cell stacks. It is required
to reduce the sulfur level to less than 1ppmw in liquid hydrocarbon fuels and less than
0.20ppmv in natural gas for reforming. For the final use in fuel cells, the sulfur in the fuel
gas needs ideally to be removed to less than 10ppbv for PEMFC and 20ppbv for SOFC.
Consequently, even using the hydrocarbon liquid fuels that meet the new EPA regulation for
low-sulfur fuels, 30 ppmw for gasoline, and 15 ppmw for highway diesel, the sulfur contents
in the fuels are still too high for fuel cell applications.

The ultradeep desulfurization of the current commercial fuels has become a bottleneck
in hydrogen production for fuel cell applications. It is urgent to develop a more efficient and
environmentally friendly process and technology for the ultradeep desulfurization of the
hydrocarbon fuels for fuel cell applications. Many approaches have been conducted in the
improvement of the conventional HDS process or development of new alterable processes.
These approaches include (a) catalytic HDS with improved and new catalysts, reactor, and/
or process; (b) selectively adsorptive desulfurization; and (c) ODS and others.

Current progress in HDS via improvement of conventional catalysts, reactors, and pro-
cesses or development of new catalysts, reactors, and processes has allowed the refining
industry to be able to produce the low-sulfur fuels to meet the new EPA regulation. However,
the current HDS technology is still difficult or costly to produce the ultraclean liquid hydro-
carbon fuels for fuel cell applications. Adsorptive desulfurization and ODS are two promising
alterable technologies for ultradeep desulfurization of hydrocarbons fuels for fuel cell
applications.

The selective adsorption/sorption desulfurization of hydrocarbon fuels is becoming a
more and more important process, when the requirement for the sulfur concentration in the
fuels by the environmental protection and fuel cell application becomes more severe. The
major challenge in the development of a successful adsorptive desulfurization technology is
to develop an efficient adsorbent/sorbent that has high capacity and selectivity for sulfur
compounds and is easy for regeneration without the degradation of the adsorbent/sorbent
within cycles. The sulfur compounds in gasoline and jet fuel are relatively easy to be removed
selectively, as these sulfur compounds do not have a strong steric hindrance of the alkyl
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groups. A great challenge is to develop an adsorbent/sorbent that can selectively adsorb/sorb
the refractory sulfur compounds from commercial diesel fuel. These refractory sulfur com-
pounds are alkyl DBTs with one or two alkyl groups at the 4- and/or 6-positions, which show
a strong steric hindrance toward the direct interaction between the sulfur atom in DBTs and
the adsorption site. This steric hindrance makes it difficult to adsorb selectively these sulfur
compounds directly through a sulfur-site interaction. As reviewed above, the different
adsorbents/sorbents may be suitable for separating different sulfur compounds from different
hydrocarbon streams. Some coexisting species, such as polyaromatic hydrocarbons, fuel addi-
tives and moisture, in hydrocarbon streams may inhibit the adsorption/sorption of sulfur
compounds on the adsorbents/sorbents. Thus, a combination of two or more adsorbents/
sorbents in a desulfurization process might be more promising and efficient for a practical
ultradeep desulfurization process. A fundamental understanding of the selectively adsorptive
mechanism on the adsorbent/sorbent is necessary for designing and developing more efficient
and power adsorbents/sorbents.

The selective ODS has shown many potential advantages for deep desulfurization of the
fuels for fuel cell applications, because the process usually has higher desulfurization capacity
than the adsorption desulfurizaton, and also can run at mild operating conditions without the
use of H,. For ODS of liquid hydrocarbons fuels, direct use of oil-soluble peroxides or O, as
oxidants in an ODS process is greatly attractive, as the process does not involve a complicated
biphasic oil-aqueous solution system. The key in ODS is how to increase the oxidation
selectivity for the sulfur compounds.

For the removal of H,S, COS, and other sulfur compounds from coal gasification gas
and natural gas, scrubbing by using solvents, including the chemical (tertiary amine), physical,
and hybrid solvents, is still the commercial mainstay, as this technology is relatively mature
with lower cost in comparison with others, although the raw gas stream needs to be cooled
to room temperature. The absorption by the chemical solvents favors the gas streams with
lower pressure and lower concentration of the coexisting CO,, if the capture of CO, is not
required. The absorption by the physical solvents benefits the gas streams with higher pressure
when higher H,S selectivity over CO, is required at higher concentration of the coexisting
CO,. The chemical solvents are able to remove H,S in the gas to very low level theoretically
on the basis of the acid—base interaction. However, it may not be very effective in the removal
of COS. Consequently, the COS hydrolysis upstream of the acid gas removal is required for
deep removal of the total sulfur, if there is a higher concentration of COS in the gas stream.
The absorption with the physical solvents and hybrid solvents improves the absorption selec-
tivity significantly for H,S and other sulfur compounds, including COS, mercaptans, and CS,.
The absorption by the hybrid solvents combines some advantages of both chemical and physi-
cal solvents, which improves the selectivity and absorption rate. The most fatal drawback of
the cold gas cleanup by solvents is that the raw syngas needs to be cooled to near room
temperature, which decreases significantly the heat efficiency of the process.

The major motivation for hot and warm gas cleanup by using solid sorbent includes the
higher process energy efficiency as the raw syngas is not needed to be cooled and the elimina-
tion of sour water treating. However, there are some major problems in hot and warm gas
cleanup, including (a) the removal of other contaminants including alkali vapor, mercury,
ammonia, HCN, COS, and CO, is difficult with this process; (b) the physical and surface
structure of the adsorbents/sorbents is usually destroyed in the regeneration, leading to the
significant degradation of the sorbent performance in the cycles; and (c) the high temperature
and high content of H,O (up to 30vol %) in the raw syngas result in a larger size of hot and
warm gas cleanup equipment. In the outlook of the hot and warm gas cleanup, the develop-
ment of the hot gas cleanup systems for deep removal of sulfur components from syngas
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appears to be long-term prospects. The prospects of developing hot or warm gas cleanup
processes for mercury and CO, removal presently are very challenging. Either or both the
requirement for mercury recovery and/or CO, recovery from coal-fired power plants could
become the Achilles’ heel of hot and warm gas cleanup.

A combination of multidesulfurization technologies together, such as HDS and ADS

(adsorptive desulfurization), ODS and ADS, and solvent scrubbing and adsorption, has
become a trend in research and development to achieve ultradeep desulfurization technology
of the hydrocarbon fuels for environmental protection, hydrogen production, and fuel cell
applications.
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Chapter 6

Water-Gas Shift Technologies

ALEX PLATON AND YONG WANG
Institute for Interfacial Catalysis, Pacific Northwest National Laboratory

6.1 INTRODUCTION

The water-gas shift (WGS) reaction is a reversible, exothermic reaction between
carbon monoxide and water (steam) to produce hydrogen and carbon dioxide:

CO+H,0 = CO, +H,. 6.1)

This reaction is typically facilitated by a catalyst (shift catalyst) and is currently
being practiced industrially in hydrogen-producing plants based on steam methane
reforming. The WGS reaction allows for extra molar hydrogen to be produced from
the reaction of carbon monoxide with water. Large-scale, industrial plants that
produce hydrogen in this manner are usually integrated with a hydrogen-consuming
process such as ammonia production or hydroprocessing of petroleum fractions.

Hydrogen is becoming an increasingly interesting energy carrier for fuel cell
applications both at the industrial and the residential and mobile scales. As the
currently installed hydrogen production capacity is almost entirely captured by
large-scale, high-pressure industrial consumers,' an increased focus is placed on new
production capacities fitted to smaller-scale applications. In the near future, the
increasing hydrogen demands will most likely be met by fossil fuel-based technolo-
gies such as steam reforming, autothermal reforming, or catalytic partial oxidation;'
almost invariably, these processes will produce significant quantities of carbon
monoxide, which not only reduces hydrogen productivity but can also poison cata-
lysts in downstream processes. For example, carbon monoxide is a poison for the
iron catalyst used in ammonia synthesis and is equally undesirable in fuel cells based
on proton exchange membrane, alkaline, and phosphoric acid technologies.
However, the CO content can be lowered through the WGS reaction, which produces
1 mol of hydrogen for each mole of CO converted.

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
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Extensive information and several comprehensive reviews exist in the open
literature regarding the WGS process, catalysts involved, and current research
efforts.*” This information is summarized below and is followed by a discussion of
more recent research reports.

6.2 THERMODYNAMIC CONSIDERATIONS

The WGS reaction (Eq. 6.1) is slightly exothermic (AH = —41.16kJ/mol, gas phase)
and is a typical example of reaction controlled by equilibrium, especially at higher
temperatures. The equilibrium constant is a function of temperature. The reaction
proceeds without change in the number of moles and in consequence pressure does
not have any significant effect on equilibrium. For pressures between 10 and 50 bar,
the following expressions are recommended for the equilibrium constant as a func-
tion of temperature:’

exp(—4.3701+ 4604/ T[K ) at about 250°C
K, ={exp(—4.2939 + 4546/T[K ) at about 440°C (6.2)
exp(=3.670+3971/T[K]) at 750 —1050°C.

As can be seen in Figure 6.1, the equilibrium constant is approximately 1 at
800°C, about 10 at 415°C, 100 at 240°C, and 330 at 180°C. In order to achieve
low CO and elevated hydrogen concentrations in the effluent, without having to use
a significant excess of steam, it is desirable that the reaction be run at low tempera-
tures. However, at low temperatures, reaction rates diminish and the reaction
becomes kinetically controlled.

1000

100 \

0.1

100 300 500 700 900 1100
Temperature (°C)

Figure 6.1. Variation of WGS equilibrium constant with temperature.’
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6.3 INDUSTRIAL PROCESSES AND CATALYSTS

Traditionally, and in most industrial implementations, the WGS reaction is con-
ducted in two steps. In the first step, CO concentration is reduced from 10% to 13%
down to 2% to 3% (dry basis) on a chromium-promoted magnetite, high-temperature
shift (HTS) catalyst. Most CO, that resulted from the reforming reaction is typically
removed upstream of the HTS reactor by scrubbing, and a significant excess of steam
is then added. This first WGS step operates adiabatically with an inlet temperature
in the 350-550°C range (depending on feed composition). Operating pressures
range above 20bar and sometimes exceed 30bar (depending on the adjacent plant
requirements). Gas hourly space velocities (GHSVs) of 400-1200h™", or superficial
contact times of 3-9s (wet basis) are common values.

The second stage, low-temperature shift (LTS), takes advantage of the favorable
equilibrium below 250 °C in order to reduce the CO concentration to 0.2%—0.4% in
the presence of a Cu/ZnO or CoMo catalyst. With an adiabatic HTS temperature
increase of about 50 °C, intermediate cooling is necessary prior to the LTS step. The
lower temperature limit for this step, about 200 °C, is dictated by the water dew point
under operating conditions, since any condensation would damage the catalyst. A
typical dry-basis feed composition is 2%—-3% CO, 20% CO,, and 77%—-78% H,, and
a steam-to-dry gas ratio of about 0.4 is practical. The adiabatic temperature rise
along the reactor will normally be about 15 °C. Typical pressures ranging between
10 and 30bar and GHSVs of about 3600h™" or superficial wet-basis contact times
of about 1's are common.

6.3.1 Ferrochrome Catalyst for HTS Reaction

The HTS process and catalyst were introduced by the German company BASF
around 1915. The catalyst used nowadays is very similar to the original formulation
and consists of Fe;O, promoted with Cr,0; to prevent sintering. The catalyst is
inexpensive, starting from a fresh composition comprising 90% Fe,O; and 10%
Cr,0; that is partially reduced in situ under a controlled atmosphere. Reduction is
performed in a hydrogen and CO atmosphere and is controlled so that a spinel with
composition Fe"Fel, Cr,0, is formed. Iron carbide and metallic iron formation need
to be avoided by using a large excess of steam, since the carbide would catalyze
Fischer—Tropsch synthesis, while the metal would promote carbon deposition
through the Boudouard reaction. The activated catalyst is pyrophoric and requires
careful passivation before being exposed to air. This catalyst is tolerant to sulfur and
chlorine compounds; however, sulfur may accumulate as FeS, which is less active
and less stable physically. The catalyst is also hydrothermally stable at 400°C and
under 10% steam; however, more severe hydrothermal conditions will induce cata-
lyst fragmentation. Fouling from coke buildup is observed when acetylenes, dienes,
and other coke precursors are present in the feed stream from an incomplete reform-
ing operation. Decoking can be performed at 450°C under a steam atmosphere
containing 1%—2% oxygen, with virtually complete recovery of the initial activity.
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Under certain conditions, especially when feeds derived from coal gasification are
used, irreversible arsenic poisoning of the ferrochrome catalyst is likely to occur.
When operated within normal parameters, expected life for this catalyst ranges
between 1 and 3 years.

6.3.2 CuZn Catalysts for LTS Reaction

The LTS step was introduced in the industrial practice in the early 1960s. The cata-
lyst was initially derived from CuO, ZnO, and Al,O; precursors (in a typical ICI
commercial catalyst formulation, 32-33, 34%-53%, and 15-33 wt %, respectively).
In other formulations, alumina is substituted by chromia. A typical composition
includes ZnO : Cr,0;: CuO = 1:0.24:0.24 with 2%—-5% MnO,, Al,O;, and MgO pro-
moters. The catalyst needs to be reduced to form the active species Cu. The reduction
reaction is a highly exothermic process and requires a strictly controlled atmosphere
of hydrogen diluted in nitrogen, in order to avoid temperature excursions above
230-250°C that are very likely to cause catalyst sintering. The activated catalyst is
pyrophoric and requires passivation with liquid water before being exposed to
oxygen. This catalyst is active at temperatures as low as 200°C and is likely to be
operated at mass transfer limited regions above this temperature. The activity was
seen to pass through a maximum when the Cu/Zn ratio is varied, with the most
favorable ratio ranging between 0.2 and 0.4 for the Cu/ZnO formulation. The CuZn
catalyst is very sensitive to sulfur and chlorine poisoning at contaminant concentra-
tions above 0.1 ppm. For this reason, a strict contaminant control is necessary.
Because of its affinity to sulfur, ZnO acts as a trap, partially protecting the active
sites from poisoning. Sintering is also a major problem, and under typical conditions,
Cu particles would double their size over 6 months of operation. Chlorine acts as a
sintering promoter and induces the loss of active sites via volatile Cu and Zn chlo-
rides. Irreversible deactivation occurs above a certain temperature (example: 360 °C
for a 15-20wt % CuO, 68-73 wt % ZnO, 9—14 wt % Cr,0; catalyst composition), but
Mn- and B-based promoters were found to improve stability (up to 400°C in the
case of coprecipitated Mn). The typical catalyst life is 1-2 years when poisons are
strictly controlled.

6.3.3 ColMo Catalyst for LTS Reaction

Sulfur-resistant Co—-Mo/Al,O; catalysts have been available commercially since the
early 1970s for circumstances where it is necessary to carry out the WGS reaction
on coal-derived and heavy petroleum-derived gas streams, with elevated sulfur
contamination. An example of commercial as-synthesized formulation is 12.5%
MoO; + 3.5% CoO on Al,O; with a BET surface area of 270m*/g and a pore volume
of 0.5 cm’/g, impregnated with an optimal Cs loading of 0.35 g/cm® of pore volume.
A suggested pretreatment atmosphere for this catalyst is 6% H,S in H,. The active
catalyst form is sulfided CoMo, thus being invulnerable to the presence of sulfur
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compounds. In fact, a minimum ratio of H,S/H,O is required in order to preserve
the active sulfide form. Sulfur compounds are converted to H,S, which can subse-
quently be separated along with CO, in a simple, continuous, acid gas scrubbing
operation. Alkali promoters are used to enhance activity; the typical promoters are
K and Cs, with Cs being cited as the most effective one. The alumina support confers
hydrothermal stability, making this class of catalysts suitable for both low- and
intermediate-temperature WGS (200-450°C). One of the few cited examples of
operation lists pressures between 5 and 27 bar, temperatures between 250 and 300 °C,
and space velocities of 4800—24,000h™".® The typical catalyst life of the CoMo cata-
lyst is about 2 years.

6.4 REACTION MECHANISM AND KINETICS

Some degree of controversy exists in the literature with respect to the reaction
mechanism and the rate-determining steps during WGS catalyzed by the commercial
catalysts listed above, especially for the CuZn catalyst. In the case of the HTS fer-
rochrome catalyst, Rhodes et al.” concluded that the most convincing published
evidence favors mechanism that involves water dissociation in a redox step on Fe*"/
Fe**. However, for the LTS CuZn catalyst type, evidence suggests that copper active
sites are responsible for both dissociative adsorption of water required by a redox
mechanism and the formation of a COOH (formate) intermediate that is subse-
quently decomposed by similar sites.’

Significantly less mechanistic information is available for the CoMo WGS cata-
lyst; this is mainly due to the lack of stability of the active sulfided species under
experimental conditions employed by the mechanistic study. Hakkarainen and
Salmi'® and Hakkarainen and coworkers'' observed a consistent loss of sulfur upon
establishing the operating conditions for transient response experiments. Neverthe-
less, the information provided by those studies, as summarized below, is probably
capturing the most important mechanistic features relevant to a practical kinetic
model.

6.4.1 Ferrochrome Catalyst

Based on analysis of isotope exchange data and stoichiometric number analysis, Oki
and Mezaki'*"* corroborated two most probable mechanisms as shown below,
involving the elementary steps in Equations 6.3—-6.7 and 6.8—6.13, respectively, with
the steps labeled I (CO adsorption) and V (hydrogen desorption) being rate
limiting:

I:. CO— CO(a), (6.3)
II: H,O — 2H(a)+ O(a), (6.4)
II: CO(a)+O(a) = CO,(a), (6.5)

IV: CO,(a) — CO,, (6.6)
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V:2H(a) —» H,, (6.7)

I: CO — CO(a), (6.8)

II: H,O —» H(a)+ OH(a), (6.9)
IMla: CO(a)+ OH(a) —» COOH(a), (6.10)
IIIb: COOH (a) — CO,(a)+H(a), (6.11)
IV:CO,(a) > CO,, (6.12)
V:2H(a) —» H,. (6.13)

From transient response experiments, Hakkarainen et al.'' found a probable
mechanism involving the elementary steps (Eqgs. 6.14-6.18) below:

I: CO+ O* &= CO,*, (6.14)
II: CO,* =2 CO, +*, (6.15)
II: H,0 + * = H,0%, (6.16)
IV: H,O% + O* &= 20H*, 6.17)
V: 20H* = H, +20%, (6.18)

where * symbolizes an active site. Evidence indicated that CO, and H, desorption
in steps II and V were both rate limiting.

Newsome® analyzed the suitability of several rate equations for the HTS reaction
on ferrochrome catalysts. The information analyzed pointed to a power rate law-type
equation given in Equations 6.19 and 6.20,

r=k[CO] [H,0]"[CO,]'[H, ]'(1-B), (6.19)
B=1[CO,][H,]/(K[CO][H,0)), (6.20)

with k = rate constant, [] = concentrations, K = equilibrium constant, and exponents
1=0.90, m = 0.25, n = —0.60, and g = 0 being partial reaction orders. These values,
along with an activation energy of 114.6kJ/mol, provided acceptable agreement with
experimental data at temperatures between 330 and 500 °C and atmospheric pres-
sure. For pressures nearing 20bar, the above exponents need to be adjusted to
[=1.00, m=0.25, n =-0.60, and g = 0, while In k increased with In P linearly with
a slope of 0.65. Furthermore, for pressures nearing 40bar, exponent values of
[=1.00,m=0,n=-0.56...-0.3, and ¢ = 0 are cited.?

More recently, Lloyd et al."” pointed out that more theoretically derived
Langmuir-Hinshelwood expressions similar to Equation 6.21 provide the best fit
of experimental data:

. kK 0 Kinso (Peo Paso Peo, Py )°
(I1+ KcoPeo + Ki,o Piyo + Kco, Peo, + K, P, )2

(6.21)

In conjunction with this equation form, an intrinsic activation energy value of
122kJ/mol is listed.’ Kinetic control is most prevalent in small catalyst pellets,
tablets, or rings having approximate volumes up to ~0.3cm’ each and internal
surface areas of 60-80m?/g.’
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6.4.2 CuZn-Based Catalyst

As noted above, experimental evidence is consistent with both redox-type and for-
mate-intermediate mechanisms for the CuZn-catalyzed LTS reaction. It is also noted
that slight differences in experimental conditions from one study to another could
be the basis of important differences in catalyst surface configuration, leading to
different elementary reactions observed.’

Kinetic parameters were measured by Koryabkina et al.'® on a Cu-based LTS
catalyst under the conditions potentially relevant for fuel cell applications (220 °C,
latm, and a feed comprising 7% CO, 8.5% CO,, 22% H,0, 37% H,, and 25% Ar
by volume). The data suggested a redox-type mechanism shown in Equations 6.22—
6.29, with the rate-determining step involving the formation of adsorbed CO, as
shown in step VII:

I: H,0 + * &= H,0%, (6.22)

I: H,O% + * = OH* + H¥, (6.23)
II: 20H* = H,0 + O%, (6.24)
IV: OH* + * &= O* + H*, (6.25)
V:2H* =2 H, + 2%, (6.26)

VI: CO +* &= CO¥, 6.27)
VII: CO* + O% &2 CO,* + *, (6.28)
VIIL: CO,* = CO, +*. (6.29)

The kinetic expression as shown in Equations 6.19 and 6.20 was found appli-
cable, with partial reaction orders / = 0.8, m = 0.8, n = —0.7, and ¢ = —0.8 and an
activation energy of 77.7kJ/mol. The values for the exponents n and g suggest a
strong inhibition effect form the reaction products H, and CO,.'

Ovesen et al."” found the evidence of a surface redox mechanism and fitted
experimental data with Equations 6.19 and 6.20, finding an activation energy of
78.2kJ/mol at 20 atm and exponent values / = 1.0, m = 1.2, n = —-0.7, and ¢ = -0.7.
Ayastuy et al.'® fitted several kinetic models to experimental data obtained on a
Cu/ZnO/Al,O; catalyst at 3bar and 180-217°C. Two Langmuir—Hinshelwood-
type models provided the best fit, with apparent activation energies of 50.1 and
57.5kJ/mol. When fitted to a simple power law rate equation given again in
Equations 6.19 and 6.20, an activation energy of 79.7 and partial reaction orders
=047, m=0.72, n = -0.38, and ¢ = —0.65 were obtained.

6.4.3 Colo Catalyst

Hakkarainen and Salmi'® studied the mechanism and kinetics of WGS on a com-
mercial CoMo/Al,O; catalyst, using transient response experiments at 400 °C. They
concluded that the mechanism shown in Equations 6.30—6.32 was the most plausible,
with the steps labeled II and III being the rate limiting steps:
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I: H,0 + *O* &= 20H*, (6.30)
II: CO +20H* = H, + CO(0%),, (6.31)
II: CO(0%), 2 CO, +*O*, (6.32)

The authors derived a rate expression given in Equations 6.33 and 6.34. Data
at 400 °C resulted in a fitted value for ky, = 22.2 mol/(m*atms):

1/r =1/(knaPeo ) + o, (6.33)
o’ =1/(kuz Kyr0Peo Baro ) + 1/ kcos- (6.34)

Park et al."” analyzed the effect of K addition to a 3wt% Co—10wt% Mo/}
Al O; catalyst on the kinetic parameters obtained by fitting the WGS experimental
data at 400 °C. They used a simple, first-order rate expression in CO (Eq. 6.35) and
derived activation energy values of 43.1 and 47.8kJ/mol for the unpromoted and
promoted (5atom % K relative to Mo) catalysts, respectively,

©q
i Xeo=Xeo _, V. (6.35)
Xeo—-X&  F
where V = catalyst volume, F = flow rate of reactants, k = first-order rate
constant, X2, = initial CO mole fraction, Xco = final CO mole fraction, and
X = CO mole fraction at equilibrium.

6.5 CATALYST IMPROVEMENTS AND NEW
CLASSES OF CATALYSTS

While the commercial catalysts and technologies described above are successfully
applied in the industry, some major drawbacks exist with these catalysts such as the
low activity of the otherwise robust ferrochrome catalyst at low temperatures, and
the susceptibility to poisoning and sintering of the CuZn shift catalyst. Additionally,
both classes of catalysts are pyrophoric, generating serious safety problems in the
case of accidental air exposure. Furthermore, both catalysts require a special, care-
fully controlled activation treatment in order to achieve the optimal active phase
configuration, with the CuZn catalyst being particularly sensitive to accidental shut-
downs, accidental water condensation, or temperature or concentration transients.

6.5.1 Improvements to the Cu- and Fe-Based
Catalysts

Despite the extensive list of potential drawbacks with existing commercial catalysts,
few new WGS catalyst formulations have been commercialized in the past decades.
Based on the data compiled by Armor,”**' no new WGS catalysts were commercial-
ized during the 1980s, while only two new catalysts were developed during the
1990s by the Siid-Chemie Group: a ferrochrome catalyst promoted with Cu was
developed for enhanced activity with suppressed Fischer—Tropsch by-product
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formation, and a CuZn catalyst promoted with an undisclosed dopant claimed to
exhibit improved stability and suppressed methanol by-product formation.

Also notable in the direction of classical catalyst improvement is the research
conducted by Rhodes et al.> A series of coprecipitated promoters were evaluated
on ferrochrome catalyst activity at temperatures between 350 and 440°C. It was
found that activity decreases in the following order: Hg > Ag > Ba > Cu > Pb >
unpromoted > B. A noticeable compensation effect observed in the correlation
between preexponential factors and apparent activation energies led the authors to
conclude that these promoters might only influence the CO adsorption on catalyst
rather than the course of surface reactions.

In a recent patent issued to Siid-Chemie,” an improvement to the CuZn-Al,O,
catalyst is described in which substitution of about 20% of the total Al with a
(Cu,Zn)-hydrotalcite precursor containing a similar amount of aluminum improved
both Cu dispersion and its activity.

6.5.2 New Reaction Technologies

As stated earlier, an increased interest is currently being concentrated on smaller-
scale hydrogen production for fuel cell applications ranging from industrial to resi-
dential and mobile implementations. An especially important emphasis has been
placed on the design of on-board fuel processors capable of generating the hydrogen
necessary to power vehicles. Another application of the mobile fuel processor under
development is the portable processor/fuel cell system capable of powering elec-
tronic devices with liquid hydrocarbon fuels, as replacement for batteries.?*

To meet the requirement of these unique applications, new reaction technologies
are being developed in the following areas: identification of WGS process configura-
tions, which provide a high level of integration with reformer and fuel cell units
including WGS membrane reactors that can produce pure and fuel cell-grade hydro-
gen (Fig. 6.2); process intensification in microchannel reactors that operate at optimal
temperatures; and oxygen-assisted WGS that combines preferential oxidation (Prox)
of CO with the WGS reaction to achieve very low CO levels compatible with fuel
cell operation.

Li et al.”’ recently reported relatively active Cu—Ce(La)O, and Ni-Ce(La)O,
catalysts showing a strong metal—support interaction at a 2—3 wt % loading of metals.
Notably, the Cu-based catalyst was active and thermally stable up to 600 °C with no
prior activation treatment. Further investigations by the same group on a 10% Cu—
Ce(8% La)O, catalyst at 300-450°C, 1 atm, and 80,000h! space velocity showed a
higher activity than the traditional ferrochrome catalyst.”® These authors further
evaluated the Cu—ceria catalyst under CO,-rich conditions that are representative of
hydrogen-permeable membrane reactor applications. Under these conditions, the
ferrochrome catalyst would be deactivated by excess CO,, whereas the Cu—ceria
catalyst under investigation showed remarkable stability and durability, and no
carbon formation was detected. For H,-permeable membrane reactor applications,
Ma and Lund® demonstrated that for a typical Fe—Cr catalyst in a Pd-based
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Figure 6.2. Process configuration for the traditional, two-stage WGS method (a) and for a
hydrogen-permeable membrane adiabatic reactor (b). Reproduced from Ma and Lund.”

membrane reactor operated at 415 °C, the process would be limited by the global
reaction rate rather than the membrane permeation rate, and that the removal of the
inhibitory effect of CO, on the catalyst would improve the hydrogen yield to a much
greater extent than improving the membrane material. However, the partial reaction
orders obtained by Qi and Flytzani-Stephanopoulos® from power rate law kinetic
data fitting (I = 0.81, m = 0.18, n = -0.3, ¢ = —0.3) indicated that CO, kinetic inhibi-
tion is somewhat less important, given the relatively low partial order for the
products.

A different approach at scaling down the WGS for mobile and portable fuel
cell applications consists of process intensification in microstructured reactors, in
which heat and mass transfer limitations are virtually removed, leaving the intrinsic
kinetics and thermodynamic equilibrium as the only constrains.*® Tonkovich
et al.*' used monolith Ru/ZrO, catalysts prepared by impregnation of ZrO,-coated
Ni foam with RuCl; in a preliminary side-by-side comparison with a powdered,
commercial Ru/ZrO, catalyst. The very fast intrinsic WGS kinetics at 300°C
allowed very short contact times (=25 ms) under which the observed CO conver-
sion (99.8%) was in close proximity to the equilibrium conversion (99.93%), with
no noticeable methanation side reactions. In a separate study by Goerke et al.,
Ru/ZrO, deposited on fecralloy and stainless steel was compared with Au/CeO,
in a microchannel WGS reactor. It was found that the fecralloy-supported Ru—
zirconia was the most active at low temperatures. Between 200 and 275°C, CO
conversion increased from ~18% to ~95% at a residence time of 20ms with no
noticeable methanation. The catalyst durability was studied for at least 100h with
no reported deactivation.
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Benefiting from the assistance of oxygen to simultaneously remove CO by the
Prox reaction, oxygen-assisted WGS on bimetallic Cu—Pd/CeO, reported by Bick-
ford et al.* have achieved an increased CO conversion from 95% (without oxygen)
to more than 99.7% (with oxygen). The results were reported for a feed composition
of 4 vol% CO, 2% O,, 40% H,0, 10% CO,, and 42% H, at 210°C and a GHSV of
17,760h™".

6.5.3 New Classes of Catalysts

Scaling down the commercial WGS catalysts to the fuel cell application scale is a
nontrivial task given the safety concerns drawn from their pyrophoricity, stability
issues drawn from their sensitivity to shutdown/start-up cycles and transients, or the
large catalyst volumes necessary due to their low activity at low temperatures where
equilibrium is favorable. Small-scale H, production applications are driving the
current research on WGS catalyst innovation. In the identification of new, stable,
and nonpyrophoric catalysts, a trade-off between the activity and the cost of the
catalyst may exist. Several promising catalyst formulations based on precious and
nonprecious metals have been identified. While nonprecious supported metal cata-
lysts have the advantage of a low cost, they usually exhibit acceptable activity only
at elevated temperatures where thermodynamic equilibrium is unfavorable. On the
other hand, catalysts based on platinum-metal group metals or gold exhibit accept-
able activity over a wide range of temperatures, but their cost can become prohibitive
for larger-scale applications or mass production.

A number of promising new catalysts have been reviewed recently by Ghenciu,®
Song,? and Farrauto et al.” Some of the most recent developments will be reviewed
in the discussion below with special emphasis on catalyst performance compared
with the classical HTS and LTS catalysts.

6.5.3.1 Nonprecious Metal Catalysts

Among the new nonprecious metal formulations, molybdenum carbide is distancing
itself as a material known to have catalytic properties that resemble those of noble
metals. In a study performed by Patt et al.** on Mo,C catalysts, they found that this
material was more active than the traditional Cu—Zn—Al LTS catalyst at temperatures
between 220 and 295 °C, atmospheric pressure and space velocities in excess of
10,000h7". Additionally, no evidence of methanation activity was observed. No
deactivation and no structure change were observed within 48h of operation. An
advantage for compact fuel cell applications, aside from the higher activity, is the
higher carbide catalyst density compared with the Cu—Zn catalyst; this is of particu-
lar importance in designs where a minimal catalyst bed volume is required. Moon
and Ryu® studied a similar catalyst in a thermal cycling experiment employing
room-temperature exposure to air followed by reduction and reaction at 250 °C.
Although the catalyst deactivated by Mo oxidation to MoO; following repeated
cycling, it maintained a better performance and decayed slower than the traditional
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Cu-Zn—Al that was subjected to a similar treatment. Most recently, Nagai and
Matsuda®® studied the effect of cobalt promotion on the Mo,C catalyst at 180°C. At
such a low temperature, the authors reported significantly a lower activity of the
unpromoted Mo,C compared with the traditional Cu—Zn—Al catalyst. Also, deactiva-
tion is evident over the first 300 min onstream, with activity dropping by about 75%.
Cobalt promotion with a Co/Mo ratio of 1:1 doubled the activity resulting in a cata-
lyst that was slightly more active than CuZn-based catalysts. In addition, catalyst
stability was improved as evidenced by only a 33% drop in activity after 300 min
onstream. However, the stability is not as good as the CuZn-based catalyst, which
maintained fairly stable performance under identical conditions. The authors sug-
gested that amorphous Co—Mo oxycarbide is most likely the active phase in the
promoted catalyst.

The promoting effect of cobalt was evidenced earlier by Hutchings and cowork-
ers’ in a comparative study on chromium oxide and manganese oxide. Major find-
ings from their study showed that Co—Cr with a ratio of 3:1 was the most active and
durable, maintaining ca. 98% conversion over 600h onstream at 400°C with 58%
CO in the feed stream and a CO GHSV of 510h™. The Co—Mn catalyst performed
in an almost similar fashion, with evidence pointing to a reaction intermediate of
the formate type on these catalysts. Most notably, both catalysts operated with no
deactivation in the presence of 240 ppm of sulfur impurities in the gas feed stream,
making them promising catalysts for the WGS of coal- and heavy petroleum-derived
reformer product streams.

Ceria has been used in numerous catalytic applications requiring strong sup-
port-metal interaction and enhanced oxygen mobility. As discussed above, the
Flytzani-Stephanopoulos group studied ceria—lanthana-supported Cu and Ni cata-
lysts and concluded that a strong interaction between metal clusters and the support
attainable at an optimal metal loading contributed to the surface-enhanced catalytic
activity and thermal stability. It was found that a cooperative redox mechanism
existed for both catalysts, that is, ceria-supplied oxygen reacts with metal-adsorbed
CO, while ceria recovers the oxygen from water that adsorbs on the oxygen vacancy.”’
A 10% Cu—Ce(8% La)O, catalyst showed an almost fourfold improvement in CO
conversion (85%) at 300°C, 1atm, and a space velocity of 80,000h™" when com-
pared with a commercial Fe—Cr catalyst.”® An initial deactivation was observed on
the catalysts with high loadings of Cu and La. Hilaire et al.*® compared the WGS
activity behavior of several ceria-supported precious and base metal catalysts under
differential conditions and a wide range of temperatures. It was found that both Ni/
CeO, and Pd/CeO, catalysts were about one order of magnitude less active than a
commercial Cu/ZnO/alumina LTS catalyst. Co/CeO, and Fe/CeO, catalysts were
even less active, about one order of magnitude less active than Ni/CeO, catalysts.
One implication of their results is that, while the strength of the metal—ceria interac-
tion is important for the assumed redox mechanism in which oxygen supplied by
ceria will react with metal-adsorbed CO, it is also important that the metal is not
readily oxidized under reaction conditions in order to stabilize CO adsorption.™

There are some recent literature reports about new commercial catalysts designed
to overcome some of the drawbacks associated with the traditional WGS catalysts.
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For example, a nonpyrophoric and proprietary catalyst has been developed by Engel-
hard as a replacement for the CuZn-based LTS catalyst. This catalyst also possesses
features such as direct activation under process gas conditions, similar activity as
the traditional catalyst, no safety and stability concerns upon air exposure, and good
stability against temperature cycling and aging.*

6.5.3.2 Precious Metal Catalysts

Platinum-group metals (PGMs) attracted early interest as WGS catalysts due to their
nonpyrophoric nature, high activity over a wide range of temperatures, and excellent
stability at high temperatures. This became especially true when Pt/CeO, was
recognized as a good catalyst for WGS.* NexTech Materials*' developed Pt/CeO,
catalysts by depositing Pt on nanometer-sized ceria particles. These catalysts were
found to be more active than the Cu—Zn-type catalyst at temperatures above 270 °C.

Extensive research has also been conducted on the elucidation of reaction and
deactivation mechanisms on the PMG—ceria-based catalysts. Bunluesin et al. reported
in 1998 that substitution of alumina for ceria in supported Pt, Pd, and Rh catalysts
improved their WGS activities by about two orders of magnitude, mainly due to the
increased ceria surface area by alumina substitution.”> The enhancement in activity
was also attributed to the oxygen storage capacity of ceria, facilitating a redox type
of mechanism. The observed deactivation was initially ascribed to ceria crystallite
growth. Further research proved that Pd/ceria and Ni/ceria, although almost one
order of magnitude less active than the traditional Cu—Zn catalyst, were much more
active than Co—ceria and Fe—ceria catalysts, owing this behavior to the stabilization
of CO adsorption on Pd.*

More insight into the mechanisms of PMG/ceria catalyst deactivation was pro-
vided by data indicating that surface carbonate species are bound to reduced ceria
sites in the spent catalysts, possibly limiting the rate of ceria reoxidation. Kinetic
data was found to support the assumed redox mechanism, and fitting of experimental
data with power rate law equations yielded partial reaction orders of 0 for CO, 0.5
for H,O, —0.5 for CO,, and —1 for H,. These values strongly suggested that the metal
surface is saturated with CO under reaction conditions, which can effectively limit
the overall reaction rate at elevated CO feed concentrations.”™ In line with the
mentioned evidence of carbonate deactivation comes a recent study by Deng and
Flytzani-Stephanopoulos* who explored the effect of shutdown/start-up cycles on
the Pt—ceria and Au—ceria catalysts. The authors found evidence of severe deactiva-
tion following such cycling, whereas the addition of a small amount of oxygen (1%)
into the gas stream enhanced the stability both under the steady-state WGS operation
and the shutdown/start-up transients. Analysis of the deactivated catalysts revealed
the presence of cerium (III) hydroxycarbonate, which could be avoided in the pres-
ence of 700-900 ppm of oxygen. Liu et al.* studied the behavior of Pt—ceria catalysts
under simulated shutdown conditions and also found evidence of deactivation from
carbonate formation both on the support and on the noble metal. Their data suggested
that both CO and CO, were responsible for carbonate formation. Regeneration in air
at 450 °C recovered the activity to some extent and no metal sintering was observed.
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Wang et al.* subjected Pd/ceria and Pt/ceria catalysts to accelerated aging under
WGS conditions and concluded that the presence of CO caused metal particle growth
and subsequent reduction of the number of sites available for CO adsorption during
the WGS reaction. The authors concluded that methods generally used for dispersion
stabilization should also apply for this class of catalysts. Quite consistent with this
conclusion are the results from a study performed by leaching the precious metal
prior to activity testing on Pt/ceria and Au/ceria.*® These results suggested that the
metal nanoparticles were not involved in the reaction, but rather precious metal ions
associated with the ceria surface were instead responsible for catalyst activity. Based
on this finding, methods designed to enhance the populations of metal ions strongly
associated with the ceria lattice should lead to enhanced activity.

A major improvement in the activity for this class of catalysts was made by
Wang and Gorte*” when it was discovered that Fe promotion of Pd/ceria resulted in
one order of magnitude increase in measured reaction rates, making the Fe—Pd/ceria
catalyst as active as the traditional Cu—Zn catalyst at low temperatures (Fig. 6.3).
The most significant effect came from one monolayer of Fe,Os. Further investigation
by the same group into the promotional effect of Fe on Pt, Pd, and Rh supported by
ceria*®® prompted to the evidence that the promotion effect of Fe was specific to Pd
through the formation of Pd—Fe alloy.

Recently, a new class of WGS catalysts based on gold has attracted increased
interests after Andreeva and coworkers showed an enhanced catalytic activity at
low temperatures on supported gold catalysts.* It was found that the preparation
method had a strong effect on activity, and Au/Fe,0;, Au/TiO,, and Au/ZrO, had
similar activity profiles in the WGS reaction at low temperatures. Au/TiO, could
achieve 50% CO conversion at temperatures as low as 130°C. Under standard
testing conditions, these catalysts showed better activity than the commercial CuZn-
based catalyst. Enhanced activity was attributed to the very small Au particles,
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Figure 6.3. Comparison of differential rates of WGS reaction for a commercial Cu/ZnO (A),
Pd/Fe—ceria (O), Pd/ceria (m), Pd/Mo—ceria (®), and ceria (#). Reproduced from Wang and Gorte."’
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strong Au/support interaction, and uniform distribution of the metal on support.
Optimal Au crystallite size was found to range between 3 and 5nm. For these
catalysts, a mechanism involving H,O dissociation on Au and spillover on the
support was proposed.

While some stability issues have been identified on the supported Au catalysts,
a major progress was made by the discovery that Au/CeO, showed remarkable
performance stability.”” Among the catalysts with several Au loadings (Fig. 6.4), it
was found that 3% Au showed the most stable operation over a 3-week period of
tests due to an optimal ratio of surface Au and ceria sites. Evidence of strong metal—
support interaction was correlated with the enhanced reducibility of ceria in the
presence of Au nanoparticles. Further research into different catalyst preparation
methods for Au/CeO, showed that Au dispersion and the WGS activity are extremely
sensitive to minor variations in the preparation procedure.’

As discussed above, the actual sites responsible for WGS activity in Au/ceria
are metal ions associated with the ceria lattice.*® Therefore, catalyst preparation
methods could result in highly variable interactions between support and metal,
leading to significantly different catalytic activities. Also mentioned before was the
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Figure 6.4. Effect of gold loading on ceria upon Au/CeQ, catalyst activity. Data were obtained at
12,000h™" space velocity, atmospheric pressure; Au loading: (1) 1 wt%; (2) 3wt%; (3) 5 wt%.
Reproduced from Andreeva et al.*
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beneficial effect of low concentrations of oxygen during the WGS reaction on Au/
ceria, as well as during shutdown/start-up cycling.”® Evidence suggesting that the
catalyst deactivates through surface carbonate formation can be corroborated with
the results from Kim and Thompson™ reinforcing the deactivation model in which
oxygen-deficient sites in ceria promote carbonate and formate intermediates that
block the normal reaction WGS cycles. Catalysts initially four times as active as a
standard Cu—Al-Zn catalyst decayed to about half the initial activity within 10h
onstream. Following regeneration in air at 400 °C for 4 h, the catalysts fully recov-
ered the activity with no measurable loss in surface area or metal dispersion.*

Coupling between the WGS and Prox reactions was suggested in a few
instances.™* Since Au/ceria is a recognized CO partial oxidation catalyst, such an
approach would enhance at least CO conversion with oxygen. As shown above, this
approach has proven itself feasible with bimetallic Cu—Pd deposited on nanosized
ceria.

Although the catalysts discussed above are nonpyrophoric and show promising
activity at low temperatures where WGS equilibrium is favorable to CO elimination,
these precious metal catalysts remain relatively vulnerable to sulfur poisoning.
Studies on investigating the catalyst behavior in the presence of sulfur-containing
feeds for a series of catalysts showed that Pt/ZrO, is a potentially promising catalyst.
Although some activity of this catalyst was lost upon the addition of 50 ppm sulfur,
the initial activity was recovered promptly either with hydrogen or in a sulfur-free
feed stream.” This catalyst was also more active than the ferrochrome at intermedi-
ate temperatures, and the most active under sulfur-containing feed conditions.
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Chapter 7

Removal of Trace
Contaminants from Fuel
Processing Reformate:
Preferential Oxidation (Prox)

MARcoO J. CASTALDI

Department of Earth and Environmental Engineering, Columbia University

7.1 INTRODUCTION

There are several methods to remove trace contaminants from effluent streams. They
fall into the broad categories of adsorption, membranes, scrubbers, and selective
reaction. In adsorption, typically, powder activated carbon (PAC) or pressure swing
adsorption (PSA) is employed to physically condense or trap the contaminant of
interest onto a high specific surface area bed (~500m*g or higher). Conventionally,
the adsorption processes are separated into continuous and batch processes. When
using PAC, it is usually operated in batch mode. That is, once the bed is saturated
with the contaminant, determined via detection of the contaminant concentration
increasing on the downstream side of the bed, the effluent stream is stopped or
diverted to another bed and the saturated bed is removed and regenerated.

PSA operates much the same way as PAC beds, but the intent is to have a more
continuous process. That is, the effluent stream is never stopped and diverted from
one PSA bed to the next. Usually, there is a series of PSA beds in continuous opera-
tion at one time to increase the removal efficiency of the contaminant and improve
the regeneration capability.

To further improve the adsorption capacity and regeneration ability of the beds,
metals and promoters are added in small quantities. For example, a PSA system
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using activated carbon impregnated with SnCl,-2H,0 was used to remove CO from
a model Hy/CO mixture representing the steam reformer process gas. The CO
adsorptive capacity of impregnated carbon was found to be superior to that of the
pure carbon. Typically, 1000 ppm CO can be readily reduced to 10.4ppm via the
impregnated activated carbon PSA system. The species in the impregnated carbon
responsible for the improved gas-phase CO adsorption was found to be SnO,." For
an extensive discussion on PSA, please see Chapter 11 of this book.

While adsorption and therefore PAC and PSA are probably the most mature
technologies for CO removal from the reformate, they have some drawbacks. The
first is the need for high pressure, between 5 and 10atm, to achieve high removal
efficiencies. This leads to design issues in pressurizing the system with large hydro-
gen concentrations and significant energy consumption. If high-pressure hydrogen is
desired, then these beds are well suited, if low pressure is needed, then the energy for
pressurization is wasted. Another drawback is the attrition of the adsorption capacity.
That is, the amount of material the bed can adsorb deteriorates over time until the
entire series of beds needs to be replaced. Finally, the PSA systems necessitate the
use of hot valves to divert the reformate flow from one bed to another. Anytime there
are moving parts in a hot flow path, there is the potential for component failure.

Another very effective technology is membrane separation. Membranes have
been used for a wide variety of chemical purification and have been adapted to refor-
mate purification as well. The most viable membranes currently target only one
chemical species, such as hydrogen, thus allowing hydrogen to pass while retaining
all the other reformate gases. These are Pd-based materials that can process 0.1kg/
m?/s of hydrogen. This translates to separator volume of about 0.03m® for a 1kg/h
H, production rate, which is a reasonable size.

Membranes are constructed of either inorganic ceramics or precious metal
alloys of Pd. Many groups are exploring their use since they can operate at pressures
near 10psi differential. For example, an 11 y Pd/Ag alloy can operate with a 10 psi
pressure differential at 505°C, maintaining a flux near 0.68 mol H,m%s. It is also
possible to operate at low temperatures, down to 2 °C, albeit at slightly lower fluxes.?
In addition, with proper backing, that is, metal or ceramic support, the same mem-
brane can sustain a 60 psi differential pressure resulting in higher fluxes.* In com-
parison to PSA, these systems typically operate with 40-50 psi differential pressure
at temperatures up to about 200 °C. Currently from a cost perspective, PSA is more
affordable than Pd/Ag alloy systems, yet cannot operate at the lower pressure dif-
ferentials that the membranes can. Therefore, the cost advantage may be offset by
the pressurization costs.

One more separation technique that deserves some discussion is the scrubber.
Scrubbers are the most mature technology from the chemical separation industry
that usually employs liquid—gas interaction to achieve the contaminant removal.
While they can be very selective due to the liquid-stripping agent, they are compli-
cated systems that use specialty chemicals and require multiple steps to transfer the
contaminant from gas phase to liquid, then from liquid back to gas phase, which is
ultimately vented. For very large, stationary installations, scrubbers are usually the
technology of choice because of their performance; they can routinely achieve
99.99% removal efficiency, durability, and robustness. However, scale-down is not
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a trivial issue and as such, scrubbers have not penetrated into the hydrogen puri-
fication process. For more on scrubber technology, please see Perry and Green’s
Chemical Engineers’ Handbook.*

This leads to the last category and the subject of this chapter: selective oxidation
or preferential oxidation (Prox) of contaminants. In particular, the focus will be on
the removal of trace amounts of CO, from approximately 1% mole fraction or less,
from a reformate stream. The reformate typically contains 10% CO,, 25% H,0, ~1%
CO, 30% H,, and the balance N,, which is generated from an autothermal reformer
(reforming fuel, air, and water) followed by a water-gas shift (WGS) reactor. It
should be noted that if the reformer is a steam reformer, there will be a similar refor-
mate stream but no nitrogen and higher concentrations of hydrogen. The significant
aspect of Prox is the ability to react the small amount of CO in the presence of large
quantities of H,. This technology effectively converts the contaminant to an inert and
thus can be operated on a truly continuous basis. The required amount of oxygen is
fed to the Prox reactor via an air blower. Therefore, the Prox reactor can operate at
atmospheric pressure, and the blower, which feeds air, is a low energy consumer.

Since the reaction must be highly selective toward CO and not H,, it is always
done in the presence of a catalyst. Not only does the catalyst reduce the energy
necessary to initiate the CO oxidation reaction, but the formulation enables the
desired reaction to occur by taking advantage of the strong CO adsorption on the
catalyst surface. Unlike, the other technologies described above, Prox is considered
a very elegant way to remove the CO since there is no regeneration or bed replace-
ment necessary, air is the only reagent that is supplied by a blower, and the reaction
occurs at moderate temperatures, ~200°C, and low pressures but can operate at
higher pressures if desired. Moreover, the reactor size necessary to achieve low CO
concentrations, for example, <10 ppmv, is usually one-half to one-fourth the size of
the upstream WGS reactor.

There are however concerns with durability or lifetime of the catalyst. There can
be contaminants within the reformate, in particular sulfur compounds, that can render
the catalyst completely inactive. In addition, if the reactor temperature operates too
high or an unexpected over-temperature event occurs, the performance or durability
of the catalyst can be seriously compromised. Additionally, the support of the catalyst
can sinter over time on stream due to the presence of significant amounts of water.
Fouling can be another issue, which impacts durability if very pure water or clean
air is not used. While all these factors are present, catalyst formulations have been
shown to operate for hundreds of hours with minimal to no degradation.

7.2 REACTIONS OF Prox

The overall targeted reaction in the preferential removal of CO in the reformate
stream is the oxidation of CO via a carefully metered amount of air:

1
CO+ 502 (from air) — CO,.
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However, it should be intuitive that this is not the only reaction that occurs,
especially in the presence of nearly 30% H,. The primary undesired reaction to occur
is the oxidation of hydrogen:

H, + %Oz (from air) — H,O.

Not only is this a consumption of oxygen, thus leaving less for CO oxidation,
but it is also a consumption of H,, which is the desired ultimate product in the
reformate. Furthermore, it is an exothermic reaction that raises the probability of an
undesired temperature excursion. Aside from the two major reactions above, there
are other reactions that impact the ultimate performance and conversion efficiency
of the Prox reactor. They are the WGS and methanation reactions. Therefore, the
relevant reactions for this system are

CO+ %02 —CO, AH=-283kJ/mol, (7.1)

1
Hyt—0, 5 H,0 Al =242 kJ/mol, (7.2)
CO+H,0 = CO,+H, AH=-41.2kJ/mol, (7.3)
CO+3H, =2 CH, +H,0 AH =-206 kJ/mol. (7.4)

Other reactions, such as CO, + H,O and CO, + CH,, are either not thermody-
namically favored or the concentrations of the reactants render them insignificant.

A thermodynamic analysis puts the above reaction sequence into perspective.
Representative values of shifted reformate were taken from the Fuel Cell Handbook,
5th edition, with O, addition to produce an O,/CO ratio of 1.2 or lambda (1 = 2.4,
where A =2*0,/CO). Equilibrium calculations and CO conversions done for a range
of inlet temperatures for the shifted reformate show that thermodynamics do not
favor 100% selectivity of O, to convert CO, and reverse water-gas shift (RWGS)
reactions need to be avoided. Even at temperatures of 25 °C, the calculations show
that all the O, is converted with most reacting with H, to form water. From that
temperature and higher, the RWGS reaction occurs, which works against the reactor
designer trying to produce a CO-free effluent. Figure 7.1 shows how quickly the CO
conversion drops with rising temperature. At 75 °C, CO conversion is 90%, whereas
at 125°C, conversion is 75% and 175°C conversion drops to 35%. In fact, CO
production, due to the RWGS reaction, begins to occur by 210°C. However, the
levels of H,, CO,, and H,O are only slightly affected by the temperature rise. For
example, at 75 °C H, concentration is 52.2%, and at 175 °C, the H, level is relatively
unchanged at 51.9%. This indicates that low operating temperatures are desirable to
keep CO conversion high to produce a CO-free effluent. Yet, high temperatures are
preferred for higher CO oxidation reaction rates, thus allowing reactors to be reason-
ably small in size. The equilibrium values can be used as a guide to help define the
operating window for allowable CO removal. One way to achieve high CO conver-
sions at temperatures near 200 °C, where the kinetics of the CO oxidation reaction
are sufficiently fast, is to operate a reactor at nonequilibrium conditions. The scheme
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Figure 7.1. Equilibrium calculations for shifted reformate.

leads to the innovative combination of novel catalyst formulations (metal and sup-
ports) and reactor design. That is, a catalyst must be employed to drive the oxygen
to react with the CO as much as possible. Therefore, the appropriate choice of cata-
lysts and considerations for reactor design are necessary to effectively enable the
reaction. These aspects are discussed in Sections 7.4 and 7.3 and 7.5, respectively.

7.3 GENERAL Prox REACTOR PERFORMANCE

Aside from specific variations in catalyst formulations, the operation of Prox reactors
has some interesting behavior. To be sure, different catalyst formulations impact the
performance of certain parameters to a degree. However, it is likely that they sup-
press certain operational regimes, such as hydrogen light-off, but do not completely
eliminate them. This section discusses some commonly found performance charac-
teristics when operating Prox reactors. In particular, variations in A, CO concentra-
tion, and space velocity are presented. In addition, some other subtle effects such
as multiple steady-state operation and reactant synergies such as that between
water—oxygen.

The catalyst formulation chosen needs to be selective toward CO oxidation (Eq.
7.1) over water production and methane reactions (Eqgs. 7.2 and 7.4), as well as be
active at low temperatures where the reverse rate of Equation 7.3 is slow. The for-
mulation will also need to be highly active for Equation 7.1, thus allowing the use
of near stoichiometric amounts of O,. Stoichiometric amounts of O, are desirable to
keep the selectivity toward CO conversion high. Any O, remaining after conversion
of CO will react with H,, thus decreasing the effectiveness of the reactor.

To further illustrate typical Prox performance, results are shown from tests
done with an O,/CO ratio of 1:1 and a reactor space velocity of 440,000h™ using
a representative shifted reformate from an autothermal methane reformer (CO:
500-10,000 ppm; O,: 1000-20,000ppm; H,O = 32%; H, = 32%; CO, = 14%;
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N, balance = 20%). The catalyst formulation used for this example was a Pt/a-Al,Os.
This formulation is very common for the examination of a wide window of tempera-
ture operation with no observed methanation.

A CO inhibition effect was observed at higher inlet concentrations of CO
leading to a delayed light-off but higher maximum conversions. One cause for the
CO inhibition is likely attributable to the strong adsorption of CO on the Pt surfaces.
Due to the high concentration of H, in the reactants, competing reactions (H, + %20,)
as well as H, adsorption on the surface occur. The likely mechanism is that CO
strongly adsorbs onto a Pt site — H, reacts with the adsorbed CO to form H,O,
leaving behind carbon on the surface — O, may then react with the carbon to reform
into adsorbed CO. Clearly, there is a competition between CO adsorption, H, reac-
tion with adsorbed CO or O,, or both and the ability for the O, to react with the
carbon to form CO, and subsequently desorb to free the site for another reaction.
Because of the CO inhibition effect, a set of inlet parameters must be optimized to
give high conversions of CO with high selectivity, yet have a low light-off tempera-
ture to avoid running into RWGS reaction limitations. Figure 7.2 shows a compari-
son between CO inlet concentrations and amount of O, available for reaction,
defined as A; again A = 2*0,/CO. Higher A indicates more O, and A > 1 results in
excess oxygen for the CO to CO, reaction, thus leaving O, remaining to react with
H, once the CO has been exhausted.

Analysis of the data in Figure 7.2 indicates that there is a CO inhibition
effect on the platinum catalyst somewhere between 500 and 1000ppm CO inlet
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Figure 7.2. Comparison between conversion (a) and selectivity (b) for different CO inlet
concentrations and A4 using a Pt/a-Al,Os.
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concentrations. A comparison between the 1000 ppmv CO inlet (m) and the 500 ppm
CO inlet (o) for the same oxygen availability, A = 4, shows a higher light-off tem-
perature for the higher CO concentration sample. While the light-off temperatures
are higher, the maximum achieved conversion and selectivity are higher for the
1000 ppm case. Further analysis shows that higher A’s lead to more complete conver-
sion but generally lower selectivity, as expected. Another observation is that higher
A’s are required with lower CO concentrations to achieve greater than 99% CO
conversion. In the temperature range studied, it is evident that higher CO concentra-
tions can unexpectedly affect the reactions. In Figure 7.2b, the 1000 ppm CO (m)
sample has poor selectivity at low and high temperatures. At low temperatures, the
CO oxidation reaction is probably inhibited, while at high temperatures the catalyst
is less discriminating between reacting CO and H,. Also, notice the rank order of
selectivity versus A for the two CO concentration levels. For the 1000 ppm concen-
tration sample, selectivity gets better as A is increased, whereas the opposite is true
at the 500 ppm level tests. These types of effects are important in reactor design
with varying CO inlet concentrations and may lead to cross over into an inhibition
regime, where light-off and selectivity are affected. Lastly, it is clear in Figure 7.2a
and b that the temperature corresponding to maximum conversion does not corre-
spond to maximum selectivity. The maximum selectivity occurs at lower tempera-
tures, usually before the reactor is fully lit off. This would suggest the catalyst
surface might be initially covered by one of the reactants (CO or O,) at the low
temperatures where it is easy for the other reactant to combine with the adsorbed
species. As temperature is increased, reaction rates increase, allowing greater con-
version, although with decreasing selectivity, indicating possible competition
between the initial reactant (CO or O,) on the surface and H,. Obtaining and defining
a wide operating window therefore presents a significant challenge.

Additional comparisons between CO inlet concentration of 5000 ppm (©) and
10,000 ppm (@) help to determine if much higher CO concentrations had the same
effect as that at the lower levels. Figure 7.3 shows the CO conversion comparison
for the 5000 and 10,000 ppm inlet concentrations versus temperature. Light-off
trends were similar to the low concentration studies, in that the 10,000 ppm sample
had a more gradual, higher temperature light-off as compared with the 5000 ppm
sample. This suggests that the inhibition mechanism is the same over large changes
in CO inlet concentrations. Note that for the data reported in Figure 7.3, A = 2.0,
which is lower than in the low CO concentration study discussed above in Figure
7.2 and may be why maximum CO conversions were the same. An interesting
observation is the ability to achieve approximately 85% conversion here with A = 2
whereas at the lower CO concentrations, A’s of 4 or higher were needed to achieve
that amount of conversion. This suggests competition between CO and H, for O,,
and at the higher CO concentrations, CO is more effective in competing for the
available O, than at the lower CO concentrations.

The selectivity results, also shown in Figure 7.3, give an indication as to the
type of mechanism dominating for the CO oxidation reaction. Notice that the
divergence between the selectivities at the low temperatures before light-off is
complete. The high concentration, while has a lower conversion rate, has a much
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Figure 7.3. A comparison of light-off and maximum conversion versus temperature for high inlet
CO concentrations. Study done using A = 2 for the same Pt/o-Al,O; catalyst as in Figure 7.2.

higher selectivity than the 5000 ppm sample. This clearly indicates that the CO
initially adsorbs onto the catalyst surface prior to reaction, and the inhibition effect
is due to this CO adsorption. Not until a temperature of near 250 °C, when significant
activity is taking place on the 10,000 ppm sample, do the selectivities approach each
other. The 5000 ppm sample has a selectivity curve that indicates that the amount
of CO present at that concentration level is not enough to completely cover the cata-
lyst sites; therefore, there is probably a competition of reactions occurring from the
beginning. Again, the temperature of maximum conversion does not correspond to
that of maximum selectivity.

Oxygen stoichiometry studies done for the same Pt catalyst help to elucidate
the mechanism for CO conversion. For those tests, the CO concentration was kept
at 5000 ppm and the oxygen stoichiometry, A, was varied from 1 to 3 and the Prox
activity and selectivity in each case was investigated over a suitable range of tem-
perature. The results are shown in Figure 7.4. As can be seen, with increasing A, the
maximum selectivity decreases but the maximum CO conversion increases. The
maximum CO conversion was seen to increase rapidly up to A = 2 after which point
only incremental increases were obtained by increasing A. This result suggests the
possibility of using a multiple-stage reactor system, which is commonly used.’ One
scheme could be operating with a A of ~2 in the first stage and using a higher A in
the second stage to get almost complete conversion of the CO.

Since the maximum selectivity occurs for A = 1, which is the stoichiometric
amount to oxidize CO to CO,, and diminishes from thereon, while simultaneously
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Figure 7.4. Comparison of oxygen concentration from stoichiometric amounts (A = 1) to three
times in excess to begin to elucidate the mechanism of CO oxidation.

increasing conversion, this suggests that the rate limiting step is the oxidation of
CO. Since the conversion only incrementally increases after A = 2 while selectivity
decreases more dramatically at that point, increasing O, does not efficiently oxidize
the CO after stoichiometric amounts have been introduced. Therefore, variables
other than stoichiometry, such as reactor design or catalyst formulation must be
investigated separately or in combination.

The heat of adsorption of CO on supported platinum is known to be a strong
function of platinum particle size with higher strength of adsorption on smaller par-
ticles.® It has been observed that the operating temperatures for maximum catalyst
activity and selectivity were a function of the catalyst loading, with the maximum in
activity and selectivity shifted to higher operating temperatures with lower loading
as would be expected with a particle size effect. These studies demonstrate the concept
of using platinum loading to vary the optimum operating temperature along the length
of the reactor. Modifying the catalyst activity by the use of promoters, alloying with
other precious group metals (PGM), may also be used to achieve a similar result.

7.3.1 Multiple Steady-State Operation

In addition to the performance variations with reactant concentration and gas hourly
space velocity (GHSV), there can be multiple steady states observed. Generally, a
reactor in which a single, exothermic reaction is occurring will operate in one of
two stable steady states. Additionally, an unstable steady-state solution to the mass
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and energy balance will be present. However, when multiple reactions are occurring
in a reactor, there is the possibility of more than three possible steady-state solutions.
This arises from the fact that each reaction has a unique mole balance curve that
superimposes upon each other. The energy balance line can then intersect each mole
balance curve more than once adding up to four or more stable steady-state condi-
tions where the mole and energy balances are satisfied.” This type of phenomena is
seen with the Prox reactor being developed, particularly at dry-feed concentrations.
Selective oxidation of CO in hydrogen over different catalysts has been extensively
examined.

A general understanding of these systems is that at temperatures before the onset
of the CO light-off, the surface is covered with adsorbed CO. As the temperature is
increased, the fraction of the surface covered with CO decreases, and this opens up
sites for oxygen adsorption and subsequent reaction. Above a certain temperature,
the fraction of CO occupying the surface decreases even further and hydrogen che-
misorbs and reacts on the surface in competition with CO, reducing the selectivity
toward CO oxidation. Therefore, a common feature of all these systems is that there
exists a window of operation in temperature between the light-off curves for CO
and H,, the object being to operate at a catalyst temperature sufficient for high activ-
ity of CO oxidation (for reduced size of catalytic reactor), but below that for signifi-
cant consumption of the hydrogen. This results in different temperature windows
and optimum catalyst temperatures, which need to be identified for different catalyst
formulations.

This is shown schematically in Figure 7.5. The figure shows the CO and H,
light-off curves, which are shifted both in absolute temperature and relative to each
other for different catalyst formulations depending on the relative adsorption ener-
gies on the different catalyst surfaces. This results in different temperature windows
and optimum catalyst temperatures, which need to be identified for different catalyst
formulations.
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Figure 7.5. Schematic illustration of CO and H, light-off on Prox catalyst.
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Table 7.1. Results of the Dual Steady-State Behavior of the Prox Reactor

Inlet Concentrations Reactor Conversion
Temperature
0O, H, CO CO, H,O Inlet Surface 0O, CO
1.69 43.46 1.41 18.08 7.30 91.8 160.1 30 22
1.68 44.40 1.41 18.10 7.30 90.0 253.5 Complete 23

Dual steady-state behavior of the reactor has been observed at dry-feed condi-
tions. However, when the water content is above 15% in the feed, the reactor con-
sistently gives high CO conversion with nearly 45% selectivity. In addition, oxygen
has been detected in the product stream at varying levels, depending on the condi-
tions tested. Initial analysis indicates that heat removal at the catalyst surface is a
very important parameter in avoiding dual steady-state operation because heat gener-
ated from the CO oxidation reaction is quickly transferred into the gas phase, thus
moderating the surface temperature.

Table 7.1 displays representative results from experiments that show the dual
steady-state nature of the selective CO oxidation reactor. The first row provides the
results of the reactor operating in the preferred steady state. The CO conversion is
22% with oxygen conversion at 30%, which results in a selectivity of slightly above
40% with a commensurate temperature rise. The second row shows for the exact
same inlet compositions and temperature, the reactor is operating in another, high
temperature, and undesired steady state. The data indicate that this state is one in
which high hydrogen consumption is occurring. The evidence for that is seen in the
complete conversion of oxygen, without a change in CO conversion and the higher
surface temperature as compared with the previous state (Fig. 7.6). Since hydrogen
is considered the fuel in this case, it is this state that must be avoided to ensure that
the efficiency of the reactor system remains high.

Additional experiments have been conducted that varied A from 0.7 to 3.0,
holding all other feed conditions constant.® Dual steady-state operation was observed
for the entire range tested providing more evidence that the water amount in the feed
composition is probably the dominant factor. This type of experiment was repeated
for a different CO feed concentration and nearly the same behavior was recorded.
This dual steady-state nature persists for a wide range of lambda, which points to
the fact that dual steady state is more influenced by feed composition and more
specifically by water amount. Since water has high heat capacity, this may temper
the heat rise and delay the onset of H, oxidation reaction.

7.3.2 Water-Oxygen Synergy

Another result particular to this mix of reactants used in Prox testing with various
water concentrations was evidence of a water—oxygen synergy within the reactor’
(Fig. 7.7). Table 7.2 comprises representative conditions and results from repeat
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Table 7.2. Evidence for a Water—Oxygen Synergy within the Prox Reactor

Inlet Concentrations Reactor Temperature Conversion ~ Lambda

0, H, CO CO, H,O Inlet Surface Outlet 0O, CO

0.65 31.79 055 1390 32.88 101.2 1943 1922 7333 9236 2.36
0.65 31.74 055 1391 - 109.6 1360 1355 6.15 26.23 2.36
- 31.86 0.55 1391 3288 1104 1124 1099 - -0.50 -

experiments that indicated a water—oxygen synergistic reaction occurring. The
objective of these three experiments was to determine the contribution of oxygen
and water separately toward oxidation of CO and consumption of hydrogen. The
first row of the table provides the conditions and results of a baseline experiment,
where the system was operating at its targeted steady-state position. Here, the con-
version is, as expected, greater than 90% with 50% selectivity. The temperature rise
from the inlet to the outlet is consistent with the amount of reaction. The surface
temperature rise also tracks with the gas-phase temperature rise. The second row
has the results of the condition where the water is not included in the influent. The
third row shows the results of an experiment where the water influent was resumed
and the oxygen was turned off. Each time a reactant was turned off, nitrogen was
adjusted to compensate for that loss to maintain a constant GHSV. Inspection of the
CO conversion shows that the sum of the CO conversions from the individual reac-
tants does not add up to the conversion when they are both present. In fact, the water
alone shows nearly zero reaction, which is expected because that condition repre-
sents a WGS reaction of which the kinetics are very slow at that temperature. It is
clear, however, that it is not only the oxygen that is converting the CO since its
conversion is only 26% as compared with a 92% conversion when water is present.
It is evident that water somehow initiates or promotes the CO oxidation reaction.

Other water-enhanced reactions have been evidenced in the literature. For
example, there was a study that showed a hydrogen—water synergy' and a carbon
dioxide-water synergy." Both studies indicated that water addition increased the
amount of CO oxidation more than expected or predicted. The current experiments,
shown in the table, add another piece of evidence to the water-assisted or water-
enhanced CO oxidation observations. These results point toward water acting as a
catalyst or promoter for the selective CO oxidation on alumina-supported platinum-
based catalysts. It is known that water has a high heat capacity, thus its temperature
controlling, or heat absorbing, capability is recognized as one way to control reac-
tions that liberate heat. In the case of the selective oxidation of CO this is very
important, as discussed above, so as not to activate or light-off the hydrogen oxida-
tion reaction. Yet water plays a significant role as a promoter in this reaction
sequence. To this point, the reaction and performance characteristics have been
discussed for a Pt/o-Al,O; formulation. The next section discusses other catalyst
formulations found in literature where some of these performance characteristics are
observed.
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7.4 CATALYSTS FORMULATIONS

This section is focused on the catalyst selection for optimal Prox reactor operation.
During the discussion, catalyst formulation will generally cover the active metal (Pt,
Rh, Cu, etc.) and support (Al,O;, ZnO, etc.) with promoters (La, Ce, etc.); however,
there are instances in which studies done are more focused on the active metal
regardless of the support used and is indicated where appropriate. It should be kept
in mind that catalyst formulation selection must be done in the context of the desired
performance outcome, or avoidance of certain characteristics and reformate mix.

In general, different precious metal catalysts have been found to be highly
selective for the Prox reaction. Different workers have reported the use of supported
Ru, Rh,"” Pt,"*!'* and Au" for this reaction. A general understanding of these systems
is that at temperatures before the onset of the CO light-off, the surface is covered
with adsorbed CO. As the temperature is increased, the fraction of the surface
covered with CO decreases, and this opens up sites for oxygen adsorption and sub-
sequent reaction. Above a certain temperature, the fraction of CO occupying the
surface decreases even further and hydrogen chemisorbs and reacts on the surface
in competition with CO, reducing the selectivity toward CO oxidation. Therefore, a
common feature of all these systems is that there exists a window of operation in
temperature between the light-off curves for CO and H, (i.e., see Fig. 7.5), the object
being able to operate at a catalyst temperature sufficient for high activity of CO
oxidation (for reduced size of catalytic reactor), but below that for significant con-
sumption of the hydrogen. The inlet temperature to the Prox reactor should ideally
be less than or equal to a low temperature WGS reactor exit temperature generally
found just upstream of the Prox reactor. This would allow easy transition, without
heat exchangers or control schemes, into the Prox reactor.

Selective oxidation of CO in hydrogen over different catalysts has been exten-
sively examined. Most research to date has occurred with formulations that include
a precious metal component supported on an alumina carrier. The catalyst-mediated
oxidation of CO is a multistage process, commonly obeying Langmuir-Hinshelwood
kinetics for a single-site competitive mechanism between CO and O,. Initially, CO
is chemisorbed on a PGM surface site, while an O, molecule undergoes dissociative
chemisorption either on an adjacent site or on the support in order for surface reac-
tion between chemisorbed CO and O atoms to produce CO,.

The precious metals have the high turnover frequencies required for CO oxida-
tion in the presence of hydrogen and water, in particular the chemisorption of both
CO and O,. An optimum range of O,/CO ratio is required in order to obtain the
proper balance of adsorbed CO and adsorbed oxygen on adjacent sites. However,
not all pure supported precious metals can achieve selectivity that is required for
Prox. One good example of this is palladium because of its strong affinity for hydro-
gen chemisorption.'®

Recent literature data suggest that the use of promoters may be beneficial and
lead to a significant improvement in CO conversion and selectivity for preferential
selective CO oxidation (under an H-rich environment).!” Lanthanum oxide (La,O3)
is known to be an effective catalytic textural and structural promoter, increasing the
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thermal stability, the dispersion and the stability of the noble metal (Pt, Pd, or Rh)
catalysts."®? The La,O; loading and the type of lanthanum precursor plays an
important role on the noble metal or other metal oxide dispersion used as active
catalyst component.”*** The catalyst configuration (surface and bulk structure) will
strongly affect the catalytic activity. Similar promoter effects are expected from
Sm,0;. Iron (Fe) has also been used as a promoter. %" It is postulated that the pre-
cious metal sites chemisorb the CO and the Fe, which, in an oxide state, promotes
the dissociated adsorption of oxygen leading to a dual-site mechanism.? One study
with Pt catalyst promoted with Fe showed that the outlet concentration of CO from
Prox is governed by the RWGS reaction as well as temperature and residence time.”

CuO-CeO, mixed oxide catalysts and Cu/CeO, catalysts were studied by
Avgouropoulos et al."'***° The material was shown to have a high selectivity toward
CO oxidation, with a minimum operating temperature of 140°C. The advantage of
the catalyst is that it does not exhibit RWGS activity. The Cu/CeO, catalyst, made
using a sol-gel process exhibits both high selectivity and conversion of CO oxidation
in the temperature range of 170-190°C range.

Gold has been suggested as a potential Prox catalyst, particularly at low operat-
ing temperature, that is, 100°C. Gold supported on manganese oxides, prepared via
use of an organogold complex in the liquid phase, albeit with stability concerns of
Au/MnOx in H,, was reviewed by Tanaka et al.’! Use of Au on iron oxide at 80°C
was recommended by Kahlich et al.*? A recent paper® reported that an Au/Fe,Os
catalyst is highly selective toward CO oxidation operating at 80°C. A gold on AlL,O;
catalyst was reported by Ivanova et al.*

An Rh/MgO catalyst™ has been reported to be highly active at 250°C, without
exhibiting undesirable side reactions like RWGS and methanation. The highly active
catalyst could be used as a low-cost, first-stage Prox catalyst and does not need a
heat exchanger directly after the WGS reactor. Kotobuki et al. studied mordenite-
supported noble metal catalysts—Pt/y-Al,O; and Au/c-Fe,05.%

It was also reported that the presence of Ru favors CO-selective oxidation under
Prox reaction conditions.'? Ru is clearly favored for first-generation fuel processors
because of its low cost relative to Pt or other precious metals. Taylor et al. reported
ruthenium/alumina and rhodium/alumina for high CO conversion below 100°C.*’
Echigo et al. reported that selectivity of an Ru Prox catalyst was improved by pre-
conditioning the catalyst in H,/N,*** and was able to reduce CO below 10ppmv.
Ru operates between 140-200°C* and thus is active for methanation reaction with
CO,. This consumes hydrogen and could potentially generate high temperatures
since the methanation reaction is exothermic. Ru will deactivate in the event of air
exposure due to many different valence states that the surface can attain. Platinum
supported on zeolite and mordenite for selectivity approaching 100% at high H,
concentrations has been observed by Kotobuki et al.*® Catalyst surface coverage and
reaction kinetics for the Prox reaction over Pt/y-Al,Os, Au/a-Fe,0;, and bimetallic
PtSn catalysts were described by Gasteiger et al.*!

The literature cites several other oxidation catalysts that have shown selectivity
in the presence of hydrogen. These include Au, Ir, Pt, Pt/Ru, Ru, Rh, and Cu as the
active metals, dispersed on various supports. Iridium on cerium oxide has also been
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explored and found to be reasonably active and selective but somewhat less than
Pt.'® This study was done without H,O or CO, in the reactant stream. Therefore, the
performance stability effects from carbonate formation and RWGS reactions are
unknown.

A patent was granted to Shore et al.*? for a process utilizing a Cu/CeO, catalyst
that also contained Pt. It was found that the precious metal lowered the temperature
necessary for the reduction of the base metal from its inactive oxide to the active
metal form. The operating temperature is 100°C, compared with the minimum of
140°C required for the reduction of Pt-free copper/ceria in the reformate. One limita-
tion of the copper Prox catalyst is that it is CO inhibited; CO shifts the reduction
temperature of the catalyst.

The development of catalyst formulations for Prox is continuing. The discussion
just presented should serve as a very good starting point when researching Prox
catalyst formulation development, but is not an end. Especially with the rapid devel-
opment of nanocatalysts, there will likely be future developments for some time.

7.5 REACTOR GEOMETRIES

This section discusses different geometries that many of the formulations discussed
above are deposited. It should be noted that the findings discussed in Section 7.2
highlight in general what one could expect. However, different geometries or
formulations or a combination will greatly impact some of those performance
characteristics.

Prox is the CO removal technology of choice for steam reforming, partial oxida-
tion, and autothermal process routes for fuel cell systems. However, significant
issues exist, most notably capital cost and control of the process. Control and per-
formance of the process has been discussed in the previous section (Section 7.2).
The cost for Prox units based on 3 % wt Pt/AL,O; catalysts is large; typically, the
materials are nearly 80% of the entire reactor even when mass produced. The devel-
opment of cheaper catalyst materials is an important research goal. In addition, the
development of precious metal Prox catalysts on reactors that can operate at high
space velocities is imperative. While most of the formulations have been studied
over pellet bed or monolithic catalysts, there are other reactor substrates or geom-
etries that better lend themselves to the Prox reaction.

Some of these will be discussed here with various attributes that they possess.
Aside from the conventional substrates, others that are currently under development
are short contact time (SCT) reactors that consist of screens, mesh, or expanded metal
that are typically fabricated from high-temperature FeCrAl alloys. Reticulated foams
that combine the very low pressure drop of monoliths with the improved transport
of SCT reactors are often used. There are flat plate and microchannel reactors and
recently microelectromechanical system (MEMS) reactor geometries that have been
fabricated. In comparison to monolith or pellet beds, SCT substrates seem to allow
Prox reactors to operate at significantly lower water concentrations before the onset
of the hydrogen oxidation reaction, that is, the high-temperature steady state.
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Since the oxidation of CO and H, are highly exothermic (-283 and —242kJ/
mol, respectively), the control of reactor temperature becomes a critical issue. A
calculation of the adiabatic temperature rise for a typical reformate stream exiting
a low-temperature shift reactor with 5000 ppm CO and with 2500 ppm added O, was
~45°C (assuming 100% selectivity to CO oxidation). Therefore, depending on the
operating window of the specific catalyst formulation, the catalyst temperature may
have to be controlled prior to the onset of bulk mass transfer limited operation. This
can be accomplished by varying the inlet temperature to the Prox reactor to account
for the temperature rise along the length of the reactor and/or by using a staged
reactor with interstage cooling. As discussed in the next section, the combination of
low thermal mass and extremely high convective transport rates provides the ability
of maintaining a more uniform gas-catalyst temperature profile. This enables the
reactor to run closer to the gas-phase temperature than before the onset of bulk mass
transfer controlled reaction.

7.5.1 WMNMonolithic Reactors

Many groups are studying Prox reactions on monolith reactors primarily due to the
low pressure drop attributes. Additionally, there is a large experience base with using
monolith reactors for mobile, that is, automotive, applications since the tremendous
success of the catalytic converter. Moreover, these reactors have the ability to
operate at adiabatic conditions and lend themselves to myriad design configurations.
Typically, monolith reactors designed for Prox reactions have a high cell density
>400 cells in.” and are fabricated from ceramics such as alumina/silica or cordi-
erite or high-temperature metal, such as FeCrAl alloys. Due to the low pressure
drop attributes of monolith reactors typical GHSVs are in the range of
20,000-60,000h™".

Technology has now advanced that catalyzed heat exchangers or microchannel
reactors are being considered for applications where temperature control is
required.*** In one direction of a cross flow heat exchanger, a process gas is heated
or cooled by a fluid flowing in the adjacent channel. For catalytic reactions, such as
endothermic steam reforming, a washcoat on the walls of the process gas side of the
exchanger is heated by catalytic combustion occurring on the opposite side, mini-
mizing heat transfer resistance. The perpendicular channels may contain a cooling
or heating fluid, or its walls can be catalyzed with a combustion catalyst to provide
endothermic heats of reaction to the process gas. This is a significant step forward
in that maintaining isothermal conditions is paramount for the Prox reaction to
remain highly selective toward CO oxidation and avoid the consumption of
hydrogen.

The U.S. Department of Energy is also investigating the performance of mono-
lithic reactors using the same cell configuration as General Motors. The catalyst used
was Selectra® PROX I (BASF Catalysts, LLC), which was used to generate a data
set that was incorporated into a correlation that enable them to model different
staged reactors. They developed an empirical correlation for selectivity toward CO



346 Chapter 7 Removal of Trace Contaminants from Fuel Processing Reformate

conversion as a function of the inlet concentration. They further refined the correla-
tion to include a reduced parameter AX"*, which is a combination of oxygen to CO
stoichiometry (see Section 7.2) and inlet CO concentration. The correlation was used
to determine the optimum operating conditions of a Prox reactor while minimizing
parasitic H, loss. Their results show to achieve less than 10 ppm CO concentration
from the reactor exit, the inlet concentration cannot be more than 1.05% for a single-
stage reactor and 3.1% for a two-stage reactor.***

7.5.2 SCT Reactors

A typical SCT reactor element is shown in Figure 7.8, which shows the expanded
metal version. Other elements are made of similar construction using woven wires
to form a mesh as well.

The SCT approach to chemical reactor design essentially consists of passing a
reactant mixture over a catalyst at very high flow velocities, such that the residence
time of the gas mixture inside the catalyst bed is on the order of milliseconds. Such
SCT processes have commercially been used for a long time, for example, in
ammonia oxidation reaction in nitric acid production, where a mixture of ammonia
and air is passed over precious metal gauzes. In addition, SCT reactor technology
has been the subject of research since the 1970s.*’ Near 100% conversion of ammonia
with very high selectivity to the desired product is achieved. Catalytic systems based
upon wire mesh coated with precious metal catalysts have been developed for many
applications that need to take advantage of high transport coefficients.**

Using coated metal screen catalytic systems, it is possible to design reactors
operating at very high GHSVs for both mass transfer and kinetically controlled
reactions. This provides many advantages over the traditional packed bed or mono-

Figure 7.8. Picture of a short contact time (SCT) reactor fabricated of expanded metal.
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lith bed approaches, for example, higher space velocity operation for smaller reactor
size and improved selectivity over conventional substrates. For example, in mass
transfer limited reactions (e.g., Prox at certain operating conditions), SCT catalyst
and substrate designs show higher selectivity to partial oxidation reactions, allowing
operation within the material limits of commonly available materials. In the kineti-
cally controlled regime, near-equilibrium operation at high space velocities (i.e.,
small reactor sizes) with lower selectivity to methanation has been observed. This
is due to the higher geometric surface area (GSA) per unit volume of the reactor
combined with a high specific surface area of the catalyst support/washcoat.”>"->
The ultrashort channel length avoids the boundary layer buildup observed in con-
ventional long-channel monoliths and is justified in the following paragraph.

The breakup of the boundary layer in the SCT substrate (due to the very small
L/D ratio) enables higher heat and mass transfer coefficients than that for long
channel monoliths or foam substrates, as shown in Figure 7.9. This figure shows the
results of a prediction of mass transfer coefficients as a function of channel length
to channel diameter (L/D) ratio and flow velocity for monoliths with a channel
diameter of 3 mm. The mass transfer coefficients are determined by using Reynold’s
analogy between heat and mass transfer coefficients and correlation given for heat

Reactor length = 0.3”
Linear velocity = 150 fps

300

250 - 50 mesh [0250-300

‘ 200250
200 - [0150-200
[1100-150
g 150 - 8 ‘ B 50-100
s
x@

400 cpsi

monolith

Figure 7.9. Plot of mass transfer coefficient (K,) versus length-to-diameter ratio (L/D) versus
velocity. See color insert.
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transfer coefficients in Shah and London.*® Conventional monoliths have L/D ratio
much greater than 10, whereas for an SCT substrate, the L/D ratio is in the range
of 0.1-0.5. The three-dimensional plot suggests that while increasing the flow veloc-
ity over conventional monolith substrates does provide some increase in mass
transfer rate, a similar increase can be obtained over the SCT substrate at much lower
flow velocities due to the lower L/D ratio. As an example, consider an SCT substrate
with L/D of 0.1 and monolith substrate with L/D of 10. In order to achieve a mass
transfer coefficient, K,, of 100 cm/s, the flow velocity would have to be much greater
than 200ft/s. However, the SCT could operate at a K, of 100cm/s at only 75 ft/s.
The data also suggest that the higher the velocity, the greater the difference between
the mass transfer coefficients for reactor based on SCT and monolith substrate.
Higher mass transfer coefficients also imply higher heat transfer coefficients. At a
velocity of 150ft/s, the correlation predicts mass transfer coefficient of 228 K, (cm/s)
for SCT substrate (L/D of 0.1) versus 28 for monolith substrate (L/D of 10). The
implication therefore is that SCT coupled with high mass transfer coefficients is
available only for low L/D substrates. Convective heat exchange with the gas phase
is also strongly dependent on the boundary layer buildup. A lumped-sum capacitance
analysis yielded time constants of 0.12 and 3.4 s for an SCT and ceramic monolithic
substrate, respectively; which is a 30-fold improvement in thermal response.

To illustrate the effect on Prox performance by changing the substrate from a
monolith to an SCT, Figure 7.10 shows the conversion versus selectivity for the
exact same Pt/y-Al,O; formulation. The SCT reactor was a woven mesh type where
anumber of interlaced wires are woven together to form a screen. The wire diameters
were 0.003 in. and made of Inconel. The monolithic reactor was constructed of 400
cells in.™ with a foil thickness of 0.0031in. and 0.3-in. thick. The material was made
from Hastelloy-X, which is a high-temperature metal alloy. The catalyst formulation
was identical on both reactors with a nominal loading per piece of 0.5244 g or
178.1 mg/in.”>.

60

0.003”, 50 mesh SCT

50 1

40

30 1 %7, 400 cpsi monolith
20 | -

10 1

Selectivity toward CO conversion (%)

0 20 40 60 80 100
CO conversion (%)

Figure 7.10. Selectivity versus conversion for Prox reaction.
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Figure 7.10 shows a wider operating range of the SCT substrate compared with
a conventional monolith. Again, the objective is to have the oxygen from the air
react only with the CO and not the hydrogen, yet that is very difficult in light of the
disparity between the CO and H, concentrations. Clearly, catalyst formulation plays
a key role in the selectivity toward certain reactions, yet in this test, both the mono-
lith and SCT had the exact same formulation and loading. Since the SCT has
increased transport, both heat and mass, it is likely that the heat of reaction is more
quickly dissipated on the SCT, thus delaying or minimizing the light-off of the H,
oxidation reaction (see Fig. 7.5).

7.5.3 Microchannel Reactors

Microchannel reactors have two basic designs. The first and most common is the
fabrication of a unit, similar to a monolith, with very small channels with internal
structures on a micrometer scale (10-500 um) and have specific surface areas in the
range of 10,000-50,000m*m?®. The channels are either chemically or photo etched
or consist of a number of stacked plates containing microstructures. The catalysts
are then coated onto the walls of the structure. The second type uses very small posts
to hold a single catalyst particle in place, yet separated from the other catalyst par-
ticles that make up the reactor. In this fashion, the posts produce a microchannel for
fluid flow yet enables flow around all sides of the catalyst particle. With the small
channel sizes and high surface area-to-volume (SA/V) ratios, these devices are
orders of magnitude more efficient than large-scale batch reactors in heat and mass
transfer and thus are similar to SCT-type reactor substrates. Fast reactions, along
with controlled residence times and temperatures, can generate the desired product
without unwanted by-products or side reactions, resulting in higher selectivity and
yield. A good overview of microchannel reactors and their potential in the chemical
synthesis field is given in an article in the May 30, 2005 volume of Chemical &
Engineering News.*”

Combined with the use of precious metal catalyzed washcoats deposited on the
walls, microchannel reactors can realize nearly 10 times reduction in reactor size
compared with that of a process that utilizes catalyst particles. The washcoat thick-
ness is usually less than 100 u and provides greater structural stability. This stability
arises from smaller thermal expansion ratios and lower temperature gradients.

Additionally, by microchannel designs with high open frontal areas (80%-—
90%), the pressure drop is significantly reduced, relative to packed beds. The reduced
weight of the structure (relative to the packed bed) and the thin washcoat allow rapid
response to transient operation, a requirement for fuel cells with turn down ratios
of up to 20 to 1 with varying power demands. Numerous reactions, including
many notable and industrially relevant reactions, have been tried out successfully in
microreactors. Those reactions range from acrylate polymerization to cumene
hydroperoxide rearrangement to electrochemical synthesis, as well as epoxidation
reactions, Grignard chemistry, hydrogen/oxygen reduction to hydrogen peroxide and
photochemical synthesis.
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Microchannel reactors have some significant drawbacks. The most troublesome
is clogging of the channels via incoming particulate matter or from fouling during
the reaction process. Robustness is another common problem with microreactors.
Because the unit is made at such a small internal scale, the resistance to mechanical
shock is low. These issues usually render the microchannel reactor unsuitable for
reactions that have precipitates as a product. For the Prox reaction, microchannel
reactors are suitable provided there is no water condensation and the incoming
reformate is particulate free, especially from carbon. Since microchannel reactors
are often made from substrates that include stainless steel, Hastelloy, glass, silicon,
polymers, and ceramics, another issue that could arise is chemical compatibility.

Currently, there is not much long-term data that exist using microchannel
reactors. As such, durability predictions are difficult and extrapolations from
large-scale reactors cannot be used. Large-scale reactors are usually tested and
examined after millimeters of substrate or catalyst material has been lost to allow
for good modeling of the system. If millimeters are lost in a microchannel
reactor, the entire unit would be gone; therefore, current research is focused on
understanding the long-term performance and degradation mechanisms of these
types of reactors.

7.5.4 MEMS-Based Reactors

MEMS reactors are the natural extension to microchannel and SCT reactor geom-
etries. The technology has advanced to the level where myriad flow geometries can
be fabricated, from serpentine, single paths to multiple cross-linked paths to flow
past cylinders. Besser has demonstrated the serpentine path type while other types
are being developed. As an example of MEMS reactor technology, Castaldi et al.
(manuscript in preparation) has demonstrated Prox reactor performance and the
concept of a complete fuel processor system. The data obtained for the Prox reaction
was taken using the MEMS reactor shown in Figure 7.11. The tests were conducted
on the exact reactor shown in Figure 7.11 at an inlet temperature ranging between
130 and 150 °C at 100 mL/min total flow rate. The experiments show that the selec-
tivity of oxygen introduced via air toward CO conversion is as high as 69%. This
is significantly higher than conventional monolith reactors and is likely due to their
ability to immediately remove heat generated from the CO conversion reaction.

Other shapes
area cylinders possible

Figure 7.11. Picture and SEM image of MEMs SCT reactors.
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Current pressure drop measurements also show that they are no higher than that of
a conventional 400 cpsi monolith.

The specific MEMS reactors to be tested have been fabricated in an SCT-like
mode and a bank of cylinders mode. Currently, the cylinders reactor has been tested
and has shown operation nearly isothermal for the Prox reaction. Figure 7.11 shows
a scanning electron micrograph (SEM) of the tested MEMS reactor where the flow
is perpendicular to the cylinders as well as other substrates fabricated. This system
differs from microchannel reactors and others in that there are no continuous chan-
nels where fully developed flow can exist.®'

The primary attribute that affords desired behavior is the increased transport
due to the SA/V ratios at comparable or lower pressure drop. For example, a 400 cpsi
monolith has an SA/V = 2.64m?%L and a 50-mesh SCT has an SA/V = 6.3m?%L,
whereas the MEMs reactors go as high as 9.62m*/L. Figure 7.9 shows this through
a calculation of how the mass transfer coefficient increases with channel length to
diameter for a given linear velocity. The pressure is dependent on the open area and
the flow rate through the units.

The concept design on using MEMS for Prox and thus extending to fuel cell
applications is shown in Figure 7.12. Again, since the high SA/V ratio enables more
selective operation, this system can be extended to autothermal reforming where
perhaps the CO/H, ratio could be favored over CO,/H,0, leading to more efficient

Figure 7.12. MEMs SCT fuel processor. ATR, Autothermal Reformer; WGSR, Water Gas Shift
Reactor. See color insert.
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use of the fuel. Figure 7.12 shows the flow path of a microfabricated fuel processor
that utilizes the MEMs substrate to afford a very compact lightweight reactor. The
SEM image shows the geometry of a mesh-like substrate that can operate similar to
a 50-mesh SCT metal substrate.

MEMs reactor technology is still developing. The most common application for
these systems is in portable devices that are suitable for military use. Like micro-
channel reactors, the small internal dimensions can create problems with fouling and
plugging of the flow paths.

7.6 COMMERCIAL UNITS

It was stated at the beginning of this chapter that Prox is only one of a number of
technologies to purify a hydrogen reformate for fuel cell applications. Since it has
the potential to operate at various scales and a range of conditions, especially tran-
sient regimes, many companies are actively pursuing commercial development.
Most of the focus is on small-scale, portable applications for obvious reasons. The
small scale enables rapid evolution and incorporation of lessons learned during
demonstration and field operation. The portable power applications target is because
Prox is one of only two possible technologies, membrane separation being the other.
In the area of stationary applications, power or hydrogen generation, there are many
technologies that are comparable or better than Prox. While this section will high-
light commercial units being developed since the participants change rapidly, it is
likely that it will not be comprehensive.

General Motors Research and Development Center is developing a Pt/Al,Os
600 cell/in.” cordierite monolith reactors to remove the CO concentration in a full
cell feed stream. They have developed a reactor model to better understand the
interaction between kinetic control and transport limitations during the Prox reac-
tions. Two combined groups of kinetic constants are derived that characterize the
rates. The resulting experimentally measured net conversion rates are fit to the model
rate expressions.**®

The U.S. Department of Energy is also investigating the performance of mono-
lithic reactors using the same cell configuration as General Motors. The catalyst used
was Selectra® PROX I (BASF Catalysts, LLC).

In Los Alamos National Labs (LANL), a four-stage Prox reactor with four
oxygen (from air) inlets and five heat exchangers to finely control the temperature
in each unit was demonstrated, and the CO concentration was abated to very low
with minor parasitic hydrogen consumption. However, to control the temperature
by this method is still very limited, and usually, the mixture of oxygen and reformate
is not good enough.

Pacific Northwest National Labs (PNNL) designed their microchannel Prox
reactor in which reactors are interlayered with the microchannel heat exchanger, so
reaction temperature was precisely controlled and high selectivity could be reached.

Moreover, the selectivity and temperature profile could also be controlled by
adjusting the amount and type of catalyst in each chamber. In patent US6824904B2,
a Prox reactor with a plurality of sections was designed by Brundage et al.** All the
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sections were individually optimized for operating at a preferred reaction tempera-
ture, different O,/CO ratio, different cooling method, and even different catalyst/
promotor/support so that it could enable quick light-off of the reactor, enhance the
selectivity at the same CO conversion, and limit the RWGS reaction.

Precision Combustion, Inc. (PCI) of North Haven, CT, is developing catalytic
reactors for integration into fuel processing and fuel cell power generation systems
including using SCT technology for Prox. This platform technology is also extended
to WGS and autothermal reformer units.

PCT’s Prox technologies are being developed under National Science Founda-
tion (NSF) and internal programs and have demonstrated highly selective conver-
sion of CO in an extremely small package. PCI’s Prox technology further reduces
the CO concentration to below 10ppm, typically in two stages while consuming
less than 3% of the hydrogen in the reformate. PCI’s Prox technology achieves
>35kW/kg and >30kW/L with a 3-s response to transients from 10% to 100% load
variation.
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Chapter 8

Hydrogen Membrane
Technologies and Application
in Fuel Processing

Davip EDLUND
Azur Energy

8.1 INTRODUCTION

This chapter will address the use of membrane technology for separating and purify-
ing hydrogen from reformate. Practically speaking, the selection of the reforming
process (i.e., the reforming chemical reactions and equilibrium conversion) is of
little concern. What is important is that the goal is to produce a relatively pure
product stream of hydrogen from a feed stream (reformate) that consists largely of
hydrogen, carbon dioxide, carbon monoxide, water, nitrogen (optional), various
sulfur species, and various organic species (both depending on feedstock selection
and reforming chemistry).

As applied to gas separations, membrane-based processes are nearly always
pressure-driven separation processes, similar to pressure swing adsorption (PSA),
which has enjoyed significant commercial success. Both membrane-based separation
and PSA are universal purification processes as applied to hydrogen separation and
purification: meaning that all impurities are rejected in favor of hydrogen preferen-
tially passing into the product stream. Selective methanation and preferential oxida-
tion are examples of two chemical processes for purifying hydrogen from reformate
that are selective only for the removal (or reduction in concentration) of carbon
monoxide in the reformate feed stream. Hence, selective methanation and preferen-
tial oxidation are not universal purification processes as applied to hydrogen separa-
tion and purification. However, unlike PSA, membrane processes are typically
continuous throughput rather than cyclical in nature.

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
Copyright © 2010 American Institute of Chemical Engineers
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When selecting between membrane and PSA purification processes, it is impor-
tant to consider scale. Practice has shown that PSA scales up economically and for
large stationary applications (e.g., petroleum refining, petrochemical production,
coal gasification), this may be the best choice. By the same reasoning, PSA usually
does not scale down economically, and here membrane-based processes may be
strongly favored. Also, membrane processes are more likely to be selected for appli-
cations wherein the platform is moving or otherwise subjected to shock and vibration
that would likely have detrimental effects on PSA adsorbent beds.

Yet another potential advantage of membrane purification processes over PSA
is that membrane processes are usually more easily controlled. As mentioned
above, they are continuous throughput operations as opposed to cyclic, multibed
operations (characterized by PSA). Assuming the feed stream composition does not
vary too much in composition, control of the membrane process may be as simple
as controlling the membrane operating temperature, feed pressure, and permeate
pressure.

8.2 FUNDAMENTALS OF MEMBRANE-BASED
SEPARATIONS

This section will provide an overview of the principles of hydrogen separation and
purification using membranes. More detailed discussions of the theory governing
membrane separation processes can be found elsewhere.'

There are essentially four different types of membranes, or semipermeable bar-
riers, which have either been commercialized for hydrogen separations or are being
proposed for development and commercialization. They are polymeric membranes,
porous (ceramic, carbon, metal) membranes, dense metal membranes, and ion-
conductive membranes (see Table 8.1). Of these, only the polymeric membranes
have seen significant commercialization, although dense metal membranes have
been used for commercial applications in selected niche markets. Commercial poly-
meric membranes may be further classified as either asymmetric (a single polymer
composition in which the thin, dense permselective layer covers a porous, but thick,
layer) or composite (a thick, porous layer covered by a thin, dense permselective
layer composed of a different polymer composition).*

Porous membranes, especially ceramic and carbon compositions, are the focus
of intense development efforts. Perhaps, the least studied of the group, at least for
hydrogen separations, are the ion-conducting membranes (despite the fact that many
fuel cells incorporate a proton-conducting membrane as the electrolyte), and this
class of membranes will not be discussed further in this chapter.

It is helpful to think of a simple membrane process as shown in Figure 8.1. A
hydrogen-selective membrane is sealed within a housing (pressure vessel) to make
a membrane module. The feed stream enters the membrane module, and hydrogen
selectively permeates the membrane. The hydrogen-depleted raffinate stream exits
the membrane module as does the permeate stream (enriched in hydrogen). The
hydrogen partial pressure in each stream is denoted by Py, where the subscripts f,



359

8.2 Fundamentals of Membrane-Based Separations

Table 8.1. Comparison of Membrane Types for Hydrogen Separation
Parameters Membrane Type
Polymeric Nanoporous Dense Metal Ion Conducting
Typical Polyimide; Silica; alumina; Palladium Water-swollen,
composition cellulose zeolites; carbon alloys strong-acid,
acetate cation exchange
membranes;
dense ceramics
(perovskytes)
Diffusion Solution— Size exclusion Solution— Solution—diffusion
mechanism diffusion diffusion
Driving force ~ Pressure Pressure gradient ~ Pressure Ionic gradient
gradient gradient
Operating <110°C? <1000°C 150-700°C  <180°C
temperature (polymeric);
700-1000°C
(ceramic)
Relative Moderate-high ~ Low-moderate Moderate Moderate
permeability
Typical Moderate Low-moderate Very high Very high
selectivity
Relative cost Low Low Moderate Low
Feed Raffinate
e —
P i i i P
Permeate
PH2,P
Figure 8.1. Schematic of a hydrogen separation membrane and membrane module.

1, and p indicate respectively the feed, raffinate, and permeate streams. Since hydro-
gen permeation is a pressure-driven process and by definition hydrogen is passing
from the feed stream into the permeate stream, it must be true that Py, > Py
Moreover, if hydrogen is to permeate across the entire membrane surface into the
permeate stream, then Py, > Py,
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Generally, the permeate hydrogen stream will be at a sensible pressure, and it
is often preferred that the permeate pressure be greater than ambient pressure (if for
no other reason, concerns over safety argue for any hydrogen stream to be at a
pressure greater than ambient pressure). The percentage of hydrogen that can be
recovered from the feed stream is limited such that Py, can only approach, but never
equal, Py,,. Indeed, the membrane area increases exponentially as Py, approaches
Py, in value.

The volumetric flow rate at which a gas permeates a membrane is called the
flux (J;) and it is related to membrane thickness (I), permeability (P;), and differential
pressure (AP) as shown in Equation 8.1,

AP
d=he

, (8.1)

where the subscript i refers to the specific gas that permeates the membrane, for
instance hydrogen, and AP is the partial pressure of gas i in the feed stream minus
the partial pressure of gas i in the permeate stream. Equation 8.1 is true for pure
gases permeating a membrane and may be applied to mixed-gas feed streams if the
recovery of the permeating component i is very low (refer to Eq. 8.9 when the
recovery of component i is moderate to high). The common unit for the permeability
constant P; is the barrer: 10™"°cm? (STP) cm/(cm?s-cmHg).
For solution—diffusion permeation mechanisms, another useful relationship is

P =D,-S, (8.2)

where D; is the diffusivity of the permeating gas in the bulk membrane, and S, is the
solubility of the permeating gas in the bulk membrane. This relationship takes on
special importance with dense metal membranes for hydrogen separation (see
Section 8.5). Diffusivity can be thought of as a kinetic term, and solubility is a
thermodynamic term. Indeed, it is the solubility of the permeating gas that estab-
lishes the concentration gradient required to have net diffusion from the feed side
of the membrane to the permeate side of the membrane.

Selectivity (or separation factor) is another important parameter when evaluat-
ing membrane separation processes. The selectivity of a membrane (o) is the ratio
of the permeability of gas i to the permeability of gas j. Thus, for pure gases with
near-zero permeate pressure, the selectivity is simply stated as

« Pi

aijj =77 (3.3)
Pj

where the * indicates that the selectivity is calculated for the special conditions of

near-zero permeate pressure. Realistically, the permeate pressure will be greater than

zero and the correct expression for selectivity becomes

Yi || Xi
a,' = i N (84)
g ()’j j(x,- )
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where y; and y; are the concentrations of gas species i and j in the permeate stream,
and x; and x; are the concentrations of gas species i and j in the feed stream. Ideally,
a membrane will exhibit high flux and high selectivity. More often, selectivity
decreases as flux increases. However, in the case of defect-free dense metal mem-
branes that only permeate hydrogen and exclude all other gases, it can be seen in
Equation 8.4 that in the selectivity for hydrogen over all other gases, j is infinite
since the value of y; would be zero. In this case, selectivity is independent of flux
and, as illustrated in Equation 8.4, infinite hydrogen selectivity is independent of the
feed stream composition.

Factors that may influence the selectivity of a given hydrogen-purification
membrane may be inferred from Equations 8.3 and 8.4. For instance, any factors
that influence the permeability of the membrane to hydrogen (i.e., factors that influ-
ence the diffusivity and solubility terms) are expected to influence the selectivity
provided that those factors do not cause a proportional increase in the permeability
of feed-stream components other than hydrogen. Such factors include the composi-
tion of the membrane under the operating conditions and the operating temperature.
Also, as the hydrogen recovery (see below) approaches the limiting value (i.e., as
Py, approaches Py, ), the selectivity will decrease unless the membrane has very
high (approaching infinite) selectivity for hydrogen. Of course, any membrane defect
that allows for hydrodynamic flow of gases through the membrane will have an
adverse impact on membrane selectivity.

For all membrane processes, the hydrogen recovery is defined as follows:

Recovery = (M?Z’p)/(@), (8.5)

where My, , and My, are the moles of hydrogen in the permeate stream and in the
feed stream, respectively, and ¢ is a constant unit of time (e.g., I min or 1h). Eco-
nomic considerations almost always argue for the highest possible hydrogen recov-
ery, limited to the requirement to maintain a hydrogen partial-pressure gradient
across the membrane. However, as previously mentioned, increasing hydrogen
recovery eventually leads to an exponential increase in membrane area that, in turn,
causes a substantial increase in capital cost yielding a practical limit to hydrogen
recovery that is less than the theoretical limit.

Knudsen diffusion dominates when microporous membranes are used for gas
separations. This diffusion mechanism occurs when the membrane pore size is
smaller than the mean free path of the gas molecules in the feed stream. Although
Knudsen diffusion may allow for relatively high hydrogen flux (assuming a thin
membrane that has a high degree of porosity and low degree of tortuosity), the
selectivity for hydrogen over other gases is usually low. For instance, in the limiting
case of zero permeate pressure, the ideal selectivity for hydrogen over carbon mon-
oxide is only 3.7; in reality, the observed selectivity is likely to be less.

Nanoporous inorganic ceramic membranes show significant promise for hydro-
gen separation and purification, primarily due to the high selectivity that is afforded
by this class of membranes. Development work has focused on zeolites; although
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other inorganic compositions have been synthesized that yield pore sizes much less
than 1 nm.* Nanoporous ceramic membranes are typically asymmetric using either
microporous ceramic or microporous metal support layers. To date, scale-up and
modularization challenges remain to be resolved.

Dense metal membranes offer the interesting characteristic of inherently infinite
selectivity for hydrogen. This property is derived from the chemical interaction of
hydrogen with the metal membrane—in essence, hydrogen (a metallic element that
happens to be a gas) alloys with the bulk metal in the membrane to form a random
solution of hydrogen atoms in the bulk metal. Dissolved hydrogen then permeates
the metal membrane following a solution—diffusion mechanism. This is shown
schematically in Figure 8.2. However, since it is atomic hydrogen (H) and not
molecular hydrogen (H,) that dissolves in, and permeates through, the membrane,
the expression for hydrogen flux through dense metal membranes is a modified form
of Equation 8.1,

Ji = Pﬂz(%) (8.6)

and

AP = [(PHz,f ) _(PHZ,p )n:|, (8.7)

where the exponent 7 is a value between 0.5 and 1 (Eq. 8.6 rigorously applies only
to a pure hydrogen feed stream or to mixed-gas feed streams if the hydrogen recov-
ery is very low; at moderate to high hydrogen recovery, Eq. 8.9 should be used).
Under ideal circumstances (clean membrane surfaces and no interaction of the
membrane surfaces with species other than hydrogen), the value of n is 0.5,
indicating that the membrane is sufficiently thick that diffusion of atomic hydrogen

C ® o®
H, ‘ ‘ TG .~ Ho
'j w1
o o
s ."vax-v. :
~ ’ @ o~ww—
Go

2(9)
2HM —— 2 H(S)M

Figure 8.2. Commonly accepted mechanism for the permeation of hydrogen through dense metal
membranes.
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through the membrane is rate limiting. Under the same ideal circumstances, if the
membrane is exceptionally thin such that the surface reactions of molecular hydro-
gen dissociation to yield solubilized atomic hydrogen (HM) are rate limiting, the
value of n will be 1. In reality, the value of n is usually found by experiment to be
close to 0.6.

In cases where high purity hydrogen is valued, dense metal membranes are an
attractive option over polymeric membranes and porous membranes that exhibit
much lower selectivities. Two examples where this is true are low-temperature fuel
cells (e.g., proton exchange membrane fuel cells [PEMFCs] and alkaline fuel cells
[AFCs]) and hydrogen-generating sites where the product hydrogen is to be com-
pressed and stored for future use.

8.3 MEMBRANE PURIFICATION FOR HYDROGEN
ENERGY AND FUEL CELL APPLICATIONS

Much has been written about the future of hydrogen energy and fuel cells for a
variety of applications. Distributed production of hydrogen for refueling vehicles is
being supported on a limited basis through demonstration programs funded by the
governments of Canada, the U.S., Japan, and the European Union. These refueling
stations are sized to deliver about 50 Nm*/h up to 500 Nm*/h of high-purity hydrogen
synthesized by reforming natural gas or other feedstocks (including kerosene, metha-
nol, and liquefied petroleum gas [LPG]). The purity of the product hydrogen must
be 299.99% to be compatible with hydrogen fuel cells (PEMFC); this is set by
international standards and, to a lesser degree, by the inefficiencies of compressing
low-purity hydrogen for storage. Although dense metal membranes can meet this
purity requirement in a single pass, polymeric membranes and porous membranes
cannot unless multiple membrane stages (with associated recompression) are
employed.

Proposed hydrogen fuel cell applications include vehicular propulsion (scooter
and motorcycle, automobile, truck, locomotive, boat, and ship); vehicle auxiliary
power units (APUs); stationary combined heat and power (CHP) for residential and
commercial buildings; backup power and uninterruptible power supplies (UPS);
autonomous power supplies for remote instrumentation, navigational aids, and
perimeter and border security; and portable power systems for boats, recreational
vehicles, and construction and military purposes. Mostly these applications would
utilize PEMFC technology, although in some instances, solid oxide fuel cells are
under investigation (this class of fuel cells operates at very high temperatures and
does not require high-purity hydrogen fuel).

Figure 8.3 is a high-level schematic of the two most common versions of
PEMFC systems for the aforementioned applications. Figure 8.3a shows a fuel cell
system with an integral fuel reformer and associated hydrogen purifier. In this case,
hydrogen is produced and purified in response to demand from the PEMFC stack.
The feedstock for the fuel reformer may be any gas or liquid fuel, but practically
speaking is either a hydrocarbon or alcohol. Figure 8.3b shows a simpler system



364 Chapter 8 Hydrogen Membrane Technologies and Application in Fuel Processing

(a) A

Exhaust

Hydrogen

Reformer o
purifier

Feedstock

Pump Rejected

PEM FC heat >
stack

Blower I;

| Power conditioning

v

Electrical power to customer

Air

Hydrogen

Rejected

PEM FC | heat | )
— stack

Blower I;

| Power conditioning

Air

Electrical power to customer

Figure 8.3. Block diagram of a PEMFC system with (a) internal fuel-reforming module and (b)
externally supplied merchant-grade hydrogen.
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design in which hydrogen is supplied to the PEMFC stack from an external storage
device, such as a cylinder of compressed gas.

Current precommercial and commercial PEMFCs use a platinum electrocatalyst
on the anode and the cathode.’ To avoid adverse poisoning of the anode electrocata-
lyst, the hydrogen fuel must be relatively free of harmful contaminants including
carbon monoxide (<1 ppm), sulfur compounds (<10ppb), and unsaturated organic
compounds in general. These contaminants may competitively adsorb onto the
platinum electrocatalyst and block the reaction of hydrogen. Other harmful contami-
nants that are to be avoided include ammonia (<10ppb) and organic amines; these
compounds are bases, and they react with the acid electrolyte in the PEMFC to block
the mobility of protons from the anode to the cathode.

When discussing the purity of hydrogen to be used in a fuel cell, it is important
to distinguish between the concentration and effects of reactive contaminants (as
above) and the concentration and effects of inert contaminants (such as nitrogen,
methane, and water). Inert contaminants can be tolerated by PEMFCs at significantly
high concentrations, perhaps as high as 50% or so, before adverse impact on the
PEMFC performance is observed. This is because the dilutive effect of the inert
contaminant is masked by the slow kinetics of oxygen reduction at the cathode. So
for the use of membranes to purify hydrogen for fuel cell applications (primarily
PEMEFC), the focus is on the elimination of reactive contaminants more than on the
bulk purity.

Given the many different potential applications of fuel cells, and the range of
scale (and economics) represented by distributed generation of hydrogen at one
extreme and centralized hydrogen production from fossil fuels at the other extreme,
three performance and economic factors dominate the selection of a hydrogen puri-
fication process: (a) the required purity of the product hydrogen stream, (b) the
process scale, and (c) the required energy efficiency of the hydrogen production and
purification process.

8.3.1 Product Hydrogen Purity

Merchant hydrogen is produced in many grades based on the degree of hydrogen
purity. The Compressed Gas Association recognizes eight different grades of com-
pressed hydrogen (ranging from 99.8% minimum purity to 99.9991% minimum
purity) and four grades of liquid hydrogen (ranging from 99.995% minimum purity
t0 99.9997% minimum purity).® For captive use, hydrogen may be at a lower purity
or higher purity that is specific to the application. Captive uses include fuel cell
systems wherein the hydrogen is produced by a unit operation within the system
(Fig. 8.3a).

If the application requires that the product hydrogen meet or exceed the purity
standards for merchant hydrogen, the dense metal membrane technology is suitable
with a single pass whereas polymeric or porous membranes will require multiple
stages. Between each successive stage, compression and interstage cooling will be
necessary. For example, Figure 8.4 illustrates the purification of hydrogen from a
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Figure 8.4. Example purification process using a polymeric membrane and 70% hydrogen
recovery.

prototypical reformate feed stream. The membrane is assumed to be a polymeric
membrane with a high selectivity of 200. Furthermore, it is assumed that this selec-
tivity is true for all impurities in the feed stream. The hydrogen recovery is 70%.

The product hydrogen bulk purity after a single pass is close to, but does not
meet, the lowest grade of merchant hydrogen. Examining the carbon monoxide
concentration in the product stream reveals that this impurity is at an unacceptably
high concentration (the maximum allowable concentration in merchant hydrogen is
10ppm).® Compressing the product hydrogen stream and passing this into another
membrane module with the same selectivity (200) and hydrogen recovery (70%)
yields a product hydrogen stream of 99.9975% purity with only 2.5ppm carbon
monoxide. In this two-stage process the overall hydrogen recovery is 49% (0.7 x 0.7),
and there is added capital and operating costs due to the requirement for compression
and interstage cooling between the first and second membrane modules.

Instead of a polymeric membrane, if a dense metal membrane is used, the results
are quite different due to the inherently high hydrogen selectivity that can be
achieved with dense metal membranes. This is illustrated in Figure 8.5 assuming a
membrane selectivity of 90,900 (palladium—silver membrane of this selectivity and
higher values are available from companies such as Power and Energy, Inc., Ivyland,
PA).” Even though the change in composition of the raffinate stream is almost
imperceptible, there is a significant decrease in trace contaminant concentration in
the permeate hydrogen stream. Advantages of the dense metal membrane over the
polymeric membrane include substantially higher product hydrogen purity in a
single stage and, at the same time, substantially greater hydrogen recovery overall.

When hydrogen is to be used in a captive process, such as the integrated fuel
cell system shown in Figure 8.3a, the hydrogen purity requirements may be less



8.3 Membrane Purification for Hydrogen Energy and Fuel Cell Applications 367

Raffinate

Piorar = 8 bar

Xy, = 0.231

Xco = 0.0769

Xother = 0.692
Feed stream > Permeate (product H,)
Piota = 8 bar Proga = 1 bar
Xy, = 0.500 Xy, = 0.999989
Xso = 0.050 Xoo = 0.000001
Xother = 0-450 H, Xoer = 0000010

Figure 8.5. Example purification process using a dense metal membrane and 70% hydrogen
recovery.

rigorously defined. The lifetime of the fuel cell and type of fuel cell (operating
temperature, electrolyte composition, and electrocatalyst composition) will dictate
the hydrogen purity specifications. For example, if the targeted fuel cell (PEMFC
or AFC) lifetime is relatively short (<3000h) and the electrocatalyst is a platinum—
ruthenium composition, then a relatively high carbon monoxide concentration (10—
50ppm) may be tolerated even with low-temperature (PEMFC) fuel cells. But if
the electrocatalyst is pure platinum and/or the targeted lifetime is >3000h, then the
carbon monoxide concentration must be <l0Oppm and preferably <1 ppm. If the
operating temperature of the fuel cell is 2180 °C, then the carbon monoxide concen-
tration may be >0.2%.

8.3.2 Process Scale

A general discussion of large-scale hydrogen purification processes (PSA, polymeric
membrane, and cryogenic) has been published by UOP.® Although aimed mostly
toward refinery and petrochemical operations, the selection guidelines discussed in
the paper are also applicable to large-scale hydrogen production by steam-reforming
natural gas, coal gasification, and so on. Commercial polymeric hydrogen-selective
membrane modules are offered by several global companies including Air Products
and Chemicals (PRISM membrane), Air Liquide S.A. (MEDAL membrane), UOP,
and Ube Industries, Ltd.

Membranes scale to a hydrogen purification application based on a simple linear
relationship: if hydrogen throughput is increased by two times then, the required
membrane area will increase by two times (all other factors held constant). This
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means that the cost of a membrane purification process is nearly linear with the scale
of the process. In comparison to volumetric processes (typified by PSA and chemical
reactors), membranes generally scale down economically and physically to yield a
purification process of smaller size.

Membranes are also simple to operate. This may not be a distinguishing factor
for very large-scale applications, but it becomes very important at smaller scales
due to limitations of size, cost, and availability of components. Clearly, there is
a difference between the relative process controls and complexity that can be
accepted in a coal-gasification facility versus a 3-kW fuel cell APU for installation
in an automobile. IdaTech, LLC (Bend, OR) has demonstrated compact fuel pro-
cessors that combine a methanol steam reforming reactor directly with hydrogen
separation membranes.” (HyPurium™ membrane module utilizing a hydrogen-
selective membrane composed of a palladium—copper alloy). The HyPurium™
membrane purifier is smaller than the methanol reformer and requires no active
process control since it is thermally integrated with the catalytic methanol steam
reformer.

8.3.3 Energy Efficiency

Membrane-based hydrogen purification is a pressure-driven, thermally neutral
process. As discussed previously, hydrogen recovery is limited by the need to have
a pressure gradient across the membrane. The degree of hydrogen recovery impacts
the overall process energy efficiency, since energy efficiency 7 is defined for a
hydrogen-producing process as

1 = (energy content of product H, )/(total energy input). (8.8)

Any convenient and consistent unit may be used to express the energy derived
from the product hydrogen as well as that supplied to the process. However, if the
product hydrogen is to be used to generate electricity (as in a fuel cell), then care
should be taken to only take credit for the electrical-generating potential of the
hydrogen and not its heating value (due to inefficiencies in a fuel cell, the electrical-
generating potential is usually 50%—-70% of the heating value of hydrogen).

The detailed integration of a membrane purification process and a fuel reform-
ing process will also impact the overall energy efficiency. Two example process
schematics are discussed in the context of Figure 8.6. Methane steam reforming
(MSR) is commonly operated at a temperature of 700-800 °C and it is a net endo-
thermic process. If the membrane is a polymer (e.g., polyimide), it will operate at
about 50 °C, requiring substantial heat to be removed from the reformate stream by
HEX 1. This thermal energy can be captured by the incoming feed streams (methane
and water). The raffinate stream exiting the membrane module has considerable fuel
value due to remaining hydrogen, carbon monoxide, and methane. This fuel stream
is fed to the burner that supplies heat to the MSR. To maximize the efficiency of
combustion, the fuel stream should be preheated prior to being combusted; this is
shown by optional HEX 2.
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Figure 8.6. Generic membrane purification process integrated with a methane steam reformer
(MSR).

Assuming a generic reformate composition and hydrogen recovery of about
70% (consistent with the illustrative examples in Figs. 8.4 and 8.5), the fuel gas
stream has a heating value of about 130kJ/mol and the heat capacity (C,) is approxi-
mately 30J/(°C-mol). The amount of thermal energy that needs to be added to the
fuel gas stream through HEX 2 in order to heat the stream from 40 to 440 °C is about
36kJ/mol of methane that is reformed. This represents a significant amount of
thermal energy—roughly 10% of the energy needed to reform 1mol of methane.

In contrast, if the membrane is an inorganic composition (e.g., a dense metal
membrane or a nanoporous ceramic membrane), the membrane module may be
operated at the elevated temperature of 450 °C. In this case, there is no need for
optional HEX 2 as the fuel gas stream will exit the membrane module at 450 °C and
pass to the burner without further cooling. In addition to a net increase in overall
process energy efficiency, the elimination of HEX 2 also represents a reduction in
capital cost for the system.

8.4 MEMBRANE MODULES FOR HYDROGEN
SEPARATION AND PURIFICATION

A membrane module is the completed device that contains the membranes providing
adequate sealing between the feed stream and the permeate stream; a housing that
is also a pressure vessel; and appropriate fittings for making the required fluid con-
nections to the feed stream, the raffinate stream, and the permeate stream. Membrane
modules are usually cylindrical in shape, although they may alternatively be rectan-
gular. Commercial polymeric membrane modules are either spiral wound (rolled
sheet membrane) or shell and tube (hollow-fiber membrane).' Ceramic membrane
modules and dense metal membrane modules are either plate-and-frame or shell-
and-tube designs. The shell-and-tube design differs from that used with polymeric
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membranes primarily in the size of the membrane “tube” and the sealing means.
Ceramic membranes and dense metal membranes are frequently larger in diameter
than polymeric hollow-fiber membranes. These inorganic membrane tubes are nor-
mally sealed to the module shell using compression fittings, brazing, or welding
(polymeric hollow-fiber membranes are glued, or “potted”, to the shell).

The highest membrane packing density (total effective membrane area per
volume of membrane module) is achieved with hollow-fiber (polymeric) mem-
branes. The lowest packing density results from using large-diameter membrane
tubes (approximately 10mm in diameter or larger). In both cases, the membrane
module is a shell-and-tube design. If dimensions of both the membrane and module
are assumed as shown in Figure 8.7, then a comparison of membrane packing density
as a function of the diameter of the membrane can be conducted. To simplify the
analysis, it is assumed that membranes occupy 70% of the internal volume of the
membrane module, and that this value does not change throughout the analysis.
The results are presented in Table 8.2.

In comparison, a plate-and frame membrane module yields membrane packing
densities in the range of several hundred square meters per cubic meter. For example,

Module volume = 0.076 m3 (external)

Module volume = 0.071 m3 (internal) Module |ength 101 m (externa|)

Module length = 1.00 m (internal)

Module OD = 0.31m
Module ID = 0.30 m

~ Tubular membrane

Membrane tube length = 1.00 m
Membrane OD = variable (see Table 8.2)

Figure 8.7. Shell-and-tube membrane module containing either hollow-fiber polymeric membranes
or tubular inorganic membranes.

Table 8.2. Membrane Packing Density from Figure 8.7

Membrane Diameter ~ Number of Membranes = Total Membrane =~ Membrane Packing

(mm) Area (m?) Density (m*m?)
1 63,600 200 2600
5 2550 40 530

10 637 20 260
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using the same membrane module dimensions as in Figure 8.7, but assuming the
membranes are planar, stacked 1 mm apart (perpendicular to the radial axis), and
have an effective membrane area that is 50% of the module cross-sectional area (to
allow for internal manifolding), the membrane packing density is 496 m*/m’.

Polymeric membrane modules have been commercially sold for large-scale
applications including ammonia synthesis, as well as hydrogen production and
recovery from process streams in refineries and petrochemical manufacture. In these
applications, polymeric membranes compete well with PSA and cryogenic hydrogen
purification. The membrane module is engineered for safe operation at near-ambient
temperatures and elevated pressures (perhaps 10-30bar). Depending on the feed
stream composition, high-alloy steels may be required for adequate corrosion
resistance.

Inorganic (ceramic, dense metal) membranes will often be operated at tempera-
tures ranging from 200 to 1000°C. At the extreme temperatures, engineering a
membrane module to safely operate at high pressure and in a corrosive environment
can be very challenging. Frequently, a compromise must be found between preferred
operating conditions and engineering limitations of materials. Conventional 300
series stainless steels (e.g., UNS S31600 and UNS S30400) may be used at tempera-
tures up to about 500 °C, but strength declines rapidly at higher temperatures. Also,
these alloys are not acceptable if the feed stream contains sulfur compounds due to
excessive corrosion rates.

The importance of using a thin membrane may be inferred from Equation 8.1.
Yet, a thin membrane must also remain permselective under the transmembrane
operating pressure. Thus, the membrane must not rupture, split, crack, creep, or
otherwise develop defects that allow for significant nonselective flow of gases from
the feed stream into the permeate stream. Polymeric membranes (asymmetric and
composite membranes) are made very thin by incorporating a thick and strong
porous polymeric supporting layer. Inorganic membranes are usually constructed in
a similar fashion, using a porous and strong support layer to lend adequate strength
to a thin permselective membrane layer. For instance, nanoporous ceramic mem-
branes may be made by applying successively finer layers of ceramic sols or suspen-
sions onto either a porous ceramic tube or a porous metal tube.''* Dense metal
membranes are frequently made by either depositing a membrane film onto a porous
ceramic or porous metal support or by laying thin membrane foils onto a porous
support.'3%

Thicker, self-supporting, dense metal membranes are known. These are tubular
and are usually <I mm in diameter. The first commercially successful palladium-—
silver hydrogen separation membranes were of this type.?' Currently, Power and
Energy, Inc. also fabricates this type of membrane, although planar membranes are
more common due to easier fabrication and a greater variety of fabrication methods.

Because polymeric membranes are operated at near-ambient temperatures,
matching the coefficient of thermal expansion (CTE) of materials used to construct
the membrane module is not so critical. However, ceramic and metal membranes
that will be operated at several hundred degrees may experience unacceptable strain,
leading to failure, due to mismatched CTE. A simple example is a stainless steel
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(UNS S31600) module housing 1 m in length containing nanoporous alumina mem-
brane tubes sealed to headers at both ends of the module. When heated from 25 to
425°C, the steel module housing will expand approximately to 6.4mm (CTE is
16 x 107%/°C),” whereas the alumina membranes will expand only to 3.2mm (CTE
is 8.0 X 107%/°C).% In this example, it is likely that the alumina membrane tubes will
either crack or separate from the seals at each end of the tubes.

Likewise, a thin nanoporous alumina membrane deposited onto a porous stain-
less steel support will likely fail unless efforts are taken to match the CTE of these
diverse layers. This may be done by building up layers on the support such that a
gradient in CTE is achieved. Also, thin metal membranes deposited on porous
ceramic membranes have historically exhibited poor durability with respect to crack-
ing and general membrane failure due, at least in part, to mismatched CTE.

8.5 DENSE METAL MEMBRANES

Many metals (pure elements and alloys) are permeable to hydrogen to a measurable
degree. But the selection of metals that have a sufficiently high permeability to
hydrogen is largely limited to palladium and selected alloys of palladium, the metals
in groups 3-5 of the periodic table, and alloys of the group 3-5 metals. Pure pal-
ladium is not a satisfactory choice for hydrogen separation membranes due to the
susceptibility of palladium to hydrogen-induced embrittlement at temperatures
below about 300 °C. Most commercialization efforts have focused on alloys of pal-
ladium due to the relative chemical inertness of these alloys in the presence of water,
hydrocarbons, carbon monoxide, and carbon dioxide. In some cases, alloys of pal-
ladium with group 3 metals (e.g., Ce and Y) have yielded exceptionally high hydro-
gen permeabilities, but stability of these alloys when heated has been problematic
due to the preferential oxidation of the group 3 metal (for instance, in the presence
of water), leading to depletion of the alloy and enrichment in the concentration of
palladium.

There are four general types of metal membrane for hydrogen separation and
purification (see Fig. 8.8). They all share one common element: a nonporous, perm-
selective metal layer. If this permselective layer is sufficiently thick to be self-
supporting under the design limits of the transmembrane pressure gradient, then the
membrane is said to be unsupported. However, economics usually dictate a very
thin permselective metal layer. In this case, the membrane is either supported (using
a structural layer that is porous and not selective for the permeation of hydrogen)
or the membrane is composite in structure. Composite metal membranes may be
further classified as either a two-layer composite (coating-metal layer only on the
feed surface of the membrane) or a three-layer composite (coating-metal layer on
both the feed surface and the permeate surface of the membrane). Composite mem-
branes incorporate a dense base-metal layer that is permselective to hydrogen, but
chemically reactive with constituents likely to pass through the membrane module.
The purpose of the coating-metal layer is to protect the base-metal layer from cor-
rosion. Clearly, the coating-metal layer must also be permeable to hydrogen.



8.5 Dense Metal Membranes 373

4 Unsupported
Permselective layer -<
Porous, insert support Supported

Two-layer
/q ‘\ composite
Base metal ﬁ Coating metal
k T Three-layer
composite

Figure 8.8. Schematic showing key structural features of the four types of dense, hydrogen-
permeable metal membranes.

Composite metal membranes are most often the structure of choice when a
reactive group 3—5 metal or alloy is the principle constituent of the membrane. The
relative chemical reactivity of these metals dictates that an inert coating must be
applied to at least the feed surface of the membrane. Palladium, or better yet a pal-
ladium alloy, customarily serves as the coating layer. If it can be guaranteed that the
permeate side of the membrane will never be exposed to reactive gases (e.g., water,
carbon oxides, and hydrocarbons), then a two-layer composite membrane is a satis-
factory choice. However, normal operating procedures and the potential for process
upsets typically favors the selection of a three-layer composite structure.

The first commercial metal membranes for hydrogen separation and purification
were made of palladium alloyed with 23-25wt % silver. These membrane were of
the unsupported type and tubular in shape. Nevertheless, the wall thickness was
substantial by current standards—typically at least 100-um thick. Advances in
drawing thin-walled metal tubes has allowed for palladium-silver tubular mem-
branes to be made with much thinner walls, about 20-um thick. Composite mem-
branes are also usually at least 25-um thick. REB Research and Consulting (Oak
Park, MI) provides tubular composite metal membranes consisting of a palladium
coating over a tantalum base metal, although other group 4 or 5 base metals may be
used.

If a thinner membrane is required, then one must choose a supported membrane.
The permselective metal layer may be palladium or, more commonly, palladium—
silver alloy, palladium—copper alloy, or other alloy of palladium. The permselective
layer ranges in thickness from about 2-25 ym; thinner than 2 um is very difficult to
achieve without introducing pin holes and other adverse defects into the permselec-
tive layer. The support layer is porous and is composed of either metal (such as
sintered stainless steel or tightly woven wire cloth) or an inert ceramic; alumina is
very common. Since all of the mechanical strength is derived from the support layer,
consideration must be given to its shape and thickness.
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Supported metal membranes are usually made by one of two general methods.
First is the electrochemical plating of the palladium alloy coating layer onto the
support layer.?* This method yields a strong mechanical bond between the two layers.
Second is the fabrication (by rolling or etching) of a thin, defect-free palladium-alloy
foil that is subsequently placed onto the support layer. In this second technique, there
is no initial bond between the coating layer and the support layer, but after some
time of operation, a physical lock occurs between the two layers due to plastic
deformation of the coating metal layer to conform to the underlying porous support
layer. Rolling thin metal foil can be done by a few manufacturers—precision rolling
equipment and a clean environment is required. Chemical etching is another method
for making very thin membranes. This process is practiced by Hy9 Corporation
(Woburn, MA). Figure 8.9 shows examples of both rolled and etched membranes.

Often, the shape of the membrane (flat or tubular) and dimensions are dictated
by limits on commercially available supports, or by limits of commercial metal
rolling and drawing machines. It is very difficult (and consequently expensive) to
roll a flat foil to <20-um thickness if the width of the rolled foil is greater than 10 cm.
Also, drawing thin-walled (<100 um) tubing is difficult and expensive if the diameter
of the tube is 10 times or more than the wall thickness. These general rules apply
irrespective of the composition of the metal alloy.

The performance of dense metal membranes may be accurately modeled by
using the logarithmic mean driving force to calculate hydrogen flux and infer mem-
brane area and hydrogen recovery. The logarithmic mean driving force is an average
driving force for hydrogen permeation that is based on theory for the performance
of heat exchangers.” For a dense metal membrane, the equation is

APin — APout
AP in ’
In

out

Logarithmic mean driving force =

(8.9)

i

Figure 8.9. Photograph of a 25-um-thick palladium—copper membrane (left) and an 8-um-thick
palladium—copper membrane (right). Courtesy of Hy9 Corporation.
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where APy, = [(Ppag)" — (Pmayp)'] and AP = [(Pro)" — (Puoyp)"], and the subscripts f,
p, and r are, respectively, feed, permeate, and raffinate. Equation 8.9 is valid when
gas-phase mass transfer is not limiting the overall performance of the membrane
module.

8.5.1 Metal Membrane Durability and Selectivity

As discussed above in Section 8.2, the solution—diffusion mechanism by which
hydrogen permeates dense metal membranes theoretically leads to infinite selectivity
for hydrogen under all operating conditions. The potential advantage is significant;
processes employing metal membranes can deliver ultrahigh purity hydrogen inde-
pendent of the operating conditions, process upsets, variability in feedstock, and so
on. Although thick (about 25-100 um), unsupported metal membranes will deliver
infinite hydrogen selectivity, thinner supported metal membranes often fall short of
infinite selectivity for reasons related to membrane durability and integrity of seals
in the membrane module.

There are four principle causes for membrane failure under normal operating
conditions (in other words, reduced membrane durability). These reasons are (a)
hydrogen-induced embrittlement of the membrane, (b) fatigue fracture due to repeti-
tive swelling and contraction of the membrane, (c) mismatch in the CTE of the
membrane and underlying support layer, and (d) defects in the underlying support
layer that cause a hole or tear to develop in the membrane.

Based on decades of study of hydrogen interactions with metals, the mechanism
for hydrogen-induced embrittlement is understood,” so there is no reason for this
to be a limiting problem for developing and commercializing metal membranes.
Essentially, hydrogen-induced embrittlement occurs when hydrogen forms a stoi-
chiometric chemical hydride with the metal constituting the membrane as described
in Equation 8.10,

M +nH < MH, + AH,,,, (8.10)

where M is the metal comprising the hydrogen-permeable membrane and AH,, is
the enthalpy of reaction (for groups 3—5 metals, the enthalpy of reaction is strongly
exothermic, while for palladium and its alloys the enthalpy of reaction is weakly
exothermic). The onset of metal-hydride formation is accompanied by a discontinu-
ous and abrupt change in the lattice parameter. The result is a large internal strain
in the membrane and severe physical deformation. Rupture of the membrane is
inevitable. Like any chemical reaction, the degree to which metal-hydride formation
is favorable is dependent on the hydrogen partial pressure and the temperature. The
maximum temperature at which the hydride phase is stable under expected hydrogen
pressures is called the critical temperature. As mentioned previously, the critical
temperature for pure palladium is about 300°C. Any practical metal selection for
use as a membrane should have a critical temperature less than (preferably much
less than) room temperature. Palladium—silver and palladium—copper alloys meet
this requirement.
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A metal membrane should be firmly held in place in the membrane module such
that little movement of the membrane can occur. There will always be thermal
expansion to contend with, as well as hydrogen-induced metal expansion. Equation
8.2 shows that permeability is the product of diffusivity and solubility. As hydrogen
dissolves in a metal, the metal lattice expands to accommodate hydrogen atoms in
interstitial tetrahedral or octahedral vacancies. The degree of expansion of the metal
lattice increases with increasing solubility of hydrogen. Pure palladium and palla-
dium-silver alloys have a high solubility for hydrogen; hence, these metals swell to
a large degree—up to 3%—in the presence of hydrogen (<400 psig). This magnitude
of hydrogen-induced swelling of the membrane far exceeds the swelling due to
thermal expansion.

The problem with expansion and contraction of a membrane is that it leads
to fatigue failure (cracking and pinholes) in membranes. It can also overly stress
brazed seals where tubular membranes are joined to a header. Membrane durability
with respect to fatigue fractures caused by excessive membrane swelling can be
evaluated experimentally. One simply places a sample membrane in a permeation
test cell heated to the desired operating temperature. The feed side of the membrane
is connected to a supply of pressurized hydrogen and a supply of pressurized nitro-
gen (or other inert gas) as shown in Figure 8.10 via a three-way valve. The permeate
flow rate is measured with a flow meter and monitored for increased flow rate
that would indicate a failed membrane. While maintaining constant feed pressure
and operating temperature of the membrane, the feed stream is alternately switched
from pressurized hydrogen to pressurized nitrogen (e.g., 100 psig), and back to pres-
surized hydrogen. The membrane should be exposed to hydrogen for a few minutes
and then to nitrogen for a few minutes, to provide time for the concentration of
dissolved hydrogen in the membrane to equilibrate (the exposure time may need

Heated enclosure

Membrane /

L

Hydrogen
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\

Permeate stream
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Figure 8.10. Apparatus for testing membrane durability with respect to hydrogen-induced swelling.
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to be longer if the membrane is thick). This process is repeated, perhaps as much
as 1000 times before examining the membrane for evidence of wrinkles and
fatigue fracture.

Experience has shown that a 25-um-thick membrane (2.5 cm in diameter) com-
posed of Pd-25Ag will fail due to fatigue fracture when tested at 400 °C as described
above after only 10-50 cycles. In contrast, a 25-um-thick membrane (2.5cm in
diameter) composed of Pd-40Cu will survive 1000 cycles without failure and without
exhibiting any wrinkles.

Thermal expansion can lead to membrane failure in the case of supported metal
membranes if there is a large difference between the CTE of the support layer and
the CTE of the permselective metal layer. If the support layer expands more than
the permselective metal layer, then the permselective metal layer will be torn or
fractured during heat up. On the other hand, if the support layer expands less than
the permselective metal layer, then fatigue fracture may occur by the mechanism
described above for hydrogen-induced expansion of the permselective metal layer.
Mismatch of CTE is often a cause for poor durability in supported membranes
comprised of a palladium alloy deposited onto a porous stainless steel support or a
porous alumina support.

When considering the influence of thermal expansion or hydrogen-induced
expansion on membrane durability, it should be remembered that the absolute mag-
nitude of expansion is dependent on the size (dimensions) of the membrane. Gener-
ally, smaller membranes will be more durable than larger membranes.

The last failure mechanism involves defects in the underlying support layer that
are transferred to the thin permselective layer. Examples include surface irregulari-
ties (such as pits or cracks), and particles on the support surface. Sintered stainless
steel supports may be especially prone to residual particles of metal powder that can
pierce the thin permselective metal layer during use. Shock and vibration may cause
damage (such as cracking) to a ceramic support layer that then results in damage to,
and failure of, the permselective layer.

Very little is known about the influence of grain growth, or crystallization if the
membrane is composed of an amorphous alloy, on membrane durability. The as-
fabricated permselective metal membrane will be polycrystalline or amorphous,
depending on the alloy composition and fabrication method. Amorphous, or metallic
glass, structures are far less common than are polycrystalline structures. Both amor-
phous and polycrystalline structures are quasi-stable, meaning that structures are
kinetically stabilized and slow to rearrange to the thermodynamically favored struc-
ture. In both cases, this would be a single crystal of the metal.

Amorphous metals will crystallize when heated to a sufficiently high tempera-
ture. Polycrystalline metals will undergo grain growth as they are heated. These
processes require that the metal atoms move, or rearrange, in the solid metal lattice.
Hydrogen has been shown to accelerate the mobility of metal atoms?’ and therefore
may also accelerate crystallization of an amorphous metal as well as accelerate grain
growth in a polycrystalline metal.

Grain boundaries are an interesting and well-studied region of metal structures.
Metallic grains are individual crystals, and grain boundaries represent the surface of
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the crystal. Grain boundaries have free energy characteristics of the surface, and
they are locations of high concentrations of defects. If the metal alloy exhibits pref-
erential segregation of one of more alloying components to the surface, this will also
occur along grain boundaries.”® What influence, if any, grain boundaries have on
hydrogen permeation and selectivity is largely unexplored. Grain boundaries may
provide a path to enhance permeation of hydrogen by either increasing hydrogen
solubility or increasing hydrogen diffusion along the grain boundaries. Grain bound-
aries may provide a pathway for molecules or atoms other than hydrogen to permeate
the membrane. For instance, if the permselective metal layer is very thin, on the
order of the thickness of individual grains, then grain boundaries will cross from the
feed side of the membrane to the permeate side of the membrane. Such grain bound-
aries may provide a direct pathway for diffusion of impurities across the membrane.
Further study of these issues is required.

8.6 INTEGRATION OF REFORMING AND
MEMBRANE-BASED PURIFICATION

Fuel cell applications stand to benefit greatly from the close coupling of hydrogen
production (from carbon-containing fuels) and hydrogen purification. Hydrogen
production from carbon-containing fuels such as hydrocarbons and alcohols may be
based on many proven chemical processes such as steam reforming, partial oxida-
tion, and autothermal reforming. These processes are universally conducted at ele-
vated temperatures. Consequently, an inorganic membrane is required to withstand
the high temperatures that will be experienced in a closely coupled, or integrated,
process. Although any hydrogen-selective membrane that is stable and durable at
elevated operating temperatures may be effectively used, only dense metallic mem-
branes offer appreciable selectivity for hydrogen and, thus, the potential for very
pure product hydrogen.

The reforming process (as applied to a hydrocarbon or alcohol) yields a product
stream that consists predominantly of hydrogen, carbon monoxide, carbon dioxide,
water, unconverted feedstock, and trace by-products. This product stream mixture,
called reformate, is unsuitable for direct use in low-temperature PEMFC and AFC,
and some trace by-products (notably organosulfur compounds) will poison both
high-temperature fuel cells and low-temperature fuel cells. A membrane for separat-
ing and purifying hydrogen from reformate must also be chemically compatible with
the compounds in the reformate stream.

Microporous inorganic oxide membranes are generally compatible with refor-
mate with the qualifier that silica membranes will densify if exposed to hot steam.
A better choice would be alumina or titania. Palladium-based hydrogen-selective
metal membranes are, for the most part, very sensitive to poisoning by sulfur com-
pounds, but chemically stable to the principle components in the reformate. Alloys
of palladium with gold and palladium with copper demonstrate tolerance to sulfur.
As expected, the degree of sulfur tolerance typically increases with increasing oper-
ating temperature of the membrane.
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At low membrane operating temperatures (e.g., <300°C), metal membranes
may experience reversible poisoning by compounds such as carbon monoxide,
ammonia, olefins, aromatics, and water (as shown by example in Eq. 8.11). Such
reversible poisoning may completely impede hydrogen permeation (as in the case
with carbon monoxide). Raising the membrane operating temperature causes
the weakly adsorbed molecules to desorb from the membrane surface, thereby
allowing the surface reactions (hydrogen chemisorption and hydrogen dissolution)
to occur,

M +CO <> M(CO)+ AH,,,, 8.11)

where CO could be any other adsorbing species such as ammonia, olefins, aromatics,
and water.

As with any chemical equilibrium, the degree to which the reaction proceeds
to the right is dependent not only on temperature but also the chemical nature of the
surface metal atoms M and the metal surface structure, the strength of the interaction
between the adsorbing species and M, and the partial pressure (or concentration) of
the adsorbing species. Fortunately, reforming chemistries commonly employed
(including steam reforming, partial oxidation, and autothermal reforming) result in
a large dilution of organosulfur impurities that may be present in the feed stream.
Consider the following example in which hexadecane (a surrogate for diesel fuel)
is steam reformed using a 3:1 steam:carbon ratio. The ideal balanced chemical
reaction is

C6Ha, +48H,0 — 49H, +16CO, + 16H,0. (8.12)

Addition of steam prior to, or at the onset, of steam reforming results in a 48:1
dilution of the hydrocarbon feed stream. Upon reforming, the feed stream has been
effectively diluted by 81:1. Thus, if the feed stream contains refractory organosulfur
compounds (e.g., dibenzothiophene) at, say, 300 ppmw, the refractory organosulfur
compounds will be diluted to 33 ppmv in the reformate stream. The significance is
that the hydrogen-permeable membrane would not be subjected to organosulfur
compounds at a concentration of 300 ppmw, rather the membrane would be exposed
to organosulfur compounds at a concentration of only 33 ppmv. This is a requirement
the membrane is much more likely to meet.

Integrating a membrane with a reformer may be done in one of two ways: the
membrane may be close to the reformer, but downstream from the reaction zone, or
the membrane may be located within the reaction zone. The latter is referred to as
a membrane reactor and this approach offers the advantage of being able to shift
chemical equilibrium by removing product hydrogen simultaneously with chemical
reaction. The difficulties of membrane reactors include the following:

* The membrane must not be damaged by contact with the catalyst.

* For endothermic steam reforming, an effective way must be engineered to
transport heat quickly into the reaction zone.

» Mass transfer from the catalytically active sites to the membrane surface must
be exceptionally fast.
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Figure 8.11. Schematic showing integration of a hydrogen-selective membrane with a steam
reformer. See color insert.

 There is a relatively low partial pressure of hydrogen in the vicinity of the
membrane, necessitating large membrane areas.

Finally, membrane reactors may not offer cost advantages when applied to
reactions that are inhibited by increasing pressure. Obviously, higher pressure favors
hydrogen transport across a membrane, thereby yielding a lower capital cost and
higher hydrogen recovery. But reforming reaction equilibrium is not favored by
increasing pressure, so the hydrogen partial pressure will be suppressed under the
conditions (i.e., high pressure) that favor economical membrane performance. Since
the water-gas shift (WGS) reaction equilibrium is not pressure dependent, this reac-
tion is well suited to being conducted in a membrane reactor.

Placing the membrane immediately downstream from the reaction zone over-
comes all of the above challenges and results in a simpler overall design. An example
is shown in Figure 8.11. This configuration is practiced by IdaTech, LLC (Bend,
OR) in fuel processors ranging in scale from 6sLm of product hydrogen to 50sLm
of product hydrogen.” In this example, the waste gas stream (raffinate stream) is
directed to the burner wherein the fuel gases are combusted to heat the steam
reformer.

8.7 COMMERCIALIZATION ACTIVITIES

Polymeric membranes, such as Air Product’s PRISM membrane, have not seen use
in fuel cell applications, being relegated to large-scale petrochemical, refinery, and
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hydrogen manufacture applications. The reason for this is probably because fuel
cells are very sensitive to certain impurities, often requiring that those impurities be
reduced to the parts per million level or lower in the product hydrogen stream.
Polymeric membranes simply have insufficient selectivity to achieve adequate puri-
fication of hydrogen from the reformate unless multiple stages are employed. The
same can be said about porous ceramic or porous metal membranes.

Dense metal membranes, in contrast, offer exceptional selectivity for hydrogen
and are being actively used on integrated fuel processors for fuel cell applications.
Many companies—Hy9 Corporation; Power and Energy, Inc.; REB Research &
Consulting; IdaTech, LLC; Genesis FuelTech, Incorporated (Spokane, WA); Azur
Energy (La Verne, CA); and W.C. Heraeus GmbH & Co. KG (Hanau, Germany)—
are all engaged in the development and field trials of integrated fuel processors using
a palladium-alloy membrane to produce a high-purity product hydrogen stream.
Most often, a PEMFC stack receives this product hydrogen directly and without any
adverse impact on performance. Figure 8.12 shows two example metal membrane
modules, both using palladium-alloy membranes.

Such integrated fuel processors offer the advantages of compact size, ease of
operation, and fuel flexibility. Specific applications that are being targeted include
stationary primary power for residential and light commercial; vehicle APUs; por-
table power supplies; backup power supplies for commercial and residential users;
and UPS for telecom operators, data centers, and other commercial customers. All
of these applications benefit from small fuel cell systems with simplified controls
(the latter leads to increased reliability and decreased cost). Another big advantage
of an integrated membrane purifier is that many different fuels are preferred, but in
all cases, high-purity hydrogen is needed. Only a universal hydrogen purifier can
meet this requirement.

Membrane reactors have not yet reached the state of engineering and develop-
ment where they have demonstrated significant commercial potential. Perhaps, the
best known examples of development work have been carried out by Tokyo Gas in
Japan and Membrane Reactor Technology in Vancouver, British Columbia, Canada.
In both cases, the development work is focused on relatively large membrane reac-
tors to produce hydrogen from natural gas via steam reforming. The target scale is
about 50—-100Nm?*h of product hydrogen for hydrogen refueling stations and on-site
manufacture of merchant hydrogen. Tokyo Gas appears to be following a more
conventional packed-bed reactor design incorporating palladium-alloy membranes
into the catalyst bed. Membrane Reactor Technology uses a fluidized-bed approach,
again with palladium-alloy membranes inserted into the bed. Although abrasion of
the membrane by the fluidized catalyst particles is a concern, the manufacturer
claims this is not a limiting problem.

Hy9 Corporation is also developing membrane reactors based on their thin
planar palladium—copper membrane.”**' Its work is directed at both MSR and the
WGS reaction, and Hy9 Corporation is pursuing several commercial applications
today (on-site hydrogen generation from methane and various fuel cell applications).
Power and Energy, Inc. is also developing membrane reactor technology using
its tubular membrane,*® but incorporating adequate catalyst (active area) in a
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Figure 8.12. (a) Planar membrane module (photo courtesy of Hy9 Corporation) and (b) tubular
membrane module (photo courtesy of Power and Energy Incorporated).

small-diameter tubular membrane is questionable unless the catalyst exhibits very
high activity.

Despite these efforts, the cost of palladium-alloy membranes is still perceived
by many to be prohibitive. However, even without a judicious reclamation and
recycling program, the cost of palladium in current state-of-the-art, thin supported
membranes is a small fraction of the total cost of the associated reformer and fuel
cell system. With further development work from the private sector and government
labs® (supported by the Department of Energy), the prospect for volume commercial
products is encouraging.
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Chapter 9

CO,-Selective Membranes for
Hydrogen Fuel Processing

JIN HUANG, JiaAN Zou, AND W.S. WIiNsTON HoO

William G. Lowrie Department of Chemical and Biomolecular Engineering,
Department of Materials Science and Engineering, Ohio State University

9.1 INTRODUCTION

As a very promising energy conversion device, fuel cells have attracted worldwide
interest in power generation for transportation in the recent years."? In the conversion
of chemical energy directly into electricity, fuel cells are about twice as efficient as
the internal combustion engine in terms of gas mileage.* On the other hand, fuel
cells are also environmental friendly devices; water is the only emission when using
hydrogen as the fuel.

Although pure hydrogen is a superior fuel for fuel cells, currently there are
issues on its storage and distribution.* One potentially practical way of producing
hydrogen to be used in an automotive fuel cell is by reforming of a readily available
fuel such as methanol, natural gas, gasoline, jet fuel, or diesel. However, the purity
of hydrogen is a critical issue for fuel cell applications. Even traces of CO in the
hydrogen, for example, >10ppm, will deteriorate the fuel cell performance by poi-
soning platinum, which works as the electrocatalyst in polymer electrolyte mem-
brane fuel cells.’

CO,-selective membranes have the potential to remove CO to a very low con-
centration by enhancing the water-gas shift (WGS) reaction with in situ CO, separa-
tion from the synthesis gas, thus producing high purity H, on the high-pressure feed
side.® Compared with the conventional CO, separation processes, such as amine
scrubbing, membrane separation represents a prospective approach of capturing and
concentrating CO, with reduced energy consumption, enhanced weight and space
efficiency, and process simplicity.

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
Copyright © 2010 American Institute of Chemical Engineers
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There are primarily two parameters to characterize the separation performance
of a membrane. One is the selectivity (or the separation factor), which is defined as

)’i/ Yj
== 9.1)
Xi/X;
Another parameter is the permeability P;, which is defined as
Ji
P=—. 9.2)
Ap; /1

The common unit of P; is Barrer (1Barrer = 10°cm® (STP)-cm/
cm’s-cmHg = 0.76-107""m® (STP)-m/m?s-Pa). The ratio P/l is referred to as the
permeance, and its common unit is the gas permeation unit (GPU), which is 10°cm?
(STP)/(cm*s-cmHg). If the downstream pressure is negligible compared with the
upstream pressure, the selectivity can be expressed as

o = i (2)(&) 9.3)
P \D;)\S;

where D/D; is the mobility selectivity, which is the ratio of the diffusion coefficients
of components i and j. The solubility selectivity, S,/S;, is the ratio of the solubility
of components i and j.”

Current CO,-selective membranes are based on either solution—diffusion mech-
anism or facilitated transport mechanism. For glassy polymeric membranes based
on the solution—diffusion mechanism, it is very challenging to achieve a high CO,/
H, selectivity since H,, as a much smaller molecule, exhibits an unfavorably higher
diffusion coefficient than CO,. Even though CO, usually has higher solubility than
H, in most conventional polymeric membranes, diffusivity selectivity dominates the
overall selectivity, thereby resulting in a CO,/H, selectivity of less than 1.® Recently,
Lin et al.” synthesized highly branched cross-linked poly(ethylene glycol) mem-
branes and obtained significantly enhanced solubility selectivity due to the strong
affinity of the polar ether linkage to CO,. A CO,/H, selectivity of 31 and a CO,
permeability of 410 Barrer were achieved with a CO, partial pressure of 17 atm but
at a very low temperature of —20°C, which is not common for the practical H, fuel
processing.

Facilitated transport membrane offers an attractive alternative to achieve high
selectivity and high flux simultaneously.'®" This type of membrane is based on the
reversible reaction of the targeted gas with the reactive carrier contained in the
membrane. There are two main types of reactive carriers: the mobile carrier, which
can move freely across the membrane, and the fixed carrier, which is covalently
bonded on the polymer backbone and only has limited mobility. In mobile-carrier
membranes, the carrier reacts with a targeted component on the feed side of a mem-
brane, and the reaction product moves across the membrane and releases this com-
ponent on the sweep side. As a result, the component being facilitated permeates
through the membrane preferably, and the other components, which are not
affected by facilitated transport, are retained on the retentate side. In fixed-carrier
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membranes, the targeted component reacts at one carrier site and then hops to the
next carrier site along the direction of the concentration driving force via the
“hopping” mechanism."?

Facilitated transport membranes for CO, separation have been studied since the
1960s.'"!" The membranes reported in the literature include supported liquid mem-
branes (SLMs), ion-exchange membranes, and membranes with reactive carriers
bonded in the matrix of membranes. For SLMs, Ward and Robb immobilized an
aqueous bicarbonate—carbonate solution into a porous support and obtained a CO,/
O, separation factor of 1500."* Meldon et al."* investigated the facilitated transport
of CO, through immobilized alkaline liquid film. Their experimental results con-
firmed that weak acid buffers significantly increased the CO, transport. However,
such SLMs have two major problems: loss of solvent and loss or degradation of
carriers. The loss of solvent is caused by its evaporation especially at a high tem-
perature and/or by its permeation through the support under a high transmembrane
pressure. The loss of the carrier occurs when the carrier solution is forced to perme-
ate through the support (“washout”), and the degradation of carriers is led by the
irreversible reaction of the carrier with impurities or the feed gas stream.” To
address the instability issue of SLMs, Quinn et al.'® developed membranes consisting
of molten salt hydrates, which were nonvolatile and immobilized in microporous
polypropylene supports. Teramoto et al."’”" proposed a “bulk flow liquid mem-
brane,” in which a carrier solution was forced to permeate through a microporous
membrane and then was recycled continuously.

In ion-exchange membranes, ionic carriers were retained inside the membranes
by electrostatic forces; therefore, the washout of carriers was minimized. LeBlanc
etal.” first reported ion-exchange facilitated transport membranes in the early 1980s.
Since then, a number of papers have been published on ion-exchange facilitated
transport membranes for CO, separation. Way et al."” and Yamaguchi et al.*' used
perfluorosulfonic acid ionomer cation-exchange membranes containing amines as
the carriers. The ion-exchange membrane used by Langevin et al.** was sulfonated
styrene-divinylbenzene in a fluorinated matrix, and the transport model based on the
Nernst—Planck equation was used to correlate the experimental results. Matsuyama
et al.”?* grafted acrylic acid and methacrylic acid on different substrates and used
various diamines, diethlylenetriamine, and triethylenetetramine as the carriers. They
also blended poly(acrylic acid) with poly(vinyl alcohol) (PVA) to prepare mem-
branes and introduced monoprotonated ethylenediamine into the membranes by
ion-exchange and used it as the carrier.”

Membranes, with reactive carriers covalently bonded on their polymer back-
bone, were synthesized by several researchers and were believed to have better stabil-
ity than SLMs. Yamaguchi et al.”® developed a membrane with poly(allylamine) and
compared it with ion-exchange membranes, which had amines as counter ions.
Matsuyama et al.”’ heat-treated the PVA-polyethylenimine membrane to improve
its stability and to increase the amount of polyethylenimine retained inside the mem-
brane, thus increasing the water content, which in turn increased the diffusivity of
the carrier complex. Quinn and Laciak® developed polyelectrolyte membranes
based on poly(vinylbenzyltrimethylammonium fluoride) (PVBTAF) and achieved a
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CO,/H, selectivity of 87 at 23 °C. They also blended fluoride-containing organic and
inorganic salts, like cesium fluoride (CsF) into the PVBAT membranes and obtained
a CO, permeance four times more than that of PVBAT, while CO,/H, and CO,/CH,
selectivities were comparable.” Ho and coworkers™** synthesized cross-linked PVA
membranes containing glycine salts as mobile carriers and polyethylenimine as the
fixed carrier, and found that both CO, permeability and CO,/H, selectivity increased
as temperature increased in the temperature range of 50100 °C. Zhang et al.** pre-
pared membranes with poly(N-vinyl-)~sodium aminobutyrate), which was obtained
from the hydrolysis of poly(vinyl pyrrolidone). Kim et al.** prepared composite
membranes by casting polyvinylamine on various supports and achieved a CO,/CH,
selectivity of 1100.

Typically, WGS reaction shown below is used to convert CO in synthesis gas
and generate more H,:

CO(g)+H,0(g) = CO,(g)+H,(g) AH, =—41.1kJ/mol. (9.4)

But this reaction is reversible, exothermic, and thermodynamically unfavorable
at elevated temperatures, and it results in a high CO concentration (~1%). Conse-
quently, the reaction requires a bulky and heavy reactor. However, a membrane
reactor can be used to improve the reaction performance with the in situ separation
of products. It is therefore possible to overcome thermodynamic constraint and
increase the CO conversion significantly.

By using palladium or other inorganic H,-selective WGS membrane reactors,
many researchers have achieved high CO conversion values beyond the equilibrium
ones or close to 100%.%*° However, the difficulty to prepare thin, flawless, and
durable membranes is still the remaining challenge for the commercial application
of this type of membrane reactor."

It has been shown that using a CO,-selective membrane, it is possible to shift
the WGS reaction equilibrium to right (Eq. 9.4) to clean up CO and generate more
H,.5%32 With the continuous removal of CO,, the CO,-selective WGS membrane
reactor is a promising approach to enhance CO conversion and increase the purity
of H, under relatively low temperatures (~150°C). In comparison with the H,-
selective membrane reactor, the CO,-selective WGS membrane reactor is more
advantageous because (a) an H,-rich product is recovered at high pressure (feed gas
pressure) and (b) air can be used to sweep the permeate, CO,, on the low-pressure
side of the membrane to obtain a high driving force for the separation.

In the present study, a new solid facilitated transport membrane has been pre-
pared by incorporating both fixed and mobile carriers in cross-linked PVA. Based
on the membrane transport properties, we have also developed a mathematical model
to study the performance of the CO,-selective WGS membrane reactor.

9.2 SYNTHESIS OF NOVEL CO.,-SELECTIVE
MEMBRANES

Polymeric CO,-selective membranes with the thin-film-composite structure were
prepared by casting an aqueous solution onto microporous BHA Teflon® (a trade-
mark of DuPont, Wilmington, DE) supports (thickness: 60 m, average pore size:
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0.2 um, BHA Technologies, Kansas City, MS) or GE E500A microporous polysul-
fone supports (thickness: about 60 um excluding nonwoven fabric support, average
pore size: 0.05 um, GE Infrastructure, Vista, CA). The aqueous solution was pre-
pared by mixing PVA, formaldehyde (cross-linking agent), 2-aminoisobutyric acid
(AIBA), potassium salt, potassium hydroxide, and poly(allylamine) with deionized
(DI) water as the solvent.” The active layer was dense and about 20 to 80 um thick.
The thickness of a membrane to be mentioned hereafter all refers to the thickness
of the active layer.

The transport properties of the membrane were measured by using a membrane
permeation unit as described in our previous papers.*>** Two gas mixtures were used
as the feed gas for the gas permeation tests: one consisting of 20% CO,, 40% H,,
and 40% N,, and the other consisting of 1% CO, 17% CO,, 45% H,, and 37% N,
(both on dry basis). The second composition was used to simulate the composition
of the synthesis gas from autothermal reforming (ATR) of gasoline with air. Argon
was used as the sweep gas for the ease of gas chromatography analysis. Unless
otherwise stated, the feed pressure was maintained at about 2.0 atm, while the perme-
ate pressure was set at approximately 1.0atm.

9.3 MODEL DESCRIPTION

As one of the two common types of membrane modules, the hollow-fiber membrane
module has shown excellent mass transfer performance due to its large surface area
per unit volume (about 1000-3000 ft*/ft* for gas separation). In the modeling work,
the WGS membrane reactor was configured to be a hollow-fiber membrane module
with catalyst particles packed inside the fibers.

The catalyst packed was assumed to be the commercial Cu/ZnO catalyst for
lower-temperature WGS reaction. A number of studies on the reaction kinetics of
the commercial WGS catalyst, CuO/ZnO/Al,Os, have been published.*** Based on
the experimental data of the commercial catalyst (ICI 52-1), Keiski et al.¥’ suggested
two reaction rates for the low-temperature WGS reaction in the temperature range
160-250°C. The first was dependent only on CO concentration and gave an activa-
tion energy of 46.2 kJ/mol. The second reaction rate was dependent on CO and steam
concentrations with a lower activation energy of 42.6 kJ/mol. Because of the proxim-
ity of our operation conditions to theirs and the fact that steam is in excess in most
of the membrane reactors, Keiski and coworkers’ first reaction rate expression was
chosen for this work. The reaction rate is given in Equation 9.5,

57)’%0(1— M 1, 1 CO, )’ ©9.5)

£ KT”f,co”f,Hzo

n= 1.0X10’3Mexp(13.39— 5

n RT;

4347

where the expression for Ky is as follows:

(9.6)

Kr =exp (—4.33+ 4577'8).

f

Based on the schematic diagram of the WGS hollow-fiber membrane reactor
illustrated in Figure 9.1, the molar and energy balances were performed on both feed
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Figure 9.1. Schematic diagram of water-gas shift hollow-fiber membrane reactor. (Reprinted with

permission from Huang et al.,® Copyright 2005 Elsevier.)

(lumen) and sweep (shell) sides, respectively. The details of this model are provided

in a previous paper.’®

1. Molar balance
¢ Feed or lumen side

dnﬁ

1
= _ﬂdin _n-din'lh
dz 4

where the permeation flux, J;, is calculated by

A
J,=p=2L
L
e Sweep or shell side
dng
D =—1td;,J;
dz

2. Energy balance
¢ Feed or lumen side

dZ("ﬁCpﬁTf)

1
dZ =Z7td,2nr,AHrTf—7l'dm(U, +CPC02JC02 +CpH2JH2)AT

* Sweep or shell side

dX(nicyT) _

dZ n'dm (Ul + CPCOZ JCOz + CPHz JH2 )AT

9.7)

(9.8)

(9.9)

(9.10)

©.11)
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Table 9.1. Composition of Autothermal Reforming Syngas

Cco H,0 H, CO, N,

Molar fraction 1% 9.5% 41% 15% 33.5%

Steam reforming (SR), partial oxidation (POX), and ATR are three major com-
mercial reforming processes. In this work, ATR syngas was chosen as the feed gas,
and the feed inlet molar flow rate, n,, was 1 mol/s. With the composition given in
Table 9.1, this flow rate was chosen because a sufficient H, molar flow rate would
hence be provided to generate a power of SOkW via the fuel cell for a five-passenger
car.* Heated air was used as the sweep gas.

The bvp4c solver in Matlab® was used to solve the above differential equations
of the boundary value problem with given boundary conditions. During the calcula-
tion, the hollow-fiber number was adjusted to satisfy the constraint of feed exit CO
concentration, that is, <10ppm.

9.4 RESULTS AND DISCUSSION

9.4.1 Transport Properties of CO,-Selective
Membrane

Figure 9.2 shows the scanning electron microscopic (SEM) image of a cross-section
of the membrane on the GE ESOOA microporous polysulfone support. It can be seen
that the membrane consisted of two portions. The top portion was a dense active
layer, which provided separation, and the bottom portion was a microporous poly-
sulfone support, which provided mechanical strength. This composite structure
minimizes the mass transfer resistance while maintaining sufficient mechanical
strength.

The membranes used in the present study contained 50.0 wt % PVA (60 mol %
cross-linked by formaldehyde), 20.7 wt % AIBA-K, 18.3wt% KOH, and 11.0wt%
poly(allylamine), unless otherwise stated. Figure 9.3 presents a schematic of the CO,
transport mechanism in the membranes. The membranes synthesized contained both
AIBA-K and KHCO;-K,CO; (converted from KOH) as the mobile carriers, and
poly(allylamine) as the fixed carrier for CO, transport. AIBA is a sterically hindered
amine, and its reaction with CO, is depicted in Equation 9.12.* Poly(allylamine) is
a nonhindered amine, and its reaction is shown in Equation 9.13. The reaction
mechanism of the CO, with KHCO;-K,COs; is presumably similar to that of hindered
amine-promoted potassium carbonate described in Equation 9.14:>°

R-NH, + CO, + H,0 = R-NH} + HCO;3, 9.12)
2R-NH, +CO, = R-NH-COO" + R-NHZ, 9.13)
CO?¥ +CO, + H,0 = 2HCO:;. 9.14)
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Figure 9.2. SEM image of a cross-section of the membrane synthesized (on GE E500A
microporous polysulfone support).
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The transfer of CO, across the membrane is enhanced by the facilitated transport
with reactions shown above, and the flux equation for the CO, transport can be
expressed as:’'

Ja = DA(CA\pl = Capp2 )/1 + DAB(CAB\plm = Capjpom )/l (9.15)

In this equation, the first term on the right-hand side is the flux contributed by
the solution—diffusion mechanism, while the second term is due to the facilitated
transport mechanism. The nonreacting gases, like H,, N,, and CO, do not have
chemical association with carriers and therefore can only be transported by diffusion,
which is limited by their low solubility in the highly polar sites in the membranes.'®
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For these nonreacting gases, the flux equation for the diffusion step in the membrane
is the first term on the right-hand side of Equation 9.15 only.

9.4.1.1 Effects of Feed Pressure on Separation Performance

The effects of feed pressure on CO, flux and permeability, H, flux, and CO,/H,
selectivity were investigated using a membrane with a thickness of ~60 um on the
BHA microporous Teflon support. The feed pressures ranged from 1.5 to 2.8 atm.
Temperature was maintained at 110 °C, and water rates were kept at 0.03 cc/min for
both the feed side and sweep side. The feed gas consisted of 20% CO,, 40% H,, and
40% N, (on dry basis) with a feed gas rate of about 60 cc/min in the gas permeation
experiments.

Figure 9.4 illustrates the effects of feed pressure on CO, flux and permeability.
As illustrated in this figure, CO, flux increased rapidly with the feed pressure first
and then approached a constant value. This can be explained with the carrier satura-
tion phenomenon, which is a characteristic of facilitated transport membranes. As
described by Ho and Dalrymple,”" when the partial pressure of CO, is equal to or
higher than a critical CO, partial pressure, p,., the carrier saturation occurs, in which
the concentration of CO,-carrier reaction product attains its maximum value, Cyg,
maes and becomes a constant. In other words, further increase in the partial pressure
of CO, will not increase the concentration of CO,-carrier reaction product. This can
be expressed as follows:

Caspt = Happ1P1 = Capmax = CODSL. when p; 2 p;.. (9.16)

Compared with its facilitated transport, the transport of CO, via the solution—
diffusion mechanism is negligible. Therefore, total CO, flux becomes constant
eventually as the feed pressure increases.
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Figure 9.4. Effects of feed pressure on CO, flux and permeability.
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Figure 9.5. Effect of feed pressure on H, flux.

As also demonstrated in this figure, CO, permeability decreased when the feed
pressure increased. This can be explained by Equation 9.2. Since CO, flux did not
increase proportionally with the CO, partial pressure, p;, CO, permeability, or the
pressure- and thickness-normalized flux dropped with the increase of the feed
pressure.

Figure 9.5 depicts the effect of feed pressure on H, flux. Unlike CO, flux, H,
flux increased linearly with the feed pressure. This is because H, has no chemical
association with carriers, and the permeability is independent of the feed pressure.’
Therefore, the flux increased linearly with the feed pressure.

Figure 9.6 shows the effect of feed pressure on CO./H, selectivity. As shown
in this figure, CO,/H, selectivity reduced as the pressure increased. Again, this can
be explained using the carrier saturation phenomenon as described earlier. Since H,
flux increased much faster than CO, flux as the pressure increased, the selectivity
decreased.

9.4.1.2 Effects of Gas Water Content on Separation Performance

In the experiments, both the feed and the sweep gases were mixed with controlled
amounts of water before they entered the permeation cell. The effects of water
content in gases on the membrane separation performance at 120 and 150°C were
investigated using a membrane with a thickness of ~70 um on the BHA microporous
Teflon support. The feed gas consisted of 20% CO,, 40% H,, and 40% N, (on dry
basis). Figure 9.7 depicts the CO, permeability as a function of the water content
on the sweep side at 120 and 150°C. As the water content on the sweep side
increased, CO, permeability increased almost linearly. When the water mole con-
centration increased from 58% to 93%, the CO, permeability increased from 3700
Barrer to as high as 8200 Barrer at 120°C and from 920-2700 Barrer at 150 °C.
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Figure 9.7. CO, permeability versus water content on the sweep side (feed water content = 41 mol%
and feed pressure = 2.0atm).

These were presumably due to two reasons: (a) higher water content on the sweep
side raised the water retention in the membrane, thus increased the mobility of both
mobile and fixed carriers and enhanced the reaction rates of CO, with the carriers
(Egs. 9.12-9.14) and (b) higher water content also increased the driving force for
CO, transport by diluting CO, in the permeate. The increase of CO, permeability
with increasing gas water content was also reported in the literature.”?

Figure 9.8 shows the CO,/H, selectivity as a function of the water content on
the sweep side at 120 and 150°C. The CO,/H, selectivities at both temperatures
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Figure 9.8. CO,/H, selectivity versus water content on the sweep side (feed pressure = 2.0 atm).

Table 9.2. Separation Performance versus Feed Gas Water Content

Feed Water Rate Feed Water Content Pco, (Barrer) o (CO»/H,)
(cc/min) (mol %)

0.03 41 6950 400
0.06 58 9710 520

T = 120°C; feed pressure = 2.0 atm; sweep water rate = 0.12 cc/min (85 mol %).

increased as the water content on the sweep side increased. When the sweep water
content was 93%, the CO,/H, selectivities at 120 and 150 °C reached 450 and 270,
respectively. This increase could be explained by the rise of CO, flux while the
transport of H, was not affected much by the increase of water content.

The water content on the feed side also had significant effects on CO, permeabil-
ity and CO,/H, selectivity. As shown in Table 9.2 for 120 °C, both CO, permeability
and CO,/H, selectivity increased as the feed water content increased. This might be
caused by the higher water retention in the membrane with the higher water content
on the feed side. Consequently, the CO, transport was enhanced by the increased
mobility of both mobile and fixed carriers and the CO,-carrier reaction rates, while
the transport of H, was not affected significantly.

In the present study, argon was used as the sweep gas for the ease of gas chro-
matography analysis. In real applications, air or steam can be used to sweep CO, on
the low-pressure side of the membrane to obtain a high driving force for the separa-
tion. If steam is used as the sweep gas, the permeate CO, can be easily separated
from steam condensation and then be ready for sequestration.
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9.4.1.3 Effects of Temperature on Separation Performance

The effects of temperature on CO, permeability, CO,/H, selectivity, and CO,/CO
selectivity were studied in a temperature range of 100—180°C. As described earlier,
increasing the feed and the sweep water contents can effectively improve the separa-
tion performance; therefore, in order to maintain the membrane performance at
elevated temperatures, the feed and sweep water rates were increased gradually with
temperature. A membrane consisting of 40wt% PVA, 20wt% AIBA-K, 20wt %
KOH, and 20 wt % poly(allylamine) was used to investigate the temperature effects.
This membrane had a thickness of ~26 ym on the BHA microporous Teflon support.
Table 9.3 lists the water rates used at different temperatures. As shown in Figure
9.9, both CO, permeability and CO,/H, selectivity decreased as temperature
increased. This was presumably due to the reduction of water retention in the mem-
brane as temperature increased. As described earlier, with the loss of water in the
membrane, the mobility of mobile and fixed carriers and the reaction rates of CO,
with the carriers were reduced, while the transport of H, was not affected
significantly.

However, the membrane still showed good separation performance in the tem-
perature range of 110-160°C. At 150°C, the CO, permeability and CO,/H, selectiv-
ity were 2500 Barrer and 80, respectively. The CO./H, selectivity reduced slightly
as the temperature increased to 170°C, and it decreased significantly to about 10 at
180°C due to the significant swelling of the membrane, thus resulting in a sharp
increase of H, flux at this temperature.

Table 9.3. Feed and Sweep Water Contents Used for Figure 9.9

Temperature (°C) 100 110 120 130 140 150 160 170 180
Feed water content (mol %) 41 41 41 41 59 68 74 74 74
Sweep water content (mol %) 58 58 58 58 74 81 85 85 85
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Figure 9.9. Effects of temperature on CO, permeability and CO,/H, selectivity (feed pressure =
2.0atm with increasing water rates at elevated temperatures).
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Figure 9.10. CO,/CO selectivity versus temperature (feed pressure = 2.0atm with increasing water
rates at elevated temperatures).

Table 9.4. Sweep Water Rates and Contents Used for Figure 9.10

Temperature (°C) 110 130 150 170
Sweep water rate (cc/min) 0.03 0.03 0.09 0.15
Sweep water content (mol %) 58 58 81 88

Feed water rate = 0.03 cc/min (water content = 41 mol %).

The CO,/CO selectivity was investigated with a feed gas of 1% CO, 17% CO,,
45% H,, and 37% N, from 100 to 170°C by employing the same membrane used
for Figures 9.7 and 9.8. As shown in Figure 9.10, the selectivity reduced as tempera-
ture increased, which can be explained by the decrease of CO, permeability at
elevated temperatures. Yet at 170 °C, the CO,/CO selectivity still reached 160. The
water rates and contents used for Figure 9.10 are listed in Table 9.4.

9.4.1.4 Comparison with the Literature Data

The results shown in Figures 9.7-9.9 were compared with the results reported in the
literature **** and our previous results* as shown in Table 9.5. As we can see from
the comparison, the results from this work are gratifying. The improvement in oper-
ating temperature could be mostly attributed to better cross-linking of PVA as the
polymer matrix. The high permeability and selectivity were presumably attributable
to better carriers, AIBA-K and KHCO;-K,CO;, and poly(allylamine) contained in
the membranes.

Gas permeation results presented in this work, especially above 150 °C, showed
that the polymeric membranes that we prepared were capable of applications at high
temperatures, such as WGS membrane reactors. The membrane reactor incorporates
both CO, removal and WGS reaction to produce high-purity H,.®
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9.4.2 Modeling Predictions

9.4.2.1 Reference Case

A reference case for the CO,-selective WGS membrane reactor was chosen with the
CO,/H, selectivity of 40, the CO, permeability of 4000 Barrer, the inlet sweep-to-
feed molar flow rate ratio of 1, the membrane thickness of 5 um, 52,500 hollow
fibers (a length of 61 cm, an inner diameter of 0.1 cm, and a porous support with a
porosity of 50% and a thickness of 30 um), both inlet feed and sweep temperatures
of 140°C, and the feed and sweep pressures of 3 and 1atm, respectively. With
respect to this case, the effects of CO,/H, selectivity, CO, permeability, sweep-to-
feed ratio, inlet feed temperature, inlet sweep temperature, and catalyst activity on
the reactor behavior were then investigated.

Figure 9.11 depicts the profiles of the feed-side mole fractions of CO and CO,
along the length of the countercurrent membrane reactor. The modeling results
showed that this membrane reactor could convert CO via the WGS reaction and then
decrease CO concentration from 1% to 9.82 ppm along with the removal of almost
all the CO, from the hydrogen product. In the membrane reactor, the removal of
CO, enhanced the WGS reaction.

Figure 9.12 depicts the profiles of feed-side H, concentrations on the dry and
wet bases. As depicted in this figure, the membrane reactor could enhance H, con-
centration from 45.30% to 54.95% (on dry basis), that is, from 41% to 49.32% (on
wet basis). In this case, the H, recovery calculated from the model was 97.38%.
With the advancement of the high-temperature proton exchange membrane fuel cell
(120-160°C), it is expected that the constraint of CO concentration can be relaxed
to about 50 ppm in the near future. Then, the required hollow-fiber number could be
reduced significantly to 39,000 based on the modeling results.

0.16
0.14 4
0.124

0.1+ Co,
0.08 -

0.06 1
315 ppm CO,,
9.82 ppm CO

0.02
0 .xcuo T T - T *

0 10 20 30 40 50 60 70
Reactor length (cm)

0.04

CO or CO, mole fraction

Figure 9.11. Feed-side CO and CO, mole fraction profiles along the length of membrane reactor
for autothermal reforming syngas. (Reprinted with permission from Huang et al.,* Copyright 2005
Elsevier.)
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Figure 9.12. Feed-side H, mole fraction profiles along the length of membrane reactor for
autothermal reforming syngas. (Reprinted with permission from Huang et al.,® Copyright 2005
Elsevier.)
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Figure 9.13. Feed-side and sweep-side temperature profiles along the length of the membrane
reactor for autothermal reforming syngas. (Reprinted with permission from Huang et al.,® Copyright
2005 Elsevier.)

The temperature profiles for both feed and sweep sides are shown in Figure 9.13
with a maximum for each profile. Since the overall module was adiabatic, the feed
gas was heated by the exothermic WGS reaction. The highest feed-side temperature
was 158°C at about z = 15cm. Beyond that, the feed-side temperature reduced, and
it became very close to the sweep-side temperature at the end of membrane reactor.
This was due to the efficient heat transfer provided by the hollow-fiber configuration.
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Figure 9.14. Effects of COy/H, selectivity on feed-side exit CO concentration and H, recovery for
autothermal reforming syngas. (Reprinted with permission from Huang et al.,° Copyright 2005
Elsevier.)

Higher temperatures enhance WGS reaction rates but are unfavorable for CO con-
version. Thus, it is important to use air with appropriate temperature, that is, 140 °C
as the sweep gas to keep the feed gas within 150 £ 10°C.

9.4.2.2 Effects of CO,/H, Selectivity

In order to study the impact of CO,/H, selectivity on the membrane reactor perfor-
mance, o = 10, 20, 40, 60, and 80 were applied in the model while the other param-
eters for the reference case were kept constant. As shown in Figure 9.14, the
feed-side exit CO concentration increased slightly as CO,/H, selectivity increased.
This was due to the fact that higher selectivity caused lower H, permeability and
thus a lower H, permeation rate or higher H, concentration on the feed side, which
was unfavorable for the WGS reaction rate. Also shown in this figure, the H, recov-
ery increased from 89.85% to 98.68% as the CO./H, selectivity increased from 10
to 80. This indicated that the higher selectivity decreased the H, loss because of the
reduction in H, permeation through the membrane. In addition, the modeling results
showed that a CO,/H, selectivity of 10 was the minimum value required for an H,
recovery of about 90%.

9.4.2.3 Effects of CO, Permeability

The membrane areas required for the exit feed CO concentration of <10ppm in the
H, product were calculated with five different CO, permeabilities ranging from 1000
to 8000 Barrer, while the other parameters for the reference case were kept constant.
As demonstrated in Figure 9.15, the required membrane area or hollow-fiber number
dropped rapidly as permeability increased from 1000 to 4000 Barrer. Beyond that,
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Figure 9.15. Effect of CO, permeability on required membrane area for autothermal reforming
syngas. (Reprinted with permission from Huang et al.,* Copyright 2005 Elsevier.)

it approached a constant value gradually. Increasing CO, permeability increased the
CO, permeation rate and enhanced the CO, removal, which shifted the WGS reaction
toward the product side. However, after exceeding the permeability over 6000
Barrer, the overall system became more reaction controlled. Hence, the influence of
the permeability became less significant.

9.4.2.4 Effects of Sweep-to-Feed Ratio

The inlet sweep-to-feed molar flow rate ratios of 0.5, 1, 1.5, 2, and 2.5 were used
in the calculation while the other parameters for the reference case were kept con-
stant. Figure 9.16 illustrates the effect of sweep-to-feed ratio on the feed-side exit
CO concentration. As illustrated in this figure, increasing the sweep-to-feed ratio
decreased the exit CO concentration first and then increased it slightly. A higher
sweep-to-feed ratio resulted in a lower CO, concentration on the sweep side and
then a higher CO, permeation driving force. However, it also enhanced heat transfer
and then decreased the feed-side temperature, which was unfavorable to the WGS
reaction rate. Therefore, an optimal sweep-to-feed ratio of about 1 existed as a result
of the trade-off between the effects on the CO, permeation rate and the WGS reac-
tion rate. Also illustrated in this figure is the effect of sweep-to-feed ratio on H,
recovery. The sweep-to-feed ratio did not have a significant effect on the H, recov-
ery. This was due to the fact that the resulting CO concentrations were very low
(<30ppm) and did not affect the H, recovery.

9.4.2.5 Effects of Inlet Feed Temperature

In order to study the impact of inlet feed temperature on the membrane reactor
performance, Ty, = 80, 100, 120, 140, 160, 180, and 200 °C were applied in the model
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Figure 9.16. Effects of sweep-to-feed ratio on feed-side exit CO concentration and H, recovery for
autothermal reforming syngas. (Reprinted with permission from Huang et al., Copyright 2005
Elsevier.)

70,000

65,000

60,000

55,000

Hollow-fiber number

50,000

45,000 T T T T T T
70 90 110 130 150 170 190 210

Inlet feed temperature (°C)

Figure 9.17. Effect of inlet feed temperature on required membrane area for autothermal reforming

syngas.

while the other parameters for the reference case were kept constant. As shown in
Figure 9.17, the required membrane area or hollow-fiber number decreased as the
inlet feed temperature increased. It approached an asymptotic value gradually. The
feed-side temperature profiles for different feed inlet temperatures are presented in
Figure 9.18. The feed-side temperature increased as the inlet feed temperature
increased, especially at the entrance section. The higher feed-side temperature gave
a higher WGS reaction rate, and thus a less reactor or catalyst volume, that is, a
lower membrane area, was required. The unfavorable WGS equilibrium at high
temperatures was compensated by the simultaneous CO, removal.
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Figure 9.18. Feed-side temperature profiles along the length of membrane reactor for autothermal
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Figure 9.19. Effect of inlet sweep temperature on required membrane area for autothermal
reforming syngas.

9.4.2.6 Effects of Inlet Sweep Temperature

The membrane areas required for the exit feed CO concentration of <10ppm in the
H, product were calculated with seven different inlet sweep temperatures ranging
from 80 to 200°C, while the other parameters for the reference case were kept
constant. As demonstrated in Figure 9.19, the required membrane area or hollow-
fiber number dropped rapidly as the inlet sweep temperature increased from 80 to
160°C. Beyond 160°C, it increased slightly. Figure 9.20 depicts the feed-side tem-
perature profiles along the membrane reactor with different inlet sweep tempera-
tures. Increasing the inlet sweep temperature increased the feed-side temperature
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Figure 9.20. Feed-side temperature profiles along the length of membrane reactor for autothermal
reforming syngas with different inlet sweep temperatures.

significantly over a longer reactor length in comparison with increasing the inlet
feed temperature as shown in Figure 9.18. A higher feed-side temperature resulted
in a higher WGS reaction rate and thus a lower membrane area as described earlier.
When the inlet sweep temperature exceeded about 160 °C, the WGS reaction equi-
librium became less favorable, and the overall system became more mass transfer
controlled. Hence, more membrane area was needed to remove the generated CO,
to achieve <10ppm CO in the H, product.

9.4.2.7 Effects of Catalyst Activity

The effect of catalyst activity on the required membrane area was studied by assum-
ing several WGS reaction kinetics based on the Cu/ZnO kinetics equation proposed
by Keiski et al.*’ In Figure 9.21, the number on the horizontal x-axis indicates the
reaction kinetic rate in terms of the times of the Cu/ZnO Kkinetics, for example, 1
represents the Cu/ZnO kinetics and 2 represents a kinetics of 2 times the Cu/ZnO
kinetics. As illustrated in this figure, increasing catalyst activity reduced the required
membrane area significantly. The higher catalyst activity resulted in a higher reac-
tion rate, which also increased the CO, permeation rate because of a higher CO,
partial pressure on the feed side and thus a higher driving force across the membrane.
Hence, with the advancement of a more active WGS catalyst, the membrane reactor
would become more compact.

9.4.2.8 Experimental Study of CO,-Selective WGS
Membrane Reactor

In the experiments, a rectangular flat-sheet membrane reactor using the commercial
Cu/ZnO catalyst (C18-AMT-2, Siid-Chemie Inc., Louisville, KY) was set up. Figure
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Figure 9.21. Effect of catalyst activity on required membrane area for autothermal reforming
syngas.
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Figure 9.22. Schematic diagram of rectangular flat-sheet WGS membrane reactor.

9.22 shows the schematic of this membrane reactor. This reactor was designed to
provide well-defined flows on both the feed and sweep sides, which made possible
an accurate comparison between experimental data and modeling prediction. The
gas mixture with the composition of 1% CO, 17% CO,, 45% H,, and 37% N, (on
dry basis) was used as the feed gas, and argon was used as the sweep gas for the
ease of gas chromatography (GC) analysis.

By varying the feed flow rate, the performance of the reactor was investigated.
Figure 9.23 shows the results obtained from this rectangular WGS membrane reactor.
As shown in this figure, the CO concentration in the exit stream, that is, the H,
product, was <10ppm (on dry basis) for the various feed flow rates of the syngas
ranging from 20 to 70cc/min (at ambient conditions). The data agreed reasonably
with the prediction by the nonisothermal mathematical model that we have devel-
oped based on the material and energy balances, membrane permeation, and the
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Figure 9.23. The results of CO in the H, product for the inlet 1% CO feed gas at various flow rates
from the rectangular WGS membrane reactor.

low-temperature WGS reaction kinetics for the commercial catalyst (Cu/ZnO/Al,O5)
reported by Moe** and Keiski et al.’ as described earlier. If the feed pressure of the
synthesis gas was higher than 2atm, a higher feed gas rate could be processed to
obtain <10ppm CO in the H, product for the given membrane area of the rectangular
reactor, as a result of a higher driving force for the CO, transport.

Gas hourly space velocity (GHSV) is defined in the following equation:

Gas flow rate (L/h)
Reactor volume (L)

Thus, the unit of GHSV is h™'. The GHSV values for the data shown in Figure
9.23 were calculated according to this equation by taking into account the membrane
thickness and packing density. The calculated GHSV results corresponding to the
experimental data given in Figure 9.23 are shown in Figure 9.24. As shown in
the figure, a high GHSV of about 4600 h7'is achievable. As mentioned above, if the
feed pressure of the synthesis gas was higher than 2 atm, a higher feed gas rate could
be processed, that is, a higher GHSV would be achievable.

GHSV = 9.17)

9.5 CONCLUSIONS

Polymeric CO,-selective membranes consisting of both mobile and fixed carriers in
cross-linked PVA were synthesized. The membranes showed good CO,/H, and CO,/
CO selectivities, and high CO, permeability up to 170 °C. The effects of feed pres-
sure, water content, and temperature on transport properties were investigated. The
CO, permeability and CO./H, selectivity decreased with increasing feed pressure,
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Figure 9.24. The calculated GHSV results for the data shown in Figure 9.23 at various flow rates
from the rectangular WGS membrane reactor.

which could be explained with the carrier saturation phenomenon, a characteristic
of facilitated transport membranes. The CO, permeability and CO,/H, selectivity
increased significantly with increasing water contents in both feed and sweep, which
suggested that water played an important role in the facilitated transport. The overall
gratifying results obtained were mostly attributed to the improvement in cross-
linking and better carriers.

A one-dimensional nonisothermal model was developed to predict the perfor-
mance of the novel WGS membrane reactor. The modeling results have shown that
H, enhancement (>54% H, for the ATR of gasoline with air on a dry basis) via CO,
removal and CO reduction to 10ppm or lower are achievable for the autothermal
synthesis gas. With this model, we have elucidated the effects of system parameters
on the membrane reactor performance. As the CO./H, selectivity increased, the
recovery of H, increased, without affecting the membrane area requirement and
the low CO attainment significantly. Higher membrane permeability resulted in the
reduction of the required membrane area. Increasing sweep-to-feed ratio enhanced
the permeation driving force but decreased the feed-side temperature and thus the
reaction rate, resulting in a net effect balanced between them and an optimal ratio
of about 1. As either of the inlet feed and sweep temperatures increased, the mem-
brane area requirement decreased. However, the temperatures greater than about
170 °C would be unfavorable to the exothermic, reversible WGS reaction. Increasing
catalyst activity enhanced WGS reaction and CO, permeation. The modeling study
showed that both WGS reaction and CO, permeation played an important role on
the overall reactor performance. In the experimental study, we confirmed the <10 ppm
CO result using a rectangular WGS membrane reactor with well-defined flows. The
data from the rectangular WGS membrane reactor agreed well with the model
prediction.
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GLOSSARY

C, CO, concentration (cm® (STP)/cm® D2
polymer)

Cys COj-carrier reaction product Pic
concentration (cm® (STP)/cm’
polymer) Pim

c heat capacity (J/mol/K)
d hollow-fiber diameter (cm)
D, diffusivity coefficient for CO, (cm?/s) P

D, diffusivity coefficient for CO,-carrier
reaction product (cm?s)

H,z Henry’s law constant for CO,-carrier P
reaction product (cm® (STP)/(cm’ r
polymer atm) R

AH, heat of reaction (J/mol) T

J permeation flux (mol/cm*/s) U;

K;  reaction equilibrium constant (atm™)
membrane thickness (cm)

n molar flow rate (mol/s) Yy

P pressure (atm) z

)2 CO, partial pressure on the high-
pressure side of the membrane (atm)

Greek Letters

a COy/H, selectivity
py, catalyst bulk density (g/cm?)

Subscripts
0 initial

f feed side
i species

in inside of the hollow fiber

J  species

s sweep side

t total
ACKNOWLEDGMENTS

CO, partial pressure on the low-
pressure side of the membrane (atm)

critical CO, partial pressure at which
carrier saturation occurs (atm)

CO, partial pressure in the membrane
on the high-pressure side of the
membrane (atm)

CO, partial pressure in the membrane
on the low-pressure side of the
membrane (atm)

permeability (Barrer)

volumetric reaction rate (mol/cm?/s)
ideal gas constant (atm-cm*/mol/K)

temperature (°C)

overall heat transfer coefficient (W/
cm?/K)

feed-side molar fraction

sweep-side molar fraction

axial position along the length of
reactor (cm)

This research was supported by the U.S. Department of Energy (Grant/Contract No. DE-
FC36-03AL68510), the Ohio Department of Development (Wright Center of Innovation



References 411

Grant No. 342-0561), and the Ohio State University. We would like to thank Chris Plotz and
BHA Technologies, and Debbie de la Cruz and GE Infrastructure for giving us the BHA
microporous Teflon support and GE E500A microporous polysulfone support, respectively,
used in this work.

REFERENCES

11.
12.

13.

14.

16.

17.

18.

19.

20.

21.

. Acres, G.J.K. Recent advances in fuel cell technology and its applications. Journal of Power

Sources, 2001, 100, 60.

. CrOPPER, M.A.J., GEIGER, S., and JoLLIE, D.M. Fuel cells: A survey of current developments.

Journal of Power Sources, 2004, 131, 57.

. BARNETT, B.M. and TEAGAN, W.P. The role of fuel cells in our energy future. Journal of Power

Sources, 1992, 37, 15.

. BRowN, L.F. A comparative study of fuels for on-board hydrogen production for fuel-cell-powered

automobiles. International Journal of Hydrogen Energy, 2001, 26, 381.

. AHMED, S. and KRUMPELT, M. Hydrogen from hydrocarbon fuels for fuel cells. International Journal

of Hydrogen Energy, 2001, 26, 291.

. Huang, J., EL-Azzawm, L., and Ho, W.S.W. Modeling of CO,-selective water gas shift membrane

reactor for fuel cell. Journal of Membrane Science, 2005, 261, 67.

. Zolandz, R.R. and Fleming, G.K. Gas permeation. In Membrane Handbook (eds. W.S.W. Ho, K.K.

Sirkar). New York: Chapman & Hall, p. 26, 1992.

. LiN, H. and FREEMAN, B.D. Materials selection guidelines for membranes that remove CO, from

gas mixture. Journal of Molecular Structure, 2005, 739, 57.

. LiN, H., WAGNER, E.V.,, FREEMAN, B.D., Toy, L.G., and Guprta, R.P. Plasticization-enhanced

hydrogen purification using polymeric membranes. Science, 2006, 311, 639.

. Way, J.D. and Noble, R.D. Facilitated transport. In Membrane Handbook (eds. W.S.W. Ho, K.K.

Sirkar). New York: Chapman & Hall, p. 834, 1992.

Ho, W.S.W. and Sirkar, K.K. (eds.). Membrane Handbook. New York: Chapman & Hall, 1992.
CUSSLER, E.L., Aris, R., and BHOWN, A. On the limit of facilitated diffusion. Journal of Membrane
Science, 1989, 43, 149.

WarD, W.J. and RoBB, W.L. Carbon dioxide-oxygen separation: Facilitated transport of carbon
dioxide across a liquid film. Science, 1967, 156, 1481.

MELDON, J.H., SmiTH K.A., and CoLTOoN C.K. The effect of weak acids upon the transport of carbon
dioxide in alkaline solutions. Chemical Engineering Science, 1977, 32, 939.

. WAy, I.D., NoBLE, R.D., REED, D.L., GINLEY, G.M., and JARR, L.A. Facilitated transport of CO, in

ion exchange membranes. AIChE Journal, 1987, 33, 480.

QUINN, R., APPLEBY, J.B., and PEz, G.P. New facilitated transport membranes for the separation of
carbon dioxide from hydrogen and methane. Journal of Membrane Science, 1995, 104, 139.
TERAMOTO, M., TAKEUCHI, N., MaKkl1, T., and MATsuyama, H. Gas separation by liquid membrane
accompanied by permeation of membrane liquid through membrane physical transport. Separation
and Purification Technology, 2001, 24, 101.

TErRAMOTO, M., TAKEUCHI, N., MAKI, T., and MaTsuyama, H. Facilitated transport of CO, through
liquid membrane accompanied by permeation of carrier solution. Separation and Purification Tech-
nology, 2002, 27, 25.

TERAMOTO, M., KiTADA, S., OHNISHI, N., MATSUYAMA, H., and MATSUMIYA, N. Separation and
concentration of CO, by capillary-type facilitated transport membrane module with permeation of
carrier solution. Journal of Membrane Science, 2004, 234, 83.

LEBLANC, O.H., WARD, W.J., MATSON, S.L., and KiMURA, S.G. Facilitated transport in ion-exchange
membranes. Journal of Membrane Science, 1980, 6, 339.

YamacucHl, T., KovaL, C.A., NoBLE, R.D., and BowMAN, C.N. Transport mechanism of carbon
dioxide through perfluorosulfonate ionomer membranes containing an amine carrier. Chemical Engi-
neering Science, 1996, 51, 4781.



412 Chapter 9 CO,-Selective Membranes for Hydrogen Fuel Processing

22.

23.

24.

25.

26.

27.

28.

29.

30.

32.

33.

34.

35.

36.

37.

38.

39.

40.

41.

42.

43.

44.

45.

LANGEVIN, D., PINOCHE, M., SELEGNY, E., METAYER, M., and Roux, R. CO, facilitated transport
through functionalized cation-exchange membranes. Journal of Membrane Science, 1993, 82, 51.
MatsuyaMA, H., TERaAMOTO, M., and Iwal, K. Development of a new functional cation-exchange
membrane and its application to facilitated transport of CO,. Journal of Membrane Science, 1994,
93, 237.

MaATsUYAMA, H., TERAMOTO, M., SAKAKURA, H., and Iwal, K. Facilitated transport of CO, through
various ion exchange membranes prepared by plasma graft polymerization. Journal of Membrane
Science, 1996, 117, 251.

MaATtsuyaMA, H., TERaAMOTO, M., MATsUI, K., and KITAMURA, Y. Preparation of poly(acrylic acid)/
poly(vinyl alcohol) membrane for the facilitated transport of CO,. Journal of Applied Polymer
Science, 2001, 81, 936.

YamAGucHI, T., BOETIE, L.M., KovaL, C.A., NOBLE, R.D., and BRowN, C.N. Transport properties
of carbon dioxide through amine functionalized carrier membranes. Industrial & Engineering
Chemistry Research, 1995, 34, 4071.

MaTsuyama, H., TERADA, A., NAKAGAWARA, T., KiTAMURA, Y., and TERAMOTO, M. Facilitated
transport of CO, through polyethylenimine/poly(vinyl alcohol) blend membrane. Journal of
Membrane Science, 1999, 163, 221.

QUINN, R. and Laciak, D.V. Polyelectrolyte membranes for acid gas separations. Journal of
Membrane Science, 1997, 131, 49.

QuinN, R., Laciak, D.V,, and Pez, G.P. Polyelectrolyte-salt blend membranes for acid gas
separations. Journal of Membrane Science, 1997, 131, 61.

Ho, W.S.W. Membranes comprising salts of amino acids in hydrophilic polymers. U.S. Patent
5,611,843, 1997.

. Ho, W.S.W. Membranes comprising amino acid salts in polyamine polymers and blends. U.S. Patent

6,099,621, 2000.

TeE, Y.H., Zou, J., and Ho, W.S.W. CO,-selective membranes containing dimethylglycine mobile
carriers and polyethylenimine fixed carrier. Journal of the Chinese Institute of Chemical Engineers,
2006, 37, 1.

ZHANG, Y., WANG, Z., and WANG, S.C. Selective permeation of CO, through new facilitated trans-
port membranes. Desalination, 2002, 145, 385.

Kmv, T., L1, B., and HAGG, M. Novel fixed-site-carrier polyvinylamine membrane for carbon dioxide
capture. Journal of Polymer Science. Part B, Polymer Physics, 2004, 42, 4326.

UEMIYA, S., Sato, N., ANpo, H., and KikucHI, E. The water gas shift reaction assisted by a
palladium membrane reactor. Industrial & Engineering Chemistry, 1991, 30, 585.

BASILE, A., CriscUOLL, A., SANTELLA, F., and DrioL1, E. Membrane reactor for water gas shift
reaction. Gas Separation & Purification, 1996, 10, 243.

XUE, E., O’KEEFFE, M., and Ross, J.R.H. Water-gas shift conversion using a feed with a low steam
to carbon monoxide ratio and containing sulphur. Catalysis Today, 1996, 30, 107.

CRriscuoLl, A., BASILE, A., and DrioLl, E. An analysis of the performance of membrane reactors for
the water-gas shift reaction using gas feed mixtures. Catalysis Today, 2000, 56, 53.

GIESSLER, S., JORDAN, L., DINiz DA CosTA, J.C., and Lu, G.Q. Performance of hydrophobic and
hydrophilic silica membrane reactors for the water gas shift reaction. Separation and Purification
Technology, 2003, 32, 255.

TosTl, S., BASILE, A., CHIAPPETTA, G., RizzELLO, C., and VIOLANTE, V. Pd-Ag membrane reactors
for water gas shift reaction. Chemical Engineering Journal, 2003, 93, 23.

ARMOR, J.N. Applications of catalytic inorganic membrane reactors to refinery products. Journal of
Membrane Science, 1998, 147, 217.

Zou, J. and Ho, W.S.W. CO,-selective polymeric membranes containing amines in crosslinked
poly(vinyl alcohol). Journal of Membrane Science, 2006, 286, 310.

Mok, J.M. Design of water-gas-shift reactors. Chemical Engineering Progress, 1962, 58, 33.
CAMPBELL, J.S. Influences of catalyst formulation and poisoning on the activity and die-off of low
temperature shift catalysts. Industrial and Engineering Chemistry Process Design and Development,
1977, 9, 588.

FroLitakis, E., HoremaNN, U., and HOFEMANN, H. Application of wavefront analysis for kinetic
investigation of water-gas shift reaction. Chemical Engineering Science, 1980, 35, 1021.



46.

47.

48.

49.

50.

51,

References 413

SaLmi, T. and HAKKARAINEN, R. Kinetic study of the low-temperature water-gas shift reactor over
a Cu-ZnO catalyst. Applied Catalysis, 1989, 49, 285.

KEiski, R.L., DEspoNDs, O., CHANG, Y.F.,, and Somorial, G.A. Kinetics of the water-gas-shift
reaction over several alkane activation and water-gas-shift catalysts. Applied Catalysis. A, General,
1993, 101, 317.

AMADEO, N.E. and LABORDE, M.A. Hydrogen production from the low temperature water-gas shift
reaction: kinetics and simulation of the industrial reactor. International Journal of Hydrogen Energy,
1995, 20, 949.

SarTORI, G., Ho, W.S.W., SavaGE, D.W., CHLUDzINSKI, G.R., and WIECHERT, S. Sterically-
hindered amines for acid-gas absorption. Separation and Purification Methods, 1987, 16, 171.
SARTORI, G. and SAVAGE, D.W. Sterically hindered amines for CO, removal from gases. Industrial
and Engineering Chemistry Fundamentals, 1983, 22, 239.

Ho, W.S.W. and DALRYMPLE, D.C. Facilitated transport of olefins in Ag'-containing polymer
membranes. Journal of Membrane Science, 1994, 91, 13.



Chapter 10

Pressure Swing Adsorption
Technology for Hydrogen
Production
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10.1 INTRODUCTION

The current global production capacity of gaseous hydrogen is about 17 trillion
standard cubic feet per year.' Approximately 95% of that hydrogen is captively
produced and used by petroleum refiners and by ammonia and methanol manufactur-
ers. The balance is available as “merchant hydrogen,” which is produced by various
industrial gas companies and sold to different customers. The primary applications
of merchant hydrogen are in food, electronics, chemicals, metal refining, and petro-
chemical industries. The use of hydrogen as a clean fuel for transportation is also
an emerging market.

The production of high-purity hydrogen from a gas mixture containing 60—
90 mol % hydrogen by using pressure swing adsorption (PSA) processes has become
the state-of-the-art technology in the chemical and petrochemical industries. Over
85% of current global hydrogen production units use PSA technology for hydrogen
purification, and several hundred H, PSA process units have been installed around
the world.

The basic concept of a H, PSA process is relatively simple. The impurities from
the H,-containing feed gas mixture are selectively adsorbed on a micro- and meso-
porous solid adsorbent (zeolites, activated carbons, silica and alumina gels) at a rela-
tively high pressure by contacting the feed gas with the solid in a packed column of

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
Copyright © 2010 American Institute of Chemical Engineers
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the adsorbent in order to produce a high-purity H, product gas at feed pressure. The
adsorbed components are then desorbed from the solid by lowering their superin-
cumbent gas-phase partial pressures inside the column so that the adsorbent can be
reused. Lowering the column pressure (depressurization) and flowing a part of the
impurity-free H, product gas over the adsorbent at a lower pressure (purging) are
two common methods of carrying out the desorption process. The desorbed gases
are enriched in the more strongly adsorbed components of the feed gas. Although
simple in concept, the actual design of a practical H, PSA process can be fairly
complex because it generally involves the use of a multicolumn adsorption system
operating under a cyclic steady state using a series of sequential, nonisothermal,
nonisobaric, and non-steady-state process steps. These include the steps of adsorp-
tion, desorption, and a multitude of complementary steps that are designed to
increase the H, product gas purity and recovery, to decrease the adsorbent inventory,
and to optimize the overall separation efficiency.*?

The two most common feed gas streams used for this application are (i) the
steam methane reformer off-gas (SMROG) after it has been further treated in a
water-gas shift (WGS) reactor, and (ii) the refinery off-gas (ROG) from various
sources. The typical feed gas compositions to the PSA system for these cases are (i)
70%-80% H,, 15%-25% CO,, 3%—6% CH,, 1%-3% CO, and trace N,, and (ii)
65%-90% H,, 3%—-20% CH,, 4%—8% C,Hs, 1%—-3% C;Hs, and less than 0.5% Cy+
hydrocarbons. Both feed gases are generally available at a pressure of 4-30atm
(latm = 101.3kPa) and at a temperature of 21-38°C (70-100°F), and they are
generally saturated with water. The PSA processes are designed to produce a dry
hydrogen-rich product stream at the feed gas pressure containing 98-99.999 mol %
H, with a H, recovery of 70%—-95%. A waste gas stream containing the unrecovered
H, and all of the impurities of the feed gas is also produced at a pressure of 1.1—
1.7 atm. This waste stream is typically used in combustion applications for its fuel
value. Several specially designed PSA processes simultaneously produce a secon-
dary product stream containing 99+mol % CO, at a near-ambient pressure when the
SMROG is used as the feed gas. Other PSA processes are designed to directly
produce an ammonia synthesis gas containing a N,—H, mixture in the mole ratio of
1:3 from the SMROG feed gas with or without a by-product stream of CO,.

Figure 10.1 is a schematic box diagram for the most commonly used steam
methane reforming (SMR)-WGS—PSA route of H, production.* Steam and natural
gas in the ratio of 2.5:6.0 are reacted (CH,4 + H,O <> CO + 3H,) at a high temperature
(750-900°C) and pressure (4-30atm) over a nickel catalyst. The endothermic SMR
reactor effluent gas containing 70%-72% H,, 6%—-8% CH,, 8%—10% CO, and
10%—-14% CO, (dry basis) is cooled to 300—400 °C (steam produced) and subjected
to the exothermic WGS reaction (CO + H,O <> CO, + H,), cooled again, and puri-
fied in a multicolumn PSA unit. The H, product contains 99.999+ H, (<15 ppm CO,),
and the H, recovery from the PSA unit is typically 70%-95%. The PSA waste
gas is recycled as fuel to the reformer, fresh natural gas providing the balance of
the fuel.

Figure 10.2 shows an aerial photograph of a H, production facility by the
above-described route. It is located in Pasadena, TX, and it belongs to Air Products
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Figure 10.1. Conventional steam methane reforming (SMR) route for hydrogen production.

Figure 10.2. Aerial photo of Air Products and Chemicals, Inc.; an 80 MMSCFD H, plant in
Pasadena, TX (SMR H, facility and 10-bed H, PSA). See color insert.
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and Chemicals, Inc. The plant produces 80 million standard cubic feet of H, per day.
The multicolumn H, PSA unit can be seen at the upper right-hand quadrant of the
picture.

Recovery of H, from ROGs by a PSA process has also found a major niche for
this technology. The driving force for this application is that the refineries are
becoming more and more deficient in H, due to higher demands to meet sulfur
removal and reformed gasoline regulations, and they are looking for alternative low
cost source of H,.™”’

The cost of hydrogen from an integrated SMR/PSA system or an integrated
ROG/PSA system is impacted by both the capital and operating costs of the PSA
process. The capital cost is primarily determined by the number and size of the
PSA beds used, the amount of adsorbent in each bed, and the number of switch
valves required. The bed size and the adsorbent inventory decrease as (i) the hydro-
gen productivity (moles of H, produced/total volume of the adsorbent in the system/
cycle) increases and (ii) the hydrogen recovery (moles of H, produced/mole of feed
H,/cycle) increases. Hydrogen productivity can be increased by using (i) faster PSA
cycle times and/or (ii) adsorbents with higher PSA working capacities for the
impurities being removed from H,. Hydrogen recovery by the PSA process can be
increased by (i) creative process design to preserve the void H, in the adsorption
column before the depressurization steps of the cycle, and (ii) judicious selection
of the adsorbents used to decrease the coadsorption of H, and to facilitate desorp-
tion of the adsorbed impurities during the product H, purge step of the cycle.
Higher H, recovery also results in (i) significant capital and operating cost savings
for production of H, by SMR due to downsizing of the reformer and reduction
in natural gas requirement, and (ii) substantial cost incentive in H, recovery from
the ROG.

The research and development activities in this field have been extensive during
the last 30 years. Figure 10.3 shows the year-by-year breakdown of the number of
issued U.S. patents on H, PSA processes between 1978 and 2005.° A total of 275
basic patents were granted to 73 corporations around the world. The figure also
shows a recent upsurge in the patent activity in this area. The primary reason for
this is the design of new PSA process configurations to increase the primary and
secondary product recoveries while maintaining their high purities and to reduce the
adsorbent inventory, as well as the development of new adsorbents for this applica-
tion. A common practice is to use more than one type of adsorbent in the PSA
columns (as different adsorbent layers in the same vessel) in order to (i) obtain
optimum working adsorption capacities and selectivities for the feed gas impurities
while reducing the coadsorption of H,, and (ii) achieve efficient desorption of the
impurities using minimum amount of product H, as purge gas.

This chapter provides a brief review of (i) several commercial H, PSA processes
and their separation performances, (ii) characteristics of adsorbents used in these
processes, and (iii) recent research and developments on the subject of H, production
and purification by PSA.



418 Chapter 10 Pressure Swing Adsorption Technology for Hydrogen Production

30

251 ... (R e e e

N
o

Number of U.S. patents
S o

' '
' '
| '

........ L L - fe - - - -
' '
' ' '
' ' '
' ' !

0
1978 1983 1988 1993 1998 2003
Year

Figure 10.3. Survey of U.S. patents on H, PSA (number of U.S. patents vs. year).

10.2 PSA PROCESSES FOR HYDROGEN
PURIFICATION

10.2.1 PSA Processes for Production of
Hydrogen Only

The most frequently used PSA process concept for sole production of hydrogen is
patented by Union Carbide Corporation.”'° One version of this process consists of
nine cyclic steps:’

(a) Adsorption: The feed gas is passed at pressure PF through an adsorber and
an essentially pure H, stream is produced through the product end at the
feed gas pressure. A part of this gas is withdrawn as the primary H, product
stream. The step is stopped when the impurity mass transfer zones are
somewhere in the middle of the adsorber and the rest of the adsorber is
essentially clean.

(b) Cocurrent depressurization I: The adsorber is then cocurrently depressur-
ized to a pressure level of P,. An essentially pure H, stream is again
produced through the product end which is used to pressurize a companion
adsorber undergoing step (h).

(¢) Cocurrent depressurization II: The adsorber is further depressurized cocur-
rently to a pressure level of P,. The effluent gas through the product end
is again a high-purity H, stream, which is used to pressurize another com-
panion adsorber undergoing step (g).

(d) Cocurrent depressurization III: The adsorber is again depressurized cocur-
rently to a pressure level of P;. The effluent gas through the product end
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is still a high-purity H, stream, which is used to countercurrently purge
another companion adsorber undergoing step (f).

(e) Countercurrent depressurization: The adsorber is then countercurrently
depressurized to the lowest pressure level of the cycle (PP). The effluent
gas from this step, which contains a part of the desorbed gases and most
of the column void gases, is wasted.

(f) Countercurrent purge: The adsorber is then countercurrently purged with
a gas stream of essentially pure H, at pressure P° obtained from a com-
panion column undergoing step (d). The effluent gas from this step con-
tains the remaining part of the desorbed impurities and it is wasted.

(g) Countercurrent pressurization I: The adsorber is then pressurized from
pressure PP to P, by countercurrently introducing the gas produced by a
companion column undergoing step (c).

(h) Countercurrent pressurization II: The adsorber is further pressurized from
P, to P, by countercurrently introducing the effluent gas from step (b).

(i) Countercurrent pressurization III: Finally, the adsorber is countercurrently
pressurized from P, to P" with a part of the H, product gas produced by
a companion column undergoing step (a). The adsorber is now ready to
start a new cycle.

Other modifications to the above-described PSA cycle with only two cocurrent
depressurization steps (which produce the high-purity H, effluent gases for only one
countercurrent pressurization step and the countercurrent purge step) are also prac-
ticed.' Typically, multicolumn PSA units containing 4—12 parallel columns are used
to accommodate these steps. Several adsorbers can be simultaneously receiving the
feed gas mixture (step a) when the H, production capacity is very large. Figure 10.4
is a schematic flowsheet for a 10-column PSA process using the 11-step process.
This process is generally known as the Poly-bed process. Union Carbide’s H, PSA
process technology was sold to UOP LLC in the 1980s. More detailed information
on the performance of Poly-bed processes, their control systems, and market applica-
tions can be found elsewhere."

The most distinguishing features of the Poly-bed process consist of (i) stopping
the adsorption step (step a) while a substantial adsorption capacity for the feed gas
impurities remain unused near the product end of the adsorber and then (ii) carrying
out a series of cocurrent depressurization steps (steps b—d). The feed-like void gas
from the section of the column which holds the feed impurities at the end of step
(a) expands towards the product end during steps (b)—(d) and the impurities are
adsorbed in the clean section of the column. Consequently, high-purity H, streams
at different pressure levels are produced from the column during these steps, which
are used to countercurrently purge (step f) and pressurize (steps g and h) other
companion columns. These sequences of steps extract valuable H, from the column
void gas at the end of step (a) as pure H, and use it efficiently for impurity desorp-
tion and partial pressurization steps. The net result is higher H, recovery from the
feed gas. This is, however, done at the cost of increased adsorbent inventory per
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Figure 10.4. Schematic flow diagram for the Poly-bed PSA process.

unit amount of feed processed because the entire adsorber is not used to process the
feed gas in step (a).

A Poly-bed system consisting of 10 parallel columns, each containing a layer
of activated carbon in the feed end and a layer of 5A zeolite in the product end,
could process an SMROG (77.1% H,, 22.5% CO,, 0.35% CO, and 0.013% CH,) at
20.7atm and 21°C to produce a 99.999% pure H, product at near the feed gas
pressure with a H, recovery of 86.0%.° The lowest desorption pressure (PP) for the
process was 1 atm and the composition of the waste gas was 32.0% H,, 66.8% CO,,
1.0% CO, and 0.04% CH,. The volume fractions of the carbon and the zeolite layers
in the adsorbers were 0.762 and 0.238, respectively. The total cycle time (11 steps)
used was 13.33min, and the feed processing capacity for the process was 34.9ft* of
feed gas (1atm, 15°C/ft’) of total adsorbent in the system/cycle.

A very interesting variation of the above-described process is patented by Toyo
Engineering Corporation of Japan.'>"* The process is used for the recovery of H,
from a ROG. It consists of nine sequential steps:

(a) Adsorption: This step is identical to step (a) of the Poly-bed process. It
produces a high-purity H, stream at feed gas pressure (P"), a part of which
is withdrawn as the primary H, product.

(b) Cocurrent depressurization I: This step is also identical to step (b) of the
Poly-bed process. The column pressure at the end of this step is P, and
the effluent gas is high-purity H,, which is used to pressurize a companion
column undergoing step (h).
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Cocurrent depressurization II: The effluent gas from this step is initially
high-purity H, but the step is continued until some of the less strongly
adsorbed impurities from the feed gas break through the product end. The
column pressure at the end of this step is P,.

The entire effluent gas from step (c) is stored in a separate tank packed
with nonporous inert solids. As this effluent gas enters the storage tank, it
displaces the previously stored gas from the tank (received from another
column that underwent step (c). The previously stored gas leaves the tank
through the same end that was used to introduce the gas into the tank.
Thus, the effluent gas from the tank during this step initially contains a
H, stream containing some impurities of the feed gas followed by an
essentially pure H, stream. This gas is used to countercurrently purge a
column at pressure PP for the removal of the adsorbed impurities. Thus,
the gas is introduced into the tank through one end during step (c) for one
cycle and then through the other end for the next cycle and so on.

Cocurrent depressurization III: The column is then further depressurized
cocurrently to pressure P; and the effluent gas is used to pressurize a
companion column undergoing step (g).

Countercurrent depressurization: The column is countercurrently depres-
surized to a pressure of P°. The effluent gas forms a part of the waste gas
from this process.

Countercurrent purge: The column is countercurrently purged with the
effluent gas from the storage tank at pressure P°. The column effluent is
wasted.

Countercurrent pressurization I: The column is countercurrently pressur-
ized to pressure P; using the effluent gas from a companion column
undergoing step (d).

Countercurrent pressurization II: The column is countercurrently pressur-
ized to a pressure level of P, by introducing the effluent from a companion
column undergoing step (b).

Countercurrent pressurization IIT: The column is finally pressurized to P"

by using a part of the H, product being produced by a companion column
undergoing step (a).

The distinguishing feature of this process is described in step (c). The counter-
current purge gas is produced by allowing some impurities to break through the
column (substantially increases purge gas quantity), but the purge efficiency is
maintained by reversing the order of flow of this gas into the column being purged.
This process is thus called the last out, first in (LOFIN) process. The use of a larger
quantity of purge gas, partly with slightly impure H,, increases the overall H, recov-
ery by the process and reduces the adsorbent inventory.'

Figure 10.5 is a schematic process diagram for the LOFIN process using four
parallel adsorbers and a gas storage tank. It could produce a 99.96% H, product at
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Figure 10.5. Schematic flow diagram for the LOFIN PSA process.

feed gas pressure from an ROG containing 78.8% H,, 15.3% CH,, 4.0% C,Hs, 1.4%
C;Hg, 0.3% C4H,, and 0.1% CsH,, (dry basis) at a pressure of 28 atm and 15 °C with
a H, recovery of 86.3%."* The adsorbers were packed with a layer of silica gel (25%)
near the feed end and a layer of activated carbon (75%) near the product end. The
total cycle time (nine steps) for the process was 30.0min and the feed processing
capacity for the process was 153.0ft* of feed gas/ft® of total adsorbent in the system/
cycle. The waste gas containing 33.8% H,, 47.9% CH,, 12.5% C,H,, 4.4% C;Hs,
and 1.25 C,+ hydrocarbons was produced at a pressure of 1.3 atm.

Several other PSA process configurations have been proposed for purification
and recovery of H, from various ROG streams.">™"

10.2.2 Process for Coproduction of Hydrogen and
Carbon Dioxide

As the concern about greenhouse gas emissions increases, methods to sequester CO,
from H, generation systems are of commercial interest. The total CO, emission from
a 100 million standard cubic foot per day (MMSCFD) H, plant is about 2500t of
CO,/day. A PSA process that coproduces both high-purity CO, and high-purity H,
is the Gemini-9 process developed by Air Products and Chemicals, Inc.***' Figure
10.6 shows a schematic flow diagram for the process. It consists of six parallel
adsorbers (called A beds) connected in series with three other parallel adsorbers
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Figure 10.6. Schematic flow diagram for the Gemini PSA process.

(called B beds). The A and B beds undergo the following six- and seven-step cycles,
respectively:

Cycle steps for A beds:

(a)

(b)

(0

(d)

Adsorption: The SMROG is passed through a train of A and B beds in
series and a stream of pure H, at feed pressure (P") is produced through
the product end of the B bed. A part of this gas is withdrawn as the primary
H, product.

Cocurrent CO, rinse: The A and B beds are then disconnected and a stream
of essentially pure CO, at feed gas pressure is cocurrently passed through
the A bed. The effluent gas from the A bed is feed like, which is recycled
as feed gas to another A bed. The A bed is saturated with CO, at the end
of this step.

Countercurrent depressurization: The A bed is then depressurized to a
near-ambient pressure level. The effluent gas is pure CO,. A part of this
gas is recompressed to P" and used as CO,-rinse gas to a companion A
bed. The balance is withdrawn as the secondary CO, product.

Countercurrent evacuation: The A bed is then evacuated to the lowest
subatmospheric pressure level of the cycle (PP). The effluent is again pure
CO,, which is withdrawn as the secondary product.
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(e) Countercurrent pressurization I: The column is then pressure-equalized
to a pressure level of P, with a B bed that has just finished its adsorption
step (a).

(f) Countercurrent pressurization II: The A bed is finally repressurized with
a part of the H,-rich gas produced by an A-B tandem in series undergoing
step (a) by introducing the gas to the A bed through a companion B bed
in series.

Cycle steps for B beds:

(a) Adsorption: The B bed is connected with an A bed in series undergoing
step (a).

(b) Countercurrent depressurization I: The B bed is connected with an
A bed that has just finished step (d) in order to pressure equalize the
two beds.

(¢) Countercurrent depressurization II: The B bed is connected with
another B bed that has completed step (f) in order to pressure equalize
those beds.

(d) Countercurrent depressurization III: The B bed is depressurized to near-
ambient pressure level and the effluent gas is wasted.

(e) Countercurrent purge: The B bed is purged with essentially pure H,
obtained from another B bed undergoing step (a). The effluent is wasted.

(f) Cocurrent pressurization: The B bed is then connected with another B bed
undergoing step (c) in order to pressure equalize the two beds.

(g) Countercurrent pressurization: The B bed is finally pressurized to P* by
introducing a part of H,-rich gas produced by another B bed undergoing
step (a). The B bed is connected with an A bed undergoing step (f) during
this step.

The A beds are packed with activated carbons that selectively remove CO, and
H,O from the SMROG. The B beds are packed with zeolites for the selective
removal of the remaining CO,, CH,, CO, and N, from H,. The process is designed
in such a fashion that very little CO, breaks through the A beds during step (a).

The most distinguishing features of this process are (i) cocurrent CO, rinse at
feed pressure, (ii) separation of A and B beds during column regeneration steps, (iii)
use of different regeneration methods for A (depressurization and evacuation) and
B (depressurization and purge) beds, and (iv) pressure equalization between A and
B, and B and B beds to conserve the void gases. These features permit the produc-
tion of two pure products (CO, and H,) from SMROG with high recoveries of both
components. The process, however, requires rotating machinery (vacuum pumps and
CO, recycle compressor) for its operation.

The process is called Gemini because of its ability to produce two products from
a multicomponent feed gas. It could simultaneously produce a primary H, product
at a purity of 99.999% with an H, recovery of 87.1% and a secondary CO, product
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at a purity of 99.4% with a CO, recovery of 94.0% from an SMROG feed gas
containing 75.4% H,, 19.9% CO,, 0.96% CO, and 3.73% CH, at a pressure of 18 atm
at 21 °C.*! The H, product was produced at the feed gas pressure and the CO, product
was produced at ambient pressure. The final evacuation level in step (d) of A beds
was 0.13-0.20atm. The waste gas was produced at near-ambient pressure, and it
consisted of 8.1% CO,, 5.6% CO, 20.8% CH,, and 65.4% H,. The absence of large
amounts of CO, in the waste gas of Gemini process compared with those for the
Poly-bed and the LOFIN processes makes it a fuel gas with higher calorific value.
More detailed information about the operation and performance of this process can
be found elsewhere.”

There are other options for recovering CO, from SMROG. It can be removed
by using an amine scrubber prior to its introduction (CO, free) into a PSA system
for the production of H, in order to reduce the size of the PSA unit and to improve
the H, recovery.? It is also possible to recover the CO, from the vent gas of an
existing H, PSA process by using an additional PSA system, which uses near-
ambient pressure adsorption of CO, followed by its desorption by evacuation.” NaX
or NaY zeolite can be conveniently used to adsorb about 60% CO, from a gas stream
at near-ambient pressure and produce a high-purity CO, stream as the desorbed gas
by evacuation.

Capture of the CO, produced by combustion of natural gas as the reformer fuel
is not addressed in the above-described scenarios. The possible approaches to
sequester CO, from the reformer furnace would be (i) oxycombustion or (ii) flue gas
cleanup. For oxycombustion, natural gas would be burned in pure O,, producing
a waste gas containing only CO, and H,O. The water can be removed by compres-
sion and cooling to produce a pure CO, stream at pressure for sequestration. Removal
of CO, from the flue gas would involve either scrubbing of the waste gas with
aqueous or nonaqueous solvents or the use of another adsorption-based CO, removal
process.

10.2.3 Processes for the Production of Ammonia
Synthesis Gas

A very important modification of the Poly-bed and Gemini process cycles described
above can be used to directly produce an ammonia synthesis gas (a N, and H,
mixture in the molar ratio of ~1:3) from SMROG as feed to the PSA systems.

For the case of the Poly-bed cycle, it is achieved by using N, from an
external source to (i) countercurrently purge (step f) and pressurize (step i) the
adsorbers. These steps introduce weakly adsorbing N, into the adsorbers before the
adsorption step (a) begins. The N, is expelled out from the adsorber in conjunction
with H, from the feed gas as the effluent stream during step (a) of the Poly-bed
system.*

For the Gemini process, the ammonia synthesis gas can be produced as the
effluent gas from step (a) by (i) carrying out the final countercurrent repressurization
(step f) of the A beds by introducing N, from an external source, (ii) eliminating
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steps (c) and (f) for the B beds, and (iii) countercurrently purging (step e) and repres-
surizing (step g) the B beds with an external source of N,.*?° The A and B beds
remain disconnected during step (g) in this case. Thus, the modified Gemini process
simultaneously produces an ammonia synthesis gas stream at feed gas pressure and
a by-product CO, stream. Only four A beds and two B beds are needed to operate
the modified cycle.”? The A beds are again filled with an activated carbon and the
B beds are filled with a zeolite. A H, recovery of 95% in the product ammonia
synthesis gas, and a by-product CO, recovery of 94% at a CO, purity of 99.4%
can be achieved by this process using SMROG feed gas (same composition as that
for the Gemini process) at a pressure of 18atm and a temperature of 21°C. The
ammonia synthesis gas is free of carbon oxides. About 75% of N, used in pressur-
izing and purging the A and B beds is recovered in the ammonia synthesis gas.”>?
The waste gas has a composition of 6.9% CO,, 5.5% CO, 21.3% CH,, 45.7% N.,,
and 20.6% H,. The process is especially attractive for urea production by reacting
NH; and CO,:

[2NH, + CO, <> NH,CONH, + H,0]. (10.1)

The above examples demonstrate the versatility and flexibility of PSA processes
designed for the purification of H, from a bulk feed gas containing 70%-95% H,.
All of these processes are designed to meet certain product specifications and to
increase the product recoveries at high purities.

10.3 ADSORBENTS FOR HYDROGEN
PSA PROCESSES

The selection of adsorbents is critical for determining the overall separation perfor-
mance of the above-described PSA processes for hydrogen purification. The separa-
tion of the impurities from hydrogen by the adsorbents used in these processes is
generally based on their thermodynamic selectivities of adsorption over H,. Thus,
the multicomponent adsorption equilibrium capacities and selectivities, the multi-
component isosteric heats of adsorption, and the multicomponent equilibrium-
controlled desorption characteristics of the feed gas impurities under the conditions
of operation of the ad(de)sorption steps of the PSA processes are the key properties
for the selection of the adsorbents. The adsorbents are generally chosen to have
fast kinetics of adsorption. Nonetheless, the impact of improved mass transfer
coefficients for adsorption cannot be ignored, especially for rapid PSA (RPSA)
cycles.

The use of zeolites, activated carbons, silica gels, and activated aluminas for
the production of pure H, from various feed gases by using a PSA process has been
recognized from the early days of the development of this technology.?”” The use of
different adsorbents in layers of different volume fractions in a single column for
optimizing the separation process has also been recognized very early.'®* The fol-
lowing sections briefly describe some of the logic behind adsorbent selections as
well as new developments in this field.
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10.3.1 Adsorbents for Bulk CO, Removal

Activated carbons are universally chosen as the preferred adsorbent for the removal
of bulk CO, from SMROG. A layer of an activated carbon is used at the inlet end
of the adsorption column for this purpose. The commercial activated carbons provide
good PSA working capacities for CO, adsorption from SMROG and acceptable
selectivities for CO, over CO, CH,, N,, and H,. At the same time, the strength of
adsorption of CO, on the activated carbon is moderate, which permits relatively
easy desorption of CO, under the conditions of a H, PSA process. Figure 10.7
shows the isotherms for the adsorption of CO, and other components of SMROG at
30°C on BPL activated carbon produced by Calgon Corp.*® Figure 10.8 shows the
adsorption isotherms of the same gases on a 5A zeolite at 30°C.*® These isotherm
data were measured in the laboratories of Air Products and Chemicals using a volu-
metric adsorption apparatus.®

Table 10.1 compares the binary gas selectivities of the components of SMROG
on the BPL carbon and 5A zeolite in Henry’s law region (limit of zero pressure) at
30°C.? The first named component is the more selective species. The polar zeolite
offers higher selectivities of adsorption of the polar gases (CO,, CO, N,) over H,
than the nonpolar carbon, as expected. However, some of the interesting features
include (i) the selectivity of adsorption of nonpolar CH, over H, is practically the
same on both adsorbents, (i) nonpolar CH, is more selectively adsorbed over weakly
polar N, on the carbon than the zeolite, and (iii) CH, is selectively adsorbed over
CO on the carbon while CO is preferentially adsorbed over CH, on the zeolite.

Table 10.2 compares the isothermal CO, working capacities (between CO,
partial pressures of 5.0 and 0.5 atm at 25 °C) and the isosteric heats of adsorption of
CO, on the BPL carbon and the 5A zeolite. It can be seen that the isothermal working
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Figure 10.7. Adsorption isotherms of CO,, CO, CH,, N,, and H, on BPL carbon at 30°C.
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Figure 10.8. Adsorption isotherms of CO,, CO, CH,, N,, and H, on 5A zeolite at 30 °C.

Table 10.1.

Henry’s Law Selectivities on BPL Carbon and 5A Zeolite at 30°C

Gas Mixture

Binary Adsorption Selectivity

BPL 5A
CO,~CH, 2.5 195.6
CO,~CO 7.5 59.1
CO,-N, 11.1 330.7
CO,-H, 90.8 7400.0
CO-CH, 0.33 33
CO-N, 1.48 5.6
CO-H, 12.11 125.0
CH,~N, 4.5 1.7
CH,~H, 36.6 37.8
N-H, 8.2 22.3

Table 10.2. PSA Working Capacities and Heats of Adsorption of CO,

Property

Activated Carbon 5A Zeolite

CO, working capacity (wt %) (25°C, Pco, = 5-0.5 atm) 14.0 3.0

Heat of CO, adsorption (kcal/mol)

55 9.5
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Figure 10.9. Equilibrium-controlled desorption characteristics of CO, by H, purge.

capacity of CO, is much larger on the carbon. It is also adsorbed much less strongly
on the carbon (lower heat of adsorption).

Figure 10.9 shows the isothermal desorption characteristics of pure CO, from
a column (packed with BPL carbon or 5A zeolite) by purge with pure H, at 30°C
and 1.0atm.” The figure plots the fraction of CO, desorbed from a column that was
initially equilibrated with pure CO, at 1.0atm and 30 °C as a function of the specific
amount of H, leaving the column.

These data show that even though the 5A zeolite could exhibit a higher absolute
adsorption capacity for CO, (Fig. 10.8) than the BPL carbon (Fig. 10.7), particularly
in the low-pressure region, and offers much larger selectivities of adsorption for CO,
over the other components of the SMROG (Table 10.1), the net PSA working capac-
ity for CO, on the carbon is much larger than that on the zeolite (Table 10.2) and a
significantly lower amount of H, purge gas is wasted to desorb the CO, from the
carbon than the zeolite (Fig. 10.9). That is because CO, is much less strongly
adsorbed on the carbon than the zeolite as indicated by the lower isosteric heat of
adsorption of CO, on the carbon (Table 10.2). The high heat of adsorption of CO,
on the zeolite is created by the strong pole—pole interactions between the charged
sites of the polar zeolite structure and the permanent quadrupole of CO,. The interac-
tion is much weaker between the CO, and the relatively nonpolar activated carbon.
Since higher PSA working capacity and the easier desorption by purge are the two
most desirable properties for improved performance of a PSA system, the nonpolar
activated carbon is the preferred adsorbent for bulk CO, removal by PSA.

10.3.2 Adsorbents for Dilute CO and N, Removal

The commercial performance of a H, PSA process (online time, productivity,
product purity) is generally dictated by the adsorption characteristics of the most
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weakly adsorbing component (other than H,) in the feed gas. The adsorption step of
the PSA process is continued until the composition of that impurity in the effluent
gas reaches a preset limit (usually a part per million level when a high-purity H,
product is desired). That impurity is typically N, for production of H, from SMROG.
The selectivities of adsorption of the constituents of SMROG increase in the order
CO,>CH, > CO >N, > H, on the carbon, and in the order CO, >CO >CH, >N, >H,
on the zeolite (Table 10.1). Consequently, a layer of SA zeolite, which exhibits a
much higher N, adsorption capacity (Figs. 10.7 and 10.8) and selectivity of adsorp-
tion over H, (Table 10.1) at low partial pressures of N, due to the stronger interac-
tions between the charged sites of the zeolite and the permanent quadrupole of N,
is typically placed at the product end of the adsorber. The 5A zeolite layer is also
used to remove the dilute CO from the SMROG because of its high adsorption
capacity (Fig. 10.8) and selectivity over H, (Table 10.1) caused by the strong
interactions between the permanent dipole and quadrupole of CO and the polar
zeolite sites.

The isothermal desorption characteristics of pure (a) N, and (b) CO from 5A
zeolite and BPL carbon by H, purge at 1.0 atm and 30 °C are shown in Figure 10.10.*!
The column was initially equilibrated with pure CO or N, at 1.0atm and 30 °C, and
then purged with pure H, at the same conditions. The figure plots the fraction of CO
or N, desorbed as a function of the specific amount of H, leaving the column. It may
be seen that CO and N, can be very easily desorbed from the carbon by H, purge
because they are very weakly adsorbed on the nonpolar carbon (low adsorption
capacity and selectivity over H,). However, these gases can also be desorbed reason-
ably well (~80% of impurities removed) from the SA zeolite without consuming a
large volume of H, as purge gas. In fact, a comparison between Figures 10.9 and
10.10 shows that desorption of CO, from the BPL carbon, and not desorption of CO
and N, from the zeolite by H, purge, will set the limit on the amount of H, purge
quantity required in the PSA process. Consequently, SA zeolite is the preferred
adsorbent for the removal of CO and N, from SMROG.

There has been a significant amount of R & D to identify improved adsorbents
for this application. Zeolite CaX is found to be a better adsorbent than 5A because
of its higher N, capacity when very low levels of N, is required in the product H,.*
Another study suggested the use of LiX and Li—CaX zeolites as better materials for
the removal of CO and N, from H, streams because the CO and N, adsorption
isotherms on LiX zeolite are more linear than those on CaX zeolite in the low-
pressure region, which offer higher CO and N, working capacities in a PSA process.™
The use of BaX zeolite has also been suggested for this application because it
exhibits extended linear isotherm in the low-pressure region and it has a high bulk
density.**

An extensive study of optimum adsorbents for CO and N, removal from
SMROG for H, production revealed that the use of highly Ca-exchanged, binderless
A zeolite in the product end of the PSA column could increase the H, productivity
by ~10% and the overall H, recovery by ~1.0 percentage point compared with those
for a standard 5A zeolite (~70% Ca-exchanged NaA zeolite) when N, in the product
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Figure 10.10. Equilibrium-controlled desorption characteristics of N, (a) and CO (b) by H, purge.

gas is the limiting impurity.*> The improvement was caused by higher N, capacity
and faster adsorption of N, on the modified type-A zeolite. On the other hand, the
study showed that the use of NaX zeolite instead of 5A zeolite as the adsorbent layer
in the product end of the adsorber is preferable when N,-free H, is not required, and
CO is the limiting impurity in the product gas. The desorption of CO from the NaX
zeolite by H, purge is easier than that from the 5A zeolite because CO is held less
strongly by the NaX zeolite, which results in a better CO working capacity on that
material. The hydrogen productivity is increased by ~10% and its recovery is
improved by ~0.5 percentage point by the use of NaX in the product end instead of
conventional 5A zeolite.*
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10.3.3 Adsorbents for Dilute CH, Removal

The capacity of adsorption of nonpolar CH, and its selectivity of adsorption over
H, are about the same on both the SA zeolite and the BPL activated carbon as shown
in Figures 10.7 and 10.8 and Table 10.1. However, CH, is selectively adsorbed over
CO on the carbon and CO is selectively adsorbed over CH, on the zeolite (Table
10.1). In general, the majority of CH, removal from the SMROG is accomplished
in the activated carbon layer because of its higher selectivity over CO. Any CH, that
breaks through the carbon layer will be less selectively adsorbed than CO in the
zeolite layer. Consequently, CO and CH, often break through the product end of a
H, PSA process simultaneously. Nevertheless, both the zeolite and the carbon layers
are used to remove the CH, from the SMROG.

10.3.4 Adsorbents for C,-C, Hydrocarbon Removal

The key impurities present in a typical ROG for the recovery of H, by a PSA process
are bulk C, and C, and dilute C; and C, hydrocarbons. Figures 10.11 and 10.12
describe the pure gas adsorption isotherms of the components of ROG at 30°C on
the BPL activated carbon and a silica gel sample (Sorbead H produced by Engelhard
Corp.), respectively.’’ These data were also measured in Air Products and Chemi-
cals, Inc. laboratories. It may be seen that the carbon adsorbs Cs;+ hydrocarbons very
strongly. Consequently, desorption of these hydrocarbons from the carbon by H,
purge becomes rather impractical requiring a large volume of purge gas.

Figure 10.13 compares the isothermal desorption characteristics of pure (a) C,H,
and (b) C3H; by H, purge from the BPL carbon and the silica gel samples at 1.0 atm
and 30°C.*" These data were also generated in the same fashion as those for the
components of the SMROG. They show that desorption of C;Hg from the carbon by
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Figure 10.11. Adsorption isotherms of C,H,y, CsHg, C,Hs, CH,, and H, on BPL carbon at 30°C.
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H, purge requires a large volume of H,, while desorption of C,Hg from the carbon
can be achieved by using a moderate amount of H, purge. Consequently, the silica
gel, which offers relatively lower absolute adsorption capacities and selectivities
over H, for C;+ hydrocarbons than the BPL carbon is the preferred material for the
removal of the higher hydrocarbons from the ROG because it can be more easily
regenerated by H, purge (Fig. 10.13). The carbon, on the other hand, is favored for
the removal of CH, and C,H, from H, because it exhibits relatively higher capacities
and selectivities of adsorption over H, for these gases and yet these gases are not
very strongly adsorbed on the carbon. The advantage of using silica gel as the pre-
ferred adsorbent for the C;+ hydrocarbons in purification of H, from ROG by PSA
has been experimentally evaluated and numerically simulated using a process
model.*® The study demonstrated the difficulty in desorbing butane from a PSA
column containing activated carbon alone. A column packed with a layer of silica
gel at the feed end followed by a layer of activated carbon at the product end resolved
the problem although the productivity of the PSA process decreased with the use of
the dual-sorbent system. A column containing three layers of different adsorbents,
such as a low surface area activated alumina at the feed end (2%—-20% of bed
volume), an intermediate surface area silica gel in the middle (25%—40% of bed
volume), and a high surface area activated carbon in the product end (40%—78% of
bed volume), has been found to be an optimum arrangement for the purification of
H, from an ROG.*” It should be understood that various forms of activated carbons
and silica gels can be employed for the production of H, from ROG.
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Figure 10.13. Equilibrium-controlled desorption characteristics of C;Hg by H, purge.

10.3.5 Other Adsorbent and Related Improvements
in the H, PSA

The majority of the published literature on improved adsorbents for H, purification
by PSA deals with equilibrium adsorption properties (adsorption capacities of the
impurities and their selectivities over H,) of the materials. The adsorbents are gener-
ally chosen in such a way that the kinetics of adsorption of the impurities into the
adsorbents are relatively fast, primarily being controlled by macro- and mesopore
diffusion within the adsorbent particles. The kinetics of adsorption may, however,
become an issue for the removal of the trace amounts (ppm) of a relatively weakly
adsorbed impurity (N, or CH,) at the product end of an H, PSA due to the existence
of a very low driving force for the adsorption process. It was suggested that a layer
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Figure 10.14. Effect of volume fraction of microporosity of activated carbon on PSA performance.

of smaller adsorbent particles be used in the product end of the H, PSA adsorber in
order to improve the impurity mass transfer coefficients (inversely proportional to
the square of particle radius for macropore diffusion control).*® For example, ~10%
increase in the H, productivity and 2.0 percentage point increase in H, recovery in
a PSA process for treating SMROG were claimed by lowering the diameter of the
zeolite particles from 0.2 to 0.1cm (used in a shallow layer at the product end of
the adsorber).” The increase in the column pressure drop due to the use of smaller
particle size was minimal due to the shallowness of the layer.

The physical properties of an activated carbon are also important for improving
the performance of a PSA process.” Generally, carbons with higher bulk densities
are preferable because they increase the working capacity of an adsorbate per unit
volume of the adsorbent, and thus lower the adsorber volume. The denser carbon
also improves H, recovery of a PSA process by reducing the void volume of the
column. The micropore volume of a carbon is also a critical variable. Figure 10.14
shows that higher H, productivity (pound moles of H, produced/cycle for a given
bed volume) in a PSA process can be achieved by increasing the ratio of the carbon
micropore volume to the total void volume in the column.” The bulk densities of
the carbons are also given in the plot. It may be interesting to note that the ratio of
micropore volume to total void volume in the column reached a maximum at an
intermediate bulk density.

10.4 FUTURE TRENDS FOR HYDROGEN PSA

The H, production capacities of the current commercial single-train hydrogen PSA
process units range from ~1 to 130 MMSCEFD. It is expected that single-train PSA
units with a capacity of ~200MMSCFD H, will be built in the near future. One
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approach to achieve this goal will be the reduction in the total cycle time of the
existing process design and employing improved adsorbents, which will be compat-
ible with faster cycles. The other significant development in the hydrogen PSA
technology will be to scale down the production unit to support the forthcoming
“hydrogen economy,” which calls for efficient smaller size (0.05-0.5 MMSCFD)
systems. They will service numerous hydrogen-based applications including hydro-
gen-powered fuel cells or internal combustion vehicles, stationary power applica-
tions, backup power units, power grid management, power for remote locations, and
portable power applications in consumer electronics, business machinery, and rec-
reational equipments.

10.4.1 RPSA Cycles for Hydrogen Purification

The conventional H, PSA process designs typically use total cycle times of 10—
30min.>*'"% This is generally needed to accommodate the multistep cyclic process
needed for improving product recovery at high product purity. Longer cycle times,
and particularly longer adsorption step time, increases the adsorber size and cost,
and reduces the bed size factor (BSF) defined by the volumetric H, production rate
per unit volume of the adsorbent (ft* of Hy/h/ft* of adsorbent). For example, a Poly-
bed H, PSA process operating with a total cycle time of ~15min yielded a BSF of
~100 SCFH/ft.°

Faster PSA cycle times can significantly reduce the capital cost of the process
by decreasing vessel sizes and increasing the BSF. However, significantly shorter
total cycle time and consequently shorter adsorption step time severely decrease
the gas contact time in the adsorber for a given feed gas or product H, flow rate.
This requires adsorbents with very large impurity mass transfer coefficients in order
to retain the separation efficiency of a longer cycle time conventional PSA process.
Decreasing adsorbent particle size may provide the required enhancement in impu-
rity adsorption rate but at the cost of increased column pressure drop and the pos-
sibility of local fluidization of the adsorbent bed, both of which adversely affect the
product purity and productivity. High column pressure drop during the desorption
of impurities by product H, purge step of the process increases purge H, quantity,
which reduces H, recovery by the process.*® Faster cycles may not also allow the
time required for employing the multitude of complementary steps used for enhanc-
ing the separation efficiency in a conventional H, PSA cycle. Despite these prospects
of diminishing returns, rapid or ultrarapid H, PSA cycles have been designed by
various corporations. Questair Industries, Inc. developed a H, PSA process that
utilizes a conventional seven-step PSA cycle'® but operates using a total cycle time
of about 60s.* The hardware consists of six parallel adsorbers (packed with a layer
of an activated carbon and a layer of a zeolite particles) and two rotating valves
(instead of multiple switch valves) for the introduction and removal of gases to and
from the adsorbers. The process could produce a product stream of 99.95% H,
(<2ppm COy) from a feed gas at 8.5atm containing 30% H,, 50% N,, 17% CO,,
and 3% CO on a dry basis. The H, product rate from the unit was 0.012-0.11 MMCFD
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depending on the feed flow rate (S. Sircar and Questair Industries, pers. comm.).
Another Questair rapid H, PSA unit employing six to nine adsorber beds and two
specially designed rotary valves can process an SMROG to produce a high-purity
H, gas (<1 ppm CO) with a H, recovery of about 80% at a much higher H, produc-
tivity (4-10 times) than a conventional PSA unit. The unit can be designed to
produce 5-5000Nm*/h of H, using a total cycle time of 0.5-1.5min (S. Sircar and
Questair Industries, pers. comm.).

Very compact and low cost H, PSA units are being developed with the use of
rotary valve technology*'™ and rapid cycles (less than 30s adsorption time). A
photograph of a small PSA unit developed by Air Products and Chemicals, Inc. is
shown in Figure 10.15. The compact unit has a volume of only 40ft® and it can
produce 0.1 MMSCFD H, with a typical SMROG feed gas at 120 psig feed pressure
using a simple four-bed PSA process.'” This commercial system has a BSF of about
1000 SCFH/ft}, which is about 10 times more than that of a conventional H, PSA
process. The H, product recovery at a high H, purity (<1 ppm CO) is about 80%.
The increased BSF is primarily due to the reduction in cycle time and use of adsor-
bents with fast sorption kinetics.

PRISM

Hydrogen
Purification I
System

Figure 10.15. Air Products and Chemicals 100 Nm?h rapid H, PSA unit.
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Recent patents by Questair Industries claim to use ultrarapid PSA cycle times
using adsorbent laminate modules. Cyclic frequency of 100 cycles per minute
(~cycle time = 0.6s) to possibly 600 cycles per minute (~cycle time = 0.1s) are
claimed.***” The ultrarapid cycles can potentially increase the BSF further by two
orders of magnitude and significantly decrease the adsorber size. It is not known to
the authors whether these ultrarapid PSA units have been used for H, purification
applications.

It should be noted that (i) the productivity (pound moles of product/pound of
adsorbent/time) cannot be increased indefinitely by lowering the cycle time, there
being a finite limiting value of productivity for a finite value of the adsorbate mass
transfer coefficient,” and (ii) instantaneous thermal equilibrium between the gas and
the solid adsorbent inside an adsorber cannot be achieved when the cycle times are
very short and adversely affect the working capacity of the adsorbent.* These find-
ings were demonstrated by simplified analysis of idealized PSA processes on a single
adsorbent particle. Nevertheless, the development of RPSA processes opens up
further research and development opportunities on (i) novel adsorbent configurations
such as structured adsorbents and (ii) innovative mechanical devices for operating
the rapid cycles.

10.4.2 Structured Adsorbents

The adsorbent particles are normally used as beads, extrudates, or granules (~0.1
—0.3 cm equivalent diameters) in conventional H, PSA processes. The particle diam-
eters can be further reduced to increase the feed gas impurity mass transfer rates
into the adsorbent at the cost of increased column pressure drop, which adversely
affects the separation performance. The particle diameters, however, cannot be
reduced indefinitely and adsorption kinetics can become limiting for very fast
cycles.”® New adsorbent configurations that offer (i) substantially less resistance to
gas flow inside an adsorber and, thus, less pressure drop; (ii) exhibit very fast impu-
rity mass transfer coefficients; and (iii) minimize channeling are the preferred mate-
rials for RPSA systems. At the same time, the working capacity of the material must
be high and the void volume must be small in order to minimize the adsorber size
and maximize the product recovery. Various materials satisfy many of the require-
ments listed above, but not all of them simultaneously.

The two promising candidates are adsorbent monoliths and adsorbent sheets.
The fabrication of activated carbon and zeolite monoliths are reported in the litera-
ture. Zeolite monoliths have also been tested for air separation application by
PSA.>! However, the use of monoliths for use in H, PSA is not known to the
authors. Monoliths having very high cell density (several hundred to thousand cells
per square inch) will be necessary in order to have fast adsorption kinetics as well
as reasonable bulk density for a PSA application. Manufacture of such monoliths is
complex, and they are not yet commercially available. Gas channeling through the
monoliths can also be a problem.’ Adsorbent sheets have been used for air separa-
tion by RPSA.**** The thickness of the adsorbent sheets and the space between the
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adjacent sheets must be very small, requiring reinforcement matrix and spacing
systems. Methods of creating such spacing systems involve creating embossing or
ridges on the laminates, corrugating the laminates and alternating corrugated and
noncorrugated layers, and using an external spacing device between the adjacent
layers.

PSA units using adsorbent sheets have been operated by Questair Industries,
Inc.*4753-5 The sheets were coated with a fine powder of zeolite particles (1-10 um)
and there were spacers between the sheets to establish flow channels in a flow direc-
tion tangential to the sheets and between adjacent pairs of sheets. The sheets could
be made in various configurations (rectangular, annular stack, spiral-wound, etc.)
and included a support for the adsorbent in the form of an aluminum foil, a metallic
mesh, or a matrix that could be woven, nonwoven, ceramic, or wool. These struc-
tured materials did not fluidize at high gas velocities and exhibited equilibrium and
mass transfer properties of the powdered adsorbent.

The use of activated carbon fabric as the adsorbent in an H, PSA process has
also been reported.*® The advantage of the fabric is that it does not require additional
supports like metal mesh, paper, and aluminum foil, and the bulk density of the
adsorbent material in the PSA adsorber is increased.

10.4.3 Sorption-Enhanced Reaction Process (SERP)
for H, Production

The concept that the removal of an undesired reaction product by selective adsorp-
tion from the reaction zone of an equilibrium-controlled reaction increases the
conversion and the rate of formation of the desired component (based on Le
Chatelier’s principle) was used to develop a novel PSA process concept called SERP
for direct production of fuel cell-grade hydrogen by steam reforming of methane
(CH, + 2H,0 <> CO, + 4H,).” " The concept uses a physical admixture of a
reforming (noble metal on alumina) catalyst and a chemisorbent (K,CO; promoted
hydrotalcite), which selectively and reversibly chemisorbs CO, from a gas at a
temperature of ~450°C in the presence of steam. The cyclic SERP steps consisted
of the following:

(a) Sorption reaction: A mixture of steam and methane at superatmospheric
pressure P, and temperature 7 is passed through a reactor—sorber column
packed with the catalyst—chemisorbent admixture and a H, product stream
at pressure P, is withdrawn.

(b) Countercurrent depressurization: The reactor—sorber pressure is counter-
currently lowered to a near-ambient pressure. The effluent gas is vented.

(¢) Countercurrent evacuation with steam purge: The column is then evacu-
ated countercurrently to a subatmospheric pressure level of Pp while
purging it with steam at temperature 7.

(d) Countercurrent pressurization: The column is finally pressurized with
steam at temperature 7 from Pp, to P,.
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Figure 10.16. Schematic flow diagram of the SERP concept.

Table 10.3. Example of Performance of SERP Concept

Process Product Purity (Dry Basis) (mol %) CH, to H,
Conversion (%)
H, CH, CO, (¢(0)
SERP concept 94.4 5.6 40 ppm 30 ppm 73.0
Conventional SMR reactor 67.2 15.7 15.9 1.2 52.6

The reactor—sorber is now ready to start a new cycle. Figure 10.16 is a two-
column embodiment of the SERP concept.

It is a compact, small footprint system compared with the conventional route
for the production of H, by SMR shown in Figure 10.1. This is because the reaction
and the subsequent separation steps of the conventional route are simultaneously
carried out in a single-unit operation. The concept allows the equilibrium-controlled,
endothermic reforming reaction to be carried out at a significantly lower temperature
of 400-500°C instead of the conventional high temperature (800-900 °C) without
sacrificing the conversion of CH, to H,. This potentially saves energy and capital
cost by not requiring high-temperature metallurgy.

Table 10.3 provides an example of the cyclic steady-state performance of the
SERP concept using a 6:1 H,O + CH, feed gas at a pressure of 11.4psig and a
temperature of 490 °C.%" The process can directly produce an essentially CO,-free
H, product (~94.4% H, + 5.6% CH,), which is suitable for H, fuel-cell use. The
conversion of CH, to H, was ~73.0%. The table also shows the equilibrium composi-
tions of the H, product from a conventional plug-flow reforming reactor operating
under identical conditions. Both the H, conversion and product purity were rather
poor in the latter case, which demonstrates the advantage of the SERP concept.
Theoretical models of the above-described SERP concept and its variations for H,
production by SMR have been developed, and theoretical parametric studies of the
process have been conducted by various authors.**%
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10.5 PSA PROCESS RELIABILITY

Prior to the acceptance of H, PSA processes as the industry standard for H, purifica-
tion, the most common method for the production of high purity H, from SMROG
consisted of a chain of separation units including (i) CO, removal by absorption
using a physical or chemical solvent, (ii) CO removal by catalytic methanation that
consumed some of the product H,, and (iii) CH, removal by cryogenic condensation.
The H, product still contained some N, as impurity. The advent of H, PSA nearly
35 years ago significantly simplified the H, purification process by the use of a
single-unit operation while delivering a high-purity (99.999+%) product H, gas at
feed gas pressure. The H, PSA process also permitted the use of only one WGS
reactor (high temperature) instead of two such reactors (high and low temperatures)
needed by the earlier systems because the PSA process can remove higher concen-
trations of CO from the feed gas.

Despite these major advantages, a key challenge with the earlier PSA systems
was their operational reliability, particularly in view of the use of numerous switch
valves, control systems for unsteady-state cyclic process, and so on. The “onstream”
time of the earlier systems was not very good (middle to high 90%). However, the
reliability of H, PSA systems has dramatically increased in recent years. This high
reliability is due to a good preventive maintenance program, skilled operators,
improved PSA components (e.g., butterfly switch valves), and “reduced bed mode
of PSA cycle operation” in the event of a valve failure. Highly reliable operation
has also been achieved through efficient and automated controls of production capac-
ity, product purity, turn down, and so on."" As the reliability of H, supply increases,
industry acceptance of PSA as a general tool for gas purification continues to
increase. The new generation of RPSA hydrogen systems described earlier must
meet the current reliability standards set by today’s larger H, PSA units.

10.6 IMPROVED HYDROGEN RECOVERY
BY PSA PROCESSES

The waste gases from the H, PSA processes contain low to medium purity H,
(25%—-60%), and they are produced at a pressure of 1.1-1.7 atm. About 8%—-30% of
the feed gas H, is typically wasted in these streams.®* It is not generally attractive
to recover H, from these waste gases because H, is often a minor component in these
gases and its partial pressure is low. Consequently, these waste gases are combusted
to recover their fuel values.**

10.6.1 Integration with Additional PSA System

An earlier proposal to partially recover H, from these waste gases was to recompress
the gas to a pressure of ~7—8 atm and to employ a two-column, four-step Skarstrom
PSA cycle® consisting of adsorption, countercurrent depressurization, countercur-
rent purge, and pressurization with a part of the pure H, product steps.®® About



442  Chapter 10 Pressure Swing Adsorption Technology for Hydrogen Production

60%-70% of H, from the main PSA waste gases can be recovered as pure H, by
this route, and the recovered H, can be used to purge the main PSA adsorbers.”*%
The net result is increased overall H, recovery by the integrated process. For example,
the H, recovery of the Gemini process described earlier can be increased from 87%
to 95% by this option.”® This increase in H, recovery becomes more important as
the costs of natural gas and hydrogen continue to rise.

10.6.2 Hybrid PSA-Adsorbent Membrane System

More recently, it has been shown that the selective surface flow (SSF) membrane,
which was originally developed by Air Products and Chemicals, Inc., can be inte-
grated with a H, PSA process to increase the overall H, recovery by the hybrid
system.***” The SSF membrane consists of a thin nanoporous carbon layer supported
on a macroporous (pore diameters 1-2 um) alumina tube. The pore diameters of the
carbon membrane are in the range of 5-7 A.® When the PSA waste gases (SMROG
or ROG feed) are passed through the high-pressure side of the SSF membrane, the
larger and more polar molecules (CO,, CO, C,—Cs hydrocarbons) are selectively
adsorbed over H, on the pore walls of the carbon membrane. A guard carbon bed
may be needed to filter out heavy hydrocarbons like aromatics and double-ring
compounds from the feed gas to the SSF membrane in order to prevent the nanopores
from being plugged. The adsorbed molecules then selectively diffuse toward the
low-pressure side of the membrane where they desorb into the permeate stream.
Thus, the SSF membrane produces a H,-enriched gas stream as the high-pressure
effluent gas (retentate). This gas can be compressed to the feed gas pressure level
of the main H, PSA process and recycled by mixing it with the fresh feed to the
PSA system in order to increase the overall H, recovery by the hybrid PSA-SSF
membrane process.

The adsorption-surface diffusion—desorption mechanism of transport through
the SSF membrane can simultaneously provide high separation selectivity between
H, and the impurities of the PSA waste gas and high flux for the impurities even
when the gas pressure in the high-pressure side of the membrane is low to moderate
(3-5atm).

Figure 10.17 shows an example of the separation efficiency of the SSF mem-
brane for SMROG-PSA waste gas.** It plots the rejection (3 of the more selectively
adsorbed components of the gas mixture (i = CO,, CH,/CO) as a function of H,
recovery (ay,). The rejection of component i is defined by the ratio of the molar
flow rate of that component in the low-pressure permeate stream to that in the feed
stream. The recovery of H, is defined by the ratio of the molar flow rate of H, in
the high-pressure effluent stream to that in the feed stream. The plot also shows the
ratio of the membrane area (A) needed to process a given flow rate (F) of the feed
gas. These data are sufficient to design the membrane for a given feed gas composi-
tion and flow rate.”

The data in Figure 10.17 were measured using a feed gas composition of 52%
CO,, 37% H,, and 11% CH, at a pressure of 3 atm. This gas composition represents
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Figure 10.17. Separation performance of SSF membrane for PSA waste gas (SMROG feed).

a typical H, PSA waste gas from the SMROG feed. It may be seen from Figure
10.17 that about 90% CO, and 80% CH, + CO can be rejected by the SSF membrane
from the above-described feed gas at a very moderate feed gas pressure when the
H, recovery is 40%. There is practically no difference between the separation char-
acteristics of CH, and CO by this membrane. The corresponding (A/F) value is about
10ft*/Ibmol/h (1 ft*/Ibmol/h = 0.20m?*kgmol/h). The high-pressure effluent gas
composition from the membrane under these conditions will be 25.7% CO,, 1.1%
CH, + CO, and 73.2% H,, which is comparable to that of the fresh SMROG feed
to the PSA system.

It can be shown that an increase in the overall H, recovery of 7-10 percentage
points can be achieved by using the hybrid PSA-SSF membrane system.®* The
compression duty and the membrane area for the hybrid process can be significantly
reduced by (i) fractionating the PSA depressurization waste gas; (ii) directly passing
the initial part of the PSA depressurization waste gas, which is richer in H,, through
the SSF membrane without additional compression; and (iii) compressing the
PSA purge waste gas to the pressure level needed to process it through the same
membrane.*

Figure 10.18 shows a schematic flow diagram for the PSA—SSF hybrid concept
for increased H, recovery using the process scheme described above. The fresh feed
to the PSA process is SMROG containing 72.8% H,, 22.6% CO,, and 4.6% CH, + CO
at a pressure of 19.4atm. The PSA process cycle is similar to that for the Poly-bed
process except that only two cocurrent depressurization steps are used (eliminate
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Figure 10.18. Schematic flow diagram for hybrid H, PSA-SSF membrane separation system.

steps e and g). The H, recovery by the PSA process is 77.6%. The countercurrent
depressurization (step e) effluent gas is fractionated. The initial part of this gas,
which is richer in H,, is directly fed to an SSF membrane at a pressure of 3 atm. The
countercurrent purge (step f) effluent gas is compressed to 3atm and sent to the
same membrane. The H,-enriched high pressure effluent gas from the membrane is
recompressed to 19.4 atm and recycled as feed gas to the PSA process. This increased
the overall H, recovery of the hybrid process to 84.0%. More detailed description
of this concept can be found elsewhere.®* The SSF membrane can also be used to
enrich and recycle H, from the waste gas of a PSA process, which uses ROG as
feed.”®”!

10.7 ENGINEERING PROCESS DESIGN

The key performance variables for an industrial H, PSA process are the H, product
purity, H, recovery from the feed gas, and H, productivity (amount of H, produced
per unit amount of adsorbent per cycle). Productivity determines the adsorber size.
The required accuracy of a commercial process design can be very stringent. Table
10.4 lists the product H, purities required by various applications. A H, purity of
99.9954+% is demanded in most cases.

The H, recovery from a PSA process is another critical variable. A difference
of ~+2 percentage points in the estimation of H, recovery (typically between 80%
and 93%) for a medium-sized PSA plant (30 MMSCFD H,) can create an error of
~+$9.5MM in the revenue (H, price at $3.00/1000SCFT) over the plant life
(350days/year, 15 years), which is ~x150% of the cost of the PSA plant itself
(neglecting the time value of money). Such dramatic impact can make or break the
economics of a process design.”
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Table 10.4. Required H, Purities for Various Applications

Application Required H, Purity

Ammonia synthesis gas <10ppm CO,

Pipeline hydrogen <10ppm CO,, <100ppm CH,, <200 ppm N,
Proton exchange membrane fuel cells <30ppm CO

Electronic gas <10ppb N,, O, CH,, CO, hydrocarbons
Food-grade H, 99.9-99.9995% H,

The commercial design and optimization of a H, PSA process still largely
remains an empirical effort. A priori design of a practical H, PSA process without
the use of supporting performance data from a pilot-scale process unit may not yet
be feasible for two reasons:*"

1. Most practical H, PSA processes described earlier are fairly complex, involv-
ing a number of sequential but interacting unsteady-state cyclic steps. Theo-
retical design of these processes requires numerical integration of rigorous,
nonisothermal, and nonisobaric PSA process models (coupled partial dif-
ferential equations describing the mass, the heat, and the momentum bal-
ances within the adsorber) using appropriate initial and boundary conditions
for the process steps. It is often difficult and time-consuming to solve the
equations of these models with the accuracy and reliability needed for indus-
trial design.

2. The key input data for solving the PSA process model equations are multi-
component gas adsorption equilibria, kinetics, and heats for the system of
interest.*’? Basic understanding of these multicomponent adsorptive proper-
ties that govern the performance of the PSA process is often limited, particu-
larly for heterogeneous adsorbents used in practice.” An accurate knowledge
of these interactions under all conditions of pressure, temperature, and gas
compositions prevailing inside the adsorber during the process cycle is
needed for a reliable solution of the process models. These conditions can
vary over a wide range in a practical adsorption process.

A common practice is to develop a specific model for the adsorptive process of
interest and use simplistic descriptions (models or empirical) of pure and multicom-
ponent gas adsorption equilibria and kinetics in order to describe the effects of
various operating variables to obtain an optimum design. The effort is always closely
tied to experimental verification and empirical fine-tuning using actual process data
from pilot plants. A comprehensive set of data on pure and multicomponent adsorp-
tion equilibria of the components of SMROG on an activated carbon and a 5A zeolite
is available in published literature.”

The mathematical process simulation models can, however, be extremely valu-
able for screening new ideas and adsorbents, parametric study of the processes for
optimization, and establishing process limitations, process scale-up, and design of
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control schemes. Many corporations designing and selling H, PSA systems develop
their own proprietary PSA process models and database.

There are only a few publications describing multicomponent, nonisothermal
H, PSA process models for producing a high-purity H, product gas using feed gases
consisting of the components of the SMROG or ROG, and where the simulated
process performance is compared with the corresponding experimental PSA process
data.’*”*"" Figure 10.19 shows two examples of the comparison between the calcu-
lated H, purity and recovery obtained by a PSA process model and those measured
experimentally.”®”” Figure 10.19a corresponds to the case of an ROG feed (~17.0%
CH,, 6.5% C,Hg, 3.0% CsHg, 1.0% C,H,o, and 72.5% H, at a pressure of 18.0atm),
where the adsorbers were packed with a layer of silica gel in the feed end (24.5%
of bed length) and a layer of an activated carbon in the product end.* The PSA
process steps were identical to those of the Poly-bed process described earlier. The
solid and the dashed lines, respectively, represent the model calculations under
the nonisothermal and the isothermal conditions of operation. The points represent
the performance data from an industrial plant. Figure 10.19b corresponds to the case
of an SMROG feed (~21.2% CO,, 2.5% CO, 3.9% CH,, and 72.4% H, at a pressure
of 23.6atm), where the adsorber was packed with a layer of an activated carbon in
the feed end (83.3% of bed length) and a layer of 5A zeolite at the product end.”
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Figure 10.19. Comparison of model calculations of H, purity and recovery with experimental data
for two H, PSA processes: (a) ROG feed and (b) SMROG feed.
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The PSA process steps again followed those of the Poly-bed process except that the
order of steps (c) and (d) were interchanged. The solid line represents the results of
the nonisothermal model simulations and the points are experimental data from a
bench-scale unit. Both figures show that the model simulations are in fair to good
agreement with experimental data but the accuracy demanded by industrial designs
may still be lacking.

10.8 SUMMARY

Production of high-purity hydrogen from a feed gas containing 70%-90% H, using a PSA
process has become a common industrial practice. About 85% of the 17 trillion standard cubic
feet of hydrogen produced yearly is purified by PSA. Numerous PSA processes are developed
for this purpose. The commonly used feed gases are the SMROG and the ROG. The basic
research and development objectives in this area are (i) increasing the hydrogen recovery at
high purity (99.999% H,) and (ii) decreasing the adsorbent inventory and the hardware costs.

Several commercially developed PSA processes are described, and their key distinguish-
ing features and separation performances are reviewed. Some of these processes are designed
to produce a by-product stream (CO, from SMROG) along with the primary product stream
(H,). A few of these processes can also be modified to directly produce an ammonia synthesis
gas as the primary product (from SMROG feed) with or without the production of CO,.

The pure gas equilibrium ad(de)sorption characteristics of the components of the
SMROG and ROG feed streams on BPL activated carbon, 5A zeolite, and Sorbead H (silica
gel) are reported and the criteria for adsorbent selection in these PSA processes are described.

Recent developments in rapid pressure swing H, PSA processes are described. The rapid
cycles are used to reduce adsorbent inventories, to reduce vessel size, and to lower the overall
cost of the PSA unit. Research in the area of rotary valves and structured adsorbents, which
enable the RPSA cycles, is outlined.

Other recent ideas on (i) simultaneous sorption—reaction process concepts using the
principles of a novel PSA technology for the production of fuel cell-grade hydrogen and (ii)
improving the H, recovery from existing H, PSA processes by integrating it with additional
PSA units or nanoporous SSF adsorbent membrane systems are reviewed.

Mathematical PSA process simulation models are used in conjunction with process
performance data obtained from pilot-scale PSA units for the design and optimization of H,
PSA processes. These models are also useful for screening adsorbents and conceptual process
designs.
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Chapter 11

Integration of H,/Syngas
Production Technologies with
Future Energy Systems

WEI WEI, PARAG KULKARNI, AND KE L1U
Energy & Propulsion Technologies, GE Global Research Center

11.1 OVERVIEW OF FUTURE ENERGY SYSTEMS
AND CHALLENGES

Meeting the growing energy demand while keeping the environment clean is one of
the most challenging issues facing the world in the 21st century. According to Inter-
national Energy Reports,' currently around 86% of the world’s energy demand is
satisfied with fossil fuels such as natural gas, coal, and petroleum, as shown in Figure
11.1. Furthermore, these fossil fuels are expected to remain the main source of
energy for at least the next few decades. The major technologies of producing elec-
tricity from fossil fuels include coal power plants using pulverized coal (PC) boiler
with steam turbine, Natural Gas Combined Cycle (NGCC) plants using natural gas
with both gas and steam turbines, Integrated Gasification Combined Cycle (IGCC)
plants with both gas and steam turbine, internal combustion engines (ICEs) for
transportation and distributed power generation, and finally, the future hybrid power
plants with turbines and fuel cells. Figure 11.2 summarizes the range of fossil fuel-
based power generation technologies.’

Figure 11.3 shows the electric power generation by fuel type in the U.S. Notice
that ~50% of electricity is produced from coal in the U.S. As natural gas prices
increase, more power generation will rely on coal. To deal with the environmental
issues of today’s coal power plants, more IGCC plants with or without CO, capture
could be built in the U.S. in the foreseeable future.

Hydrogen and Syngas Production and Purification Technologies, Edited by Ke Liu, Chunshan Song
and Velu Subramani
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Figure 11.1. Worldwide energy sources distribution. See color insert.
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The main technical challenges in utilizing fossil fuels include achieving high
efficiency and effective management and control of the pollutants such as CO, NO,,
and SO,. In addition, the global warming caused by the greenhouse gases (GHGs)
such as CO, and CH, emitted from burning fossil fuels will become a more and
more challenging issue in the near future. Several European countries have already
started a carbon-tax program, and this trend could gradually spill over to the U.S.
and the rest of the world, calling for CO,-free energy generation in the future.

In the last 150 years, the concentration of the GHGs has increased by ~25%,
largely due to human activities and industrialization of the world, as shown in Figure
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Figure 11.4. Trends in atmospheric concentrations and man-made emissions of CO,. Source: Oak

Ridge National Laboratory, Carbon Dioxide Information Analysis Center. http://www.eia.doe.gov/

bookshelf/brochures/greenhouse/Chapter1.htm.

11.4.° A majority of these GHG emissions are in the form of CO,. For example, in
the U.S., CO, generated by fossil fuel combustion accounts for ~82% of the GHGs.

Around 21% of the CO, emitted comes from the combustion of natural gas.

The future fossil fuel-based power plants would most likely use high efficiency
and low emission technologies such as NGCC power plants, IGCC power plants,
and, in long term, various types of hybrid fuel cell power plants. The fuel processing
technologies discussed in earlier chapters of this book can be integrated with the
future power plants to meet the future demands of efficiency and pollution control.
These syngas production and purification technologies are also critical to other fossil
fuel energy conversion systems such as coal to liquid (CTL), gas to liquid, and

biomass to liquid.
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11.2 APPLICATION OF REFORMING-BASED
SYNGAS TECHNOLOGY

11.2.1 NGCC Plants

Natural gas is an important fuel in the U.S. It accounts for ~18% of all the electricity
generated in the U.S. as shown in Figure 11.3 (U.S. DOE, 2004).* Increasing the
use of natural gas for electricity production can benefit the environment in many
ways compared with electricity generated from other fossil fuels. Since natural gas
has a lower sulfur and nitrogen content than coal and NGCC also has higher effi-
ciency than the coal-based boiler power plant, power production from natural gas
results in fewer SO, and NO, emissions per kilowatt-hour of electricity. Addition-
ally, unlike coal-fired power plants, an NGCC system produces no large solid waste
streams.’

The basic principle of the NGCC is shown in Figure 11.5 and is described in
various sources available in the literature. Air is compressed to high pressure in
the compressor and is combusted with high-pressure natural gas in the combustor.
The high-pressure and -temperature combustion products are expanded through the
expander. The expander is coupled with a generator to produce electric power. The
combination of the compressor, combustor, and the expander is referred as the gas
turbine (GT). The exhaust of the GT is at fairly high temperature, and it is sent to
a heat recovery steam generator (HRSG) to produce high-pressure superheated
steam. The steam is sent to a network of high-, medium-, and low-pressure steam
turbines (LPSTs) to produce additional electric power.

This setup of GT, HRSG, steam turbines, and generators is called a combined
cycle (CC). This type of power plant is being installed in increasing numbers around
the world where there is an access to substantial quantities of natural gas. This
type of power plant produces high power outputs with high efficiencies and low

Natural gas

Air
Combustor

Expander

Water
Compressor

e
) |

Figure 11.5. Schematic representation of an NGCC power plant.




11.2 Application of Reforming-Based Syngas Technology 455

emissions. NGCC plant efficiencies, depending on the layout and size of the instal-
lation, vary from about 40% (now considered poor) to about 60%. For example,
GE’s H-turbine CC efficiency is ~60%, and F-class CC is in the range of 58.5%,
based on lower heating value (LHV), for large new natural gas-fired stations.

11.2.2 Integration of H,/Syngas Production
Technologies in NGCC Plants

The hydrogen/syngas production technologies discussed in the earlier chapters of
the book such as reforming and water-gas shift (WGS) reactions can be integrated
with the advanced NGCC plants to improve the emissions and efficiency. One of
the main advantages of such integration is efficient capture of GHGs such as CO..

The combustion of natural gas accounts for approximately 21% of the U.S.
emission of CO,. The majority of NGCC plants are not equipped with the CO,
capture capability. Researchers in both academia and industry recognize the impor-
tance of controlling the CO, emissions and are working on developing technologies
to effectively capture and sequestrate CO,.

The capture and sequestration of CO, reduces the efficiency and increases the
capital cost of the NGCC plant significantly.® Typically, ~20% of the net power of
the NGCC plant is lost in order to separate and sequestrate 90% of CO, emissions
as shown in Figure 11.6. The addition of CO, capture units also results in ~90%
increase in the capital cost of the NGCC plant and ~61% increase in the cost of
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Figure 11.6. Parasitic power loss for power plants with CO, capture (percent of net power plant

power) with state-of-the-art scrubbing technologies.
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Figure 11.7. Effect of CO, capture on power plant capital cost (percent of increase resulting from
CO, capture) with state-of-the-art scrubbing technologies.
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Figure 11.8. Effect of CO, capture on power plant cost of electricity (percent of increase resulting
from CO, capture) with state-of-the-art scrubbing technologies.

electricity (COE) as shown in Figures 11.7 and 11.8, respectively. It should be noted
that these system analysis of the impact of CO, sequestration are based on assump-
tions and designs of specific plant configurations and, therefore, should be used for
qualitative comparison only.
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There are three main ways to capture CO, in the NGCC process: post-combus-
tion CO, capture, oxyfuel combustion, and precombustion CO, capture.

11.2.2.1 Post-Combustion CO, Capture

The principle of post-combustion capture is shown in Figure 11.9. The exhaust gas
from the NGCC plant is sent to the CO, capture unit, which typically utilizes chemi-
cal solvents such as amines or alcohols.”"* Chemical absorption of CO, using solvent
is preferred because of the low concentration of CO, (~5%) and low pressure in the
flue gas. The solvent loaded with CO, is regenerated typically in a reboiler using
low-quality steam. The CO, released from the solvent can be sent to a sequestration
plant.

One advantage of the post-combustion CO, capture route is that it does not
require any modifications to existing combustion methods, which means current
power plants can be retrofitted with this process. In fact, this method has been dem-
onstrated at some small-scale power plants."

The challenges for post-combustion CO, capture include degradation of sol-
vents, high capital cost and high energy usage in the solvent regeneration process.
It is estimated that in order to capture 90% of CO, from the NGCC plant using
conventional amine technology, the capital cost of the plant increases by 90% and
the COE can increase by ~60%.°

Alternative technologies to chemical solvent absorption such as adsorption and
membranes have also been explored.'> Adsorption processes are relatively expensive
due to the low CO, loading and low lifetime of chemical adsorbents. Cryogenic CO,
separation is also considered less attractive than absorption because of high-energy
requirement. The capital costs savings of a membrane contactor with integrated
solvent system are marginal when compared with conventional absorption and
desorption units.'®
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Figure 11.9. Schematic representation of an NGCC power plant with post-combustion
CO, capture.
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11.2.2.2 Oxyfuel Combustion

In oxyfuel combustion, the natural gas is combusted with a concentrated oxygen
stream (~95% O,). The flue gas from the combustion process is not diluted with N,
but consists of mainly CO, and steam. The steam in the flue gas can be condensed,
and CO, can be sent direcly to the sequestration plant without further separation.

Various technologies have been explored to achieve upfront separation of O,
from air for oxyfuel combustion. Cycles with a conventional air separation unit
(ASU) to produce pure oxygen can be distinguished from novel oxyfuel power
cycles such as advanced zero emission power (AZEP) plants that use membrane
technologies and chemical looping combustion (CLC) that employs oxygen-carrier
particles to enable stoichiometric combustion with oxygen.'

11.2.2.2.1 Oxyfuel Cycles with ASU. There are various configurations of
oxyfuel cycles with ASU and CO,/H,0O recycling, including Graz cycle, water cycle,
and Matiant (combined) cycle.

The Graz cycle consists of a high-pressure combustor with steam injection and
a recuperated GT integrated with a steam cycle.'” Both CO, and steam are recycled
to the combustion chamber. It consists of a high-temperature Brayton cycle (CO,
compressors C,, C;, combustion chamber, and high-temperature turbine [HTT])
and a low-temperature Rankin cycle (low-pressure turbine [LPT], condenser, HRSG,
and high-pressure turbine [HPT]). The schematic of Graz cycle is shown in
Figure 11.10.

Combustor
0,
| 40bar |

Fuel
Steam 7

Co,

Feed pump
CO,
co, 1Y
E "Endenser
y Water Cond. P. Al
H,O

Figure 11.10. Schematic representation of an NGCC power plant with Graz (oxyfuel
combustion) cycle.
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Figure 11.11. Schematic representation of an NGCC power plant with water (oxyfuel
combustion) cycle.
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Figure 11.12. Schematic representation of an NGCC power plant with Matiant (oxyfuel
combustion) cycle.

The water cycle is an oxygen-fired cycle with steam recycle, producing a high-
pressure, superheated mixture of mainly H,O and CO, in a gas generator. The
mixture stream is then expanded in a series of (advanced) turbines. A 20 MWth gas
generator fueled with natural gas has been tested and a 500-kWe power plant is
being developed by Clean Energy Systems (CES).'® A schematic of the water cycle
is shown in Figure 11.11."

In the Matiant or oxyfuel CC, natural gas is combusted in an O,/CO,
atmosphere. The reaction product, consisting principally of CO, and H,O, is
expanded in an adapted GT and the heat of the turbine exhaust is used to generate
steam, which is expanded in a steam cycle. An example of Matiant cycle is shown
in Figure 11.12."8

The primary challenge facing the oxyfuel combustion with ASU is the require-
ment of advanced GTs that use CO,/H,O as the working fluid, which has different
expansion characteristics than nitrogen used in conventional turbines. Existing GTs
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cannot directly use CO, as working fluid; hence, entirely new GTs (combustor and
compressor) need to be developed. Such a development is not likely to occur unless
there is a significant market demand for such GTs.

11.2.2.2.2 Advanced Zero Emissions Plant (AZEP). In the AZEP concept,
the conventional combustion chamber in a GT is substituted by a mixed conducting
membrane (MCM) reactor that combines oxygen production, fuel combustion, and
heat transfer. A sketch of the AZEP concept is shown in Figure 11.13."

Compressed air enters the MCM reactor, where oxygen passes through the
membrane and is transported to the combustion chamber. The heat of combustion
is transferred to oxygen-depleted air, which is expanded in a conventional turbine.
The thermal energies recovered from turbine exhaust and the CO,/H,O stream that
is generated in the combustion chamber are used to generate high-pressure steam,
which is then expanded in a steam turbine. The use of a conventional turbine is an
essential advantage of AZEP over oxyfuel concepts using GT with CO/H,O as
working fluid. The AZEP concept is highly compatible with current technologies,
requiring minor adaptations in GT (the working fluid has lower oxygen content) and
HRSG. Obviously, there are still technical challenges in the development of the
MCM reactor associated with the membrane developments and other challenges.

A consortium of energy companies is now developing the AZEP concept. The
GT selected for test phase is a 64 MWe GTX100, with 53% efficiency in the CC
mode. Also, a 400MWe V94.3A turbine with an efficiency of 57.9% has been
studied. Due to the limited temperature in the MCM reactor (~1200 °C), turbine inlet
temperature (TIT) is lower than that of the most advanced GTs, which exceed
1400°C. The efficiency loss can be reduced by installing an afterburner to increase
TIT and reducing the CO, capture ratio to 85%.'°

MCM reactor [ Steam turbine

|BIeEd (| @ Cooling water

Combustor!
s —p
1
Natural gas- CO;
— 1" "'(E—' compressor
iy
< Co,

Oxygen-depleted air

Gas turbine

Figure 11.13. Schematic representation of the AZEP (oxyfuel combustion) concept. HX, heat
exchanger; BFW, boiling feed water.
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Figure 11.14. Schematic representation of chemical looping combustion (CLC).

11.2.2.2.3 Chemical Looping Combustion (CLC). CLC is an oxyfuel
concept where combustion is achieved using a metal oxide as the oxygen carrier
without mixing fuel and air. A schematic of CLC concept is shown in Figure 11.14.

In this oxyfuel process, the fuel is combusted using oxygen from an oxygen-
carrier material such as a metal oxide (e.g., iron, nickel). The metal oxide undergoes
reduction reaction with natural gas by donating the oxygen atom in the metal oxide
and producing CO, and steam as products. After recovering heat from this product
stream to generate power via steam turbines, steam is condensed and CO, is seques-
tered. The reduced oxygen carrier is transferred into a second reactor where it is
oxidized by air in an exothermic reaction to produce high-temperature exhaust air
suitable for power generation. Both natural gas and syngas can be used as fuel, and
the technology can be integrated in various power cycles.'®2*%

The CLC process is still in the early stage of research, and there are no satisfac-
tory solutions yet on certain technical issues such as stability of the oxygen-carrier
materials under the extreme operating conditions.

11.2.2.3 Precombustion CO, Capture

In this route, CO, is removed from the fuel before it is combusted in the GT.'®!®
This can be achieved by reforming the fuel to syngas, converting CO to CO, through
WGS reaction and then removing CO, from the syngas at high pressure. The result-
ing fuel mixture mostly containing H, is burned in the GT to produce electricity.
Figure 11.15 shows the block diagram for this process.

As shown in Chapters 2 and 3 of this book, reforming of natural gas to syngas
can be achieved using partial oxidation (POX)/autothermal reforming (ATR) or by
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Figure 11.15. Schematic representation of precombustion CO, capture route using reforming.
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Figure 11.16. Block diagram of a combined cycle with partial oxidation/ATR.

using steam methane reforming (SMR).>*** The block diagram of a precombustion
decarbonization concept using POX/ATR is shown in Figure 11.16.>* Natural gas,
steam, and air are mixed and reformed in the POX reactor to produce syngas via the
following reactions:
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* POX: CH, + %20, = CO + 2H, + 35.67kJ/mol,
* SMR: CH, + H,0 = CO + 3H, — 206.158kJ/mol, and
* WGS: CO + H,0 = CO, + H, + 41.154kJ/mol.

The POX/oxidation reaction of methane and air/O, is exothermic and provides
the energy required for the endothermic steam reforming reaction. Conversion is
limited by the equilibrium defined by the operating conditions (pressure, tempera-
ture) and the residence time. The POX can be carried out catalytically or using a
homogeneous burner. Catalytic partial oxygen can be more efficient; however, it is
associated with issues such as scale-up, sintering, and uncontrolled reactions. A
fuel-rich burner followed by SMR catalyst is a commercially proven ATR route.
Alternatively, the reforming can be carried out using steam reforming technology.
The block diagram for such integrated reforming combined cycle (IRCC) + SMR
plant is shown in Figure 11.17.* In this configuration, natural gas and steam are
passed through a heat exchanger SMR reactor. The heat required for the endothermic
reaction is provided by burning part of the hydrogen-rich syngas and also using the
GT exhaust as shown in the figure. The performance comparison indicates that the
SMR configuration has lower efficiency and power output than that of the POX case
because of the endothermic nature of the steam reforming reaction: CH, + H,O =
CO + 3H, — 206.158 kJ/mol. Furthermore, the steam reforming needs to be carried
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Figure 11.17. Block diagram of a combined cycle with steam reforming.
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out at ~900 °C temperature and therefore high-cost alloys are required for the con-
struction of the reformer reactor resulting in increased capital cost for the overall
process.

The reforming is usually carried out at high pressure, as reforming is a volume-
increase reaction, and it is efficient to compress the reactants compared with the
products of the reforming reaction.® Separation of CO, from syngas by certain
methods such as physical adsorption is also favored at high pressure. The hot product
gases coming out from the reformer are cooled down and introduced in the shift
reactors that convert the CO in the syngas to CO, and produce more H,. The shift
reaction is equilibrium limited and is favored at low temperatures. Products of the
shift reactors are cooled down to near room temperature for CO, separation. The
CO, separation can be carried out by chemical absorption or physical absorption.
The chemical absorption involves a chemical reaction as the name suggests and can
be carried out at lower pressures; however, the physical absorption requires higher
pressure (>40bar) for effective CO, separation. The high partial pressure of
CO, after the shift reactor makes physical absorption the most appropriate CO,
capture technology, because this process is less energy intensive than a chemical
absorption process. In physical absorption processes, CO, is recovered from the
absorbent (e.g., Selexol) by reducing the pressure in flash drums, which is less
energy intensive than stripping CO, using heat as applied in chemical absorption.
The concentrated CO, stream can be sent for sequestration. The remaining syngas
stream that contains mainly hydrogen can be sent to the power island for the produc-
tion of electricity.

Several research efforts are ongoing to reduce the cost of precombustion CO,
capture processes. The overall process efficiency can be increased if the CO, capture
temperature is increased from room temperature to the GT fuel inlet temperature of
~300°C. CO, separation at higher temperatures is possible using CO, adsorbents
such as calcium oxides® and lithium silicates.”’” Membranes that can capture CO,
and H,S from the syngas are under development. The feasibility of the CO, sorbents
and membranes at large scale is not yet proven; however, if successful, these tech-
nologies can lower the cost of CO, capture significantly.

A major challenge with precombustion CO, capture option is controlling the
NO, emissions from the GT. The fuel sent to GT mainly consists of hydrogen, which
may lead to higher NO, emissions due to higher flame temperatures during hydrogen
combustion as shown in Figure 11.18.%

For natural gas-based turbines, NO; is reduced by forcing more air than stoi-
chiometric in the primary combustion zone to achieve lower flame temperatures.
This technique of premixing air with natural gas is not suitable for hydrogen GTs
due to the much larger flammability limits and the lower ignition temperatures of
hydrogen with respect to natural gas.”” NO, can be reduced from the exhaust of the
GT using techniques such as selective catalytic reduction (SCR). However, these
post-combustion treatment options are very costly for hydrogen combustion.** For
hydrogen GTs, effective NO, control can be achieved by diluting the combustor
with steam or nitrogen. The steam is available from the steam cycle and nitrogen
can be available from the ASU if oxygen is used in the ATR/POX reformer reactor.
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Figure 11.18. Relation between NOx emission and stoichiometric flame temperature.

A thermodynamic analysis has indicated that the efficiency of CCs is only moder-
ately decreased when diluting the fuel with nitrogen or steam.’'

Out of the various options available to capture CO, from NGCC plants, the
precombustion capture route using an autothermal reformer is the most studied and
agreed as the feasible route based on today’s knowledge. The post-combustion
process, which involves processing a large volume of nitrogen-diluted exhaust gas
at ambient pressure, is usually more expensive than the precombustion CO, capture
process. Notice that even the precombustion CO, capture process is not economical
yet today. Although CO, sequestration has been actively debated at numerous energy
conferences in recent years, and there is a huge amount of literature in this arena, it
seems that few companies are willing to risk the potential environmental liability of
CO, sequestration. Thus, in addition to the technical challenges related to CO,
sequestration discussed above, there are still huge economical, environmental, and
potential legal challenges related to CO, sequestration, which are beyond the scope
of this book.

11.3 APPLICATION OF GASIFICATION-BASED
SYNGAS TECHNOLOGY

Syngas produced from gasification of coal, biomass, petroleum coke, and other types
of feedstock can be used to generate electricity or to produce hydrogen and other
liquid fuels or chemicals (ammonia, methanol, dimethyl ether, and diesel fuel) by
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Figure 11.19. Process flow diagram of gasification-based energy conversion system. See color
insert.

synthesis over appropriate catalysts. Figure 11.19 illustrates the process flow diagram
of such a gasification-based energy and chemical production system.

According to the 2004 World Gasification Survey sponsored by the U.S. Depart-
ment of Energy (DOE),*” “the existing world gasification capacity has grown to
45,001 MWth of syngas output at 117 operating plants with a total of 385 gasifiers.”
The feedstocks for these operating plants primarily consist of coal (49%) and petro-
leum residues (37%). Their products include chemicals (37%), Fisher—Tropsch
liquid (36%), and electricity (19%). Among the 117 operational gasification plants
worldwide, 20 of them are in the U.S., including 14 chemical production plants, 4
power generation plants, and 2 gaseous fuels production plants.

The 2004 World Gasification Survey also shows that additional 38 plants (66
gasifiers) have been announced and are expected to become operational between
2005 and 2010, raising the projected worldwide gasification capacity to 70,000 MWth
by 2010.

Figure 11.20 lists the major elements in this syngas conversion system along
with corresponding technologies, including feedstock processing, gasification
process, syngas cleanup, energy production/conversion, and end-product delivery.
Due to the supply and demand gap of NG in most parts of the world, the coal-based
IGCC process could play more and more important role in future energy portfolio,
especially for countries with abundant coal recourses such as the U.S., China, and
India. The CTL process is another important type of syngas-based energy conversion
process. With the rising cost of crude oil, CTL process is becoming more and more
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attractive economically where coal, a relatively low-cost feedstock, is converted to
high-value chemicals such as methanol, hydrogen, and diesel.

The following sections will briefly describe these syngas conversion systems,
focusing on key technologies, system efficiency, and overall economics.

11.3.1 IGCC Plant

Coal, as a low-price and abundant energy source, is an excellent choice for the
production of electric power. The coal-fueled IGCC is one of the most promising
technologies to convert coal to electricity with not only superior efficiency than PC
boiler plants, but also the ability to meet the ever-demanding future environmental
regulations including CO, emissions.

As shown in Figure 11.21, a typical IGCC plant consists of three major blocks.
The first block, coal gasification block, consists of the coal preparation unit, the
ASU, a coal gasifier, and the syngas cooling system. The syngas cleanup block
includes particulates removal unit, COS hydrolysis unit, acid gas cooling, low-
temperature gas cooling (LTGC), acid gas removal (AGR) unit, and sulfur recovery
unit (SRU). The final block is the power island that includes GT, HRSG, and steam
turbines.

[ _Gasification block = = = = = — — 0

| |

I ASU Steam |

| ¥©: '

| Coal Gasification IET0RE Cooling and |

[ feed particulates ||
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Figure 11.21. Typical IGCC plant process flow diagram (HTS, LTS, and CO, recovery blocks are
required only for IGCC with CO, capture).
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11.3.1.1 Gasification Block

Coal preparation is the first step in an IGCC process. Depending on the type of
gasifier, this process typically includes coal grinding and coal drying (for low-rank
coals and/or dry feeding gasifiers) or slurry plant (for slurry feeding gasifier). The
coal particle size required is usually between 50 and 150 um for entrained-flow
gasifiers, less than 50 mm for a moving-bed gasifier and less than 6 mm for a fluid-
ized-bed gasifier. There is a trade-off between coal particle sizes and kinetics of coal
gasification. From the kinetics point of view, the finer the coal particles, the faster
the coal gasification kinetics. However, finer particles require more energy during
coal grinding, and it becomes difficult to prepare coal water slurry if coal particles
are too small for slurry feeding system.

An ASU is required for the oxygen-blown type of gasifier. Most commonly
used air separation technology for IGCC system is the cryogenic process where air
is cooled to cryogenic temperature (nearly —185°C) so that liquid oxygen can be
separated from nitrogen via subsequent distillation. Typical oxygen purity for oxy-
gen-blown gasifier is around 95%.

The most critical component in the gasification block is the gasifier for which
quite a few designs and technologies were developed worldwide—either air blown
or oxygen blown, moving bed, entrained bed, or fluidized bed with slurry or dry
feeding. In recent years, most plants were built using the entrained-flow gasifier
technology. It partially oxidizes coal particles under high pressure (20~60bar) and
high temperature. Such gasifiers can achieve >90% carbon conversion and produce
syngas consisting mainly of CO, H,, CO,, and steam.

Table 11.1 lists some of the commercially available gasifier technologies and
their typical operation conditions. The gasifier outlet temperature is typically above

Table 11.1. Gasifier Technology Suppliers and Typical Operation Conditions

Gasifier Oxidant  Coal Exit Gas  Operating Ash Condition

Type Feed  Temperature Pressure
Method (°C) (Bar)
GE, U.S. Entrained 0, Water 1200~1400 25~60  Slagging
(formerly flow slurry
Texaco
gasifier)
Shell, U.S. Entrained 0O, Dry 1300~1400 25~28  Slagging
flow
British Gas/ Moving 0, Dry 420~650 25~28  Dry/slagging
Lurgi bed
Kellogg—Rust—  Fluidized Air Dry 920~1050 25~28  Dry/
Westinghouse  bed agglomerating

(KRW)
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1000 °C; therefore, syngas cooling is required to cool the syngas stream and recover
thermal energy before proceeding to downstream processes. Various cooling methods
are being adopted for various gasification processes including fire tube, radiant
syngas cooling, convective syngas cooling, and quench cooling.

One application of the entrained gasifier is the IGCC plant built in the Tampa
Electric Company’s Polk Station.™ It uses an oxygen-blown, slurry-fed GE gasifier,
which process about 2100t of coal per day and operates at 1200~1400°C and
375 psig. The syngas cooling section consists of a radiant syngas cooler and a con-
vective syngas cooler. The radiant syngas cooler cools the syngas to about 730°C
recovering between 250~300 MMBTU/h heat (12~15%) of the fuel’s heating value
and generates high-pressure steam at 1650 psig. Convective syngas cooler further
cools the syngas down to about 385°C (recovers 3%—4.5% of the fuel’s heating
value) and generates additional 1650psig steam. Tampa Electric Company’s
IGCC plant uses GE’s 7FA GT and a three-pressure HRSG with three-pressure
steam turbines. During normal operation on syngas fuel, the GT produces about
192 MW of electricity each, and the steam turbines generate about 120-135 MW of
electricity.

11.3.1.2 Syngas Cleanup

The typical steps for syngas gas cleanup include particle removal, COS hydrolysis,
acid gas cooling, sulfur removal, and sulfur recovery. CO, sequestration can be
implemented in an IGCC plant by adding additional units in the syngas cleanup
section.

Particulates in syngas, consisting of primarily char and fly ash, can be removed
using cyclone filters, ceramic or metal candle filters, or wet scrubbing. Candle filters
are typically comprised of an array of candle elements in a pressure vessel. It can
be cleaned periodically by back pulsing using syngas. The collected fine ash and
char particulates can be recycled back to the gasifier. It is claimed that the plugging
of the convective syngas cooler could be one of the major reliability issue of an
IGCC plant.

Raw syngas exits the candle filters at around 200~350°C. A syngas scrubber
can be used, in combination with candle filters or stand along, to complete the par-
ticulates removal and HCI removal. In Tampa Electric IGCC plant, syngas at 350 °C
directly enters a series of three water/gas contact steps to remove particulates
and HCL

If a methyldietheanolamine (MDEA)-based AGR process is used, a COS hydro-
lysis unit is needed to convert COS to H,S via the following reaction:

COS+H,0 — H,S+CO,.

This step is necessary due to MDEA'’s inability to absorb COS that was formed
in the gasifier. In a conventional hydrolysis process, water-saturated syngas is passed
through a fixed-bed catalytic hydrolysis reactor where 85%-95% of the COS is
converted to H,S (COS at 1~10ppm). Once COS is converted to H,S, it is readily
absorbed by the MDEA process.
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Two types of AGR technologies are available: physical absorption and chemical
absorption. Selexol, which is a prime example of the physical absorption process
developed by Honeywell’s UOP LLC utilizes physical solvent (a mixture of dimethyl
ethers of polyethylene glycol) to absorb sulfur-containing compounds such as H,S,
COS, and also CO,. Selexol solvents can be regenerated either thermally, by flash-
ing, or by stripping gas. Chemical solvents, such as MDEA and diethanolamine
(DEA), can absorb H,S at relatively low acid gas partial pressure by forming chemi-
cal bonds. Solvent regeneration is typically achieved by reboiling.

Chemical solvent technologies are usually favored at low acid gas partial pres-
sure, while physical solvents are preferred at high acid gas pressure. The MDEA-
based AGR generally has a lower capital cost than the Selexol-based AGR process
and has been the predominant process for IGCC application up to the late 1990s.
However, physical solvent-based AGR, such as Selexol, has emerged as a competi-
tive technology in the recent years. It consumes considerably less amount of energy
during solvent regeneration than the MDEA process. Other benefits of the physical
solvent-based AGR technologies are primarily attributed to their capability of “deep”
sulfur removal and the capability to also remove CO,. This is particularly important
for CTL or coal-to-chemical plants since the downstream catalysis processes usually
requires the sulfur level in syngas to be reduced to <1 ppm versus <20 ppm in today’s
IGCC plant. In addition to sulfur, IGCC plants also need to remove other pollutants
in syngas such as Cl, NH;, Hg, and heavy metals.

Sulfur recovery can be achieved using the industrially proven Claus and SCOT
(Shell Claus Off-gas Treating process) processes where the absorbed H,S is recov-
ered as elemental sulfur via the following reactions:

H,S+0, — SO, +H,0,
H,S+S0, —» S+H,O0.

An alternative approach is to combust H,S to form SO, and, after further oxida-
tion into SO;, produce sulfuric acid as end product.

If CO, sequestration is required, an IGCC plant can be easily modified to have
such capabilities. Deep decarbonization of syngas requires the addition of a series
of WGS reactors and a CO, separation unit to the existing IGCC plant as shown in
Figure 11.21.

WGS reactors are usually divided into two or more stages, including high-
temperature shift (HTS) reactor and low-temperature shift (LTS) reactor. This multi-
stage design is necessary due to the strong exothermic nature of the WGS reaction:

CO+H,0—CO,+H, AH=-41.16kJ/mol.

Due to adiabatic temperature rise, the reaction quickly reaches chemical equi-
librium at the end of the HTS (about 400 °C), and the syngas needs to be cooled
to approximately 300°C before entering LTS to achieve >90% CO conversion.
Another method of shifting the WGS reaction equilibrium forward is to inject
excess steam into the syngas stream so that an H,O-to-CO ratio of more than 2.5 is
reached prior to WGS reactors. Details of WGS reaction are described in Chapter 6
of this book.
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CO, can be separated from the shifted syngas stream in a Selexol type of
absorber. Multistage flash drums can be used to extract CO, from absorbed solvents
at various pressure levels typically ranging from atmospheric pressure to 400 psi.
The CO, product stream is usually compressed to high pressure (110bar) for geo-
logic storage or enhanced oil recovery.

Note that both physical solvent- and chemical solvent-based desulfurization
technologies require operation temperature at or near room temperature (30 °C). The
clean syngas is typically reheated before entering GT.

To avoid significant energy loss associated with syngas cooling and reheating,
various hot syngas cleanup technologies are currently under development or dem-
onstration phase, including hot candle filters for particulates removal, fluidized beds
with solid absorbents for warm gas sulfur removal,** and so on.

11.3.1.3 Power Island

As shown in Figure 11.21, the power island of an IGCC plant consisted of
GTs that use syngas as fuel, an HRSG, and steam turbines. Additional condensers,
feed water heaters, and compressors are also essential parts of the steam power
cycles.

The latest GT technology, such as GE’s H-class turbine, can achieve ~60% fuel
efficiency in CC while maintaining low NO, emission level. Typical GT’s firing
temperature is about 1300~1450°C and can produce exhaust gas at about 560 °C.
HRSG utilizes a series of heat exchangers to recover heat from the GT exhaust
(560°C, 1bar) and raises steam at various pressure levels to generate additional
electricity in steam turbines.

Figure 11.22 shows a typical IGCC power island configuration where three-
pressure levels of steam are raised corresponding to three levels of steam turbines
namely the high-pressure steam turbine (HPST), the intermediate-pressure steam
turbine (IPST), and the LPST. In addition to the heat recovery from GT exhaust gas,
the high-temperature syngas coolers in the gasification block also raise high-pressure
steam to generate electricity in HPST. The typical operation pressure and tempera-
ture of these steam turbines are summarized in Table 11.2.

Table 11.2. Typical Steam Turbine Operation Conditions

Steam Pressure (psi) Steam Temperature (°C)
HPST 1400~2600 530~550
IPST 300~600 500~540

LPST 20~80 200~300
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Exhaust

\l:-—‘ HRSG
-\. l

"~ Gas turbine

@ HPST IPST condensor

Figure 11.22. IGCC combined cycle with a three-pressure level HRSG.

11.3.1.4 IGCC System Performance

IGCC plants generally can achieve higher efficiencies than conventional PC power
plant. The primary difference lies in the combined use of GT and steam turbine to
maximize the amount of energy produced. Current IGCC technology can achieve
thermal efficiency of about 38%~43% based on higher heating value of coal. ™
Currently, a few commercial-scale IGCC plants are operating worldwide with excel-
lent environmental performances.

Figure 11.23 illustrates the energy conversion and distribution in a typical
IGCC process. Assuming 100MWth of higher heating value of coal fed into an
IGCC plant, around 70%~80% of the energy is converted into syngas and another
15% can be recovered in the syngas coolers in the form of high-pressure steam.
The GT can generate about 30 MW of electricity while the HRSG/steam turbines
can recover another 22 MW of electricity (together achieving about 55% to as much
as 60% CC efficiency). After subtracting 9MW of parasitic power consumptions
in the gasification and syngas cleanup blocks (9% of the total energy input), the net
energy output of this IGCC plant is about 43 MW. In another word, a typical IGCC
plant can achieve an overall efficiency of about 43% on a higher heating value
(HHV) base.
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Gasifier
Net coal power:
100 MW 30 +22 -9 =43%
Slurry Sulfur
plant removal recovery
Coal ==
Water ==
Syngas
RSC i
Oxygen
plant
18MW
9IMW

Slag by-product ~ Stack

Ash
——
Steam
22Mw

47 MW

Figure 11.23. Energy conversion and distribution in a typical IGCC process. RSC, radiant syngas
cooler. See color insert.

Table 11.3 summarizes some of key operation information and performance
data for four existing commercial-scale IGCC plants.*”’ It can be seen that, all four
types of gasifiers are oxygen blown (95% pure) and can all reach coal feed rate of
more than 2000t per day. In all four cases, the reliability and availability of the
gasification units limit the overall plant availability. There are many researches
focusing on improving refractory life, preventing slag/ash fouling and improving
feed injectors, and so on.

Besides its higher system efficiency performance, IGCC plant also exhibits
superior environmental performance. Its cleanup process deals with syngas stream
at high pressure prior to combustion and, therefore, is far more efficient and cost-
effective than most post-combustion cleanup processes, which operate at ambient
pressure with large amounts of nitrogen dilution. The pollutant emission of a typical
IGCC plant is only 1/10th of a similar size PC power plant. Its sulfur removal level
is at 99%; SO, emission is around 25 mg/m3 and consumes about 40%~60% less
water than do conventional PC power plants.

Another important factor affecting IGCC technology’s competitiveness is its
economic performances. Over the last two decades, the capital cost of an IGCC plant
has reduced dramatically. Figure 11.24 shows a simplified breakdown of the total
plant capital cost (TPC) of a typical IGCC plant (excluding piping, electrical and
control system, civil construction, engineering fees, project contingency, etc.).
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Gas turbine
18%

Gasifier/cooler

27%

Figure 11.24. 1GCC plant capital cost breakdown. Total TPC = $1438/kWe. See color insert.

Fixed O&M Variable O&M
12% 2%

Consumables
1%
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Figure 11.25. Breakdown of cost of electricity of an IGCC plant. See color insert.

The COE for an IGCC plant mainly includes the levelized capital charges, cost
of fuel, consumables, and cost of operating and maintenance (O&M). Typical IGCC
COE is around 5-5.5 cents/kWh (2006 U.S. dollars).*’ A breakdown of the IGCC
COE is illustrated in Figure 11.25, which shows the capital cost accounts for about
65% of the COE, fuel cost about 20%, and O&M cost about 14%.

With the world’s ever-increasing concern for CO,’s potential impact on global
warming, IGCC technology has become more and more attractive for its unique
advantages in CO, capture and sequestration that are not available through conven-
tional combustion technologies. An IGCC plant can be readily designed to capture
as much as 90% of the CO, for geologic sequestration or enhanced oil recovery. The
addition of CO, sequestration capability has a significantly less impact on overall
system efficiency and capital cost than it would for a PC plant or even an NGCC
plant. With the IGCC technology already being increasingly cost competitive, the
need for carbon emission control would undoubtedly favor IGCC as the least expen-
sive option.

Table 11.4 illustrates the impact of CO, sequestration on IGCC system effi-
ciency and economics.*” On average, an efficiency loss of about 6%—10% is expected
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Table 11.4. Impact of CO, Sequestration on the System Efficiency and Capital Cost of
an IGCC Plant

Gasification GE Energy E-Gas Shell
Technology (Texaco) with (ConocoPhillips)
Quench
CO, capture No 90% No 90% No 90%
capture capture capture capture capture capture
Efficiency (% HHV)  37% 30% 40% 31% 41% 33%
Heat rate (BTU/ 9300 11,300 8550 11,000 8370 10,350
kWh)
Capital cost ($/kWe)  $1270 $1620 $1300 $1850 $1470 $2020
COE ($/MWh) $46 $57 $46 $62 $49 $65

for an IGCC plant with ~90% CO, sequestration capability, majority of which is
due to the extra energy consumption in ASU, CO, capture, and CO, compression
processes. Similarly, an increase of about 20%~30% in capital cost as well as cost
of electricity can be expected with the additional equipment for CO, capture and
compression. On average, it costs about $20~$30 for each ton of CO, avoided.

11.4 APPLICATION OF H,/SYNGAS GENERATION
TECHNOLOGY TO LIQUID FUELS

Hydrogen is not only important for fuel cells but also plays a vital role in today’s
refining industry for upgrading crude oil to clean fuels. The U.S. consumes 15
million barrels of crude oil daily, of which 9 million barrels are imported (2 million
from the Middle East). The main products are gasoline (8.8 million barrels a day),
distillates (3.8 million), and petrochemicals (approximately 1 million barrels a day).

Ultimately, human being may shift to non-fossil-fuel-based energy sources such
as nuclear, solar, wind, and others; in the near term, however, our reliance on oil
imports can be alleviated by modifying the refining process with cheap H, produced
from coal, biomass, waste, or petroleum coke via the well-known gasification and
shift processes. These provide a cheaper near-term solution to cut U.S. oil imports
while simultaneously reducing GHG emissions.*'

First, one could increase the hydrogen content of today’s fuels. Gasoline and
distillates contain a mixture of paraffins (-CH,—),, naphthenes, and aromatics (CH),.
Paraffins are environmentally superior to aromatics and naphthenes due to its cleaner
combustion and lower CO, emission per BTU (British Thermal Unit) energy output.
Today’s gasoline contains about 30% aromatics. One can convert aromatics at least
partially to paraffins by a hydrogenation reaction and utilize hydrogen from coal,
petroleum coke, residual oil, or biomass. Diesel fuel can also be refined via similar
hydrogenation process. This is equivalent to the generation of ~0.5 million barrels
of additional high-grade liquid fuels using hydrogen.
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Second, today’s crude oil contains about 30% low boiling fractions (vacuum
resid), which in most cases is either used as heavy fuel oil or sent to a coker in the
refinery. The coker plant produces, in addition to coke, about 50% low-quality liquid
products. There are mature technologies today to hydrocrack these 4.5 million
barrels of resid per day, and upgrade them to high-grade liquid products. Again by
a simple mass balance, this would be equivalent to about 2.5 million barrels a day
of high-grade liquid gasoline and diesel using hydrogen. The amount of hydrogen
that can be added in the current U.S. refinery processes is equivalent to 600,000
barrels of oil.*' The total potential savings in oil imports could be about 5 million
barrels a day, of which 2 million are due to lower gasoline consumption, 2 million
due to higher yields of gasoline and diesel per barrel crude oil via hydrocracking of
heavier feeds, and 1 million barrels due to the use of hydrogen generated from
biomass, waste, coal, or other fossil fuels into the gasoline.41

Since hydrogen needed for the refineries is usually produced in a central facility,
it is easy to achieve near 100% GHG sequestration. Even if only 60% of this poten-
tial is realized, it is equal to turning 35% of all cars to hydrogen vehicles. It is feasible
to achieve this in 20 years without having to develop H, fuel cell cars to reach the
same goal.* We could look at this method as an improved form of a hydrogen
economy. Thus, from this point of view, H, economy is not something people can
only dream for the future, it is out there today and people are practicing it today.

There is available proven technology for hydrogen production from resid,
natural gas, coal, biomass, and waste, as well as for hydrocracking of oil resid. In
fact, as shown in Figure 11.26, as natural gas price increases in recent years, it makes
more sense to make H, from coal and/or resid via gasification followed by WGS
reaction.

Coal is one of the most economical and abundant feedstock for the centralized
hydrogen production. The environmental concerns associated with coal as an energy

H, price versus NG price

$4.00

$3.50

$3.00

$2.50

H, from coal

H, price ($/MSCF)

$2.00

$1.50

$1.00 - . T T
$2.50 $3.50 $4.50 $5.50 $6.50 $7.50

NG price ($/MMBTU)

Figure 11.26. The price of H, from coal and natural gas as a function of natural gas prices.*




11.4 Application of Hy/Syngas Generation Technology to Liquid Fuels 479

source can be effectively addressed via coal gasification and syngas cleanup pro-
cesses used in today’s IGCC plants. In addition to coal, one can also make H, from
waste and biomass gasification. The gasification-based hydrogen production tech-
nologies, along with the abundant supplies of coal, biomass, and waste in the U.S.,
will ensure the establishment of hydrogen as one of the primary resources for reduc-
ing U.S. oil imports, and CO, emissions from transportation fuels.

11.4.1 Coal-to-H, Process Description

As one can see from the above session, how to produce H, cheaply from different
resources is vital to meet the future energy and environmental needs. Coal or
biomass gasification could be the cheapest way of making H, when natural gas
price is high. If one produces H, in a centralized plant, it is possible to capture and
sequestrate CO,.

A gasification-based coal-to-hydrogen process, shown in Figure 11.27, largely
resembles that of an IGCC plant. They share the same coal gasification and syngas
cooling processes.

The primary end product in a coal-to-hydrogen plant, however, is the concen-
trated hydrogen gas instead of electricity. For this purpose, a series of WGS reactors

Gasification block = = = = = = = = = = =
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Coal e L 1370°C Cooling and
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——— e ——————
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Feed water
Air makeup 1

Heat recovery
steam generator
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Figure 11.27. A gasification-based coal-to-hydrogen plant.
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are required to convert CO into hydrogen. The conversion of CO to H, via WGS
reaction not only maximizes the production of H, but also creates an excellent
opportunity for the isolation and sequestration of CO,. Similar to desulfurization
processes, CO, sequestration can be achieved using either physical- or chemical-
based solvents (Selexol or MDEA processes).

In addition to WGS and CO, recovery units, hydrogen separation and purifica-
tion units, such as the pressure swing absorber (PSA), are needed to generate high-
purity hydrogen product stream. The residue fuel in the PSA-off gas, containing
about 10%—15% of the H, in the original fuel, is sent to a tail-gas boiler to generate
additional power through steam turbines.

If both hydrogen and electricity are desired as end products, as in the case of a
polygeneration plant, part of the syngas stream can be sent directly to the boiler or
even a GT, bypassing the CO, recovery and PSA units. The split of syngas between
H, production and power generation can be adjusted to accommodate the peak
periods for electricity demand by lowering the H, production, and off-peak periods
by sending most of the syngas stream to H, production. Such flexibility in the plant
operations can result in significant economic benefits for a coal gasification-based
polygeneration system.

One of the high potential future technologies for the hydrogen production from
coal is the integrated WGS—membrane cleanup system, as shown in Figure 11.28.
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Figure 11.28. Schematic representation of coal-to-hydrogen plant with integrated WGS—membrane
cleanup system.
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Such integrated system is designed to conduct WGS reaction and the removal of
CO, or H, from the syngas stream simultaneously. In doing so, the equilibrium of
the WGS reaction is constantly shifted in favor of the forward reaction, converting
more CO into H,, due to the constant removal of product gas, either CO, or H,, from
the syngas stream. As a result, the integrated WGS—membrane system only requires
near stoichiometric ratio of H,O/CO in the syngas feed stream, whereas an H,O/CO
ratio of as high as 2.5 is required for conventional WGS reactor to achieve high
(>90%) conversion of CO. Such a significant reduction in the steam requirement
represents an overall system efficiency improvement of as much as 5%. On the other
hand, such integrated syngas cleanup technology can potentially replace or combine
multiple unit operations such as sulfur removal, WGS, and CO, separation into one
reactor unit, thus reducing the capital cost of an IGCC plant with CO, capture by
17%.%

11.4.2 Coal-to-Hydrogen System Performance
and Economics

Although no coal gasification-based polygeneration plant that coproduces hydrogen
and electricity currently exists, the technologies required for such a plant are fairly
mature. Many heavy oil-based facilities, which utilize similar technology, have
already been in operation. There have been many studies and analysis conducted to
evaluate the system performance and economics of such coal-to-hydrogen systems.

A study by Mitretek,* sponsored by DOE, compared various configurations of
a coal-based hydrogen production plant that uses existing or future technologies for
hydrogen separation, with or without CO, sequestrations. Some of the major findings
of this study are listed in Table 11.5.

It can be seen that even with CO, sequestration, the hydrogen produced via coal
gasification is reasonably cost competitive with that produced through other means.
Future technologies such as hot gas cleanup and advanced membranes have the

Table 11.5. Efficiency and Economic Analysis of Coal-to-Hydrogen Plant

Syngas cleanup technology Coal to Hydrogen
Cold syngas Cold syngas Hot syngas
cleanup cleanup cleanup
H,/CO, separation technology PSA PSA Advanced
membrane
CO, sequestration ratio 0 87% 100%
Efficiency (% HHV) 63.90% 59% 75%
Unit capital cost ($x1000/TPD of H, $1345 $1389 $1066
production)
Cost of hydrogen ($/MMBTU) $6.83 $8.18 $5.89

TPD, tons per day.
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potential to improved the overall system efficiency and therefore significantly reduce
the capital cost of such a coal gasification-based hydrogen production plant. Similar
studies of polygeneration systems indicated that, in a 50-50 electricity to hydrogen
production plant, the overall efficiency can reach about 53.6% and cost of hydrogen
can be reduced to as low as $3.98/MMBTU.

11.5 SUMMARY

As you can see from this chapter, the syngas-based energy conversion process will play a
more and more important role in the future energy portfolio of the world. Figure 11.29 sum-
marized the gasification-based syngas conversion processes and products, which provide a
good summary for this chapter.

As shown in Figure 11.29, syngas and H, production and purification technologies are
the critical link of future energy conversion processes, such as the H, production for future
H, economy, IGCC with or without CO, capture for future coal-based power plants, NGCC
with CO, capture, natural gas to H, and liquids (GTL), and coal to H, and liquids (CTL), as
well as biomass and waste to H, and liquids. All of above-mentioned processes are calling
for developments of different H, and syngas production and purification technologies dis-
cussed in this book. Many R&D activities will continue to receive more and more funding
from government and industries in this arena. Although many papers are published in this
field, there is no recent book that systematically summarizes the progresses made in this
exciting area, and that is the motivation of this book.
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Chapter 12

Coal and Syngas to Liquids

KE Liu, ZHE Cul, WEI CHEN, AND LINGZHI ZHANG
Energy & Propulsion Technologies, GE Global Research Center

12.1 OVERVIEW AND HISTORY OF COAL TO
LIQUIDS (CTL)

The coal and syngas to liquids process is a process whereby coal or other carbona-
ceous solid feedstocks such as biomass are converted to liquid fuel or chemicals.
The production of coal-derived liquids as by-products of coke-making commenced
in Germany and the U.K. in the 1840s. Most CTL development derives from the
early 1900s, when two distinct approaches were pursued. The earliest process route
involved high-temperature and high-pressure dissolution of coal in a solvent to
produce high-boiling point liquids. No hydrogen or catalyst was used at this time.

The modern process for converting coal into liquids, indirect liquefaction, was
discovered in the 1920s by Franz Fischer and Hans Tropsch. The process was
invented in petroleum-poor but coal-rich Germany to produce liquid fuels. Fischer
and Tropsch passed synthesis gas—consisting of carbon monoxide and hydrogen—
over metallic catalysts and produced pure hydrocarbons. The process was commer-
cialized in the 1930s, initially for the production of chemical feedstocks rather than
liquid fuels. The hydrocarbons produced by the Fischer—Tropsch (FT) process
proved to be excellent transportation fuels. Most of today’s CTL technologies use
variants of the FT reactor at the core of their process. In 1935, a commercial-scale
direct liquefaction plant was built to process coal and creosote oil to produce a total
of 150,000 t/year of gasoline at Billingham in the U.K. Other commercial CTL plants
were built in Germany around 1936, and each plant produced about 1500 bbl/day.
By the end of World War II, approximately 4,000,000 t/year gasoline was produced
in Germany from 9 indirect and 18 direct liquefaction plants.

After World War 11, the price of oil fell relative to the price of coal, and the
economics of liquefaction became increasingly unattractive. Large oil reserves were
being discovered in the Middle East, reducing the perceived need for strategic R&D
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programs and reducing interest in coal liquefaction in all countries, except South
Africa. Due to its apartheid policies, South Africa became increasingly isolated
politically from the mid-1950s to the mid-1980s. With large coal reserves, South
Africa further developed coal liquefaction process because trading oil and oil prod-
ucts was forbidden. Indirect liquefaction process was selected for South African coal
liquefaction. The first plant, SASOL 1, was built in the 1950s. In 1980s, two much
larger plants were built, using the same basic process chemistry but employing
improved catalyst formulations and reactor designs. In the mid-1980s, approxi-
mately 10,000,000 t/year of transportation fuels was produced in these plants, which
covers 60% of South Africa’s requirements. All three plants are currently still in
operation. However, interest in the production of transportation fuels from coal
remained low in the rest of the world for many years except South Africa, and China
in recent years. This is mainly due to the high cost of CTL and the low price of oil
in the 1980s and 1990s. However, due to high oil prices in recent years, there has
been a renewed interest in CTL. Extensive feasibility studies on CTL plants have
been conducted, but not many started construction due to the recent concern on
massive CO, releases from such plants plus their relatively high cost.

In the 1960s, two direct coal liquefaction processes were under development in
the U.S.: the Exxon Donor Solvent (EDS) process and the H-Coal process. The
distinguishing feature of the EDS process was a separate solvent hydrogenation step
to carefully control the hydrogen donor characteristics of the solvent. The most
important feature of the H-Coal process was the emulated bed reactor in the process.

In the 1970s, after the dramatic world oil price fluctuation, considerable amounts
of research in the area of CTL production technologies have been prompted.
However, none of those processes was commercialized. The sudden collapse of
world oil prices in the mid-1980s led to the abandonment of most of the pilot and
process development scale CTL facilities built in the U.S.

Except for Germany’s experience with technologies that directly transferred
coal into fuel oil during World War 1II, there has been little experience with, or
economic analysis of, commercial direct coal liquefaction (direct coal to liquid
[DCTL]) until the new DCTL plants currently being built in China.

The U.S. Department of Energy (DOE) had an active coal liquefaction program
in the 1990s that was halted in the late 1990s. However, work has been resumed
recently on the most critical steps: gasification and catalyst development. In 2003,
the DOE announced a 5000bbl/day demonstration project of advanced FT fuel
production. The project was expected to coproduce 35 MW of electricity in Gilber-
ton, PA. The plant incorporates a Shell gasifier and FT liquefaction technology
provided by Sasol.

Starting from the late 1990s, China has shown a strong interest in coal liquefac-
tion and has been investing billions of dollars into developing production facilities.
Shenhua Group, one of China’s largest coal companies, is building a $3.3 billion
DCTL project. The process originally was licensed from Hydrocarbon Technologies,
Inc. (HTI), and later, Shenhua and China Coal Research Institute (CCRI) spent a
lot of its own resources to further improve the processes and direct CTL cata-
lysts. Shenhua has almost completed the construction of the Inner Mongolia coal



488 Chapter 12 Coal and Syngas to Liquids

Figure 12.1. Shenhua CTL plant (China). Reprinted from Chen et al.' See color insert.

liquefaction project’s infrastructure. Operations of its first production line are
expected to commence by 2009, and recently, they started the first production line
with a capacity of 1 million tons of gasoline and diesel fuel per year. Shenhua is
planning a second phase to the project with a total investment of $7.3 billion. It is
expected to process 15 million tons of coal to produce 5 million tons of oil products
with four more production lines becoming operational in the future. Figure 12.1
shows a picture of the Shenhua CTL projects.'

12.2 DIRECT COAL LIQUEFACTION (DCTL)
12.2.1 DCTL Process

The purpose of the DCTL process is to add hydrogen to the organic structure of the
coal, breaking it down only as far as it is necessary to produce distillable liquids.
Common features are the dissolution of a high proportion of coal in a solvent at
elevated temperature and pressure, followed by the hydrocracking of the dissolved
coal with H, and a catalyst. Direct liquefaction is an efficient route. Liquid yields
in excess of 70% by weight of the dry, mineral matter-free coal feed have been
demonstrated for some processes in favorable circumstances. Total thermal efficien-
cies for modern processes are generally in the range of 60%—70% if allowance is
made for generating losses and other noncoal energy imports.

The liquid products from direct liquefaction processes do require further upgrad-
ing before they can be used directly as transportation fuels. This upgrading utilizes
standard petroleum refining industry technologies, allowing the products from a
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Figure 12.2. Diagram of the direct coal liquefaction process. ASU, air separation unit.

liquefaction plant to be blended into the feedstock streams of a petroleum
refinery.

In a direct coal liquefaction process, coal is reacted with hydrogen produced
from coal gasification under high temperature (450°C) and high pressure (20—
30 MPa) conditions to produce crude-like liquids, which can be further hydrocracked
to different liquid fuels or chemicals such as high-quality clean gasoline, diesel, jet
fuel, and liquefied petroleum gas (LPG). Figure 12.2 shows the simplified process
diagram of a direct coal liquefaction process.

The first direct coal liquefaction process was developed and patented by Bergius
from Germany in 1913 and, therefore, is often referred to as the Bergius process.
The world’s first industrial-scale direct coal liquefaction plant was built in Leuna,
Germany, in 1927 with an annual fuel production of 10,000t. By 1939, Germany
built 12 direct coal liquefaction plants with a combined annual fuel production of
about 4.23 million metric tons, which supplied about 70% of the aviation fuel and
50% of the transportation fuel for German troops during World War II.

A modern direct coal liquefaction plant can produce about 0.5-0.6t of liquid
fuel from every ton of dry coal. In the cases where the hydrogen supply is also
produced from coal, the overall system can produce about 1t of liquid fuel from
every 3—4t of coal. China Shenhua Coal Liquefaction Co. Ltd is currently building
a 20,000 bbl/day direct coal liquefaction plant in Inner Mongolia, China. The eco-
nomic viability of this large-scale direct coal liquefaction remains to be revealed.
Economic analysis performed in 1990° showed that the process of the two-stage
conversion of CTL has a product cost of $38 per barrel. Several areas, such as
improved pretreatment and cleaning methods, novel catalysts, and improved hydro-
carbon recovery, were identified as ways to lower the cost further.'

In a DCTL plant, a coal-oil slurry containing up to about 50% coal is heated
to moderately high temperatures in a high-pressured hydrogen atmosphere. A variety
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of suitable catalysts are used to promote the conversion of CTL products, with most
common compounds of iron, nickel, molybdenum, or mixtures thereof. The gaso-
line-like and diesel-like products are recovered from the partially refined synthetic
fuel by distillation. Hydrogen is added to the mixture to increase the hydrogen/
carbon ratio and reduce the oxygen, sulfur, and nitrogen in the coal. The addition
of hydrogen increases the energy need and thus increases the cost of the process.

DCTL processes aim to add hydrogen to the organic structure of the coal, break-
ing it down only as far as necessary to produce distillable liquids. Common features
are the dissolution of a high proportion of coal in a solvent at elevated temperature
and pressure, followed by the hydrocracking of the dissolved coal with H, and a
catalyst. For example, coal can be treated with hydrogen under pressure (>30 MPa)
at 450°C in the presence of a solvent and an iron oxide catalyst. The liquid products
have molecular structures similar to those found in aromatic compounds and need
further upgrading to produce specification fuels such as gasoline and fuel oil.

Some processes are designed specifically to coprocess coal with petroleum-
derived oils and these may fall into either group. Also, coal liquefaction processes
from both groups have been adapted for coprocessing. In the mid- to late 1960s, as
interest was growing, all of the available processes were single stage. Most develop-
ment therefore continued to adopt a single-stage approach. Some developers added
a second stage during the 1970s, following the oil crisis, to increase the production
of light oils. However, most of these have been superseded and abandoned. Several
other less important processes were developed to a modest scale in the U.S. Most
of the recent research and development on second-generation liquefaction processes
have concentrated on operating under less severe conditions, especially at reduced
pressures. This is achieved by enhancing hydrogen transfer rates from the solvent
to coal and by recycling liquids to increase conversion. These engineering improve-
ments ultimately translate to lower costs.

12.2.2 The Kohleoel Process

The Kohleoel process with integrated gross oil refining (IGOR+) is a recent
development by Ruhrkohle AG and VEBA OEL AG based on the IG (Interessen-
Gemeinshaft) process established by a German fuel company 1.G. Farbenindustrie
in 1927. Initially, a 0.2t/day continuous unit was evaluated at Bergbau-Forschung
(now DMT). In 1981, a 200t/day industrial pilot plant was built at Bottrop, which
remained operational until 1987. During approximately 22,000 h operating lifetime
of this plant, it produced an overall of 85,000t of distillates from 170,000t of coal.
The CCRI signed a 2-year agreement with Ruhrkohle AG in 1997 to conduct a
feasibility study for a 5000t/day demonstration coal liquefaction plant in Yunnan
Province.

The Kohleoel process is illustrated in Figure 12.3. Coal and iron oxide catalysts
are slurried with process-derived recycle solvents. The specific coal feed rate is in
the range of 0.5-0.65 t/m*/h. H, feedstock together with additional H, recycled from
the process, after mixing with the slurry, is sent to an up-flow tubular reactor. The
reactor is typically maintained at 30 MPa and 470 °C. Hot effluents from this reactor
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Figure 12.3. Diagram of the Kohleoel process.

are subsequently directed to a high-temperature separator. Vapor products from the
separator are introduced to a hydrogenation reactor operating at 30 MPa and 350-
420°C. The liquid portion from the separator passes through a vacuum distillation
column to recover distillable liquids as additional feed to the hydrotreating reactor.
The rest is collected as vacuum bottom containing pitch, mineral matter, unreacted
coal, and catalyst, with possible use as gasifier feedstock for H, production. The
hydrogenated products are routed to two separators in series, where the products are
depressurized and cooled. The liquid from the first separator is recycled as the
solvent for slurry mixing. The liquid product from the second separator is sent to
an atmospheric distillation column, yielding different oil products: light oil (Cs—
200 °C boiling point [BP]) and medium oil (200-325 °C BP). This process can reach
a conversion of 90% using bituminous coals, with liquid yields in the range of
50%—-60% calculated based on dry ash-free coal. Process yields and quality, when
using Prosper, a German bituminous coal, are summarized in Table 12.1.

12.2.3 NEDOL (NEDO Liquefaction) Process

As a response to the first global oil crisis in 1974, Japan launched the Sunshine
Project to develop a coal liquefaction technology and alleviate the dependence on
imported oil. This project was managed by the New Energy and Industrial Technol-
ogy Development Organization (NEDO) and received supports from government
agencies and many Japanese companies and research institutes for technology
advancement. Subbituminous and low-rank bituminous coals were targeted for their
process development. By 1983, coal liquefaction had been tested at scales of
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Table 12.1. Kohleoel Process and Product Quality with Prosper Coal

Process Yields Yield
Hydrocarbon gases (C,—C,) 19.0
Light oil (C5-200°C) 253
Medium oil (200-325°C) 32.6
Untreated coal and pitch 22.1
Product Quality Light Oil Medium Oil
Hydrogen (%) 13.6 11.9
Nitrogen (ppm) 39.0 174
Oxygen (ppm) 153 84.0
Sulfur (ppm) 12.0 <5
Density (kg/m?) 772 912

0.1~2.4t/day. Subsequently, a consortium of 20 companies was founded under the
name Nippon Coal Oil Company, Ltd., aiming to design, build, and operate a 250t/
day pilot plant. Although the project was terminated in 1987 due to budgetary con-
straints, a 1 t/day process support unit (PSU) was built and put into operation by two
joint coal liquefaction companies in Japan in 1988. A pilot plant was designed in
1988 for an operation scale of 150t/day. Construction started in October 1991 at
Kashima and was completed in early 1996. Five operation runs were conducted from
March 1997 to September 1998. Three types of coal of different ranks (Tanito
Harum and Adaro coals from Indonesia and Keshena coal from Japan) were liquefied
without serious problems. This pilot achieved 80 days of continuous coal-charging
operation, 58% by weight (dry ash-free coal basis) of oil yield, successful use of
slurry at 50% concentration, and 6200h of cumulative operation. CCRI signed an
agreement with NEDO and the Center to carry out a feasibility study for a 5000t/
day demonstration plant. Several tests have been completed in both bench and
process demonstration unit (PDU) scales with Yilan coal. A 62% oil product yield
was predicted. NEDO has recently announced coal liquefaction technical support to
China to promote coal utilization in Asia and reduce global oil supply tension. Some
initial efforts include partnering with Chinese energy companies Datang Interna-
tional Power Generation Co. and Xinwen Mining Group to conduct feasibility tests
on the efficiency of their liquefaction processes. NEDO also participates in two
liquefaction trials in China, one with Shenhua. Their technology will be licensed for
the construction of liquefaction plants in China.

As can be seen in the NEDOL process in Figure 12.4, pulverized coal and
2%-4% by weight iron-based catalysts are first slurried together with recycled sol-
vents. The slurry is mixed with H, and preheated before it is delivered to the lique-
faction reactor. The tubular up-flow reactor typically operates at temperatures of
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430-465°C and pressures of 15-20 MPa. The nominal slurry residence time is 1h,
with actual liquid-phase residence times in the range of 90-150min. Products are
cooled, depressurized, and distilled in an atmospheric column to obtain a light distil-
late product. The atmospheric column bottoms, after a heating step, are sent to a
vacuum distillation column. Most of the middle distillate and all of the heavy distil-
late are recycled as solvent via hydrogenation. These solvent hydrogenation reactors
are down-flow packed catalyst beds operating at 320—400°C and 10-15 MPa. Resi-
dence time is ~1 h. Products are subsequently depressurized at temperature and sent
to a flash distillation vessel. The liquid product is recycled to the slurrying step as
the solvent. Some light naphtha can also be collected. The vacuum column bottoms,
which contain unreacted coal, mineral matter, and catalyst, are discharged and can
be used as gasifier feedstock for H, production in commercial operation. The
maximum solid loading that can be achieved is ~50%. However, in practice, it is
understood that a loading of 35% is more typical. Since the pitch discharged with
the solids represents a substantial loss of potential product, the process is limited to
coal of relatively low ash content. Product yields vary depending on the type of coal,
although the primary hydrogenation reaction operating parameters can be adjusted
to obtain 50%—-55% (dry ash-free basis) distillate product yields. It should be pointed
out that the liquid products are of relatively low quality and require substantial
upgrading in comparison with liquid fuels produced from other processes.

12.2.4 The HTI-Coal Process

The HTI-Coal process was developed by HTI (originally Hydrocarbon Research
Institute [HRI]) from the commercialized H-Oil process used for heavy oil upgrad-
ing. A 200t/day pilot plant based on this process was scaled up and constructed at
Catlettsburg, KY, in 1980. This plant remained operational for 3 years, and plant
design was modified afterward into a commercial-scale plant at Breckinridge, KY.
The Shenhua Group in China collaborated with HTT in 1997, targeting to build a
DCTL plant in Inner Mongolia. Feasibility studies were performed for HTI-Coal
plants in India and the Philippines.

Figure 12.5 illustrates the HTI-Coal process. Pulverized coal is dissolved in
recycled coal-derived heavy process solvent, mixed with hydrogen (~17 MPa) and
then delivered to the first stage hydrocracking reactor operated at 435-460°C.
Because of high exothermicity of the hydrocracking reactions, temperature control
is crucial for engineering scale-up. A new type of reactor is employed instead of
fixed-bed reactors for its advantages in temperature control. This type of reactor
offers additional benefits in convenient catalyst replacement during operation to
maintain constant performance, which is particularly important with supported cata-
lysts that deactivate relatively rapidly under coal liquefaction conditions. Effluents
from this stage are sent to a liquefaction reactor, where smaller molecules derived
from coal hydrocracking are hydrogenated in the presence of catalysts. The liquid
fuel from this stage requires further upgrading to produce gasoline and jet and
diesel fuels that meet or exceed existing fuel specifications.* The products from the
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Figure 12.5. Diagram of the H-Coal process. DAO, de-ashed oil; DEA, diethanolamine; HAGO,
heavy atmospheric gas oil; HVGO, heavy vacuum gas oil.

liquefaction reactor are injected to a flash separator. Liquids in the overheads are
condensed and routed to an atmospheric distillation column, producing naphtha and
middle distillate. The flash bottoms are fed to a bank of hydrocyclones. The over-
heads stream, which contains 1%—-2% solids, is recycled to the slurrying stage. The
bottom 1is routed to a vacuum distillation column, where distillable products are
collected and solid portion is removed. The overall process yield is dependent on
the type of coal. Typical conversion is 95%, with liquid yields up to 50% (dry basis).
Table 12.2 summarizes the comparison of different direct coal liquefaction
technologies.

12.2.5 Other Single-Stage Processes

The solvent-refined coal (SRC) processes were originally developed to produce
cleaner boiler fuels from coal. A 0.5t/day plant was built in 1965 and scaled up in
1974 into two separate pilot plants located at Wilsonville (SRC-I, 6t/day) and Fort
Lewis, WA (SRC-I, 50t/day). The Fort Lewis plant was later converted to an SRC-II
unit. Due to the more severe conditions required for SRC-II, the capacity was down-
graded to about 25 t/day. The objective of the SRC-II process was to produce distil-
late products. Detailed designs for large-scale plant were subsequently prepared,
although these plants were not built. The Wilsonville plant continued to be funded
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Table 12.2. Comparisons of Different Direct Coal Liquefaction Technologies

Process HTI IGOR NEDOL
Reactor type Tubular reactor ~ Bubble column  Bubble column
Temperature (°C) 435-460 470 430-465
Pressure (MPa) 17 30 15-20

Feed rate (t/m*/h) 0.24 0.60 0.36

Coal type Shenhua Xiangfeng Shenhua
Conversion rate % (daf coal) 95 90 89.7

Water % (daf coal) 13.8 28.6 7.3

Cy+ oil % (daf coal) 67.2 58.6 52.8
Residue % (daf coal) 13.4 11.7 28.1
Hydrogen consumption % (daf coal) 8.7 11.2 6.1

by DOE until 1992 as a pilot-scale test facility for the whole U.S. direct liquefaction
development program. The SRC processes have now been abandoned, but elements
have been incorporated in more recent U.S. processes.

The development of the Imhausen high-pressure process commenced in 1982,
and a 100kg/day PDU was commissioned in 1984. However, the severe operating
conditions (470-505°C and 60—100MPa) limit their commercialization potential.

In the late 1970s and early 1980s, Conoco developed a process that used molten
zinc chloride to hydrocrack coal directly to give good yields of gasoline in a single
step. This process is one of the very few direct liquefaction processes that is not a
direct derivative of prewar technology. The process was taken to the 1t/day pilot
plant scale, although this was operated for only a short period with limited success.
Major metallurgical difficulties were experienced as a result of the highly corrosive
nature of zinc chloride and other chloride salts formed in the system. However, it is
believed that if these problems can be resolved, this is one area in which further
development might have the potential to make a significant improvement in liquefac-
tion economics. Most two-stage direct liquefaction processes were developed in
response to the oil price rises of the early 1970s, often as a development of earlier
single-stage processes. Work was carried out in many different countries, but rela-
tively few processes were developed beyond the laboratory scale, and most of these
processes were generically very similar.

12.3 INDIRECT COAL TO LIQUID (ICTL)
12.3.1 Introduction
Indirect liquefaction processes were developed in Germany around the same time

as direct liquefaction processes. In the early 1920s, Franz Fischer and Hans Tropsch
patented a process to produce a mixture of alcohols, aldehydes, fatty acids, and
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hydrocarbons known as synthol, from a synthesis gas of hydrogen and carbon mon-
oxide. The FT process forms the basis for indirect coal liquefaction. Instead of
hydrogenating coal directly, the ICTL process primarily consists of two steps. The
first gasification step converts the coal into a “synthesis gas” (or syngas) enriched
with hydrogen (H,) and carbon monoxide (CO). A variety of gasifier designs are in
commercial operation worldwide using coal or other dirty, low-value feedstocks.
Following gasification, the raw syngas is cooled and cleaned to remove all contami-
nants. Clean syngas is sent to an appropriate FT catalyst bed to produce predomi-
nantly paraffinic liquid hydrocarbons with a wide range of molecular weights.

This method was used to produce motor fuel during World War II. After the
war, the FT synthesis technology was used by HRI (predecessor of HTT) to construct
a 7000bbl/day gas-to-liquids (GTL) plant in Brownsville, TX, in 1949. The plant
was operated by Cathage Hydrocol from 1950 to 1953 before shutting down due to
declining oil prices. The partial oxidation unit, which was used to convert natural
gas into synthesis gas to feed the fixed-bed FT reactors at this plant, was the basis
for what eventually became the Texaco coal gasification process (currently owned
by GE Energy).

In the 1950s, South Africa faced worldwide oil sanctions against its apartheid
policy. Lack of petroleum resources in the country greatly motivated indirect coal
liquefaction technology development and commercialization efforts to sustain the
country’s needs for liquid fuels. South Africa Synthetic Oil Limited (SASOL) was
founded during this time. Their process is based on Lurgi gasification and FT lig-
uefaction. Substantial improvements in the synthesis step have been achieved over
50 years’ continuous development. SASOL is the world’s largest indirect coal lig-
uefaction company, with highly profitable business. SASOL’s first indirect coal
liquefaction plant, SASOL-I, was constructed in 1955. Two more plants (SASOL-II
and SASOL-III) were commissioned in 1980 and 1982, after the world oil crisis in
the 1970s. Figure 12.6 shows the gasification and syngas cleanup technologies used
in an ICTL plant. These technologies are similar to those used in an Integrated
Gasification Combined Cycle (IGCC) plant or a coal-to-hydrogen plant, which have
been extensively covered in this book.

Coal
= Gasoline
0, L Syngas Liquid Hydrotreating/ —— Diesel
——»| Gasification cleanup synthesis hydrocracking
—— Wax and other
liquids

Raw
syngas
Slag/ash
Figure 12.6. Diagram of the indirect coal to liquid (ICTL).
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Coal

Diesel Gasoline
Biomass —— _Gasification

Coke

Syngas — Fischer-Tropsch —> short olefins

Light paraffins

Steam

reforming/POX Lubricants/other

Natural gas chemicals Alcohols

Figure 12.7. Diagram of the Fischer—Tropsch application in CTL. POX, partial oxidation.

The indirect route yields a large number of by-products, leading to a lower
overall thermal efficiency than that of the DCTL. Similar to DCTL, ICTL processing
has been restrained commercially by its high capital costs as well as high operational
and maintenance costs. Fuels produced from ICTL process include methanol,
dimethyl ether, FT diesel- or gasoline-like fuels, and hydrogen (H,). The availability
of CO and H, as molecular building blocks at an ICTL facility also provides oppor-
tunities for the production of other chemicals. This can be illustrated in Figure 12.7.

12.3.2 FT Synthesis

FT synthesis is one of the most important syngas-based liquid synthesis processes.
As presented in Figures 12.6 and 12.7, raw syngas produced from gasification is
sent to gas cleanup units to remove contaminants such as H,S, COS, and HCI, which
potentially act as catalyst poisons. Clean syngas reacts over FT catalysts to generate
liquid fuels. Those liquid fuels are further upgraded through hydrotreating or hydro-
cracking reactions. Therefore, the final product fuels from FT synthesis usually
exhibit exceptional quality in terms of hydrogen content, product molecule unifor-
mity, freeze point, combustion characteristics, and sulfur contents. These products
are of high market values. Hydrocarbons consisting of a chain length of 5-10, after
a downstream hydrogenation or isomerization treatment to increase the octane value,
are mainly used as gasoline fuel. Shorter products including butane and propane can
also be oligomerized into gasoline. However, complex treatments put additional cost
and lower profitability. FT diesel featured by high linearity and low aromatic com-
pounds has superior quality compared with diesels derived from other processes. It
has very high value of cetane number (as high as 75) and is ultraclean.’

Olefins from FT synthesis are important building blocks for petrochemical
synthesis to manufacture high-molecular weight chemicals, polymer materials, or
alcohols. The linear paraffin products are either recycled to generate more syngas
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or used as gas fuel, for example, synthetic natural gas (SNG), which can serve as
town gas, or be injected directly into a gas turbine to generate electricity.

Wax product is in the heavy end of the FT synthesis product spectrum. Although
most wax will be sent to a cracking process to produce shorter-chain products, the
FT wax itself has a high quality. It is hard and very clean; more importantly, its
fusion temperature is very high (up to 170 °C, compared with less than 100 °C for
wax produced from crude oil), and its good feedstocks for lube oil and other high-
value products.

12.3.2.1 FT Synthesis Chemistry and Thermodynamics

The main reactions during FT synthesis include paraffin and olefin formation reac-
tions and the water-gas shift (WGS) reaction, as shown correspondingly in Equations
12.1-12.3:

(Paraffin formation)(2n+1)H, + nCO — C,H,,., + nH,0, (12.1)
(Olefin formation)2nH, + nCO — C,H,, + nH,O0, (12.2)
(WGS)H,0+CO < CO, +H,. (12.3)

FT synthesis products are primarily a mixture of linear and branched hydrocar-
bons. Linear paraffins and o-olefins are main products with carbon chain lengths
ranging from one carbon atom up to 50. Occurrence of WGS reaction is dependent
on operation conditions and catalyst formulations as elaborated in subsequent
sections.

Major side reactions that occur during FT synthesis are listed below:

(Alcohol formation)2nH, + nCO — C,H,,.,0+(n—1)H,0, (12.4)

(Catalyst reduction) M, O, + yH, — yH,O0+ xM, (12.5)
(Catalyst oxidation) M, O, + yCO — yCO, +xM, (12.6)
(Bulk carbide formation) yC+xM — M, C,, (12.7)
(Boudouard reaction)2CO — CO, +C. (12.8)

A small amount of alcohols can be produced during FT synthesis. Catalysts may
interact with reactants and get reduced or oxidized. Catalysts could be further
damaged by carbide formation or coke deposition on the surface from the Boudouard
reaction.

According to the above reactions, the ideal H,/CO ratio in the syngas for the
FT process is about 2:1, which is higher than typical H,/CO ratios produced from
coal gasification. Therefore, WGS reactors are used as part of the syngas condition-
ing unit to adjust the H,/CO ratio in syngas prior to the FT synthesis process for
maximum yields. In the case of fluidized-bed FT reactors, a high H,/CO ratio also
minimizes the formations of waxy hydrocarbons, thus maintaining the fluidization
characteristics in the reactor.

An alternative process is to integrate the WGS functionalities into the FT cata-
lyst itself. The WGS reaction can be carried out in sifu in the FT reactor, with water
produced in the chain growth reaction as WGS reactants as shown below:
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CO+2H,=[-CH,—]+H,0, (12.9)

Equation 12.3: CO+H,0=H, +CO,.
The overall reaction can be rewritten as:

2CO+H,=[-CH,~]+CO,. (12.10)

Therefore, an FT catalyst with WGS function can, in theory, achieve the
maximum syngas conversion with an H,/CO ratio of only 0.5.

Thermodynamic analysis is an important step in FT synthesis process design.
The free energy changes for paraffin and olefin formations are largely negative,
which suggests favorable reactions. As the hydrocarbon chain length becomes
longer, the numbers are more negative, implying the tendency to form heavier
hydrocarbons thermodynamically. In contrast, the formation of lower oxygenates
are thermodynamically unfavorable. However, longer-chain alcohol formation
becomes exothermic.®

The main reactions producing paraffins and olefins during FT synthesis are
highly exothermic. Although higher temperatures lead to faster reactions and higher
conversion rates, from thermodynamic considerations, high-temperature operation
should be avoided. Generally, FT reactors are operated at temperatures about
200~400°C. Additionally, methane is preferentially produced at higher tempera-
tures, which is undesirable for FT liquid fuel synthesis. As can be seen from FT
reactions, high pressures favor high conversion rates and formation of long-chained
hydrocarbons. However, high pressure raises additional equipment and operational
cost. Typical operation pressures are 2~4 MPa.

12.3.2.2 FT Catalysts

The most common FT catalysts are Group VIII metals (Co, Ru, Fe, and Ni).” Those
metals are dispersed in porous medium such as silica and alumina to achieve high
surface area. Nickel catalysts are not widely used because (a) the selectivity shifts
rapidly to the methanation reaction when temperature increases and (b) nickel car-
bonyl is likely to form under high pressure, which causes deactivation. With higher
temperature, the tendency of selectivity shifting to methane happens to cobalt and
ruthenium too, but with much lower sensitivity. Ruthenium catalysts are very active
but expensive. At relatively low pressure (less than 10MPa), it produces mainly
methane. However, at low temperatures and high pressures, the selectivity is toward
very heavy products (“polymethylene synthesis”). The molecular weight of the
products can reach 1 million at low temperature (100 °C) and high pressure (100 MPa).
Due to the price constraints and limited supply of ruthenium, only cobalt and iron
catalysts are commercially used.

Cobalt catalysts are reported about three times more active compared with Fe-
based catalysts at typical operation conditions of 473K and 2.0 MPa.® They demon-
strate long lifetime and produce predominantly linear paraffins.’ This type of catalyst
is primarily employed in low-temperature FT (LTFT) processes for the production
of middle distillates and high-molecular-weight fuels, achieving high selectivity. At
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higher temperatures, product quality becomes unacceptable. Another advantage of
cobalt catalysts is resistance to the presence of water produced during the reaction.
Although cobalt can be deactivated by water, it is usually very stable under low
single-pass conversion, which implies low water pressure. However, different from
Fe-based catalysts, Co-based catalysts do not promote the WGS reaction, which puts
a higher requirement for H,/CO ratio (about 2.0-2.3'%) in the feed and consequently
increases syngas-conditioning cost. Cobalt catalysts are adopted by the emerging
liquid fuels from natural gas process because of favorable syngas compositions
generated by this process.

Cobealt catalysts are much more expensive than iron. Therefore, catalyst design
is aimed at minimizing the amount used and maximizing the available cobalt surface
area for synthesis reactions.” There are several directions available in the literature
to achieve this." High area and stable supports, such as Al,O;, SiO,, or TiO,, are
commonly used.'? Other support materials have also been examined, such as carbon
nanofiber,"® ZrO,," and MgO." Supports can not only influence the metal dispersion
but also play an important role in cobalt particle size control, which determines
product selectivity as suggested from Borg and colleagues’ work.'® Catalysts can
also be promoted with a small amount of noble metal, for example, Pt,'”” Ru,"® and
Re,'*" which is claimed to enhance the reduction process and also keep the Co metal
surface “clean” during FT. It was found that even 0.3 wt% MnO loading onto Co
catalysts can considerably improve the selectivity toward Cs, products at 1bar."
Cobalt precursor and pretreatment conditions were investigated for their effects on
catalyst reducibility, active site density, and ultimate catalytic performance.”® In
addition to conventional impregnation of cobalt onto porous support, sol-gel method
is employed for the preparation of cobalt catalysts for its advantage of creating
optimum interaction at the metal/support interface.'

Although less active and stable than cobalt catalysts and easily inhibited by the
presence of water, the iron catalyst is still a popular option for FTS. Iron catalysts
are much cheaper and exhibit strong WGS activity. Therefore, this type of catalyst
is favorable for syngas with a relatively low H,/CO ratio (0.5-1.3) derived from coal
or biomass gasification.*'® The selectivity to heavy products is not as good as cobalt
and ruthenium. However, it is less sensitive to temperature change. Methane selec-
tivity remains low even at temperatures higher than 300 °C. With iron catalysts, two
directions have been pursued.?’ One is aimed at the production of light olefins using
high-temperature FT (HTFT) process as described in the following section. Fluid-
ized-bed reactors are employed in which no liquid products exist. The other direction
is to produce liquid fuels at lower temperatures. Extensive research efforts have been
devoted to increase iron-based catalyst active component dispersion and density in
order to achieve similar performance range as cobalt catalysts.

It has been shown that surface basicity of iron-based catalysts greatly affects
probability of chain growth.>” Alkali metal incorporation promotes the formation of
higher carbon number molecules. As described in Dry’s review,’ iron-based catalysts
are prepared by precipitation techniques and promoted with Cu, K,O, and SiO,
(typical composition: 5 g of K,O, 5¢g of Cu, and 25 g of SiO, per 100 g of Fe). This
type of catalyst is well suited for heavy liquid fuels produced from a low-temperature
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operation. For high-temperature application, the iron catalyst is prepared by fusing
magnetite together with K,O and structural promoters such as AL,O; or MgO. For
iron catalysts promoted with K and Si together, the active iron oxide and carbide
phases can be stabilized during the reaction and sustain the long-term performance.'
Iglesia et al. synthesized high surface area precursors based on precipitated Fe—Zn
oxides and promoted the oxides with Cu, Ru, and K. This catalyst demonstrated
high FTS reaction rates and low CH, selectivities. When operated at typical condi-
tions used for Co-based catalysts (473K, 2.0MPa), this catalyst showed similar
hydrocarbon synthesis rates per catalyst mass or volume.® K, Ru, and Cu promoters
were found to increase reduction/carburization rates of Fe—Zn oxide precursors and
to enhance active site densities and long-term steady-state performance. The key
features of different FT catalysts are shown in Table 12.3. Table 12.4 summarizes
the requirements of syngas for FTS catalysts.

Table 12.3. Properties for Major FT Catalysts

Catalyst Product Chain Olefin Price FT WGS
Length Selectivity Ratio Activity Activity
Fe Shorter, depends Higher, increase 1 Lowest High
weakly on with increasing
temperature temperature
Co Longer, depends Lower 230 Higher No
strongly on
temperature
Ru Depends strongly No 31,000 Very high No

on pressure

Table 12.4. Requirements of Syngas for FTS Catalysts

Catalyst Temperature Sulfur Pressure H,/CO Steam
Content Contents

Co 200-240°C <0.1ppm 2-4MPa Around 2, As less as
requiring possible
additional
WGS

Fe 200-240°C for >0.6, preferably, Depends on

low-temperature FT >1.1 H,/CO

300-350°C for
high-temperature FT
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12.3.2.3 FT Reaction Mechanism

FTS mechanism study is of considerable academia interest. Although the mechanism
investigation started as early as when the FT synthesis reaction was discovered in
1926, controversy still remains as to the mechanism of the chain growth. Initially,
Fischer and Tropsch reported the carbide mechanism. Carbides were first formed
from the synthesis gas and subsequently hydrogenated to methylene groups. Polym-
erization of the methylene groups generates hydrocarbon chains that eventually
desorb from the surface as saturated and unsaturated hydrocarbons products.” The
carbide mechanism was further developed by Craxford and Rideal in 1939.% During
FT reaction, CO is dissociatively adsorbed on the surface in the presence of hydro-
gen, yielding water or CO, together with chemisorbed carbon on catalyst surface.
Surface carbon quickly hydrogenated to form CH,, the growth of which led to a
wide range of product distribution. It is suggested that carbon chain polymerization
was terminated by hydrogenolysis.

Emmett and coworkers conducted extensive '“C experiments and proposed the
widely accepted oxygenate reaction pathway in 1950.*** This mechanism suggested
an intermediate species involving adsorbed CO and H, with catalyst surface. Growth
of the carbon chain was accompanied by condensation and water elimination.

With significant advancement of surface science in recent 40 years, the carbide
mechanism regained its popularity. This was supported by experimental observation
that essentially no oxygen is present on the catalyst surface during FT reaction.
However, carbon species is dominant on the surface. Therefore, the new view is that
carbon chain grows from metal carbide species.”® As reported in Joyner’s work,”
during chain growth, two adsorbed methylenes polymerized to produce an adsorbed
ethylidene species. Addition of a third methylene species yields a diadsorbed C;Hg
entity. Shift of hydrogen may terminate the chain growth and give an olefin. The
extent of chain branching is suggested to be determined by the relative stability of
secondary and primary carbonium ions.

Davis®® pointed out in his review on FT synthesis mechanism that the reaction
pathway is also dependent on catalyst compositions and operation conditions. Their
experimental data on FT synthesis with iron catalysts at low temperatures suggested
that instead of carbide mechanism, an oxygenate intermediate, similar as the formate
species responsible of the WGS reaction, existed on the surface and initiated carbon
chain propagation. The final chain termination step was accompanied by elimination
of the oxygen atom.

12.3.2.4 FT Product Selectivity

Concurrent with FTS mechanism studies, product distribution models were
developed based on the analysis of product composition. Friedel and Anderson®*
in the 1950s published the Anderson—Schulz—Flory (ASF) distribution model to
predict the wide range of products yielded from FTS. The equation is shown as
follows:

W, =n(l+a) o (12.11)
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Here, n is the number of carbon atoms in products. W, represents the weight
fraction of products containing n carbon atoms, and ¢ is the chain growth probabil-
ity. The parameter ¢ is assumed chain-length independent.

The ASF distribution provides a description on the distributions of hydrocarbon
in the product mixture. If one plots the logarithm of molar fraction with respect to
the carbon number, a straight line will be obtained with « being the slope. A higher
o value implies heavier products, while a lower value means lighter compounds.
Figure 12.8 shows the product selectivity depending on ¢. It can be seen that
maximum diesel selectivity can be obtained at o = 0.9, whereas gasoline selectivity
is the highest when o is at 0.76.

Van der Laan and Beenackers’ summarized the characteristics of the product
distribution for FTS:

e The selectivity is the highest for methane and then decreases as the chain
length increases, although there is a local maximum at Cs—C,.

* Most hydrocarbons are linear. Monomethyl-substituted hydrocarbons are
present, while dimethyl products are significantly less. None of the branched
products contain four carbon atoms on the branch.

e Selectivity of olefins from iron catalyst exceeds 50%, most of which are o~
olefins. The selectivity of propene is the highest. For longer carbon chains,
the selectivity decreases asymptotically to zero as chain length increases.

e The change in chain growth probability with chain length is observed only
for paraffins, but not for olefins and alcohols.

The process conditions as well as the catalyst can influence the selectivity. Table
12.5 shows the effects of main reaction parameters on the product selectivity. It is
shown that for the production of heavy fuel, the reaction should occur at lower
temperature, higher pressure, and lower H,/CO ratio. In practice, the reaction rate
should also be considered, which probably requires contradictory conditions, for
example, higher temperature and higher H,/CO ratio.

— — Gas product
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Diesel .

— - - Wax /

Product selectivity
©cooooooo©o
NDWhoo N 0O
1 1 1 1 1 1 1 1 J
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Figure 12.8. Relationship between product selectivity and chain growth probability.
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Table 12.5. Effect of Main FT Reaction Parameters on the Product Selectivity

Parameter Chain Length Chain Olefin Methane
Branching Selectivity Selectivity
Temperature U ) * )
Pressure ) U * 4
H,/CO U T { T

TT, increase with increasing parameter; U, decrease with increasing parameter; *, complex effect.

Product

Cycclone

Setting hopper
Riser

Catalyst \

Heat exchange

Fresh syngas

Figure 12.9. Schematic diagram of a typical CFB reactor.

12.3.2.5 Typical FT Processes

As discussed in prior sections, two types of products are produced from FT that are
of high market value. At the light end of the product spectrum are the gaseous olefins
that can be further converted to various chemicals. At the high end is the high-quality
diesel product. Accordingly, there are two types of processes aiming on these two
products: HTFT and LTFT.

HTFT typically operates at temperatures higher than 300 °C and produces short
o-olefins and gasoline. Cobalt catalysts are very sensitive to temperatures and
produce primarily undesired methane under this operation condition. Therefore, for
an HTFT process, iron catalysts are more favorable than cobalt catalysts. At high
temperatures, iron catalysts preferentially catalyze olefin formation, with a relatively
low methane selectivity. The HTFT technology has been applied by Sasol since the
1950s, starting with a circulating fluidized-bed (CFB) reactor in the synthol process,
with a capacity of 7500t/day. Figure 12.9 shows a schematic diagram of a typical
CFB reactor. The synthol CFB reactors operate at 2.5MPa and 340 °C. The syngas
is converted in a fast fluidized bed, and then cyclones are used to separate the
entrained catalyst particles. These particles are then settled down in a hopper and
are recycled into the fluidized-bed reactor by high-velocity fresh syngas. In 1993, a
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Figure 12.10. Schematic diagram of a typical SAS reactor.

new fixed fluidized-bed reactor named Sasol Advanced Synthol (SAS) was devel-
oped. This reactor was designed to work at 2—4 MPa and 340 °C, with capacities up
to 20,000 bbl/day. Figure 12.10 shows a schematic diagram for a typical SAS reactor.
The SAS reactor uses a conventional fluidized-bed reactor instead of a circulating
bed, with cyclones located on top of the column. All catalysts remain in the reaction
region, resulting in a higher catalyst/syngas ratio. In addition, since there is no need
to carry catalyst by syngas, a lower velocity and therefore a bigger column diameter
can be applied. Typically, SAS reactor has a much larger capacity than a CFB
reactor.

LTFT operates at lower temperatures (200-240 °C) and produces mainly heavier
liquid fuels such as diesel. Both iron and cobalt catalysts can be used. Two types of
reactors are commercially commonplace: fixed-bed reactor and slurry bubble
columns (SBCs).

Figure 12.11 shows a typical multitubular fixed-bed reactor. Multiple tubes are
packed with large catalyst particles and heat removal is realized by the generation
of steam inside the shell. In a fixed-bed reactor, intraparticle diffusion is important
because the particle size is relatively large due to pressure drop constraints. The
relatively poor heat conductivity and heat transfer to the tube wall give rise to tem-
perature profiles, particularly when it is operated at a high rate once-through conver-
sion, as in classical fixed-bed processes. A better way to achieve higher overall
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Figure 12.11. Typical multitubular fixed-bed reactor.
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Figure 12.12. Schematic diagram of a slurry bubble column.

conversion is a low per-pass conversion operation with recycle. An improvement of
heat transfer can also be obtained by operating in the trickle-flow regime. Typical
commercial fixed-bed reactors in operation today are the Sasol Arge tubular
fixed-bed reactor (TFBR) (from 1955, 400bbs/day) and the Shell Middle Distillate
Synthesis (SMDS) reactor (from 1993, 3000 bbl/day).

An SBC is a vertical, tubular column in which a three-phase (gas—solid-liquid)
mixture is used. The slurry phase consists of FT catalysts and FT wax. The syngas
flows though the slurry phase in the form of bubbles, as shown in Figure 12.12. The
effective heat and mass transfer, low intraparticle diffusion, low pressure drop, and
design simplicity are important advantages of this type of reactor. However, consid-
erable problems arise in separating the liquid-phase synthesis products from the
catalyst. With their attractive features, the SBC reactors are receiving extensive
investment in both R&D and commercialization. The concept of SBC is not new.
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In the 1950s to 1970s, Rheinperussen AG and Koppers GmbH had invested on its
development. In the early 1990s, Sasol commercialized its Sasol Slurry Bed Reactor
(SSBR) with a capacity of 2500bbl/day. New research programs have focused on
larger-scale SSBR up to 20,000bbl/day. Other companies are also aggressively
investing in this process including Exxon demonstration with 200bbl/day in 1990
and Conoco demonstration with 400 bbl/day in 2000.

The developments by Sasol have resulted in several changes to the processes.
Sasol employs both LTFT and HTFT processes. LTFT is used exclusively at Sasol-
burg and comprises the older fixed-bed technology as well as the newer-generation
slurry-phase FT process. The LTFT process operates at 200-250°C and 2-3 MPa,
and produces paraffins and waxes using an iron-based catalyst. At Secunda, HTFT
is the dominant process utilizing the older CFB technology as well as the new-
generation SAS technology. A typical Sasol HTFT process is presented in Figure
12.13. The primary reactor is operated at 300-350 °C and 2—-3 MPa and packed with
iron-based catalysts. Lighter, more olefinic product slate including gasoline, petro-
chemicals, and oxygenated chemicals can be produced. Product quality can be
markedly improved after further upgrading.

Table 12.6 summarizes different FT reactor technologies developed by Sasol
and Table 12.7 provides a comparison of the two FT operational modes. In addition
to using coal for FT synthesis, Sasol developed a slurry-phase distillate (SSPD)
process that comprises of natural gas reforming, slurry-phase FT, and mild hydro-
processing to produce naphtha and diesel from natural gas. The SSPD process uses
a specially developed cobalt-based catalyst. Studies carried out by Sasol have shown
that Haldor Topsoe autothermal reforming, which is used to reform natural gas with
oxygen, is the most appropriate for the FT process. The SSPD process has been
demonstrated commercially in a 2500bbl/day unit at Sasolburg. It is believed that

Recycled syngas

CH, reforming

—— =

» Gases
Separator
Rectisol
Naphtha
isomerization
Coal Syngas Gasoline
Dewaxing
At Slurry-phase Diesel
reactor

Figure 12.13. Schematics of the HTFT process.
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Table 12.7. Key Features of Two FT Operational Modes

Mode Reaction Catalysts Reactors Main Products
Conditions
HTFT 300-350°C Fe Fluidized bed Short olefins as feedstock
for downstream synthesis
LTFT ~200°C Fe, Co Packed bed, bubble Liquid fuel, especially
slurry column high-quality diesel
Natural gas

Air — Air separation

l External recycle T Fuel gas H, production

11 | t]

Natural gas — Syngas ——» FT synthesis Wax_, product workup

4
ge::g::m < l Steam I Rsva;(;gr)n Naphtha Diesel
B Effluent — Treated water
Utilities treatment — Oxygenates
condlze):lr{:‘::atesT Steam/BFW t

Plant effluents
Figure 12.14. Schematic diagram of the SSPD. BFW, boiler feed water.

this relatively simple three-step process is superior in all aspects and can be built
and operated economically. Figure 12.14 shows a schematic for the SSPD process.

12.4 MOBIL METHANOL TO GASOLINE (MTG)

The Mobil MTG process produces gasoline from coal or natural gas in two distinct
steps. The process has been taken to a commercial scale in a 12,500bbl/day plant
built in New Zealand to process gas from the Maui field. In the first step, synthesis
gas produced by steam reforming of natural gas or by coal gasification is reacted
over a copper-based catalyst to produce methanol close to 100% yield. The reaction
is carried out at 260-350 °C and 5-6.5 MPa. The second step involves partial dehy-
dration of methanol to dimethyl ether at 300 °C over an activated alumina catalyst,
followed by reaction over a fixed-bed zeolite ZSM-5 catalyst. These reactions are
strongly exothermic. The feed temperature is 360 °C and product leaves at 415 °C.
The reactor pressure is 2.2 MPa. A series of reactions convert methanol and dimethyl
ether to olefins and then to saturated hydrocarbons. Approximately 80% of the total
products are in the gasoline boiling range. With alkylation of by-products propane
and butane, total gasoline yields of 90% at 93.7 research octane number (RON) were
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achieved at the New Zealand plant. The use of a fluidized-bed reactor offers advan-
tages for temperature control and maintenance of constant catalytic activity over a
fixed-bed system. The fluidized-bed reactor operates at an almost isothermal tem-
perature of 410°C but at a pressure of only 0.3 MPa.

12.5 SMDS

The SMDS process, as shown in Figure 12.15, produces high-quality diesel fuel
from natural gas. Although synthesis gas generated from coal gasification would,
presumably, be equally suitable, it is a process being considered in many GTL pro-
cesses in oil production.

During the process, natural gas is first partially oxidized in an oxygen-blown
Shell gasifier to produce synthesis gas. This gasification approach is preferred over
steam reforming, despite of the considerably higher capital cost and lower thermal
efficiency, because it produces a synthesis gas with the ideal CO/H, ratio of 1:2.
Steam reforming produces excess H,, which, in a stand-alone operation, can only
be used as fuel. The cleaned synthesis gas is then reacted over a proprietary Shell
catalyst in a fixed-bed tube bundle reactor that is cooled in boiling water. The product
is almost exclusively paraffinic. The catalyst formulation and operating conditions
in this step are deliberately controlled to give a much higher-boiling product than
usual, since this minimizes the production of hydrocarbon gases.

In the final step, the waxy heavy paraffin is catalytically hydrogenated, isomer-
ized, and hydrocracked in a single trickle-bed reactor over a proprietary catalyst to

Recycled H,

Fuel gas

Naphtha

—
Kerosene

Tube bundle
reactor

S
Diesel

AN i Fractionation
Hydrocracking

Cleaned Fresh H, Heavy product recycle

syngas

Figure 12.15. Diagram of the Shell Middle Distillate Synthesis process.
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Table 12.8. Key Features of DCTL and ICTL

DCTL ICTL (FT)
Feed H,+ coal/oil slurry 2H, + CO
T (°C) 440470 200-300
P (bar) 170 20-40
Liquid fuel quality Poor (high S and aromatics) Excellent (low S and aromatics,
high paraffin)
Capital expense Slightly lower than ITCL ~$50K/bbl/day

give products that are mainly middle distillates. The reactor operates at 300-350 °C
and 3-5MPa. A high degree of product recycle is used to minimize the production
of light products and to ensure that higher-boiling-point products are largely recy-
cled. By varying the hydrocracking severity and the extent of recycle, the product
distribution can be adjusted to give up to 60% diesel, with 25% kerosene and 15%
naphtha. Alternatively, up to 50% kerosene can be produced, with 25% each of
naphtha and diesel. Table 12.8 summarizes the key features of DCTL and ICTL.

12.6 HYBRID COAL LIQUEFACTION

Hybrid coal liquefaction integrates direct and indirect coal liquefaction into a single
plant. This concept takes advantage of the complementary characteristics of the two
processes. As mentioned previously, direct coal liquefaction produces high-octane
gasoline and low-cetane diesel, while indirect coal liquefaction produces high-cetane
diesel and low-octane gasoline. Blending the products in an integrated plant allows
the production of premium quality gasoline and diesel with minimal refining.

The concept of a hybrid DCTL/ICTL plant has been discussed for many years.
The DOE commissioned MITRE Corporation to study the concept between 1990
and 1991. Initial studies indicated that production costs were slightly lower for a
hybrid plant compared with stand-alone direct or indirect plants. No testing has been
performed based on this concept to date.

The synergy between the direct and indirect processes, shown in Figure 12.16,
improves overall thermal efficiency of an integrated hybrid plant. Higher-quality
coal can be fed as feedstock to the direct coal liquefaction reactors. Lower-quality
coal can be fed to the gasifier to provide syngas for FT synthesis. The hydrogen-rich
FT tail gas can be used to provide hydrogen for product upgrading and for direct
coal liquefaction.

Blending the raw distillable products prior to refining takes advantage of their
complementary characteristics. High-octane naphtha from direct coal liquefaction is
blended with low-octane naphtha from indirect coal liquefaction, and high-cetane
diesel from indirect coal liquefaction is blended with low-cetane diesel from direct
coal liquefaction. The blended liquids require less refining to meet premium product
specifications than if they were refined separately.
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Figure 12.16. Synergy between direct and indirect process. DCL, direct coal to liquid; ICL,
indirect coal to liquid.

12.7 COAL TO METHANOL
12.7.1 Introduction of Methanol Synthesis

The synthesis of methanol from syngas is a well-established technology. Syngas can
be produced from oil, natural gas, or coal. Syngas production via different coal
gasification technologies is discussed in Chapter 4.

All commercially produced methanol is made by the catalytic conversion of
syngas containing carbon monoxide, carbon dioxide, and hydrogen as the main
components. The basic reactions involved in methanol synthesis are

CO+2H, =CH,;0H AHS%; =94.08 kJ/mol, (12.12)
CO, +3H, = CH,0H+H,0 AH% =—52.81kJ/mol, (12.13)
CO, +H, =CO+H,0 AH%s =41.27 kI/mol. (12.14)

Of all three reactions, only two are stoichiometrically independent. The first
reaction produces methanol with low hydrogen consumption but involves significant
amounts of heat. The second reaction involves less heat but consumes more hydro-
gen and produces steam as the by-product. Thermodynamically, low temperature
and high pressure favor methanol formation. The cost of methanol production
depends on certain variables related to the conversion rate of syngas to crude metha-
nol, and also on the desired grade of the final product. In the conversion of syngas
to methanol, only a part of the syngas is transformed to methanol per pass through
the reactors. The conversion rate is affected by syngas composition, syngas feed
pressure, space velocity (SV), and the activity of the catalyst.
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12.7.2 Methanol Synthesis Catalysts

In 1923, BASF first found that methanol was the main product of carbon monoxide
hydrogenation when ZnO/Cr,Os-containing catalysts were used. This catalytic
system was used until 1970s and is also known as Zn-based or ZnO-based catalysis.
This catalyst is only active at elevated temperatures 350—400°C. The process is
operated under high pressure, about 25-35 MPa. Therefore, it is called high-pressure
methanol synthesis. High operating pressure requires complex facilities and results
in high power consumption. This process is no longer economical and is being
phased out.”

In 1963, Imperial Chemical Industries (ICI) PLC announced an innovative
process using Cu/ZnO/Al,O; catalysts, later called low-pressure synthesis. The
major constituents of this catalytic system are Cu (reduced form of CuO) and ZnO
on an ALO; support. The reaction pressure and temperature are 220-270°C and
5-10MPa, respectively. The catalysts have been found to be susceptible to sulfur
and carbonyl poisoning, sintering, and thermal aging. Nowadays, almost all of com-
mercial methanol syntheses are carried out by low-pressure processes.

Although methanol synthesis from syngas hydrogenation is a proven process
for chemical industries, it still poses great challenges. The syngas conversion per
pass is severely limited by reaction thermodynamics. To resolve the limitation of
thermodynamics on the conversion and methanol yield, one of the most effective
ways is timely removal of the reaction heat. Another method is to develop an effec-
tive catalyst system that has good performance at low temperatures. Thus far, sub-
stantial efforts are still being devoted to the development of novel methanol
catalysts.’’** While the nature of the active sites and effects of the support and
promoter are still under investigation, the reaction mechanism still remains an open
question. Only when these issues are truly overcome can the optimum catalyst with
perfect activity and selectivity be synthesized.

12.7.3 Methanol Synthesis Reactor Systems

Conventionally, methanol is produced in a two-phase system. The reactants (CO,
CO,, and H,) and products (CH;0H and H,O) form the gas phase, and the catalyst
is the solid phase. Two reactor types were most popular: an adiabatic reactor con-
taining a continuous bed of catalyst with quenching by cold gas injections (the ICI
system), and a multitubular reactor with an internal heat exchanger (the Lurgi
system). Both systems are operated at temperatures from 210 to 280 °C and relatively
low pressures of around 5—7 MPa, using Cu/ZnO/Al,O; catalysts. Other innovative
reactor systems for methanol synthesis currently under development include®

e slurry reactor,
e trickle-bed reactor,
* gas—solid—solid trickle-flow reactor (GSSTFR), and

e reactor system with interstage product removal (RSIRP).
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Among them, the slurry reactor technology is close to commercial readiness
under the DOE Clean Coal Technology Program, which will be discussed below
in detail.

The ICI low-pressure methanol (LPM) process accounts for approximately 60%
of the world production capacity of methanol. A schematic diagram of the synthesis
loop of the process is given in Figure 12.17. Synthesis gas is mixed with recycled
unreacted gas, pressurized in a compressor to the operational pressure, then pre-
heated in a heat exchanger to reaction temperature, and subsequently fed into the
synthesis reactor. The conversion rate of methanol is determined thermodynami-
cally. Depending on the process conditions used, the product gas contains 4-8 vol%
methanol. A large part of the condensation heat of methanol is transferred to the
reactor feed gas in a feed effluent heat exchanger before the gas is cooled to room
temperature in a water cooler. Approximately 95% of the methanol condenses in the
water cooler. Separation of the gas phase takes place in a separator. After passing
through the recycle compressor, the gas is mixed with fresh synthesis gas and sub-
sequently reintroduced into the reactor. A fixed percentage of the gas leaving the
separator is continuously purged. This is to prevent inert gases that do not condense
(mainly N, and CH,) from building up in the synthesis loop. The crude methanol is
purified by means of distillation. At the top column, gases and impurities with a low
boiling point are removed. A second refining column removes the heavier products
and water.

The Lurgi LPM process involves the same basic steps as the ICI processes. The
two processes differ mainly in their reactor designs and the way in which the pro-
duced heat is removed as shown in Figure 12.18. The ICI design consists of a number
of adiabatic catalytic beds, and cold gas is used to cool the reactant gases between
the beds. The highest temperature is reached in the first catalyst bed. The Lurgi

c »  Compressor Cold stream
Syngas q
| 220°C
«—]
Vent Recycle +
Heat )
exchanger % N
Condensor
Separator
Reactor
Methanol to 270°C
distillation

Figure 12.17. Schematic diagram of the synthesis loop of the process.
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Figure 12.18. Comparison between the ICI and Lurgi reactor.

reactors have a much flatter temperature profile, as the reactor is almost isothermal
owing to its cooling on the shell side by the generation of valuable high-pressure
steam. As a result of the flat temperature profile, catalyst deactivation is slowed
down. However, in both processes, the catalyst still deactivates, which means that
the productivity decreases and the plant capacity will no longer be met. Fortunately,
the productivity is a function of the operating pressure, so increasing the pressure
can compensate for the loss in catalyst activity. By doing so, the plant can sustain
its design value over a longer time (2-3 years). In the present day, large methanol
plants exclusively use centrifugal compressors to bring the synthesis gas to the
desired operating pressure, which varies from 6 to 9MPa, depending on the activity
of the catalyst, that is, the lower pressure being used with fresh catalyst and the
highest pressure at the end of the catalyst lifetime.

12.7.4 Liquid-Phase Methanol (LPMEOH™) Process

The liquid-phase methanol (LPMEOH™) process was developed during the 1980s
through a cooperative effort by Air Products and Chemicals, Inc. (AP) and the DOE.
This effort resulted in the successful 69-month operation of a commercial-scale
260t/day demonstration plant at Eastman Chemical Company’s coal to chemicals
complex in Kingsport, TN. During the 69-month demonstration program since start-
up in April 1997, the plant availability averaged 97.5%. The LPMEOH™ demon-
stration plant produced over 100 million gallons of methanol for Eastman Company’s
production of its commercial products.
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The SBC reactor differentiates the LPMEOH™ process from conventional
technology. As mentioned above, conventional methanol reactors use fixed beds of
catalyst pellets and operate in the gas phase. The LPMEOH™ process utilizes a
bubble column reactor containing a standard methanol synthesis catalyst powder
suspended in an inert mineral oil to form a slurry system. The mineral oil acts as a
temperature moderator and heat removal medium, transferring the heat of reaction
away from the catalyst surface to boiling water in an internal tubular heat exchanger.
Since the heat transfer coefficients on both sides of the exchanger are relatively large,
the heat exchanger occupies only a small fraction of the cross-sectional area of
the reactor. As a result of this capability to remove heat and maintain a constant,
highly uniform temperature throughout the entire length of the reactor, the slurry
reactor can achieve much higher syngas conversion per pass than its gas-phase
counterparts.

Furthermore, because of the LPMEOH™ reactor’s unique temperature control
capabilities, it can directly process syngas rich in carbon oxides (carbon monoxide
and carbon dioxide). Gas-phase methanol technology would require that syngas
feedstocks with similar compositions undergo stoichiometry adjustment by the WGS
reaction, to increase the hydrogen content, and subsequent CO, removal. In a gas-
phase reactor, temperature moderation is achieved by recycling large quantities of
hydrogen-rich gas, utilizing the higher gas velocities around the catalyst particles
and minimizing the conversion per pass. Typically, a gas-phase process is limited
to CO concentrations of about 16 vol% in the reactor feed, as a means of constraining
the conversion per pass to avoid excess heating. In contrast, for the LPMEOH™
reactor, CO concentrations in excess of 50vol% have been tested in the laboratory,
at the alternative fuels development unit (AFDU) and at Kingsport, without any
adverse effect on catalyst activity. As a result, the LPMEOH™ reactor can achieve
approximately twice the conversion per pass of the gas-phase process, yielding lower
recycle gas compression requirements and capital savings.

A third differentiating feature of the LPMEOH™ process is that a high-quality
methanol product is produced directly from syngas rich in carbon oxides. Gas-
phase methanol synthesis, which must rely on H,-rich syngas feedstocks, yields a
crude methanol product with 4-20wt% water. The product from the LPMEOH™
process, using CO-rich syngas, typically contains only 1 wt% water. As a result, raw
methanol coproduced in an IGCC facility would be suitable for many applications
at substantial savings in purification costs. The steam generated in the LPMEOH™
reactor is suitable for the purification of the methanol product to a higher quality or
for use in the IGCC power generation cycle.

Another unique feature of the LPMEOH™ process is the ability to periodically
withdraw spent catalyst slurry and add fresh catalyst online. This facilitates uninter-
rupted operation and also allows perpetuation of high production rate of methanol
from the reactor. Furthermore, choice of catalyst replacement rate permits the opti-
mization of methanol production rate versus catalyst replacement cost.

Figure 12.19 shows a simplified process flow diagram of the LPMEOH™ dem-
onstration facility in Kingsport. Three different feed gas streams (hydrogen, carbon
monoxide, and the primary syngas feed known as balanced gas) are diverted from
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Figure 12.19. Process diagram of the LPMEOH™ process.

existing operations to the LPMEOH™ demonstration unit, thus providing the range
of coal-derived syngas ratio (H,-to-CO ratio) needed to meet the technical objectives
of the demonstration project. Syngas enters at the bottom of the slurry reactor, which
contains solid particles of catalyst suspending in liquid mineral oil. The syngas first
dissolves through the mineral oil and then is adsorbed on the catalyst surface and
reacts to form methanol. The reaction is highly exothermic and the reaction heat is
absorbed by the slurry and removed from the reactor by steam coils. The product
methanol vapor diffuses from the catalyst surface through the mineral oil and exits
the reactor with unreacted syngas. It is then condensed to a liquid and sent to
distillation columns for the removal of higher alcohols, water, and other impurities.
Most of the unreacted syngas is recycled to the reactor by the syngas recycle
compressor.

Because of the above features, the LPMEOH™ process has great potential
combined with IGCC power generation. Because heat generated in methanol syn-
thesis can be effectively removed from these reactors, high conversion rate can be
realized in a single pass of syngas through the reactor, often making it attractive to
processes that limit conversion to what can be realized in a single pass.” In such
“once-through” processes, the unconverted syngas might be burned in a combined
cycle to generate electricity or deliver via pipeline as town gas to distributed users.
One typical polygeneration configuration for the combination of methanol manufac-
ture and IGCC is shown in Figure 12.20.

Polygeneration strategies based on use of liquid-phase reactors in once-through
configurations can lead to cost savings both by means of scale economies and by
exploitation of potential synergisms (i.e., avoiding capital investments associated
with syngas recycling to improve conversion). Combined-cycle electricity from
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Figure 12.20. Polygeneration configuration for the combination of methanol manufacture and
IGCC. ASU, air separation unit.

coal-derived syngas will be less costly when generated in polygeneration configura-
tions than in IGCC-only configurations. As a matter of fact, the electricity from
polygeneration can compete today with electricity derived from conventional coal
steam-electric plants equipped with end-of-pipe air pollution control equipment.
Moreover, the nonintegrated gasifier/combined-cycle designs are less complicated
and more reliable than highly integrated IGCC designs that produce electricity only.

12.8 COAL TO DIMETHYL ETHER (DME)

DME (CH;0CH,;) is a clean fuel that has similar physical properties as LPG. The
cetane number of DME is ~55, which is higher than that of diesel. Thus, it can
be used as a good substitute of diesel. Currently, DME is made by MeOH
dehydration:

2CH;0H = CH;0CH; + H,0. (12.15)

But DME can also be made, prospectively at lower cost, in a single step by
combining the following three reactions in a single reactor:

Equation 12.3: CO+H,0=CO, +H, (WGS),
Equation 12.12: CO+2H, =CH;0H (methanol synthesis),
2CH;0H = CH;0CH; +H,0 (methanol dehydration). (12.16)

Haldor Topsoe in Denmark® is developing a single-step process for making
DME from natural gas. NKK Corporation in Japan® and Air Products and Chemi-
cals, Inc. in the U.S.* are developing single-step processes for large-scale DME
manufacture from coal-derived syngas using slurry-phase reactors.
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In China, the Institute of Coal Chemistry (ICC) of the Chinese Academy of

Sciences together with the Shanxi New Style Fuel and Stove Company constructed
a 500t/year DME plant in Xi’an based on MeOH dehydration for use as a domestic
cooking fuel as an alternative to LPG. Since 1995, the ICC has also been carrying
out R&D on one-step DME synthesis based on slurry-phase reactor technology.”
Also, plants of a total of 5,000,000t/year DME capability have been proposed.
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CC. See power plants, combined cycle
CCRI. See China Coal Research Institute
CDTech, 231-232
Centinel, 239
Century, 239
CES. See Clean Energy Systems
CFB. See reactor, circulating fluidized-bed
Chemical & Engineering News, 349
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Chemical Engineering Handbook (Perry),
331
chemical looping combustion (CLC), 458,
461
chemical reaction processes, 7
Chevron, 239
China Coal Research Institute (CCRI),
487
Clariant GmbH, 283
Claus process, 471
CLC. See chemical looping combustion
Clean Coal Technology Program, 515
Clean Energy Systems (CES), 459
cleanup
hot and warm gas, 299-300
hot gas (HGCU), 214, 291-293; see also
desulphurization, dry
CMU. See Carnegie Mellon University
coal, 1-4, 6, 127, 272-275, 466, 478; see
also electricity; power plants
Adaro, 492
to DME, 519-520
to H,, 479-483
Keshena, 492
Prosper, 491
pulverized (PC), 494
slurry, 182, 182-184
solvent-refined (SRC), 495
Tanito Harum, 492
tar, 161-162
-to-liquids (CTL), 12, 209, 453, 466468,
486-520
direct (DCTL), 488496
Exxon Donor Solvent (EDS) process,
487
H-process, 487
HTI-process, 494-495
hybrid liquification, 512-513
indirect (ICTL), 486, 496510
Kohleoel process, 490-491
methanol-to-gasoline (MTG), 510-511
NEDOL process, 491-494, 492-494
single-stages processes, 495-496
SMDS, 511-512
-to-methanol (CTM), 513-516
catalysts, 514
liquid-phase methanol (LPMEOH)
process, 516-519
reactor, 514-516
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coal (cont’d)
-water slurry (CWS), 155
Yilan, 492
coefficient of thermal expansion (CTE),
371-372, 377
Cogas process, 160
coke formation, 150
cold gas heating value, 173
Compressed Gas Association, 365
computational fluid dynamics (CFD), 33,
208
ConocoPhillips, 177, 247, 258, 496
contaminants, removing trace. See
oxidation, preferential
conversion, types of, 6
loss, 4
CPO. See oxidation, catalytic partial
CPR. See reactors, catalytic plate
Criterion Catalyst, 236, 239, 242
crude oil, 2, 14, 478
U.S. daily consumption, 477
CTL. See coal, -to-liquid
CTM. See coal, -to-methanol
CWS. See coal, -water slurry

cycle
Brayton, 458
Carnot, 10

Graz, 458-459

Matiant (combined), 458-459

Rankin, 458

thermochemical photocatalytic splitting,
6

water, 458

Datang International Power Generation Co.,
492
DCTL. See coal, -to-liquids, direct
DEA. See acid gas removal,
dietheanolamine
deactivation catalyst, 106-109
decomposition
methane, 138, 146
pyrolytic, 6
dehydrocyclization, 58
dehydrogenation, 58
density functional theory (DFT), 30
deposition
carbon, 138-139
coke, 19

depressurization, 415, 418-421, 423-424,
439
Destec, 202
desulphurization, 10, 18, 47, 219-300
absorption, 243-264
bio-(BDS), 224
catalytic distillation for, 231-233
challenges in deep, 219-225
of coal gasification gas, 272-293
dry, 291-293
extractive (EDS), 224
hydrogen. See hydrogen, desulphurization
oxidative (ODS), 224, 293-298
post-reformer, 264-272
by solvents, 275
chemical, 275-283
hydride, 288
miscellaneous, 290-291
physical, 283-291ultradeep, 243
diesel, 15, 46, 63—64, 128, 136-138, 234—
243, 258-264, 477
dimethyl ether, 4
disproportionation (CO). See Boudouard
reaction
distillates, 477
dodecane, 4649, 65
DRIFT. See spectroscopy, diffuse
reflectance infrared Fourier transform
dry-feeding, 194—195. See also gasification,
Shell coal, with dry feeding
DT. See temperature, deformation
DuPont, 388-389

East China University of Science and
Technology (ECUST), 198
Eastman Chemical Company, 214-215,
516
ECUST. See East China University of
Science and Technology
EDS. See desulphurization, extractive
efficiency, measuring theoretical, 10
Ein Unternhmn von ThyssenKrupp
Technologies (Uhde), 275
electricity
and coal, 451-452
generation, by fuel type, 453
input and output, in U.S. (2007), 4
electrolysis, 6, 15, 219
Eley-Rideal (ER) mechanism, 24
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production efficiency, 1
renewable, 1-4
supply and demand, in U.S. (2007), 1-3
Engelhard Corporation, 294, 323, 432
enthalpy, 10, 19
ER. See Eley—Rideal (ER) mechanism
ethane, 36-47
ethanol, 4, 65, 138
ethylene, 47
evacuation, 423, 439
Exomer process, 230
ExxonMobil, 137, 226230, 236237, 282,
290

Finkian diffusion, 168
Fischer—Tropsch (FT) synthesis, 11-12,
156-157, 210, 275, 313, 318-319, 466,
486, 497-510
high-temperature (HTFT), 505, 508
low-temperature (LTFT), 505-506, 508
Flexsorb, 282, 290-291
FLUENT, 33
fluorescence, ultraviolet, 224
fossil fuels, 1, 4, 6, 220, 272
and energy production, 451-452
FPD. See chromatography, flame
photometric detector
FT. See Fischer—Tropsch synthesis
fuel
cells, 8-9, 128-129
alkaline (AFCs), 9, 363, 378
inefficiencies, 368
measuring theoretical efficiency, 10
molten carbonate (MCFC), 10, 244
phosphoric acid (PAFC), 9-10, 137,221
processing, 9-11
proton exchange membrane (PEMFC),
9-10, 34, 36, 136-137, 221, 243,
265, 271, 273, 363-365, 378, 381
solid oxide (SOFC), 4, 9-10, 36, 219-
220, 363
types, 9-10
clean, 1
transportation, 4647, 128
Fuel Cell Handbook, 332
“Fusibility of Coal and Coke Ash” (ASTM
D1857), 206
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gas, 15, 46, 128, 136-137, 226-233, 246—
256, 477; see also acid gas removal
“blue water,” 127
chromatography (GC), 224
flame photometric detector (GC-FPD),
224
pulsed flame photometric detector
(GC-PFPD), 224
greenhouse, 11
hourly space velocity (GHSV), 337, 341,
345, 408
liquified petroleum (LPG), 36, 489,
519
low-temperature cooling (LTGC), 468
natural. See natural gas
producer, 158
-solid reaction, 173-174
synthesis. See syngas
-to-liquid (GTL), 128, 453
“town,” 14, 127
turbine (GT), 156
gasification, 6, 15; see also specific processes
carbon, 107
catalytic, 157
char, 174, 179-181, 184
coal, 5, 150-216
chemistry, 159-161
and coal polygeneration, 215-216
history, 159
and pyrolysis, 161-163
and volatile combustion, 163—-166
efficiency, 182-184
entrained-flow, 179
feedstock, 156-157
General Electric (GE), 179-187
integrated combined cycle (IGCC), 4,
128, 157, 273, 283
kinetics, 173-176
Lurgi, 158, 203-204, 497
Shell coal, 188-195
steam, 5, 157
technological challenges, 206-210
technologies summary, 204
Texaco (TGP), 178-187
thermodynamics, 169-173
worldwide capacity, 466
gasifiers
classification, 176-178
ConocoPhillips, 202-203
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gasifiers (cont’d)
East China University of Science and
Technology (ECUST), 198
entrained-bed, 193, 206
fluidized-bed, 177, 199-202
moving and fixed bed, 177; see also
gasification, Lurgi
reactions, 166
TPRI, 199
GC. See gas, chromatography
GC-FPD. See gas, chromatography, flame
photometric detector
GC-PFPD. See gas, chromatography, pulsed
flame photometric detector
Gemini process, 424-426
General Electric (GE), 177, 179-187, 455
ES00A, 389, 391, 497
Global Research, 134, 145
Infrastructure, 389
General Motors, 137, 345, 352
Genesis FuelTech, Inc., 381
geometric surface area (GSA), 347
GHSV. See gas, hourly space velocity
Gibbs and Cox, 137
Gibbs free energy, 10, 19, 169, 171
Grace Davison, 239
Group VII metal catalysts, 500-503
GSP, 177
ConocoPhillips gasifier, 202-203
East China University of Science and
Technology (ECUST) gasifier, 198
fluidized-bed gasifier, 199-202
gasification process, 195-204
Lurgi’s gasification technology, 203-204
TPRI gasifier, 199
GSSTFR. See reactor, gas-solid-solid
trickle-flow
GT. See gas, turbine
GTL. See gas, -to-liquid

Haldor Topsoe, 21, 64, 236, 238, 240-241,
508-510, 519

HDM. See hydrogen, demetallization

HDN. See hydrogen, denitrogenation

HDS. See hydrogen, desulphurization

heat recovery steam generator (HRSG), 454

heating value, 10

Henry’s law region, 427-428

hexadecane, 4650
HGCU. See cleanup, hot gas
high-temperature Winkler (HTW) process,
159, 201, 205
HPST. See turbine, high-pressure, steam
HPT. See turbine, high-pressure
HRI. See Hydrocarbon Research Institute
HT. See temperature, hemispherical
HTFT. See Fischer—Tropsch (FT) synthesis,
high-temperature
HTI. See Hydrocarbon Technologies, Inc.
HTS. See reactor, high-temperature shift
HTT. See turbine, high-temperature
HTW. See high-temperature Winkler
(HTW) process
HTWGA. See water-gas shift, high
temperature
Hy9 Corporation, 374, 381
Hydrocarbon Research Institute (HRI),
494-495, 497
Hydrocarbon Technologies, Inc. (HTT), 487
hydrocarbons, 377
liquid, 133, 219, 295-298
fuels, 4, 5
steam reforming, 46—65
processing, 220
hydrocracking, 15, 58
hydrogasification, 157, 159
hydrogen
atomic, 7
demetallization (HDM), 128
denitrogenation (HDN), 128
desulphurization (HDS), 128, 225-243
advantages and disadvantages,
225-226
catalysts for ultralow sulphur, 233-239
deep, with octane recovery, 228-231
efficiency, 243
new catalyst formation, 231-233
reaction and processing tailoring,
239-241
ultradeep, 235
energy, 8-9, 14-15
as feedstock, 14
and fuel cells, 8-9
gaseous, current production capability, 414
liquid, grades, 365
membrane, 366-367
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production, 1-8, 15
pure stream, 15
purification, 363-369
purity, 364
hydrogenation, 14, 58, 128, 156, 174
hydrogen/syngas production technologies
integration, 451-483
and liquid fuels, 477-483
and reforming-based syngas technology
CO, capture, 457465
gasification-based, 465-477
natural gas/NGCC, 454-457
oxyfuel combustion, 458—-460
hydrotreating, 15, 242
Hygas process, 160

ICC. See Institute of Coal Chemistry
ICE. See power plants, internal combustion
engine
ICTL. See coal, -to-liquids, indirect
Idaho National Energy and Environment
Laboratory (INEEL), 137
IdaTech, LLC, 368, 381
Idemitsu Co., Ltd., 54
IFP, 236
IGCC. See gasification, integrated combined
cycle
Imhausen high-pressure, 496
INEEL. See Idaho National Energy and
Environment Laboratory
InnovaTech, 52-54
Institute of Coal Chemistry (ICC), 520
International Energy Reports, 451
International Fuel Cell, 255
INTEVEP, 228-229
ion exchange
liquid-phase (LPIE), 254
solid-state (SSIE), 254
vapor-phase (VPIE), 254
IPST. See turbine, intermediate-pressure
steam
ISAL, 228-230
isooctane, 46-49, 59-61

jet fuels, 46, 63-64, 256-258
JP-8, 54-56, 136-138, 219, 221-224
Johnson Matthey, 21, 137
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KBR. See Kellogg Brown and Root

Kellogg Brown and Root (KBR), 201

Kellogg-Rust-Westinghouse (KRW),
201-202

kerosene, 54, 64

Knudsen diffusion, 361

Koppers GmbH, 508

Kopplers-Totzek entrained-flow process,
158-159, 187

Krupp-Koppers, 187

KRW. See Kellogg-Rust-Westinghouse

Langmuir
adsorption isotherm, 75
Langmuir-Hinshelwood (LH), 23, 316-317,
342
Langmuir-Hinshelwood Houghen—Watson
(LHHW), 59
LANL, 352
last-out, first-in (LOFIN) process, 421-422
L/D ratio. See ratio, length/diameter
LeChatelier’s principle, 439
LH. See Langmuir—Hinshelwood
LHHW. See Langmuir-Hinshelwood
Houghen—Watson
London Gas, Light and Coke Company, 158
low-temperature shift (LTS)
reaction, 18
reactor, 471
LPG. See gas, liquified petroleum
LPIE. See ion exchange, liquid-phase
LPM. See methanol, low-pressure
LPMEOH. See coal, -to-methanol,
liquid-phase methanol
LPST. See turbine, low-pressure steam
LPT. See turbine, low-pressure
LTFT. See Fischer-Tropsch (FT) synthesis,
low-temperature
LTGC. See gas, cooling, low-temperature
gas
LTS. See low-temperature shift
Lurgi Energies und Umwet GmbH, 159, 285

mass spectroscopy (MS), 134
McDermott Technology, Inc. (MTI), 137
MCECs. See fuel, cells, molten carbonate
MDEA. See acid gas removal,
methyldietheanolamine



528 Index

membrane reactor technology, 381
membrane. See hydrogen, purification,
membrane
advantages, 358
-based separation, 330, 358-363, 369—
372; see also hydrogen, purification,
membrane
catalytic activity, 406
ceramic, 369-371
CO,, 385411
CO,, and feed pressure, 393-394
CO,, and gas water content, 394-395
CO,, and temperature, 397-398
CO,, H, selectivity, 402
CO,, and permeability, 402-403
CO, modeling predictions, 400-408
CO, synthesis, 388-389
CO, transport, 391400
commercialization, 380-382
dense metal, 358, 369-371, 381
facilitated transport, 387
failure, 375-378
HyPurium module, 368
inlet feed temperature, 403—406
inlet sweep temperature, 405-406
integration, 378-380, 381
ion-conductive, 358
ion-exchange, 387
MEDAL, 367
metal, 372-378
palladium, 372-373, 375-376, 378,
381-382, 388
permeability, 386
plate and frame, 370
polymeric, 358, 369-371, 381
porous, 358
PRISM, 367, 380-381
reactive carrier, 386-387
reactor, 379-380
selective surface flow (SSF),
442-444
selectivity, 386
shell and tube, 370
supported liquid (SLM), 387
and sweep-to-feed, 403
types, 358
Merichem, 230
Mesoscopic Device, 264
methanation, 58, 165-166, 357

methane, 17-36, 47, 107, 138, 157
decomposition, 19
and syngas, 17
methanol, 4, 5, 10, 14, 138, 156, 210,
285, 510
advantages, 65
decomposition, 74
dehydrogenation, 74
low-pressure (LPM), 515
Lurgi, 515-516
oxidative steam reforming of (OSRM),
66
synthesis, 11
microcoulometry, oxidative, 224
microscope
scanning electron (SEM), 391
transmission electron (TEM), 42
MITRE Corporation, 512
Mitretek, 481
modeling and simulation
factors in, 30-34
isothermal and nonisothermal, 31-32
MS. See mass spectroscopy
MSR. See reforming, steam, methane
MTG. See coal, -to-liquids,
methanol-to-gasoline

naphtha, 46, 226-228
selective cat hydrofining (SCANfining),
226-2217, 230
naphthenes, 477
National Energy Technology Laboratory
(NETL), 244, 296
NATO F-76, 63
natural gas, 1-3, 5-6, 128, 137, 156, 225-
226, 244-246, 293-295
chemistry of reforming, 130
combined cycle (NGCC), 128
and electricity generation, 454
as feedstock, 145
synthetic (SNG), 499
n-butane, 3646, 108
NEBULA. See new bulk activity catalyst
NEDO. See New Energy and Industrial
Technology Development
Organization
NEDOL. See coal, -to-liquids, NEDOL
process
Nernst—Planck equation, 387



NETL. See National Energy Technology
Laboratory

new bulk activity (NEBULA) catalyst,
237-238

New Energy and Industrial Technology
Development Organization (NEDO),
491492

NexTech Materials, 323

NGCC. See natural gas, combined cycle
(NGCO)

nickel, 20-21, 128, 500

Nippon Coal Oil Company, Ltd., 492

Nippon Ketjen, 237

Nissan, 137

NKK Corporation, 519

NORPAR-13, 57

nuclear power, 2-3, 128

OCTGain, 228-230
ODS. See desulphurization, oxidative
Office of Transportation Fuel Cell Program
(DOE), 137
olefins, 498-500, 505
Osaka Gas, 244
OSRM. See methanol, oxidative steam
reforming of
oxidation
catalytic partial (CPO), 129-151,
133-136, 137-138
mechanisms and kinetics, 146—147
nickel-based, 138-141, 146-147
precious metal, 142-149
and renewable fuels, 150-151
start-up and shutdown procedures,
149-150
status, 136-137
exothermic, 5
noncatalytic partial (POX), 130-151
homogeneous, 132-133
status, 136—137
partial (POX), 5, 15, 156, 391, 461-464
preferential (Prox), 18, 220, 329-353, 357
catalysts, 342-344
commercial, 352-353
reactions, 331-333
selective catalytic (SCO), 225
temperature-programmed (TPO), 107
oxygen stoichiometry, 332, 336-337, 346
oxygenates, 6

529

Index

PAC. See carbon, powder activated
Pacific Gas and Electric, 137
Pacific Northwest National Laboratory, 74,
109, 110
PAFCs. See fuel, cells, phosphoric acid
paraffins, 61, 477, 498-500, 511
PC. See coal, pulverized; power plants,
pulverized coal
PDU. See process demonstration unit
PEMEFC:s. See fuel, cells, proton exchange
membrane
petrochemicals, 477
petroleum, 1-4
Phillips Petroleum, 241, 258
Piperazine, 282
PNNL, 352
pollutants, 1
Poly bed process, 419-420, 425, 443444,
446-447
Power and Energy Inc., 366, 381-382
power plants
advanced zero emission (AZEP), 458,
460-461
combined cycle (CC), 454-455, 465
electric, 4
hybrid DCTL/ICTL, 512
Integrated Gasification Combined Cycle
(IGCCQC), 451-453, 468-4717, 479; see
also gasification, integrated combined
cycle
internal combustion engine (ICE),
451
Natural Gas Combined Cycle (NGCC),
451, 453-454; see also natural gas,
combined cycle
pulverized coal (PC), 451, 454, 468
total plant capital cost (TPC), 475-477
POX. See oxidation, noncatalytic partial;
oxidation, partial
Precision Combustion, Inc. (PCI), 353
PRENFLO. See pressurized entrained
flow
prereforming, 47
adiabatic, 63, 108—-109
pressurization, 419, 421, 424, 439
pressurized entrained flow (PRENFLO),
194
Prime G+, 226-228
process demonstration unit (PDU), 492
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processes. See also chemical reaction; low-
pressure methanol; SASOL, Slurry-
Phase Distillate
Bergius, 489
Exxon Donor Solvent (EDS), 487
H-, 487
HTI-, 494-495
Imhausen high-pressure, 496
Kohleoel, 490491
liquid-phase methanol, 513-516
SCANfining, 226-227, 230
propane, 6, 3646
liquified, 5
Prox. See oxidation, preferential
PSA. See adsorption, pressure swing
PSU-SARS. See adsorption, selective sulfur
purging, 415, 419, 421, 424
pyrolysis, 15, 106, 156

Questair Industries, Inc., 436-439

RAG. See Ruhrkohle AG
ratio
length/diameter (LD), 347-348
permeance (Py/1), 386
steam-to-carbon (S/C), 18
surface area/volume (SA/V), 349
RCH. See Ruhrchemie AG
reaction sites (STARS), 236-237
reactors
adiabatic, 514
Besser, 350
catalytic plate (CPR), 33
circulating fluidized-bed (CFB), 505
coal to methanol, 514-516
designing new configurations, 241-243
entrained-flow, 177
Fischer—Tropsch (FT), 486
gas-solid-solid trickle-flow (GSSTFR),
514
high-temperature shift (HTS), 471
with interstage product removal (RSIRP),
514
low-temperature shift (LTS), 471
Lurgi, 515-516
MEMS, 344, 350-352
microchannel, 349-350
monolithic, 345
multiple steady-state operation, 337-339

multitubular, 514
preferential oxidation (Prox), 333-352
SASOL
Advanced Synthol (SAS), 506
Arge TFBR, 507
Slurry Bed (SSBR), 508
Slurry-Phase Distillate (SSPD),
508-510
Shell Middle Distillate Synthesis
(SMDS), 507
short contact time (SCT), 344-349
slurry, 514-515
trickle-bed, 241, 514
water-oxygen synergy, 339-342
WGS membrane, 406408, 471
REB Research and Consulting, 373, 381
Rectisol process, 212-214, 285-288
refinery off-gas (ROG), 415, 420422
reformate, 10, 357
reformer
membrane, 110-112
microreactor, 109-110
plasma, 112
plate, 110
steam methane off-gas (SMROG), 415,
425-426
reforming, 15-16
autothermal (ATR), 5, 15, 129-151,
130-132, 136-137, 391, 461-462
dry, 16
POX/ATR, 461-464
recent technological developments in,
109-112
steam
alcohol, 65-106
ethanol (SRE), 77-106
catalysts, 84-102
chemistry, 77-80
kinetics, 102—-103
reaction pathway, 103-106
thermodynamics, 80-84
hydrocarbons, 36-46
catalysts and kinetics, 38—42
chemistry and thermodynamics,
37-38
mechanism, 42—46
methane (MSR), 14-30, 368
representative reactions, 19
steps in, 17-18



methanol, 65-77
catalysts, 68—72
chemistry, 65-66
kinetics and mechanism, 72-77
thermodynamics, 66—68
natural gas, 17-36
catalysts, 20-23
chemistry, 17-18
kinetics, 23-26
mechanism, 26-30
modeling and simulation, 30-34
reactor design, 34-36
thermodynamics, 18-20
steam (SR), 5-6, 15, 128, 391
advantages, 16-17
catalytic, 14-17
of light hydrocarbons, 17-46
natural gas, 17-36
oxidative, 5
steam methane (SMR), 415, 462463
oft-gas (SMROG), 427-430
substitute (SNG), 159
-to-liquids (GTL), 12
Research and Engineering Company, 258
research octane number (RON), 510
Research Triangle Institute, 244, 247
Reynold’s analogy, 347
Rheinbraun, 159
Rheinperussen AG, 508
ring opening, 58
ROG. See refinery off-gas
RON. See research octane number
RPSA. See adsorption, pressure swing,
rapid
RSIRP. See reactor, with interstage product
removalRTI, 214-215
Ruhrchemie AG (RCH), 178
Ruhrkohle AG (RAG), 178, 490
RWGS. See water, -gas shift, reverse

SA, 229

Sarol, 209-210

SAS. See reactor, SASOL Advanced
Synthol

SASOL. See South Africa Synthetic Oil
Limited

SA/V. See ratio, surface area/volume

S/C. See ratio, steam-to-carbon

SCANfining, 226-227, 230
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SCD. See sulphur, chemiluminescence
detection
SCGP. See gasification, Shell coal
SCO. See oxidation, selective catalytic
SCOT process, 471
scrubber technology, 330-331
SCT. See reactor, short contact time
selective catalytic reduction (SCR), 464
Selectra PROX I, 345, 352
Selexol, 212-213, 283-285, 471, 472,
480
SEM. See microscope, scanning electron
sequestration
CO,, 468, 470-471, 476477, 480-481
GHG, 478
SERP. See adsorption, pressure swing
SE-SMR. See sorption-enhanced steam
methane reforming process
Shanxi New Style Fuel and Stove
Company, 520
Shell, 136, 159, 177, 242, 287
hydrogen, 137
Shenhua, 487-488, 489, 494
Siemens Westinghouse Power Corporation,
244
sintering, 314
slag, 185-186
viscosity-temperature relationship,
206
SLM. See hydrogen, purification,
membrane, supported liquid
SMART. See sulphur, minimization by
ART
SMDS. See reactor, Shell Middle Distillate
Synthesis
SMR. See reforming, steam, methane
SMROG. See reforming, steam, methane,
off-gas
SNG. See gas, natural, substitute
SOFCs. See fuel, cells, solid oxide
solvent
amine-based, 275-282
-type processes, 211-212, 275
Sorbead H, 432
sorbents
H,S, 265-268
thermodynamics, 268-272
metal, 258-259
oxide, 259-260
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sorption, reaction, 439sorption-enhanced
steam methane reforming (SE-SMR)
process, 32South Africa, 487. See also
South African Coal Oil and Gas
Corporation
South Africa Synthetic Oil Limited
(SASOL), 158-159, 487, 497, 505
space velocity (SV), 513
spectroscopy
diffuse reflectance infrared Fourier
transform (DRIFT), 74
mass (MS), 134
wavelength dispersive X-ray
fluorescence, 224
SR. See reforming, steam
SRC. See coal, solvent-refined
SRE. See reforming, steam, ethanol
SRU. See sulphur, recovery unit
SSBR. See reactor, SASOL, Slurry Bed
SSE. See hydrogen, purification, membrane,
selective surface flow
SSIE. See ion exchange, solid-state
SSPD. See reactors, SASOL, Slurry-Phase
Distillate
ST. See temperature, softening
STARS. See turbine, steam
steam
reforming. See under reforming
turbine. See under turbine
stepwise (SW) mechanism, 24
Siid-Chemie, 21, 318-319, 406
Sulfinol
-D, 286
-M, 188, 288-290
-X, 289-290
sulphur, 15, 220-225
chemiluminescence detection (SCD), 224
minimization by ART (SMART), 239
poisoning, 64, 145
recovery unit (SRU), 468; see also
specific process
removal, 211-213
advanced (ASR), 296
tolerance, 378
Sunshine Project, 491
SV. See space velocity
SW. See stepwise (SW) mechanism
Syn Alliance, 242
Syn Shift, 242

Syn Technology, 242
synergy
carbon dioxide-water, 341
hydrogen-water, 341
syngas, 15, 128, 486, 497-500, 513,
517-518
catalytic requirements, 502
cleanup, 210-215
dependent factors for ratios in, 6
energy systems, requirements for, 8—9
to liquids, 486-520
production, 1-8
use, post-purification, 156
SynSat process, 242
synthesis, “polymethylene,” 500
S-Zorb
diesel, 258-259
process, 247, 253, 258-259

TAML, 296-297
Tampa Electric Company, 470
TEM. See microscope, transmission electron
temperature
deformation (DT), 206
fluid (FT), 206
hemispherical (HT), 206
program reduction (TPR) studies,
257-258
softening (ST), 206
Texaco, 159
TGP. See gasification, Texaco
thermophorsis, 168
TIT. See turbine, inlet temperature
titania, 378
Tokyo Gas Company, 246, 381
Topsoe Dense Pattern Flexible Distribution
Tray, 241
Toyo Engineering Corporation, 420
TPC. See power plants, total plant capital
cost
TPO. See oxidation,
temperature-programmed
TReND process, 247, 253
tri-forming, 11
turbine
gas (GT), 454
H-, 455
high-pressure (HPT), 458
steam (HPST), 472



high-temperature (HTT), 458
inlet temperature (TIT), 460
intermediate-pressure steam (IPST), 472
low-pressure (LPT), 458

steam (LPST), 454, 472

U.S. Department of Energy, 352

Ube Industries, Ltd., 367

UCARSOL, 281

U-Gas, 160, 201

Uhde. See Ein Unternhmn von
ThyssenKrupp Technologies

Union Carbide Corporation, 281, 418419

UniPure Corporation, 296

United Catalyst/Stid-Chemie, 236

UOP LLC, 228-229, 281, 367, 419, 471

UTC Fuel Cell, 136-137, 255

Valero Energy Company, 296

VEBA OEL AG, 490

Volocys, 36

VPIE. See ion exchange, vapor-phase

W. C. Heraeus GmbH & Co. KG, 381

WATB. See bed, weighted average
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Figure 2.15. Effect of Ni loading on catalytic performance of 2% Rh/CeO,~Al,O; catalysts in the
steam reforming of NORPAR-13 surrogate jet fuel. Adapted from Strohm et al.
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Figure 7.9. Plot of mass transfer coefficient (K,) versus length-to-diameter ratio (L/D) versus
velocity.



Figure 7.12. MEM:s SCT fuel processor. ATR, Autothermal Reformer; WGSR,
Water Gas Shift Reactor.
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Pasadena, TX (SMR H, facility and 10-bed H, PSA).
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Figure 12.1. Shenhua CTL plant (China). Reprinted from Chen et al.
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